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PREFACE

Chemical reaction engineering is that engineering activity concerned with the
exploitation of chemical reactions on a commercial scale. Its goal is the successful
design and operation of chemical reactors, and probably more than any other
activity it sets chemical engineering apart as a distinct branch of the engineering
profession. ' ‘

In a typical situation the engineer is faced with a host of questions: what in-
formation is needed to attack a problem, how best to obtain it, and then how to
select a reasonable design from the many available alternatives. The purpose of
this book is to teach how to answer these questions reliably and wisely. To do this
1 emphasize qualitative arguments, simple design methods, graphical procedures,
and frequent comparison of capabilities of the major reactor types. This approach
should help develop a strong intuitive sense for good design which can then guide
and reinforce the formal methods.

This is a teaching book; thus, simple ideas are treated first, and are then extended
to the more complex. Also, emphasis is placed throughout on the development of
a common design strategy for all systems, homogeneous and heterogeneous.

This is an introductory book. The pace is leisurely, and where needed, time is
taken to consider why certain assumptions are made, to discuss why an alternative
approach is not used, and to indicate the limitations of the treatment wanen applied
to real situations. Although the mathematical level is not particularly difficult
(elementary calculus and the linear first-order differential equation is all that is
needed), this does not mean that the ideas and concepts being taught are par-
ticularly simple. To develop new ways of thinking and new intuitions is not easy.

I feel that problem-solving, that process of applying the concepts to new situa-
tions, is essential to learning. Consequently, I include a large number of problems.
Some are quite simple and only requireé qualitative reasoning, others complement
the text material, while a few challenge the brave soul to venture beyond. Light
relief is provided by a sprinkling of unconventional problems which serve to show
that the methods being developed here are rather general and can be used in quite
unrelated situations.

This brings me to this new edition. First of all, I should say that in spirit it follows
the original, and I try to keep things simple; however, as is inevitable with all
second editions, it is longer than the original. (I wonder if this could be another
example of that insidious second law at work.) In any case, the first half of this
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edition covers substantially the same material as the original, although there are all
sorts of minor changes sprinkled throughout as well as a few major changes. The
last half of the book, the part dealing with nonideal flow and heterogeneous sys-
tems, has been completely rewritten and significantly expanded; however, the level
of the presentation remains unchanged.

In this new edition | have removed text material which I have regularly bypassed
in my teaching. I have also discarded about 80 problems which I found unsuited for
one reason or another. These problems have been replaced by about 160 new and
mostly simple problems. I strongly favor these mini-problems as an efficient teach-
ing device.

I am often asked how and what to teach at this and that level. Here are my
thoughts: I find that Chapters 1-8, 11, and 14 form a reasonable basis for under-
graduate instruction; and if only one course is given, rather than thoroughly
covering fewer chapters, I'd prefer a briefer treatment of all of them. For example,
in my teaching of a one-term course to students with a physical chermstry back-
ground I leap over Chapters 1, 2, and 3 in a lecture or two plus a few representative
problems mainly as a means of presenting definitions of terms. Then since Chapters
6, 7, and 8 reinforce the ideas of Chapter 5, I only very briefly outline this material
and right away plunge into problem-solving. Finally, in Chapter 14 I leave out the
sections on product distribution and fluidized bed design.

For the graduate program Chapter 9 onward seems suitable. Although the
material 1s not particularly difficult mathematically, still, there are so many
tempting sidelines to explore and new concepts to absorb, that I find it impractical
to try to cover this material in less than two terms.

The above plan happens to suit me; however, each teacher should develop his
awn. Actually, I've read how this material has been successfully used in a pro-
grammed learning course. Perhaps more should be done along this line.

With pleasure I come to the acknowledgments. First, I want to express apprecia-
tion to Tom Fitzgerald, a helpful colleague and fountain of 1deas, both good and
bad. 1 hope I've been able to discriminate between them. Thanks also to Milorad
Dudukovic of Belgrade for his extensive review and criticism of the manuscript,
to Moto Suzuki of Tokyo for his useful comments on Chapter 10 and to Soon Jai
Khang of Seoul for his help with Chapter 15. To the many teachers and fellow
engineers who have written me over the years with helpful suggestions. my apprecia-
tion. I hope you won'’t be disappointed with this new edition. Finally, especial thanks
to Mary Jo, who has been helpful in so many ways.

Oiuter Rock, Omgoh ™ OCTAVE LEVENSPIEL
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NOTATION

Symbols and constants which are defined and used locally are not included here.
Cgs units are given to show the dimensions of the symbols.

ab,...

a, a,

A,B, ...

Ca
Co

C curve

stoichiometric coefficients for reacting substances A, B, ...
R,S,...

interfacial area per volume of tower, cm?/cm?; Ch. 13 only
interfacial area per volume of hquid, cm?/cm®; Ch. 13 only

activity of a catalyst pellet, dimensionless; see Eq. 15.4; Ch. 15
only

reactants

concentration of A, mol/cm?

molar specific heat, cal/mol-°C

tracer response to an ideal pulse input; sec Eq. 9.3

specific heat of fluid stream per mole of key reactant, usually A,
cal/mol-A-°C

specific heat of unreacted feed stream per mole of key reactant,
cal/mol.°C

specific heat of product stream when key reactant is completely
converted, cal/mol-°C

diameter, cm

order of deactivation; see p. 542

diameter of particle, cm

diameter of tube, cm

dispersion or axial dispersion coefficient, cm?/sec; sce p. 272

molecular diffusion coefficient, cm?/scc
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NOTATION

effective diffusion coefficient in a porous structure, cm?/sec
activation energy; see Eq. 2.32; for units see footnote, p. 22
enhancement factor in mass transfer with reaction; see p. 414
enzyme

exit age distribution function, sec™?!; see p. 255

effectiveness factor, dimensionless; see Eq. 14.11

fugacity, atm; Ch. 8 only

volume fraction of a phase; Ch. 15 only

volumetric feed rate of solids, or mass feed rate for negligible
density change, em?®/sec or gm/sec; Ch. 12 only

molar flow rate of substance A, mol/sec
feed rate of solide of size R,, cm3/sec or gm/sec; Ch. 12 only

tracer response tora unit step input, fraction of tracer in exit
stream; sec p. 257

= G'p¢/n. upward molars flow rate of inerts in the gas phase per
unit cross section of tower, mol/cm?-sec; Ch. 13 only

upward molar flow rate of all gas per unit cross section of tower,
motiem?-sec; Ch. 13 only

stamdard free energy of a reaction for the stoichiometry as
written, cal; see Lq. 1.2 0x 8.9

height of absorption column, cm
enthapy, cal

phuse distnibution coefficient; for gas phase systems H = p/C,
atm cm’/mol. Henry's law constant; (Ch. 13 only

enthalpy of umreacted feed stream jper mole of entering key
reactant A, cal/mol A

enthalpw of product stream if key 1:eactant is completely con-
verted. cal/mol

heat of reaction at temperature 7T for the stoichiometry as
written, cal; see Eq. 1.1 or 8.1

heat of reaction per mole of key reactant, cal/mol



NOTATION

ka
koﬂ

K!» Km Kw KC
Kl

xvii
coalescence parameter; see Eq. 10.14
intensity of segregation; see Eq. 10.13
reaction rate constant, (mol/cm?3)! ~*/sec; see Eq. 2.6
rate constant for the deactivation reaction, Ch. 15 only
effective thermal conductivity, cal/cm-sec-°C; Ch. 14 only

mass transfer coefficient, cm/sec; see Eq. 12.4. In Ch. 13 k,

refers specifically to the gas phase, mol/cm?.sec-atm; see
Eq. 13.2 -

mass transfer coefficient in the liquid phase, cm/sec; see Eq. 13.2

first order reaction rate constant based on unit surface, cm/sec;
see Ch. 11 or p. 470

equilibrium constant of a reaction for the stoichiometry as
written, dimensionless; see Eq. 1.2 or 8.9

bubble-cloud interchange coefficient in fluidized beds, sec!:
see Eq. 9.76

cloud-emulsion interchange coefficient in fluidized beds, sec~!:
see Eq. 9.77

see Eq. 8.10

overall mass transfer coefficient on the gas phase basis
mol/cm?-sec-atm

length, cm
length of reactor, cm

= L'Cy/Cr, downward molar flow rate of liquid inerts per uni
cross section of tower, mol/cm?-sec; Ch. 13 only

downward molar flow rate of all liquid per unit cross section o
tower, mol/cm?-sec; Ch. 13 only

= LVk/9D, Thiele modulus, dimensionless; Chs. 14 and 15
film conversion parameter, dimensionless; see Eq. 14.25
order of reaction; see Eq. 2.5

number of equal-size mixed reactors in series

moles of component A
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NOTATION

partial pressure of component A, atm

partial pressure of A in gas which would be in equilibrium with
C, in liquid; hence P} = H,C,, atm

poison

heat transfer rate to reacting system, cal/sec

flux of material, mol/cm?.sec; Chs. 11 and 12 only

heat added per mole of key component which enters, cal/mol
radial position within a particle

rate of reaction based on volume of fluid, moles A formed/
cm?-sec; see Eq. 1.3

rate of reaction based on unit mass of catalyst, moles A
formed/gm -sec; see Eq. 1.4 or 14.34

rate of reaction based on unit surface, moles A formed/cm?-sec,
see Eq. 1.5

rate of reaction based on unit volume of solid, moles A formed/
cm?®-sec; see Eq. 1.6

rate of reaction based on unit volume of reactor, moles A
formed/cm?-sec; see Eq. 1.7

radius of unreacted core, cm
radius of particle

ideal gas law constant,
= 1.98 cal/gm-mol-°K
= 1.98 Btu/lb-mol-°R
= 82.06 cm?-atm/gm-mol-°K

products of reaction

recycle ratio; see Eq. 6.15

space velocity, sec™!; see Eq. 5.7
surface, cm?

time, sec

= V/v, reactor holding time or mean residence time of fluid in
a flow reactor, sec; see pp. 258 and 259

mean residence time of particles of size R;, sec



NOTATION

Xa

Ya
Ya

xix
temperature, °K
volumetric flow rate, cm?®/sec
volume, cm?®

= Ve, reactor volume, if different from volume occupiéd by
reacting fluid, cm?®

volume of solid, cm?
mass, gm
mass of particles of size R, gm

fraction of reactant A converted into product; see Egs. 3.10,
3.11, and 3.72 '

= C,/Cy, moles A/mole inert in liquid; Ch. 13 only
= P,/m, mol fraction of A in gas
= P,/Py, moles A/mole inert in gas, Ch. 13 only

= [/L, fractional distance through a reactor

GREEK SYMBOLS

(1)

8(r — tp)

wake to bubble ratio in fluidized beds, see p. 312
solid fraction in fluidized beds, see Eq. 14.66

Dirac delta function, an ideal pulse occurring at time f = (
sec™}; see p. 262

Dirac delta function occurring at time ¢,
porosity or fraction voids in a packed or fluidized bed

fractional volume change on complete conversion of Aj; sc
Egs. 3.70 to 3.72

= 1/i, reduced time, dimensionless: see Eq. 9.25
elutriation velocity constant, sec™?!; see Eq. 12.67
total pressure, atm

molar density, mol/cm?

variance of a tracer curve or distribution function, sec?; s
p. 261



SUBSCRIPTS

NOTATION
= CaoV/Fo, space-time, sec; see Eq. 5.6
= CpoW/Fao, weight-time, gm-sec/cm?; see Eq. 15.23
time for complete conversion of a single solid particle, sec
time for complete conversion of particles of size R,, sec
instantaneous fractional yield; see Eq. 7.7

instantaneous fractional yield of M with respect to N, moles M
formed/mol N formed or reacted away; see p. 170

over-all fractional yield; see Eq. 7.8

batch
bubble phase of a fluidized bed
cloud phase of a fluidized bed

at unreacted core

deactivation

deadwater

emulsion phase of a fluidized bed
equilibrium conditions

leaving or final

refers to gas phase or main gas stream
entering

refers to liquid phase

mixed flow

at minimum fluidizing conditions

plug flow

at surface, or based on surface

total moles in liquid phase; Ch. 13 only

carrier or inert component in a phase



NOTATION

xxi
0 entering or reference
0 using dimensionless time units; see p. 271
ABBREVIATIONS
ei(a) = — Ei(—«a), exponential integral; see Eq. 10.9
Re = dup[u, Reynolds number, dimensionless
RTD residence time distribution; see p. 255

Sc = u/p?, Schmidt number, dimensionless






INTRODUCTION

Every industrial chemical process 1s designed to produce economicably a desired
product from a variety of starting materials through a succession of treatment steps.
Figure 1 shows a typical situation. The raw materials undergo a number of physical
treatment steps to put them in the form in which they can be reacted chemically.
They then pass through the reactor. The products of the reaction must then undergo
further physical treatment—separations, purifications, etc.—for the final desired
product to be obtained.

Design of equipment for the physical treatment steps is studied in the unit opera-
tions. In this book we are concerned with the chemical treatment step of a process.
Economucally this may be an inconsequential unit, say a simple mixing tank. More
often than not, however, the chemical treatment step is the heart of the process, the
thing that makes or breaks the process economically.

Design of the reactor is no routine matter, and many alternatives can be proposed
for a process. In searching for the optimum it is not just the cost of reactor that
must be minimized. One design may have low reactor cost, but the materials leaving
the unit may be such that their treatment requires much higher cost than alternative
designs. Hence, the economics of the over-all process must be considered.

Raw Physical \ Chemical _Physical | >
———> treatment treatment ->{ treatment | Products
materials steps steps steps 3
—

[
Recycle

FIGURE |. Typical chemical process.
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Reactor design uses information, knowledge, and experience from a variety of
areas—thermodynamics, chemical kinetics, fluid mechanics, heat transfer, mass
transfer, and economics. Chemical reaction engineering is the synthesis of all these
factors with the aim of properly designing a chemical reactor.

The design of chemical reactors is probably the one activity which is unique to
chemical engineering, and it is probably this function more than anything else
which justifies the existence of cherhical engineering as a distinct branch of
engineering.

In chemical reactor design there are two questions which must be answered:

1. What changes can we expect to occur?
2. How fast will they take place?

The first question concerns thermodynamics, the second the various rate processes
—chemical kinetics, heat transfer, etc. Tying these all together and trying to deter-
mine how these processes are interrelated can be an extremely difficult problem;
hence we start with the simplest of situations and build up our analysis by consider-
ing additionat factors until we are able to handle the more difficult problems.

Let us first of all briefly take an over-all view of the subject, some of it being
review, some new. Discussion on thermodynamics and chemical kinetics will set
the stage for an outline of the way we cover the subject.

Thermodynamics

Thermodynamics gives two important pieces of information needed in design, the
heat liberated or absorbed during reaction and the maximum possible extent cf
reaction.

Chemical reactions are invariably accompanied by the liberation or absorption
of heat, the magnitude of which must be known for proper design. Consider the
reaction

A - rR + 58, AH, {posxtnye, cndothern?lc
negative, exothermic

M)

The heat of reaction at temperature T is the heat transferred from surroundings 1q
the reacting system when a moles of A disappear to form r moles of R and s moles
of S, with the system measured at the same temperature and pressure before and
after reaction. With heats of reaction known or estimable from thermochemical
data, the magnitude of the heat effects during reaction can be calculated.
Thermodynamigs also allows calculation of the equilibrium constant K from the
standard free energies G°, of the reacting materials. Thus for the reaction just given

AG° = rGy + sGg — aG) = —RTIn K ()

With the equilibrium constant known, the expected maximum attainable yield of
the products of reaction can be estimated.
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Chemical Kinetics

Under appropriate conditions feed materials may be transformed into new and
different materials which constitute different chemical species. If this occurs only
by rearrangement or redistribution of the constituent atoms toal'orm new molecules,
we say that a chemical reaction has occurred. Chemistry is concerned with the study
of such reactions. It studies the mode and mechanism of reactions, the physical
and energy changes involved and the rate of formation of products.

It is the last-mentioned area of interest, chemical kinetics, which is of primary
concern to us. Chemical kinetics searches for the factors that influence the rate of
reaction. It measures this rate and proposes explanations m
study is important for a numter of reasons:

1. For physical chemists it is the tool for guiriag insight into the nature of
reacting systems, for understanding how chemical bonds are made and broken,
and for estimating their energies and stability.

2. For the organic chemist the value of chemical kinetics is greater still because
the mode of reaction of compounds provides clues to their structure. Thus relative
strengths of chemical bonds and molecular structure of compounds can be investi-
gated by this tool.

3. In addition, it is the basis for important theories in combustion and dis-
solution and provides a method to study heat and mass transfer and suggests
methods for tackling rate phenomena in other fields of study.

4. For the chemical engineer the kinetics of a reaction must be known if he is
to satisfactorily design equipment to effect these reactions on a technical scale. Of
course, if the reaction is rapid enough so that the system is essentially at equilibrium,
design is very much simplified. Kinetic information is not needed, and thermo-
dynamic information alone is sufficient.

Now our approach to chemical kinetics, the way we express kinetic laws, depends
in large part on the type of reaction we are dealing with, and it may be well to
consider next the classification of chemical reactions.

Classification of Reactions

There are many ways of classifying chemical reactions. In chemical reaction
engineering probably the most useful scheme is the breakdown according to the
number and types of phases involved, the big division being between the homo-
geneous and heterogeneous systems. A reaction is homogeneous if it takes place in
one phase alone. A reaction is heterogeiicous if it requires the presence of atfeast
two phases to proceed at the rate that it does. It is immaterial whether the reaction
takes place in one, two, or more phases, or at an interface, or whether the reactants
and products are distributed among the phases or are all contained within a single
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phase. All that counts is that at least two phiases are necessciry for the reaction tc
proceed as it does.

Sometimes this classification is not clear-cut: as with the la :gc clmof biologica'
reactions, the enzyme-substrate reactions. Herc: the enzyme ac:ts as a catalyst in the
manufacture of proteins. Since enzymes themselves are highily complicated large-
molecular-weight proteins of colloidal size, 10.to 100 1nu, enz: yme-comtaining solu-
tions represent a gray region between homogeneous iand het €Togenoots Systems.
Other examples for which the distinction between homa ‘gencouss-and hetergeeneous
systems is not sharp are the very rapid chemical reactio ns, suchi as the buming gas
flame. Here large nonhomogeneity in composition an d temp )ezature mmay exist.
Strictly speaking, then, we do not have a single phase, fc 'r a pheise implies ainiforin
emperature, pressure, and composition thrdu SUghout. Th € answrer to the guestion
of how to classify these borderline cases is simple. It depe nds on how we dhoose tc
'reat them, and this in turn depends on which descripti on we 1think to he more
1seful. Thus only in the context of a given situation car 1 we decide how best to
reat these borderline cases.

Cutting across this classification is the catalytic reaction whose rate is altased by
naterials that are neither reactants nor products. These f oreign materials, ealled
:atalysts, need not be present' in large amounts. Catalys! 's act somehow as ;go-
»etweens, either hindering or accelerating the reaction proce ss while bging modificd
clatively slowly if at all.

TABLE I, Classification of chemical reactions useful in react ‘or design

Noncatalytic - Catalytic
Homogeneous Most gas-phase reactions Most liqui d-phase reactions
Fast reactions such as burning Reactions i n colloidal systems
og a flame Enzyme an¢ 1 microbial-zeactions
Burning of coal Ammonia sy nthesis
Roasting of ores Oxidation of ammonis to
Attack of solids by acids produce nitric acid
Heterogeneous Gas-liquid absorption with Cracking of erude oil
; reaction Oxidation of $O0; to SO,
Reduction of iron ore to iron
, and steel

Table 1 shows the classification of chemical reactions according to our scheme
with a few examples of typical reactions of each type.
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Variables Affecting the Rate of Reaction

Many variables may affect the rate of a chemical reaction. In horﬁogeneous systemis
the temperature, presgure, and comppsition are obvious variables. In heterogencous
systems more than one phase is involved, hence the problem becomes more com-
plex. Material may have to move from phase to phase during reaction; hence the
rate of mass transfer can become important. For example, in the burning of a coal
‘briquette the diffusion of oxygen through the gas film surrounding the particle, and
through the ash layer at the surface of the particle, can play an important role in
Yy ng the rate of reaction. In addition, the rate of heat transferfay also become
A N example, an exothermic reaction taking place at the interior
surfaces of a porous catalyst pellet. If the heat released by reaction is not removed
fast enough, a 'severe nonuniform temperature distribution can occur within
the pellet, which in turn will result in differing point rates of reaction. These heat
and mass transfer effects become increasingly important the faster the rate of
reaction, and 1n very fast reactions, such as burning flames, they become controlling.
Thus heat and mass transfer may play important roles in determining the rates of
heterogeneous reactions.

In all cases, if the over-all reaction consists of a number of steps in series, it is
the slowest step of the series that exerts the greatest influence and can be said to
control. A big problem 1s to find out which variables affect each of these steps and
to what degree. Only when we know the magnitude of ¢ach factor do we have a
clear picture of the effect of these variables on the rate of reaction, and only then do
we have the confidence to extrapolate these rates to new and different conditiogs.

Definition of Reaction Rate

We next ask how to define the rate of reaction in a meaningful and useful way. To
answer this, let us adopt a number of definitions of rate of reaction, all interrelated
and all intensive rather than extensive measures. But first we must select one reac-
tion component for consideration and define the rate in terms of this component i.
If the rate of change in number of moles of this component due to reaction is dN,/dt,
then the rate of reaction in its various forms is defined as follows. Based on unit
volume of reacting fluid,

1 dN, moles i formed )

Py = =— =

V dt (volume of fluid)(time)

Based on unit mass of solid in fluid-solid systems,

' 1 dN; - moles i formed “
n W dt (mass of solid)(time)
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Based on unit interfacial surface in two-fluid systems or based on unit surface of
solid in gas-solid systems,

bl

. _l_cﬁ _ moles i formed ©)
"=3& T Gurface)(time)

T

Based on unit volume of solid in gas-solid systems

. 1 d

poe LaN moles i formed
A

(volume of solid)(time)

©

Based on unit volume of reactor, if different from the rate based on unit volume
of fluid, ’

w_ 1 dN, moles i formed )
V, dt ~ (volume of reactor)(time)

A )

In homogeneous systems the volume of fluid in the reactor is often identical to
the volume of reactor. In such a case ¥ and V, are identical and Eqgs. 3 and 7 are
used interchangeably. In heterogeneous systems all the above definitions of reaction
rate are encountered, the definition used in any particular situation often being a
matter of convenience.

The rate of reaction is a function of the state of the system

r, = f(state of the system)

The form of this functional relationship remains the same, no matter how we choose
to define the rate of reaction. It is only the constants of proportionality and their
dimensions that change when we switch from one definition to another.

From Egs. 3 to 7 these intensive definitions of reaction rate are related by

(volumc)r _ (mass ofy . _ (surface)r, _ (volume)r, _ ( volume )r”’
of fluid/ " ~ \ solid /' = \ofsolid)”* ~— \ofsolid/* ~— \of reactor)"’

or

Vo= Wri=8rl = Vg = V" (8)
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Over-all Plan

Our over-all plan is to start with homogeneous systems (Chapters 2 to 10) to see
how rate expressions are suggested from theory (Chapter 2), how they are deter-
mined experimentally (Chapter 3), and how they are applied to the design of batch
and flow chemical reactors involving ideal flow (Chapters 4 to 8) and the nonideal
flow of fluids in real reactors (Chapters 9 and 10). The additional complications of
design for heterogeneous systems are then introduced (Chapter 11), and a brief
introduction to the specific problems of noncatalytic fluid-solid systems, two-fluid
systems, and solid-catalyzed fluid systems are then considered in turn (Chapters
12 to 15).



'KINETICS OF
HOMOGENEOUS
REACTIONS

In homogeneous reactions all reacting materials are found within a single phase, be
it gas, liquid, or solid. In addition, if the reaction is catalytic, the catalyst must also
be present within this phase. Though there are a number of wavs of dc.ﬁuing the

rate o_f/rqaw intensive mecasure Easea on umit volume of reacting flurd is

used practically exclusively for homogeneous systems Thus the rate of reaction of

;o= L (dN A) » (moles of A which appear by reaction)
A dt vy reacuon (umt volume)(unit time)

)

By this definition, if A is a reaction product, the rate is positive; if it is a reactant
which is being consumed, the rate is negative; thus —r, is the rate of disappearance
of reactant.

Now we may expect the progress of this class of reactions to depend on the com-
posit'on of the materials within the phase as well as the temperature and pressure
of the system. Shape of container, surface properties of solid materials in contact
with the phase, and the diffusional charactesistic of the fluid should not affect the
rate of homogeneous reaction. Thus we may write for the rate of reaction of
companent A

ra = f(state of the system)
= f(temperasure, pressure, composition)
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These variables of pressure, temperature, and composition are interdependent in
that the pressure is determined given the temperature and composition of the
phase.* Thus we may write withoutdoss of generality

ra = f(temperature, compasition)
In this chapter we are concerned with the forms of this functional relatiopship.
In turn we consider explanations from chemiciil theory for the composition

dependency and temperature dependency of the: rate expression, and also the
question of predictability of rates of reaction.

CONCENTRATION-DEPENDENT TERM OF A RATE EQUATION

Before wé can find the form of the concentration term in a rate expression, we must
aistinguish between different types of reactions. This distinction is based on the
form and number of kipetic equations used to describe the progress of reaction.
Also, since we are concerned with the concemtration-dependent term of the rate
equation, we assume that the temperature of the system is kept constant.

Single and Muitiple Reactions

First of all, when materials react to form products it is usually easy to decide after
examining the stoichiometry, preferably at more than one temperature, whether we
should consider a single reaction or a number of reactions to be occurring.

When a single stoichiometric equatior and single rate equation are chosen to
represent the progress of the reaction, we have a single reaction. When more than
one stoichiometric equation is used to represent the observed changes, then more
than one kinetic expression is needed to follow the changing composition of all the
reaction components, and we have multiple reactions.

Multiple reactions may be classified as:

series reactions,

A—->R-—>S
parallel reactions, which are of two types
R ‘ .
A A—->R
A and
N . B—S
s -

competitive - side by side

Strictly speaking, thig¢ interdependency only a'ppliuh equilibrium; however, for lack of any
tter supposition, we assume that it also is trug for nonequilibrium systems which are not
hanging too rapidly.
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and more complicated schemes, an example of which is
A+ B—=R
R+B-—>S

Here reaction proceeds in parallel with respect to B, but in series with respect to
A, R,and S.

Elementary and Nonelementary Reactions

Consider a single reaction with stoichiometric equation
‘A+B->R

[f we postulate that the rate-controlling mechanism involves the collision or inter-
action of a single molecule of A with a single molecule of B, then the number of
collisions of molecules A with B is proportional to the rate of reaction. But at a
given temperature the number of collisions is proportional to the concentration
of reactants in the mixture, hence the rate of qisaPpearance of A is given by

—ry = kC;CB
Such reactions in which the rate equation corresponds to a stoichiometric equation
are called elementary reactions.
When there is no correspondence between stoichiometry and rate then we have

a nonelementary reaction. The classical example of a nonelementary reaction is that
between hydrogen and bromine,

H, + Br; —2HBr
which has a rate expression*

_ _ky(H,][Br,]'
Fasr = F + (HBr)/[Brs)

Nonelementary reactions are explained by assuming that what we observe as a
single reaction is in reality the over-all effect of a sequence of elementary reactions.
The réason for observing only a single reaction rather than two or more elementary
reactions is that the amount of intermediates formed is negligibly small and there-
fore escapes detection. We take up these explanations later.

Kinetic View of Equilibrium for Elementary Reactions-

Consider the elementary reversible reactions
A+B=R+S, K,KX

* To eliminate much writing, at various piaces in this chapter we use square brackets to indicat:
concentrations. Thus,
Cyunr = [HBr)
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The rate of formation of R by the forward reaction is —~
rg. torwara = k1CACy - C/
and its rate of disappearance by the reverse reaction is
= TR, reverse = K2CrCq
At equilibrium there is no net formation of R, hence

e TR forwara + TR,reverse = 0
or
ki _ CaCs
k= CiCo - )
In addition K, is defined as* v
CrCs
k=g . 6)
So at equilibrium these two conditions can be combined to give
G e _ ki _ CaCe j
/ kg - CACn v

On the other hand, when not at cquxhbnum Eqs 2 and 3 do not hold. In addition,
since K¢ and k,/k; are constants independent of concentration and are equal to
each other at one concentration, the equilibrium concentration, they must be equal
to each other at all concentrations.

To summarize: for the elementary reaction considered,

CR Cg

N CChrlonly at equittbriom

@

(

For nonclementary reactions we cannot relate equilibrium, reaction rates, and
concentrations in thts simple way ; however, Denbigh (1955) does treat this situation
and shows what are the restrictions imposed by thermodynamics on the possible
forms of the kinetic equation.

So, kinetics views equilibrium as a dynamic steady state involving a constant
interchange of reactant and product molecules, rather than a static s:tuatlon ).\?ith
everything at rest.

We can now view equilibrium in one of three ways.

1. From thermodynamics, we say that a system is in equilibrium w{th its
surroundings of given temperature and pressure if the free energy of the system
is at its lowest possible value. Thus for any movement away from equilibrium,

(AG),r >0

* See any chemical engineering thermodynamics textbook or the brief thermodynamics review
in Chapter 8.
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2. From statistical mechanics, equilibrium is the state of the system consisting
of the greatest number of equally likely molecular configurations which are macro-
scopically indistinguishable and can be considered to be identical. Thus from the
gross point of view the state of the system that has the overwhelmingly great
probability of occurring is called.the equilibrium state.

3. From chemical kinetics, the system is at equilibrium if the r“:s;of change
of all the forward and reverse elementary reactions are equal.

These three criteria depend in turn on energy, probability, and rate considera-
tions. Actually the thermodynamic and probabilistic views are enunciations of the
same statement in different languages. The kinetic point of view, however, has
further implications, for it requires knowledge of the mechanism of reaction for
systems not at equilibrium. Thus in terms of understanding what is occurring, the
kinetic point of view is more illuminating.

Molecularity and Order of Reaction

The molecularity of an elementary reaction is the number of molecules involved in
‘the reaction, and this has been found to have the values of one, two, and occasion-
ally three. Note that the molesularity refers only to an lementary rea

/" Often we find that the rate of progress of a reaction, m;&fﬁis/?y%atenals
A, B, ..., D, can be approximated by an expression of the following type:

fA“kCA‘CFD"'CDG, a+b+---+d=n ¢ (5)

where a, b, . . ., d are not necessarily related to the stoichiometric coefficients. We
icall the powers to which the concentrations are raised the order of the reaction.
Thus the reaction is

ath order with respect to A e
bth order with respect to B ™
ntp order overall

Since the order refers to the empirically found rate expression, it can have a
fractional value and need not be an integer. However, the molecularity of a reaction
must be an integer since it refers to the mechanism of reaction, and can only apply
to an clementary reaction.

For rate expressions not of the form of Eq. 5, for example Eq. 11 or the HBr
reaction, it makes no sense to use the term reaction order.

Rate Constant k

When the rate expression for a homogeneous chemical reaction is written in the
form of Eq. 5, the dimensions of the rate constant k for the nth-order reaction are

(ﬁ@g)“(concenmﬁon)' - (6a)
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which for a first-order reaction become simply
(time)~! (6b)

Representation of a Reaction Rate

In expressing a rate we may use any measure equivalent to concentration, for
example partial pressure, in which case

ra = kpa°ps® - - pp® .
e e B

Whatever measure we use leaves the order unchanged; however, it will aﬂ'cct the
rate ¢onstant k.

For brevity, elementary reactions are often represented by an equation showing
both the molecularity and the rate constant. For example,

ky

2A -5 2R 0]

represents a bimolecular irreversible reaction with second-order rate constant k,,
implying that the rate of reaction is

—rax =rg = k;,C,\?
It would not be proper to write Eq. 7 as

k.
A —>

R
for this would imply that the rate expression is
—ry =rg = k,C,

Thus we must be careful to distinguish between the one equation which represents
the clementary reaction and the many possible representations of the stoichiometry.

We should note that writing the elementary reaction with the rate constant, as
shown by Eq. 7, may not be sufficient to avoid ambiguity. At times it may be
necessary to specify the component in the reaction to which the rate constant is
referred. For example, consider the reaction

B + 2D —» 3T @®)
Ir the rate is measured in terms of B, the rate equation is

—rg = k3CgCp?
If it refers to D, the rate equation is

—rp = k3CsCp?
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Or if it refers to the product T, then
ry = k3C3Cp?

But from the stoichiometry

—rg=—%rp =iy

hence
ky = 3k; = 3k3

In Eq. 8, which of these three primed &, values are we referring to? We cannot tell.
Hence, to avoid ambiguity when the stoichiometry involves different numbers of
molecules of the various components, we must spcclfy the component being
considered.

To sum up, the condensed form of expressing the rate can be ambiguous. To
climinate any possible confusion, write the stoichiometric equation followed by the
complete rate expression, and give the units of the rate constant.

Kinetic Models for Nonelementary Reactions

To explain the kinetics of nonelementary reactions we assume that a sequé%be of
elementary reactions is actually occurring but that we cannot measure or observe
the intermediates formed because they are only present in very minute quantities.
Thus we observe only the initial reactants and final products, or what appears to
be a single reaction. For example, if the kinetics of the reaction

A; + B, —>2AB

indicates that the reaction is nonelementary, we may postulatc a series of elementary
steps to explain the kinetics, such as

Ag e 2A*
A* + B, = AB + B*
A* + B* = AB
where the asterisks refer to the unobserved intermediates. To test our postulational
scheme, we must see whether its predicted kinetic expression corresponds to
experiment.

The types of interniediates we may postulate are suggested by the chemistry of
the materials. These may be grouped as follows.

Free Radicals. Free atoms or larger fragments of stable molecules which contain
one or more unpaired electrons are called free radicals. The unpaired electron is
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.

lesignated by a “dot” in the chemical symbol for the substance. Some free radicals
ire relatively stable, such as triphenylmethyl,

of e

L)
T/h,, ‘N\,Q‘“’_)‘ M /

but as a rule they are unstable and highly reactive, such as
CHQ‘, CgHa‘, I', H', Cclg’

Ions and Polar Substances. Electrically charged atoms, molecules, or fragments of
molecules, such as

N;-, Na*, OH-, H;0*, NH,*, CH,OH,*, I-
are called ions. These may act as active intermediates in reactions.
Molecules. Consider the consecutive reactions

A—->R-—>S

Ordinarily these are treated as multiple reactions. If the product material R is highly
reactive, however, its mean lifetime will be very small and its concentration in the
reacting mixture can become too small to measure. In such a situation R is not
observed and can be considered to be a reactive intermediate.

Transition Complexes. The numerous collisions between reactant molecules result
in a wide distribution of energies among the individual molecules. This can result in
strained bonds, unstable forms of molecules, or unstable association of molecules
which can then either decompose to give products, or by further collisions return to
molecules in the normal state. Such unstable forms are called transition complexes.

Postulated reaction schemes involving these four kinds of intermediates can be
of two types.

Nonchain Reactions. In the nonchain reaction the intermediate is formed in the
first reaction and then disappears as it reacts further to give the product. Thus

Reactants — (Intermediates)*

(Intermediates)® — Products
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Chain Reactions. 1In chain reactions the intermediate is formed in a first reaction,
called the chain initiation step. It then combines with reactant to form product and
more intermediate in the chain propagation step. Occasionally the intermediate is
destroyed in the chain termination step. Thus-

Reactant — (Intermediate)* Initiation
(Intermediate)* + Reactant — (Intermediate)* + Product Propagation

(Intermediate)* — Product Termination

The essential feature of the chain reaction is the propagation step. In this step the
intermediate is not consumed but acts simply as a catalyst for the conversion of
material. Thus each molecule of intermediate can catalyze a long chain of reactions
before being finally destroyed.

The following are examples of mechanisms of various kinds.
1. Free radicals, chain reaction mechanism. The reaction
H, + Br, —> 2HBr
with experimental rate

L _kH)Brp
HBr kg + [HBrl/[Bral

can be explained by the following scheme: )
Brg & 2Br- Initiation and termination
Br- + H; == HBr + H-. Propagation
H- + Br,— HBr + Br- Propagation

2. Molecular intermediates, nonchain mechanism. The general class of
enzyme-catalyzed fermentation reactions

A" R
enzyme

is viewed to proceed as follows:
A + enzyme <= (A. enzyme)*
(A- enzyme)* — R + enzyme

In such reactions the concentration of intermediate may become more than
negligible, in which case a specia! analysis, first proposed by Michaelis and Menten
(1913), is required.
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3. Ionic intermediates, catalyzed nonchain mechanism. The Kkinetics of the
acid-catalyzed hydration of the unsaturated hydrocarbon isobutene

CH; CH:!
, | dilute HNO, _(I:
CHy—C=CH; + H,0 ———— CH; OH—CHj,
isobutene tert-butyl alcohol

is consistent with a multistep mechanism involving formation of a number of inter-
mediates, all polar. Thus in general

BRIIEN DU SN P
H

complex carbonium ion
* | * |
BN RYPSCNER D S
I slow
H +*H O H
7\ |
H H H

4. Transition complex, nonchain mechanism. The spontaneous decomposition
of azomethane

(CH;3);Ng —>~C;Hg + N3 or A—->R + S

exhibits under various conditions first-order, second-order, or intermediate kinetics.
This type of behavior can be explained by postulating the existence of an energized
and unstable form for the reactant. Thus

A+A->A*+ A Formation of energized molecule
A* + A->A+ A Return to stable form by collision
A*—>R + S Spontaneous decomposition into products
Lindemann (1922) first suggested this type of intermediate.
5. Transition complex, nonchain reaction. The intermediate in the reaction
H; + I; < 2HI

with elementary second-order kinetics is an example of another type of transition
complex, this one consisting of an association of molecules. Thus

H I - [H---I1T* H-I
| + { =] |l = +
H H---I H—I
This reaction is called a four-centcr-tzgg reaction.
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At first, free radicals were hypothesized to explain observed kinetics without any
direct evidence of their actual existence. In recent years, however, with the develop-
ment of more sensitive experimental techniques such as high-resolution spectro-
scopic analyses and reaction freezing at very low temperature, the existence of many
free radicals has been directly verified. Today it is thought that such substances play
a role in many types of reactions. In general, free-radical reactions occur in the gas
phase at high temperature. More often than not they occur by a chain mechanism
and may be greatly affected by radiation and traces of impurities. Such impurities
may inhibit the reaction by rapidly consuming the free radicals, whereas radiation
may trigger the reaction by helping to supply the small number of free radicals
needed to start and sustain the reaction. '

Ionic reactions occur mainly in aqueous solutions or other polar solvents. Their
rates are often dependent on the nature of the solvent, and they are often catalyzed
by bases or acids. Ionic reactions can also occur in the gas phase, but then only
under the extremely energetic conditions of high temperature, electrical discharge,
or X-ray irradiation. Olah (1970) reviews present-day knowledge of this important
class of reactive organic intermediate.

Transition-type intermediates are considered to be the unstable intermediates
“‘at the top of the energy hump” (see p. 24 and Fig. 1). There is no direct evidence
for their existence; however, their use does explain observed data.

Intermediates consisting of rapidly decomposing molecules have real existence
and have been observed in a variety of reactions, both gas and liquid.

Testing Kinetic Models

Two problems make the search for the correct mechanism of reaction difficult.
First, the reaction may proceed by more than one mechanism, say free radical and
ionic, with relative rates which change with conditions. Second, more than one
mechanism can be consistent with kinetic data. Resolving these problems is difficult
and requires an extensive knowledge of the chemistry of the substances involved.
Leaving these aside, let us see how to test the correspondence between experiment
and a proposed mechanism which involves a sequence of elementary reactions.
In matching the predicted rate expression with experiment we rely on the follow-
ing two rules. (1) If component i takes part in more than one reaction, its net rate
of change is the sum total of the rates of change of that component in each of the
clementary reactions, or _
Fiaw= > " ©)

all elementary
reactions

(2) Because intermediates are present in such small quantities, their rates of change
in the system after a very short time can never be great; hence with negligible error
these rates are taken to be zero. This is called the steady-state approximation. It is
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needed if we are to solve the attendant mathematics, and our justification is that
the predicted results based on this assumption very often agree with experiment.

The trial-and-error procedure involved in searching for a mechanism is illustrated
in the following example.

EXAMPLE I. Search for the reaction mechanism y/

g

The irreversible reaction
2A + B=A.B (10)
has been studied kinetically, and the rate of formation of product has been found to be
well correlated by the following rate equation:
_0.72CA\*Cs _ 0.72[A)?[B] an
™ = TC, T T+ 2(A]
What reaction mechanism is suggested by this rate expression if the chemistry of the

reaction suggests that the intermediate consists of an association of reactant molecules
and that a chain reaction does not occur?

SOLUTION
If this were an elementary reaction, the rate would be given by

rags = kC,2Cs = k[A]*[B] (12)

Since Eqgs. 11 and 12 are not of the same type, the reaction evidently is nonelementary.
Consequently, let us try various mechanisms and see which gives a rate expression
similar in form to the experimentally found expression. We start with simple two-step
models, and if these are unsuccessful we will try more complicated three-, four-, or
five-step models.

~ Model 1. Hypothesize a two-step reversible scheme involving the formation of an
intermediate substance A¥, not actually seen and hence thought to be present only in
small amounts. Thus

k1
2A —:4,__’ Az

. (13)
A + B kz“ A.B
which really involves four elementary reactions
24— A3 : (19)
A$ 524 (s)
A3 + B—> A,B (16)
AB-"> A% + B an

Let the k values refer to the components disappearing; thus k, refers to A, k, refers to
Ax
A2, ete
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Now write the expression for the rate of formation of A;B. Since this component 1s
involved in Eqgs. 16 and 17, its over-all rate of change is the sum of the individual rates
Thus

rags = k3[A31[B] — k. A;B] - (18)

Since the concentration of intermediate A% is not measurable, the above rate expression
cannot be tested in its present form. So, replace {A3] by concentrations that can be
measured, such as [A), [B], or [AB). This is done in the following manner. From the
four elementary reactions which all involve A3 we find

ray = Y [AV — kalA3] — ks[AZ][B] + k4[A3B) 19)
Because the concentration of AY is always extremely small we may assume that its
rate of change is zero or
rajy = (20)
This is the steady-state approximation. Combining Egs. 19 and 20 we then find
3k, [AP + k,[A;B] N @
ka + ks[B]

which when replaced in Eq. 18 gives the rate of formation of A;B in terms of measurable
quantities. Thus

[Af] =

yo . _ YeikalAF[B] — kaky[AsB]
AaB ka + k3[B]

In searching for a model consistent with observed kinetics we may, if we wish, restrict
a more general model by arbitrarily selecting the magnitude of the various rate con-
stants. Since Eq. 22 does not match Eq. 11, let us see if any of its simplified forms will.
Thus, if k; is very small, this expression reduces to

(22)

Fags = 1k, [AP (23)
If k¢ is very small, r4,s reduces to
_ (kaks/2k2)[A)P(B]
TA® = T X (kofk)(B] @

Neither of these special forms, Eqs. 23 and 24, matches the experimentally found rate,
Eq. 11; thus the hypothesized mechanism, Eq. 13, is incorrect.

Model 2. As our first guess gave a rate expression. Eq. 24, somewhat like Eq. 11, let
us try, for our second guess, a mechanism somewhat similar to Model 1. Let us try
the mechanisin

A+B 22 AB*
k’ (25)
AB* + A ZF AB
4

Following the procedure used for Model 1 the desired rate is

Tags = ka[AB*][A] ~ k([A;B] (26)
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Next eliminate [AB*] in this expression. With the steady-state approximation we obtain
rass = ki[A)[B] — k,[AB*] — k3[AB*][A] + ks[A.B] = 0
from which

ki[A][B] + k4[A4B]
ko + k3[A]

Replacing Eq. 27 in Eq. 26 to eliminate the concentration of intermediate, we obtain
_ kika[AP[B] — koky[AgB]

[AB*] = 27

raae Ko + KolA] @)
Let us restrict this general model. With k, very small we obtain
2
_ Uik k2)[AT(B] 29)

T428 = T (kolk)[A)

Comparing Egs. 11 and 29, we see that they are of the same form. Thus the reaction
may be represented by the mechanism

k1
A+ B k: AB*
’ " (30)
\
AB* + A —2> A,B

We were fortunate in this example to have represented our data by a form of equation
which happened to match exactly that obtained from the theoretical mechanism. Often
a number of equation types will fit a set of experimental data equally well, especially for
somewhat scattered data. Hence to avoid rejecting the correct mechanism, it 1s advisable
to test the fit of the various theoretically derived equations to the raw data using
statistical criteria whenever possible, rather than just matching equation forms.

TEMPERATURE-DEPENDENT TERM OF A RATE EQUATION

Temperature Dependency from Arrhenius’ Law

For many reactions and particularly elementary reactions the rate expression can

be written as a product of a temperature-dependent term and a composition-
dependent term, or

ry = fi(temperature)- fo(composition)
= k-f,(composition) (€2)

For such reactions the temperature-dependent term, the reaction rate constant, has
been found in practically all cases to be well represented by Arrhenius’ law:

k = koe~5IAT (32)
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where k, is called the frequency factor and E is called the activation energy of the
reaction.* This expression fits experiment well over wide temperature ranges and
is strongly suggested from various standpoints as being a very good approximation
to the true temperature dependency.

Temperature Dependency from Thermodynamics

The temperature dependency of the equnllbnum constant of the elementary revers-
ible reactions such as

. . A,\ /\1. (' { N
A ::: R, &H, ¢ (33)
/N
is given by the van’t Hoff equation, Eq. 8.15, ) A R
d(ln K
de X _ 2K (34)

Because K = K; = [R}/[A] = k,/k, for this reaction, we can then rewrite the
van’t Hoff relationship as

d(Ink,) d(Ink,) AH,
dT dT ~ RT?
Though it does not necessarily follow, the fact that the difference in derivatives is

equal to AH,/RT? suggests that each derivative alone is equal to a term of that
form, or

dnk,) _ E, dink;) _ E,
—ar “re@ ™ g S RE G3)
where
E, — E, = AH, (36)

* There seems to be a disagreement in the dimensions used to report the activation energy;
some authors use calories, and others use calories per mole. On the one hand, calories per mole
are clearly indicated by Eq. 32. In contrast to the dimensionally identical thermodynamic
quantities AG° and A H,, however, the numerical value of E does not depend on how we represent
the reaction stoichiometry (number of moles used). Thus réporting calories per mole may be
misinterpreted. To avoid this E is reported here simply as calories.

What moles are we referring to in the units of E ? These are always the quantities mocxated
with the molar representation of the rate-controlling step of the reaction. Numerically E can be
found without knowing what this is; however, if E is to be compared with analogous quantities
from thermodynamics, collision theoryy or transition-state theory, this mechanism must be
known and its stoichiometric representation must be used throughout.

. Thia whole question can be avoided by using the ratio E/R throughout, since E and R always
refer to the same number of moles.
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In addition, if the energy terms are assumed to be temperature-independent,
Eq. 35 can be integrated to give Arrhenius’ equation, Eq. 32.

Temperature Dependency from Collision Theory

The collision rate of molecules in a gas can be found from the kinetic theory of
gases. For the bimolecular collisions of like molecules A we have

2 2 [4KT _ , N? [4akT

Zya = 64°0,° ™M, = ° 10 _M—;"CA
_ number of collisioni of A with A G7)
sec-cm
where o = diameter of a molecule, cm

M = (molecular weight)/N, mass of a molecule, gm

N = 6.023 x 10?® molecules/mol, Avogadro’s number
C, = concentration of A, mol/liter

n, = NC,/10%, number of molecules of A/cm?

k = R/N = 1.30 x 10~%erg/°K, Boltzmann constant

For bimolecular collisions of unlike molecules in a mixture of A and B kinetic
theory gives
_ (9a_+ 98)? J (_l__ 1
Zpp = ( 3 ) n.ng,/ 87kT M, + Ma)

_ [oa t+ o8)? NQA/
= (~——2——) i 81rkT(MA )CACB (8)

If every collision between reactant molecules results in the transformation of reac-
tants into product, these expressions give the rate of bimolecular reaction. The
actual rate IS usually much lower than that predlcted and this indicates that oql—y,g

involve energies in excess of a given mnmmum energy E lead {0’} reac\lon From the
Maxwell disttibution law of molecular en'ergnes the fraction of all bimolecular
collisions that involve energies in excess of this minimum energy is given approxi-
mately by

e—l‘/RT
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when E »> RT. Since we are only considering energetic collisions, this assumption is
reasonable. Thus the rate of reaction is given by

= __1_ dN, _ kCACo = (collision ratc,) (fraction of collisions involving
A vV dr AT mol/lite - sec energies in excess;of E )

108

=Z,p ~ e~FBIRT

- (oA + 05)9 N
2

J 81rkT MA 13) e~587C, Cy (39)

A similar expression can be found for the bimolecular collisions between like
molecules. For both, in fact for all bimolecular reactions, Eq. 39 shows that the
temperature dependency of the rate constant is given by

k oc T/3e~EIRT (40)

Temperature Dependency from Transition-state Theory

A more detalled explanation for the transformation of reactants into products is
given by the transition-state theory. This pictures reactants combining to form
unstable intermediates called actnia_tgi_c_qr_n_plgggwhxch then decompose spontane-
ously into products. It assumes in addition that an equilibrium exists between the
concentration of reactants and activated complex at a!! times and that the rate of
decomposition of complex is the same for all reactions and 1s given by k7/h where k
is the Boltzmann constant and h = 6.63 x 10-?7 erg-sec is the Planck constant.
Thus for the forward elementary reaction of a reversible reaction,

ky
A +BTZAB, AH, 41)

we have the following conceptual scheme:

A+ B%AB*—"L)AB (42)
with
AB*]
K!t [
°= % "~ [AlB]
and
kg = E—T

h
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The observed rate of the forward reaction is then

concentration of)(rate of decomposition) 0 e
= I

"aB.torwara = (activated complex/\ of activated complex

_ kT g+ -
= 5 [AB*]

= "TT K%C,.Cy (43)

By expressing the equilibrium constant of the activated complex in terms of the
standard free energy,

AG* = AH* — TAS* = —RT In K¢

or, (44)

K: — e—AG‘/RT — e-Al{'lRT+AS'/R

the rate becomes

kT

—_ AS®/R,~ AH*/RT
I'AB,forward = Te € CACB (45)

Theoretically both AS* and AH* vary very slowly with temperature. Hence, of the
three terms that make up the rate constant in Eq. 45, the middle one, 25*/%, 1s so
much less temperature-sensitive than the other two terms that we may take it to
be constant. So for the forward reaction, and similarly for the reverse reaction of
Eq. 41, we have approximately
ky oc Te~SHAIRT
ky o Te~AH3/RT

(46)

where
AHY — AHY = AH,

We next look for a relationship between AH* and the Arrhenius activation
energy E. Though none can be logically derived, still we can arbitrarily define one.
This is generally done by using analogy arguments from thermodynamics. Thus for
liquids and solids

E = AH* — RT 47)
and for gases

E = AH* — (molecularity — 1)RT (48)
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Activated complex
transition state

Eo(=~ AHy*)
(always postive)
Ei(= AH®)
(abways positive)

AH/, (positive)

- ‘l l Endothermic

“Distance” along reaction path

Energy of reacting molecules

———x

Ei(= AH®)

(atways positive) E(= AH2*%)
(always positive)

Energy of reacting molecules

AH, (negative)
o »
Reactants Complex Products

“Dristance” along reaction path

FIGURE |. Sketch of the energies involved in
the transformation of reactants to products in an
elementary reaction.

With this definition the difference between E and AH* is small and of the 6rder
RT; hence transition-state theory predicts approximately that
k o Te—E/BT (49)

Figure 1 illustrates the energies involved in reactants and complexes in such a
scheme.
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Comparison of Theories

It is interesting to note the difference in approach between the collision and
transivion-state theories. Consider A and B colliding and forming an unstable
intermediate which then decomposes into product, or

‘ A + B—~AB* —~ AB (50

Collision theory views the rate to be governed by the number of energeti: collisions
between reactants. What happens to the unstable intermediate is of no concern.
The theory simply assumes that this intermediate breaks down rapidly enough into
products so as not to influence the rate of the over-all process. Transition-state
theory, on the other hand, views the reaction rate to be governed by the rate of
decomposition of intermediate. The rate of formation of intekmediate is assumed
to be so rapid that it is present in equilibrium concentrations at all times. How it is
formed is of no concern. Thus collision theory views the first step of Eq. 50 to be
slow and rate-controlling, whereas transition-state theory views the second step
of Eq. 50 combined with the determination of complex concentration to:be the
rate-controlling factors. In a sense, then, these two theories complement each other.

Comparison of Theories with Arrhenius’ Law
The expression
k oc Tme—l'/RT
= koTme BT 0 < m < 1 6D

summarizes the predictions of the simpler versions of these theories for the tem-
perature dependency of the rate constant. For more complicated versions m can
be as great as 3 or 4. Now because the exponential term is so much more tempera-
ture-sensitive than the T™ term, the variation of k caused by the latter is effectively
masked, and we have 1n effect

k oc (,-EII:T
= kye~ 5T 32)

We can show this in another way. Taking logarithms of Eq. 51 and differentiating
with respect to T, we find how & varies with temperature. This gives

d(ink) m E  mRT + E

dar T RT3~ ~ RT3

As mRT « E for most reactions studied, we may ignore the mRT term and may'
write
d(In k) E

T = R 32)
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or
k oc e—EIRT

This discussion shows that Arrhenius’ law is a good approximation to the
temperature dependency of both collision and transition-state theories.

Activation Energy and Temperature Dependency

TABLE I. Temperature rise needed to double the rate
of reaction foractivation energies and average temperatures
shown; hence shows temperature sensitivity of reactions

R

Activation Energy E

Temperature 10,000 cal 40,000 cal 70,000 cal
0°C”’ 11°C 3°C 2°C
400°C 70 17 9
1000°C 273 62 37 .,
2000°C 1037 197 107

TABLE 2. Relative rates of reaction as a function of
activation energy and temperature

Activation Energy F

Temperature 10,000 cal 40,000 cal 70000 cal
0°C 1048 103¢ 1
400°C 7 x 10°2 1043 2 x 10%
1000°C 2 x 10°¢ 104° 104
2000°C 10%¢ 10%3 2 x 10%°

The temperature dependency of reactions is determined by the activation energy
and tempcrature level, as illustrated in Fig. 2 and Tables 1 and 2. These findings
are summarized as follows:

1. From Arrhenius’ law a plot of In k vs 1/T gives a straight line, with large
slope for large E and small slope for small E. .
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200 -~
100 - === —-
50
-« Slope = - E/R, °K
]
20F-- 1|- ———m—————
|
i
00—k e :——-——
| | |
| I | i
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™1 Goubling doubling
1I of rate { : of rate 1‘

2000°K 1000°K 463°K  376°K
YT

FIGURE 2. Sketch showing temperature de-
pendency of the reaction rate.

2. Reactions with high actlvatlon energies are very temperature-sensitive;
reactions with low activation energles “are relafively tcmpefature-msensxtwe

3. A given reaction is much more temperature-sensitive at low temperature
than at high temperature.

4. From the Arrhenius law the frequency factor k, does not affect the tem-
perature sensitivity of a reaction. In an actual reaction there may be a slight
temperature dependency of this term as predicted by Eq. 51; however, this is rather
minor and can be ignored.

Rate of Reaction Predicted by the Theories

Experimental values for rates of reaction are generally either in the order of
magnitude of, or are below, those predicted by collision theory, and an indication
of these predictions is shown in Table 3. Thus collision theory may be used to
estimate the upper bound to the expected rate of reaction. Once in a while, however,
a reaction is encountered with much higher rates than predicted. This suggests a
complex reaction, frequently catalytic.

Occasionally, for the elementary reaction between simpler molecules enough
information is available to allow prediction of the rates from transition-state theory.
When available, these predictions usually agree more closely with experiment than
do the predictions of collision theory.
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TABLE 3. Approximate time required for 507, of reactants to
react away; from collision theory

Activation Energy E
Temperature 10,000 cal 40,000 cal 70,000 cal
0°C 3 x 1075 sec 3 x 10° sec 3 x 10*3 sec
400°C 10-° 8 x 10% 4 x 10°
1000°C 2 x 10-1! 2 x 10-¢ 30
2000°C 10-13 9 x 10-1 7 x 10-8

Elementary gas reaction: A + B — products, pao = pso = 0.5 atm.
Molecular weights of A and B: i00.
Molecular diameters: o, = og = 3.35 x 10~ 8 cm.

SEARCHING FOR A MECHANISM

The more we know about what is occurring during reaction, what the reacting
materials are, and how they react, the more assurance we have for proper design.
This is the incentive to find out as much as we can about the factors influencing a
reaction within the limitations of time and effort set by the economic optimization
of the many factors involved in the industrial exploitation of a process.

There are three areas of investigation of a reaction, the stoichiometry, the kinetics,
and the mechanism. In general, the stoichiometry is studied first, and when this is
far enough along the kinetics is then investigated. With empirical rate expressions
available, the mechanism is then looked into. In any investigative program con-
siderable feedback of information occurs from area to area. For example, our ideas
about the stoichiometry of the reaction may change on the basis of kinetic data
obtained, and the form of the kinetic equations themselves may be suggested by
mechanism studies. With this kind of interrelationship of the many factors, no
straightforward experimental program can be formulated for the study of reactions.
Thus it becomes a matter of shrewd scientific detective work, with carefully planned
experimental programs especially designed to discriminate between rival hypotheses,
which in turn have been suggested and formulated on the basis of all pertinent
information available at that time.

Although we cannot delve into the many aspects of this. problem, a number of
clues which are often used in such experimentation can be mentioned.

1. Stoichiometry can tell whether we have a single reaction or not. Thus a
complicated stoichiometry

A — 1.45R + 0.858
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or one which changes with reaction conditions or extent of reaction is clear evidence

of multiple reactions. ‘

2. Stoichiometry can suggest whether a single reaction is elementary or not
because no elementary reactions with molecularity greater than three have been
observed to date. As an example the reaction

Ng + 3Hg -> 2NH3
is not elementary.

3. A comparison of the stoichiometric equation with the experimental kinetic
expression can show whether we are dealing with an elementary reaction or not.

4. A large difference in the order of magnitude between the experimentally
found frequency factor of a reaction and that calculated from collision theory or
transition-state theory may suggest a nonelementary reaction; however, this is not
necessarily true. For example, certain isomerizations have very low frequency
factors and are still elementary.

5. Consider two alternate paths for a simple reversible reaction. If one of these
paths is preferred for the forward reaction, the same path must also be preferred
for the reverse reaction. This is called the principle of microscopic reversibility.
Consider, for example, the forward reaction of

2NH, = N, + 3H,

At first sight this could very well be an elementary bimolecular reaction with two
molecules of ammonia combining to yield directly the four product molecules.
From this principle, however, the reverse reaction would then also have to be an
elementary reaction involving the direct combination of three molecules of hydrogen
with one of nitrogen. Since such a process is rejected as improbable, the bimolecular
forward mechanism must also be rejected.

6. The principle of microreversibility also indicates that changes involving
bond rupture, molecular syntheses, or splitting are likely to occur one at a time,
each then being an elementary step in the mechanism. From this point of view the
simultaneous splitting of the complex into the four product molecules in the reaction

2NH; - (NH,)F — N; + 3H,

is very unlikely. This rule does not apply to changes which involve a shift in electron
density along a molecule, which may take place in a cascade-like manner. For
example, the transformation

CH,;=CH—CH,—0—CH=CH,; - CH;=CH—CH,—CH,—CHO
vinyl allyl ether n-pentaldehyde-ene 4
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Mech 1
N Mech. 1 Mech. 2
A wR A—>X —R
_—~HghE

Ink
" Low E

High T Low T High T Low T

YT T

FIGURE 3. A change in activation energy indicates a
shift in controlling mechanism of reaction.

can be explained in terms of the following shifts in electron density:

H
CH,=C CH (
‘=-—2’7_,1\ /
CHa '\ O nd CH2
N
CH--CH, CH=CHj
or
H H
c/ CH C/
CH,= —
A / N\
CH, ! O — CH, O
Neog Vs
CH-—XCH, CH=CH,

7. A change in activation energy with temperature indicates a shift in control-
ling mechanism of reaction. Recalling that a higher E represents a more temperature
sensitive reaction, a rise in E value with temperature indicates that the controlling
mechanism has shifted to an alternate or parallel path; on the other hand, a drop in
E value indicates that the controlling mechanism has shifted from one of a succes-

sion of e¢lementary steps to another in the series. These conclusions are illustrated
in Fig. 3.

PREDICTABILITY OF REACTION RATE FROM THEORY

The rate expression in general involves two factors, the temperature-dependent and

the concentration-dependent factors. Consider the prediction of these factors in
turn. :
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Concentration-dependent Term

If a reaction has available a number of competing paths (e.g., noncatalytic and
catalytic) it will in fact proceed by all of these paths, although primarily by the one
of least resistance. This path usually dominates. Only a knowledge of the energies
of all possible intermediates will allow prediction of the dominant path and its
corresponding rate expression. As such information cannot be found in the present
state of knowledge, a priori prediction of the form of the concentration term is not
possible. Actually, the form of the experimentally found rate expression is often
the clue used to investigate the energies of the intermediates of a reaction.

Temperature-dependent Term

Assuming that we already know the mechanism of reaction and whether it is
elementary or not, we may then proceed to the prediction of the frequency factor
and activation energy terms of the rate constant.

Frequency factor predictions from either collision or transition-state theory may
come within a factor of 100 of the correct value; however, in specific cases predic-
tions may be much further off.

Though activation energies can be estimated from transition-state theory,
reliability is poor, and it is probably best to estimate them from the experimental
findings for reactions of similar compounds. For example, the activation energies
of the following homologous series of reactions

RI + C4H;ONa Mol C,H,OR + Nal
where R is

CH;, C;H,; iso-CgHj, sec-C4H,

C,H, CgH,, iso-C,H, sec-CgH, 5
C,H, C,6Hj; iso-CsH,, sec-CgH, 4
C,Hy tert-C Hy

all lie between 21.5 and 23.5 kcal.

Use of Predicted Values in Design

The frequent order-of-magnitude predictions of the theories tend to confirm the
correctness of their representations, help find the form and the energies of various
intermediates, and give us a better understanding of chemical structure. However,
theoretical predictions rarely match experiment by a factor of two. In addition, we
can never tell beforehand whether the predicted rate will be in the order of magni-
tude of experiment or will be off by a factor of 108. Therefore for engineering design
this kind of information should not be relied on, and experimentally found rates
should be used in all cases. Thus theoretical studies may be used as a supplementary
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aid to suggest the temperature sensitivity of a given reaction from a similar type of
reaction, to suggest the upper limits of reaction rate, etc. Design mvanably relies
on expenmentally determined rates.
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PROBLEMS

1. A reaction has the stoichiometric equation A + B = 2R. What is the order
of reaction?

2. Given the reaction 2NO, + 30, = N,0;, what is the relation between the
rates of foml?tlon and dlsap?earance of the three components of the reaction?

3. A reaction with stonch:ometrxc equatxon 3A + B = R + 1S has the following
rate expression
—ry =2C%Cy

What is the rate expression for this reaction 1f the stoichiometric cquauon is
written as A + 2B = 2R + §S?
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4. A certain reaction has a rate given by

—ra = 0.005C,3, mol/cma-mi‘n L

If the concentration is to be expressed in mol/liter and time in hours, what would

be the value and units of the rate constant?
~dles ) i
5, For a gas reaction at 400°K the rate is reported as

—‘%’A = 3.66p2, atm/hr

(@) What are-the units of the rate constant?
(b) What is the value of the rate constant for this reaction if thc rate equation
is expressed as

1 dN, _ ;
=y = kC,2, mol/liter-hr

6. Show that the following scheme
N,05 4_ NO; + NO§

og NO* + O,
NO* + NOZ %, 2NO,

proposed by Ogg (1947) is consistent with, and can explain, the observed first-order
decomposition of N;Os.

7. The decomposition of reactant A at 400°C for pressures between 1 and 10 atm
follows a first-order rate law.
(a) Show that a mechanism similar to azomethane decomposition, p. 17,

A+AZ2A*+ A
A* >R + S

is consistent with the observed kinetics.

Different mechanisms can be proposed to explain first-order kinetics. To claim
that this mechanism is correct in the face of the other alternatives requires additional
evidencer

(b) For this purpose, what further experiments would you suggest we run and
what results would you expect to find?

8. Experiment shows that the homogeneous decomposition of ozone proceeds
with a rate

~roy = k[O5)[04]*
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(a) What is the over-all order of reaction?

(b) Suggest a two-step mechanism to explain this rate and state how you would
further test this mechanism. =

9. Under the influence of oxidizing agents, hypophosphorous acid is transformed
into phosphorous acid:
Hap 03 oxidizing agent H;,P Oa ‘
The kinetics of this transformation present the following features. At low-concen-
tration of oxidizing agent
ragpo, = k[oxidizing «* “IT POy]

At high concentration of oxidizing agent
Tuspoy = k’'[H*][HsPO,]

To explain the observed kinetics, it has been postulated that with hydrogen ion as
catalyst normal unreactive HgPO, is transformed into an active form, the nature of
which is unknown. This intermediate then reacts with the oxidizing agent to give
H3PO;. Show that this scheme does explain the abserved kinetics.

10. Chemicals A, B, and D combine to give R and S with stoichiometry
A+ B+ D =R+ S, and after the reaction has proceeded to a significant
extent, the observed rate is

rg = kCACBCD/Cn

(a) What is the order of the reaction?
The following two mechanisms involving formation of active intermediate have
been proposed to explain the observed kinetics.

Mechanism I: A+Ba2X*+R
D+ X*->S
Mechanism I1: ., A+D=2Y*+R

B+Y*—>S -

(b) Are these mechanisms consistent with the kinetic data?

(¢) If neither is consistent, d‘c'visc a scheme that is consistent with the kinetics.
If only one is consistent, whag line of investigation may strengthen the
convictiort that the mechanism selected is correct? If both are consistent,
how would you be able to choose between them?

11. A,B decomposes with stoichiometry A;B = AB + $A;. Much effort has
been cxpended to discover the kinetics of this reaction, but the results are dis-
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couraging, and no concise rate equation can be made to fit the data. The following
observations can be made from the data, however.

1. At the start of any experimental run the reaction seems to be of first order
with respect to reactant.

2. When the reactant is just about gone, the data are well correlated by an
equation which is second order with respect to reactant.

3. Introducing product AB into the feed leaves the rate unaffected.

4. Introducing product A, into the feed slows down the rate of reaction; .

however, no proportionality can be found between the amount of A, added
and the slowing effect.

With the hope that a theoretical treatment may suggest a satisfactory form of rate
expression, the following mechanisms are being considered.

Mechanism I: 2A;B=(AB)y)*
(AB)* = A,; + 2AB
Mechanism II: A;Be=A* + AB

AB + A* A, + AB

(a) Are either of these mechanisms consistent with the experimental findings ?
If a mechanism is rejected, state on what basis you reject it.

(b) If neither of these mechanisms is satisfactory, can you devise one that is
consistent with the experimental findings ?

12. The primary reaction occurring in the homogeneous decomposition of nitrous
oxide is found to be .
t
NQO’—PNQ + *02 . W
with rate

e _kDNOP
M0 = [T k,N,0]

Dev:se 2 mechanism to explain this observed rate.

00/13/ The pyrolysis of ethane proceeds with an activation energy of about 75,000
cal. How much faster is the decomposition at 650°C than at 500:C

{ N
14. On typical summer days field crickets nibble, jump, and chirp now and then.
But at night when great numbers congregate chirping seems to become a serious
business and the chirp rate becomes quite regular. In 1897 Dolbear reported that

not only was it regulac but that the rate was determined by the temperature as
given by

(number of chirps in 15 secs) + 40 = (temperature, °F)
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Assuming that the chirping rate is a direct measure of the metabolic rate, find the
activation energy, in calories, of these crickets in the temperature range of 60 to 80°F.
15. Experiment shows that the primary reaction in the homogeneous decom-
position of nitrous oxide proceeds with stoichiometry
Nao - NQ + i‘O’
and rate

k1 [N,OF

—Ingo = ———-————l -t- kQ[Nao]’ mOl/“tCr‘min

where

kl = 1010 39e-81.GOOIBT

ka

lol.oﬂe— 28,400/RT

(@) What is the activation energy for this reaction?
(b) Sketch the curve you expect to obtain in a graph such as Fig. 3.

16. At 500°K the rate of a bimolecular reaction is ten times the rate at 400°K.
Find the activation energy of this reaction:

(a) From Arrhenius’ law.

(b) From collision theory.

(c) What is the percentage difference in rate of reaction at 600°K predicted
by these two methods?

17. The formation and decomposition of phosgene has been found to proceed
as follows:

ky
CO + Cly = COCl,

‘ Forward reaction: Feoc1, = k1[Cl3J*3[CO]
Reverse reaction:  —rgoo1, = k3[Cla]*[COCl,)

(a) Are these rate expressions thermodynamically consistent?
(b) Determine which of the following mechanisms is consistent with these
experimentally found rates.

Mechanism I: Cl, == 2CI* fast, at equilibrium
CI* + CO=COCI* fast, at equilibrium

COCI* + Cl, 2 COCl; + CI1* slow and rate controlling
Mechanism II: Cl, = 2CI* fast, at equilibrium
CI* + Cl=CI} fast, at equilibrium

Cl} + CO=2COCl, + CI*  slow and rate controlling
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18. Free radical chain reactions. The thermal decomposition of hydrocarbons
frequently exhibit n = 0.5, 1.0, 1.5, ... order kinetics, and this behavior can be
explained in terms of a free radical chain reaction mechanism, first proposed by
Rice and Herzfeld (1934). As an example, suppose that hydrocarbon A decomposes
as follows to form product molecules Ry, R, . . ., while X, - and X+ are free radical
intermediates.

Formation of free radical: 'S
AR, + X, : @)
Chain propagation steps, usually repeated many times:
A+ X, > Ry + Xa- @)
X,-Mﬂ Rs + X, (iii)
Possible termination steps, representing the destruction of the free radical:
2X1¥{-|L R, @iv)
X, + X,}i Rg W)
2X, 3 Ry (vi)

Using initiation and propagation steps (i), (ii), and (iii) determine, in turn, the
reaction order of the decomposition of A when termination proceeds according
to

(@) Step (iv)

(b) Step (v)

(c) Step (vi)

19. Enzyme-substrate reactions. Here a reactant, called the substrate; is con-
verted into product by the action of an enzyme, a high molecular weight (m.w. >
10,000) protein-like substance. An enzyme is highly specific, catalyzing only one
particular reaction, or one group of reactions. Thus we have

A——R
Many of these reactions exhibit the following rate characteristics:

1. The rate is proportional to the concentration of enzyme introduced into

the mixture [E,).
2. At low reactant concentration the rate is proportional to the reactant
concentration. -

3. At high reactant concentration the rate levels off to become independent
of reactant concentration.
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Michaelis and Menten (1913) first explained this general behavior with the
following mechanism: ‘

A+ET2(AB?

(AE* %R + E

The particular featuré of this model is the assumption that the concentration of inter-
mediate can be appreciable, in which case the total enzyme is distributed as follows:

[Eo] = [E] + [(A.E)*

Since the enzyme concentration cannot easily be followed, develop the rate equation
for this reaction in terms of [E,] and [A] and show that it explains the observed
behavior. Use the steady-state approximation in your development.

20. Photochemical reactions. These reactions proceed only in the presence of
light with a rate dependent on the intensity of incident radiation, but are otherwise
homogeneous in nature. This type of reaction ddes not fit into our homogeneous-
heterogeneous classification of reaction types. Examine the definitions in Chapter 1
and beginning of Chapter 2 and then decide how best to modify or interpret these
classifications to include photochemical reactions.

If the reaction rate of an otherwise homogeneous reaction is influenced by the
magnetic field strength, the clectrical field strength (see Chem. Eng. News, 44, 37
(Feb. 28, 1966)), intensity of psychical waves, shear stress on the fluid or what
have you, how would you include these factois?
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A rate equation characterizes the rate of reaction.and its form may either be sug-
gested by theoretical Tonsiderations or simply be the result of an empirical curve-
fitting procedure. In any case the value of the constants of the equation can only
be found by experiment; predictive methods are inadequate at present.

The determination of the rate equation is usually a two-step procedure; first thc
concentration dependency is found at fixed temperature and then the température
dependence of the rate constants is found, yielding the complete rate equation.

Equipment by which empirical information is obtained can be divided into two
types, the batch and flow reactors. The batch reactor is simply a container to hold
the contents while they react. All that has to be determined is the extent of reaction
at various times, and this can be followed in a number of ways, for example:

1. By following the concentration of a given component.

2. By following the change in some physical property of the fluid such as the
electrical conductivity or refractive index.

3. By following the change in total pressure of a constant-volume system.

4. By following the change in volume of a constant-pressure system.

The experimental batch reactor is usually operated isothermally and at constant
voluine because it is easy to interpret the results of such runs. This reactor is a
relatively simple device adaptable to small-scale laboratory setups, and it needs
but Httle auxiliary equipment or instrumentation. Thus it is used whenever possible
for obtaining homogeneous kinetic data. This chapter deals with the batch reactor.

The flow reactor is used primarily in the study of the kinetics of heterogeneous
reac@ions, though in a number of instances it is used to compleménit and offers
advantages over the batch reactor in the study of homogeneous reactions. Reactions
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which are difficult to follow, reactions which yield a variety of ;‘;:ucts, very rapid
reactions, and gas-phase reactions are examples of situations which may be more
casily followed in flow reactors. Planning of expériments and mterpretatxon of data
obtained in flow reactors are considered in later chapters.

There are two procedures for analyzing kinetic data, the integral and the differen-
tial methods. In the integral method of analysis we guess a particular form of rate
equation and, after appropriate integrations and mathematical manipulations,
predict that the plot of a certain concentration function versus time should yield a
straight line. The data are plotted, and if a reasonably good straight line is obtained
then the rate equation is said to satisfactorily fit the data.

In the differential method of analysis we test the fit of the rate expression to the
data directly, and without any integration. However, since the rate expression is a
differential equation, we must first find (1/ V' )(dN/dt) from the data before attempt-
ing the fitting procedure.

There are advantages and disadvantages to each method. The integral method is
easy to use and is recommended when testing specific mechanisms, or relatively
simple rate expressions, or when the data are so scattered that we cannot reliably
find the derivatives needed in the differential method. The differential method is
useful in more complicated situations but requires more accurate or larger amounts
of data. The integral method can only test this or that particular mechanism or rate
form; the differential method can be used to develop or build up a rate equation to
fit the data.

In general, it is suggested that integral analysis be attempted first, and, if not
successful, that the differential method be tried. For complicated cases we may need
to use special experimental methods which give a partial solution of the problem, or
clse flow reactors coupled with differential analysis.

CONSTANT-VOLUME BATCH REACTOR

When we mention the constant-volume batch reactor we are really referring to the
volume of reaction mixture, and not the volume of reactor. Thus this term actually
means a constant-volume, or a constant-density reaction system. Most liquid-phase
reactions as well as all gas-phase reactions occurring in a constant-volume bomb
fall in this class.

In a constant-volume system the measure of reaction rate of component i becomes

1 aN, _ d(N/V) _ dC, s

| =7

V&~ da & - M

[y
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or for ideal gases

TN S S
r= L A o)

~RTd . L
ke

Thus the rate of reaction of any component is given by the rate of change of its
concentration or partial pressure; so no matter how we choose to follow the pro-
gress of the reaction, we must eventually relate this measure to the concentration or
partial pressure if we are to follow the rate of reaction:- - ~

For gas reactions with changing number of moles, a simple way of finding the

reaction rate is to follow the change in total pressure = of the system. Let us see
—
how this can be done.

Analysis of Total Pressure Data Obtained in a Constant-volume System. For iso-
thermal gas reactions where the number of moles of material change during
reaction, let us develop the general expression which relates the changing total
pressure of the system = to the changing concentration or partial pressure of any
of the reaction components, for given initial conditions and any reaction stoichi-
ometry

Write the general stoichiometric equation, and under each term indicate the
number of moles of that component present:

aA + bB +.---=  rR + sS +---
At time O: Nao Ngo Nro Ngo MNaert
At time ¢: Njo — ax  Np, — bx Ngo + rx  Ngo + sx Nigort

Initially the total number of moles present in the system is

No = Nao+ Ngo +-+-+ Nro + Ngo + -+ Ninert

but at time ¢ it is

N=Notx(r+st:—a—b—)=No+xbn
where N”‘Nc = XDy N A- {\,’.ﬂ/\,‘c
A

An=r+s+---—a-b—--.-

. Assuming that the ideal gas law holds, we may write for any reactant, say A, in
the system of volume V
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-

Combining these two expressions we obtain

o Voo a N=Ng

vV An VvV
or e w ¥
a B’ )
Pa = CAR-T = Pao — 1 (r — m) 3)
Equation 3 gives the concentration or partial pressure of reactant A as a function
of the total at time 1, initial partial pressure of A, p,o, and initial total
pressure of the system mg. o ’
Similarly, for any product R we can find
r .
pr = CrRT = pgo + An (r — m) ©)]

Equations 3 and 4 are the desired relationships between total pressure of the
system ard the partial pressure of reacting materials.

It shouln be emphasized that if the precise stoichiometry 1s not known, or if
more than one stoichiometric equation 1s needed to represent the reaction, then
the ““total pressure” procedure cannot be used. -

Integral Method of Analysis of Data
nogra

e
General Procedure. The integral method of analysis always puts a particular
rate equation to the test by integrating and comparing the predicted C versus ¢
curve vith the experimental C versus f data. If the fit 1s unsatisfactory, annther rate
equation is suggested and tested The procedure may be summarized as follows.

1. In a constant-volume system the rate expression for the disappearance of
reactant A will be of the following form:

dc,
—ra= =G = Sk ©) )

. . ‘ . . .
or in the more restricted case in which the concentration-dependent terms may be
separated”Trom the concentration-independent terms, we have

‘

—ra= =% _kpic) ©)

With either form we proceed as follows; however, it is easier to illustrate the
procedure with Eq. 6.
2. Equation 6 is rearranged to give

_dCy

C) =kdt
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From Eq. 7 a
straight line should
- £ °  fitthe data
PR og, 0/0’ \If a curve gives
e & 3 a better fit reject _
. | > 0% Slope = k the rate equation
97 :
O /4
0

t

FIGURE |. Test of a rate equation by the integral
method of analysis.

Now f(C) only involves concentrations of materials, which may be expressed in
terms of C,. Thus Eq. 6 may be integrated either analytically or graphically to give
Ca d(/A
a0 /(Ch)

3. This concentration function is proportional to time, so a plot such as that
of Fig. 1 yields a straight line of slope k for this particular rate equation.

—kf dt = kt @

4. From expertment determine numerical values for the integral of Eq 7, and
plot these at the corresponding times on Fig. 1.

5. See whether these data fall on a reasonably straight line passing through the
ongin. If there is no reason to doubt this, then it may be said that the particular
rate equation being tested satisfactorily fits the data. If the data are better fitted
by a curved line then this rate equation and its mechanism are rejected, and another
rate equation is tried.

The integral method is especially useful for fitting simple reaction types corre-
sponding to elementary reactions. Let us examine a number of these forms.

Irreversible Unimolecular-type First-order Reactions. Consider the reaction

A — products (Ra)
Suppose we wish to test the first-order rate equation of the following type,
p .
dC P
—ra = ——“‘ir—A=kCA (8b)

for this reaction. Separating and integrating we obtain

ch dCa --kf dt

cAo
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or

—-In=% =k 9
NGl =M )

which is the desired result.
Now the fractional conversion X, of a given reactant A is defined as the fraction

of reactant converted into product or

= NAO _ NA

XA NAO

(10)

Fractional conversion (or simply conversion) 1s a convenient variable often used
in place of concentration in engineering work; therefore most of the results which
follow will be presented in terms of both C, and X,

Let us now see how Eq. 9 can be derived using conversions. First of all, for a
constant density system } does not change so

Ca =G = —254 = Caoll ~ Xa) (ane
and
~dCy = CpodX,
and hence Eq. 8 becomes

dx,

7 = k1= Xa)

rearranging and integrating gives

Xa dXA _ t
fo l - }A - kfo dt

or

~In(1 — X,) = kt (12)

which is equivalent to Eq. 9. A plot of In (I — X,) or In(CA/Cyo) Versus ¢, as
shown in Fig. 2, gives a straight line through the origin for an equation ot this type.

* Equation 72 presents a more general relationship between concentration and conversion for
varitble volume (or variable density) systems.
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J 3 i a2 [
s U -
| i
5 ° I 2
> o Eq. 9 or 12 ( o
! Slope = & ’
: ;
1 )
0 >
0 t
s FIGURE2. Testfor thefirst-order

reaction, Eq. 8.

Caution: We should point out that equations such as

dc
4% - kczecy:
are first order but are not amenable to this kind of analysis; hence not all first-order

reactions can be treatcd this way.

Irreversible Bimolecular-type Second-order Reactions. Consider the reaction
A + B — products (13a)

with corresponding rate equation

dC, _ _dGy

—r, = —7 = dr = kCACB (l3b)

Noting that the amounts of A and B which have reacted at any time ¢ are equal and
given by CroXa = Cgo Xy we may write Eq. 13 in terms of X, as

X
~ra = Cao —_dr—A = k(Cpro — CaoXa)(Cro — CaoXya)
Letting M = EPo/.QA.O, bg_t_lﬂili.ﬁ - i taiiu pf reactants, we obtain
dXx
—Fra = CAO—(ITQ = kCao¥(1 — X\ )(M - X,)

which on separation and formal integration becomes

Xa dX,
o (I = Xa)(M - X,)

= C,mkf‘dz
0
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After breakdown into partial fractions, integration, and rearrangement, the final
result in a number of different forms is

)

In 1 — XB =1In M — XA = In CBCAO = In CB
1 — Xa M = X,) CgCa MC,
A
= Cpo(M — Dkt = (Cgo — Cao)kt, M+#1 (14)

Figure 3 shows two equivalent ways of obtaining a linear plot’getween the concen-
tration function and time for this second-order rate law.

If C,,o is much larger than C,,, Cg remains approximately constant at all times,
"“ld//iE 12 approaches Eq. 9 o\ITfor ‘the first-order rcactlon Thus the sccond-
otder reaction becomes a pseudo first-order reaction. Bt
Caution 1: 1n the special case where reactants are intrqduced in the stoichiometric
ratio the integrated rate expression becomes indeterminate and this requires taking
limits of quotients for evaluation. This difficulty is avoided if we go back to the
original differential rate expression and solve it for this partlcular reactant ratio.
Thus for the second-order reaction with equal initial concentrations of A and B.
or for the reaction

2A — products v (15a
the defining-second-order differential equation becomes
—ry = —% = kC,\% = kCpoHl — X,)? (156
d(ﬁ_ =y
(o (3
. 1
n Po
3R
3%
Q0
s . o
= (e]
= Slope = (Cpy = Cag) k ~
pe = (Cpo = Cao "1 >f< Eq. 14
1
Intercept = In —A~ =InM = §' Slope = (Cpo = Cao) &
=
% : = %o :

FIGURE 3. Test for the bimolecular mechanism A + B — R with €, ¢ CgosOF
for the second-order reaction, Eq. 13.
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which on integration yields f-%\ é)é
NI - ::?

Plotting the variables as shown in Fig. 4 provides a test for this rate expression.
In practice we should choose reactant ratios either equal to or widely different

from the stoichiome:ric ratio.

Caution 2: The integrated rate expression depends on thé stoichiometry as well

as the kinetics. To illustrate, if the reaction x

AN 5
A + BB — products S (17a)

K4
is first order with respect to both A and B, hence second order overall, or
dC, 2 ay ~—
== kC,Cs = kCpo*(1 — X)(M —2X,) (17b)

the integrated form is

CoCro _ |, M = 2X,

In Gl ~ M = X

= Cpo(M — 2)kt, M #2 (18)

With a stoichiometric reactant ratio the integrated form is

1 1 1 Xa
______=——.—-——-=2}((’ M=2 l9
Ca T Tml-1Xi (19)
3
Eq 16 <
> .1
g ) Eq 6
- Slope = k E
a1 )
Cao
Slope = Cyok
O0 00
¢ t

FIGURE 4. Test for the bimolecular mechanisms, A + B — R with
Caro = CgoyOF fgr the second-order reaction of Eq. I5.
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These two cautions apply to all reaction types, Thus special forms for the inte-
grated expressions appear when the reactants are used in stoichiometric ratios, or
. .
when the reaction is not elementary.

Irreversible Trimolecular-type Third-order Reactions. For the reaction

A + B + D — products (20a)
et the rate equation be
—ra = -%or _keycacy (208)
or in terms of X,
Cao 252 = ko201 - XA)(C“ X,,)(?’o XA)

Jn separation of variables, breakdown into_partial fractions, and integration, we
»btain after manipulation
1 l CAQ 1 In CBO
C - CBO)(CAO - CDO) (CBO - CDO)(CBO - CAO)
1 Cho
+ In —=— = kt 21
oo = Crl(Coo = Co) " T @n

Now if Cpe is much larger than both C,, and Cg,, the reaction becomes second
>rder and Eq. 21 reduces to Eq. 14.
All trimolecular reactions found so far are of the form of Eq. 22 or 25. Thus

dc,

A +2B—R with —r, = - = kC,Cg? (22)
[n terms of conversions the rate of reaction becomes
dX,
St = KCpg(l = X,)(M - 2X,)°

where M = Cpgo/Cao- On integration this gives

(2Ca0 — CroX(Cro — Cs) CaoCs _ 2
CaiC + In CaCon = (2Cro — Cgo)kt, M#2 (23)
or
! L8k, M2 4)
CA CAO
Similarly, for the reaction
. dac
AHB—>R  with —r, = == = kC,Cy? (25)
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integration gives

(Cao — Cuo)(Cpo — C») C“C, _ .
CsoCs +In G = (Cho ~ Coo'kt, M #1260
or . '
R U -
Ca2 Cyo? ’ = .

Empirical Rate Equations of nth Order. When the mechanism of reaction
is not known, we often attempt to fit the data with an nth-order rate equation
of the form

dc,

—Fp = “"T = kCA (28)

which on separation and integration yields

Ci*-Ci*=(—Dkt,, n#l @9

The order n cannot he found explicitly from Eq. 29, so a trial-and-error solution
must be made. This is not too difficult, however; we select a value for n and calculate
k. The value of n which minimizes the variation ifi kK is the desired value of n.
One curious feature of this rate form is that reacticns with order # >"Tcan never
go to completion in finite time. On the other hand, for orders n < 1 this rate form
predicts that the reactant concentration will fall to zero and thcn become negatlve

at some finite time, found fromEq. 29as T
\f‘—m

(9
(l—n)k

Since the real concentration cannot fall below zero we should not carry out the
integration beyond this time for n < 1. Also, as a consequence of this feature, in
real systems the observed fractional order will shift upward to unity as a rcactant
is depleted.

Zero-order Reactions. A reaction is of zero order when the rate of reaction
is independent of the concentration of materials; thus

dc
—rym—Th = Gy
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Integrating and noting that C, can never become negative we obtain directly
]

Cao — Ca = CaoXa =kt fort < Sa

\ % (3n

which means that the conversion is proportional to time, as shown in Fig. 5.
As a rule reactions are of zero order only in certain concentration ranges—the

higher N -f the concentration is lowered far enough we usually. find
thar* the | reaction _becomes concentratlon-dcpendcm in »Vh:d\ case the order nses
from zéfo.” T - T
ke
Caro
//
///
L :g—"o""u'
Ca Slope = o !
XA :
1
[}
o, 1
Eq. 31 ;
H \
K Crolk

FIGURE 5. Test for a zero-order reaction, or rate equation, Eq. 30.

In general, zero-order reactions are those whose rates are determined by some
factor other than the concentration of the reacting materials, e.g., the intensity of
radiation within the vat for photochemical reactions, or the surface available in
certain solid catalyzed gas reactions. It is important, then, to define the rate of zero
order reactions so that this factor is included and properly accounted for. Consider
the following illustrations.

In the photochemical reactor completely bathed by radiation the intensity of
radiation within a volumetric element of fluid governs the rate, a% the

volume id doubles the number of moles reacted per unit time
proper definition of reaction rate for this situation is

1 dN, . . .
~vohume of fiwid @& — f(intensity of radiation)

which is Eq. 30, or the definition of Eq. 1.3. '



CONSTANT-VOLUME REACTOR, INTEGRAL ANALYSIS 53

On the other hand, in a solid catalyzed reaction the number of moles reacted per
unit time is independent of the volume of fluid but is directly proportional to the
surface of solid exposed. Thus the rate of reaction should be based on unit surface
available, or

1 N,
surface available dr o
A knowledge of the physical situation will tell which rate form from among Egs.
13,14,1.5, or 1.6 should be used to describe the rate. If Eq. 1.3 is used this leads
to Eq. 30 giving a homogeneous zero-order reacting system. If some other definition

of rate 1s the proper one to use then we have a heterogeneous zero-order system.
These two systems should not be confused.

Over-all Order of Irreversible Reactions from the Half-life ,,,. Sometimes
for the irreversible reaction

«A + BB + ... — products
we may write

“’A = —T = kCAaCB ce

If the reactants are present in their stoichiometric ratios, they will remain at that
ratio throughout the reaction. Thus for reactants A and B at any time Cy/C, = B/a,
and we may write

dc b b
—r, = —E'i = kCA“(g CA) e = k(’:)‘ r_ C o+t ..

or

dCh i
o oA (32)

integrating for n # 1 gives
Ci" = Cis* = k(n - Dy

Defining the half-life of the reaction, h,,, as the time needed for the concentration
of reactants to drop to one-half the original value, we obtain

2»-t— ] o
tl/ﬂ - k (n ) (33)
This expression shows that a plot of log ¢,,, versus log C., gives a straight line of
slope | — n as shown in Fig. 6. — S

A
T'he half-life method requires making a series of runs, each at a dr%nt initial
concentration, and shows that the fractional conversion in a given tii . rises with
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Eq. 33
& \4&* S slope=1-n

{

/+ Order <1

> Order > 1
A i Orderal

log Cao

FIGURE 6. Over-all order of reaction
from a series of half-life experiments, each
at a different initial concentration of
reactant.

increased concentration for orders greater than one, drops with increased concen-
tration for orders less than one, and is independent of imitial concentration for
reactions of first order.

Numerous variations of this precedure are possible. For instance, by having all
but one component, say A, in large excess, we can find the order with respect to
that one component. For this situation the general expression reduces to

dCy _ pun s
@ ~KC

where
k" = k(Cge®--+) and Cg = Cgo
This method can be extended to any fractional life data t,,,, but cannot be used for

reactions in which it is impossible to maintain stoichiometric ratios, such as auto-
catalytic reactions.

Irreversible Reactions in Parallel. Consider the simplest case, A decomposing
by two competing paths, both elementary reactions:

A-SLR

ks

A—S
The rates of change of the three components are given by

—ry = ——ﬁ =k CA + kgCA = (kl + kﬁ)CA (34)

g = =2 = 1Ca (35)

re = %2 Ky, (6)
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t -
Eq. 37

| %

[y o, &, _,', )
‘.ip Cr ‘“R N §
; .

0,
o
Slope = ky + kg Craf~————
% %

¢

FIGURE 7. Evaluation of the rate constants for two competing element-

R
ary first-order reactions of the type A<S. .

This is the first time we have encountered multiple reactions. For these in general,
if it is necessary to write N stoichiometric equations to describe what is happening,
then it is necessary to follow the composition of N reaction components to describe
the kinetics. Thus in this system following C,, Cs, of Cg alone will not give both
k, and k,. At least two components must be followed. Then from the stoichiometry,
noting that C, + Cr + Cg is constant, we can find the concentration of the third.
component.

The k values are found using all three differential rate equations. First of all,
Eq. 34, which is of simple first order, is integrated to give

—In 'C‘QA— = (ky + k)t < e 37
A0

When plotted as in Fig. 7, the slope is k; + k3. Then dividing Eq. 35 by Eq. 36
we obtain

which when integrated gives simply

Cr—Cao_ ks
Co—Cao K 38)

This result is shown in Fig. 7. Thus the slope of a plot of Cyp versus Cg gives the
ratio k,/k,. Knowing k,/k, as well as k, + k, gives k, and k,. Typical concentra-
tion-time curves of the three components in a batch reactor for the case where
Cpo = Cgo = 0 and k, > k, are shown in Fig. 8.

Reactions in parallel are considered in more detail in Chapter 7.
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A R
Cro A <
8
Cr
c
Cs
Ca
0 >
0 t

FIGURE 8. Typical concentration-time
curves for competing reactions.

Homogeneous Catalyzed Reactions. Suppose the reaction rate for a homo-
geneous catalyzed system is the sum of rates of both the uncatalyzed and catalyzed
reactions,

AR
A+C2R+C

with corresponding reaction rates |
dC,\ _
- (), = 1aCs

dC
- (—aTtA)g = kaCaCo
This means that the reaction would proceed even without a catalyst present and
that the rate of catalyzed reaction is directly proportional to the catalyst concen-
tration. The over-all rate of disappearance of reactant A is then

dc
"2?A = kch + szACc = (kx + kaco)cA (39)
On integration, noting that the catalyst concentration remains unchanged, we have
~In G = —in (1 = X,) = (ks + KaColt = Kopsurve (40)
AO

Making a series of runs with varying catalyst concentration allows us to find k,
and k,. This is done by plotting the observed k value against the catalyst concen-
tration as shown in Fig. 9. The slope of such a plot is k3 and the intercept k.

Autecatalytic Reactions. A reaction in which ope of the products of reaction acts

as a catalyst is called an autocatalytic reaction. The simplest such reaction is
A+R—>R+R ‘ (dla)
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Robserved ™ k1 + szc, from Eq. 40

0 Cc i

FIGURE 9. Rate constants for a homo-
geneous catalyzed reaction from a series of
runs with different catalyst concentrations.

for which the rate equation is
=% ke @15)
t
Because the total number of moles of A and R remain unchanged as A is consumed
we may write at any time -
Co = CA + CR = CAQ + Cg,o = constant
Thus the rate equation becomes

dC
—ra = =72 =kCx(Co - Cy)

Rearranging and breaking into partial fractions, we obtain

o .dCa 1 (dC, . dC, \ _
Tl rate) - ke
which on integration gives
1n $20(Co = C) _ 1, GalCro _ cpr = (Cro + Crodkt 42)

CA(Co — Cao) ~ " CalCho

In terms of the initial reactant ratio M = Cgo/C., and fractional conversion of A
this can be written as

M+ X,

In =%

= Cpo(M + 1)kt = (Cpo + Cro)kt 43)
In an autocatalytic reaction some product R must be present if the reaction is to
proceed at all. Starting with a very small concentration of R, we see qualitatively
that the rate will rise as R is formed. At the other extreme, when A is just about
used up the rate must drop to zero. This result is given in Fig. 10, which shows that
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PR\t ing,

K -~ Ly
. ) ‘,/ e
o Low rate Start with
- some R
present
X, -Ta
High rate
| 1
/ i i
. Low rate | i
- 1
00 00 CA = Cg 1

¢
Ca/Cao

FIGURE 10. Conversion-time and rate-concentration curves for auto-
catalytic reaction of Eq. 41. This shape is typical for this type of reaction.

the rate follows a parabola, with a maximum where the concentrations of A and R
are equal.

To test for an autocatalytic reaction, plot the time and concentration coordinates
of Eq. 42 or 43 as shown in Fig. 11 and see whether a straight line passing through
zero is obtained.

Autocatalytic reactions are considered in more detail in Chapter 6.

Irreversible Reactions in Series. We first consider consecutive unimoecular-
type first-order reactions such as

AXL RS

whose rate equations for the three components are

dcC

= _dt_e = —k,Ca (44)
dcC,

rg = 7'& = k;Cp — k3Cr 45)
dcC,

rg = 71? = kyCx (46)

Let us start with a concentration C,, of A, no R or S present, and see how the
concentrations of the components change with time. By mtegratlon of Eq. 44 we
find the concentration of A to be

—]n-g— =kt or Ch= Cpe kit N CY))
A0
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¢

FIGURE Il. Test for the auto-
catalytic reaction of Eq. 41.

To find the variation in concentration of R, substitute the concentration of A from
Eq. 47 into the differential equation governing the rate of change of R, Eq. 45; thus

dCy

ar + koCr = k,Croe kit (48)
which is a first-order linear diTerential equation of the form ‘FiwA (g we k.
dy — ‘ C‘ ‘L‘w( .
nxtTr=20
By multiplying through with the integrating factor e/ ? ¢* the solution is t
¢ Tlac(F
yel Pdx — [ QelPéx dx + constant Byeer e X,

Applying this general procedure to the integration of Eq. 48, we find that the
integrating facto. is e*s'. The constant of integration is found to be —k,C,/(k; — k,)
from the initial condition Cgo = 0 at ¢t = 0, and the final exp}ession for the
changing concentration of R is

ekt e—kat
Ce = ook = + =)

Noting that there is no change in total number of moles, the stoichiometry relates
the eoncentrations of reacting components by

CA0=CA+CR+C5
which with Eqs. 47 and 48 gives

7 49)

—_ __k_ﬁ____ -k, t kl -kl)
CS_C‘°(l+k1—k,e ey i 2 (50)

Thus we have found how the concentrations of components A, R, and S vary
with time.
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Now if k, is much larger than k,, Eq. 50 reduces to
. Cs = Cpo(l — e~ka¥)

In other words, the rate is determined by k, or the first step of the two-step reaction.
If k, is much larger than kg, then

Cs = Cao(l — e7"4")

which is a first-order reaction governed by kj, the slower step in the two-step reac-
tion. Thus for reactions in series it is the slowest step that has the greatest influence
on the over-all reaction rate.

As may be expected, the values of k; and k; also govern the docation and maxi-
mum concentration of R. This may be found by differentiating Eq. 49 and setting
dCyr/dt = 0. The time at which the maximum concentration of R occurs is thus

L _ InGkalky)

klol mean k2 - kl

(51

tEIIX

The maximum concentration of R is found by combining Eqs. 49 and 51 to give

Cg.max (kl)ugmc,—u,)

SEmer (T2 2
CAO ki (5 )

Figurt 12 shows the general characteristics of the concentration-time curves for
the three components; A decreases exponentially, R rises to a maximum and then
falls, and S rises continuously, the greatest rate of increase of S occurring where R
is 8 maximum. )

Cro 1 A—>R—>S

Eq. 47

Eq. 50 Cq

FIGURE 12. Typical concentration-time curves
for consecutive first-order reactions.



CONSTANT-VOLUME REACTOR, INTEGRAL ANALYSIS 6l

Chapter 7 discusses series reactions in more detail. Specifically, Fig. 7.7 shows
how the location and value of Cy_ .y are related to the k,/k, ratio. These may be
used to find k, and k,.

The following suggestions will help in exploring the kinetics of reactions in series
for which the orders of the individual steps are unknown.

1. First determine whether the reactions can be treated as irreversible by seeing
whether any reactants or intermediates are still present in the mixture after a long
time.

2. Then, if the reactions are irreversible, examine the concentration-time curve
for the reactants. This will give the reaction order and rate constant for the first
step. ’

3. Find how the maximum concentration of intermediate varies as the reactant
concentration is changed. For example, if the first step is of first order and
Cr.max/Cao is independent of C,,, the second step of the series is first order as well.
If, however, Cg max/Cao drops as C,, rises, the disappearance of R becomes more
rapid than its formation. Therefore the disappearance, or second step, is more
concentration-sensitive and consequently is of higher order than the first step.

Similarly, if Cg, max/Cao rises as Cy, rises, the second step is of lower order than the
first step.

For reversible reactions of order other than one the analysis becomes more
difficult.

For a longer chain of reactions, say
A->R->S->T->U

the treatment is similar, though more cumbersome than the two-step reaction just
considered. Figure 13 illustrates typical concentration-time curves for this situation.

> o

FIGURE 13. Concentration-time curves for a
chain of successive first-order reactions.
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Again, as with reactions in parallel, flow reactors may be more useful than batch
reactors in the study of these multiple reactions. .

First-srder Reversible Reactions. Though no reactien ever goes to comple-
tion, we can consider many reactions to be essentially irreversible because of the
large value of the equilibrium constant. These are the situations we have examined
up to this point. Let us now consider reactions for which complete conversion
cannot be assumed. The simplest case is the opposed unimolecular-type reaction

A :2 R, K. = K = equilibrium constant * (53a)
Starting with a concentration ratio M = Cjo/C,, the rate equation is
' ’ CastR
dC, dcC, dX,
_Ziza_.d.« Cio d‘zkch—kQC'g e \_\-\LP\X

= Ky(Cao — CaoXa) — ks(CaoM + CaoXy) (53b)

Now at equilibrium dC,/dr = 0. Hence from Eq. 53 we find the fractional conver-
sion of A at equilibrium conditions to be '

Cruy M+ Xy Lgcmw

ke = Ca.” 11X, - N

and the equilibrium constant to be

Combining the above three equations we obtain, in terms of the equilibrium con-
version,

dX, k(M +1)

df = M + XA. (XAC - XA)
With. conversions measured in terms of X,,, this may be looked on as a pseudo
first-order irreversible reaction which on integration gives

—ln( X‘)~-1nc*‘c“— Mt 1 g (54

—7:: AO—'CAe_M+XAl

A plot of —In (1 — X./X,,) versus ¢ as shown in Fig. 14 gives a straight line.
The similarity between equations for the first-order irreversible and reversible

reactions can be seen by comparing Eq. 12 with Eq. 54 or by comparing Fig. 2 with

Fig. 14. The reversible reaction may be considered to be irreversible if the concen-
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A

Ca=Che
Cao=C,

o=

XA
Xne

(-

3
M+1 -
Stope = k1 X

~In
o

o

0
t
FIGURE 4. Test for the unimo-

lecular type reversible reactions of
Eq. 53.

tration is measured by C, — C,,, or the concentration in excess of the equilibrium
value. The conversion js then measured as the fraction of the maximum attainable
or equilibrium conversion. On the other hand, we see that the irreversible reaction
is simply the special case of the reversible reaction in which C,, = 0, or X, = 1,
or Ko = co.

Second-order Reversible Reactions. For the bimolecular-type second-order re-

actions -

A+B ::: R+S (550)
2A :2 R+S (55b)
2A é: 2R (55¢)

A+B <_:—_+ 2R (55d)

with the restrictions that C,o = Cpo and Cyo = Cgo = 0, the integrated rate
equations are all identical, as follows

In Xae _XS‘ZX:‘-“);;\ DXa _ 2k1(i,lr - l)CAat (56)

A plot as shown in Fig. 15 can then be used to test the adequacy of these kinetics.

Reversible Reactions in General. For orders other than one and two inte-
gration of the rate equation is difficult. So if Eq. 54 656 is not able to fit the data
then the search for an adequate rate equation is best done by the differential
method.
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Eq. 56

X, A)

=@Xa.= D).
Xae= Xp

Slope = 2k, (Y:T. ~1)Ca

In ("*'
)

0
0

t

FIGURE I5. Test for the reversible bi-
molecular reactions of Eq. 55.

»
Reactions of Shifting Order. In searching for a kinetic equation it may be
found that the data are well fitted by one reaction order at high concentrations, but
by another order at low concentrations. Let us present some forms of rate equations
which are able to fit this type of data.

Shift from Low to High Order as the Reactant Concentration Drops. Consider the
reaction
dC, k,Cy

A—->R with —I’A=——2;— = l—+~m (€Y

From this rate equation we see:

At high C, .. .
(or koCy > 1) the reaction is of zero order with rate constant k,/k,

(o:};clz,w <C<“l)—thc reaction is of first order with rate constant k,
a“aA

This bebavior is shown in Fig. 16.

/ Zero orde
Shift at C, "1 /ky

First order: slope = &

t . CA
FIGURE 16. Behavior of a reaction which follows Eq. 57.
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To apply the integral method, separate variables and integrate Eq. 57. This gives

In %A_O_ + kg(cAo - CA) = klt (58“)
A
or
In (Cpo/Ca) kit
— M =k — 58b
Co-Cr = 2t —Ca (585)

A test of this rate form is then shown in Fig. 17.
By similar reasoning to the above we can show that the general rate form

dCy __kiCy"
dt 1+ kGt

—ry = — (&)
shifts from order m — n at high concentration to order m at low concentration, the
transition taking place where k,C," =~ 1. This type of equation can then be used
to fit data of any two orders. Another form which can account for this shift is
_dC,  kC\
=@ T T kG o)
Mechanism studies may suggest which form to use.
The rate form of Eq. 57 and some of its generalizations are used to represent
a number of widely different kinds of reactions. For example, in homogeneous
systems this form is used for enzyme-catalyzed reactions where it is suggested by
mechanistic studies (see the Michaelis-Menten mechanism in Chapter 2 and in
Problem 2.17). It is also used to represent the kinetics of surface-catalyzed reactions.

In(Cao/Cy)
Cro—Ca

0

£« Intercept = —ky

FIGURE 17. Test of the rate equation, Eq. 57, by \
integral analysis.
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In mechanistic studies this form of equation appears whenever the rate-control-
ling step of a reaction is viewed to involve the association of reactant with some
quantity which is present in limited but fixed amounts, for example, the association
of reactant with enzyme to form a complex, or the association of gaseous reactant
y’th an active site on the catalyst surface.

'Shift from High to Low Order as the Concentration Drops. This behavior can be
accounted for by considering two competing reaction paths which are of different
orders. As an example consider the zero- and first-order decompositions

A—-R (61a)
Path 1: (—r), = —(ﬁ‘!‘-ic;é)1 -k
Path2: (—ry),; = —("d—‘“:")z = kiCa
The overall disappearance of A is the sum of the individual rates, or
(= 7a)overen = —(-‘%Ct—*)”m =k + kaCa (616)

At low concentrations the lJower order term dominates the rate, the opposite is true
at high concentrations; hence the reaction approaches zero-order kinetics at low
concentrations and first-order at high concentrations. This behavior is shown in
Fig. 18.

The easiest way of testing this form of rate equation is to fit by the integral
method for first- and then zero-orders so as to obtain the rate constants k, and k.
Then the complete equation is verified by testing graphically the integrated form of
Eq. 615, which is

ky + kaCAo) _
—In (———-—k1 ) =kt (62)

This type of analysis can readily be extended to other reaction orders.

Approaches first-order Approaches first-order
behavior
Over-all
rate
Ca Eq. 62
Approaches zero-order
behavior ky
t Ca

FIGURE 18. Behavior of a reacting system which follows Eq. 61.
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Differential Method of Analysis of Data

The differential method of analysis deals directly with the differential rate equation
to be tested, evaluating all terms in the equation including the derivative dC/dt,
and testing the goodness of fit of the equation with experiment

We may plan the experimental program to test the complete rate equation 1n
question, or to test and fit separately the various parts of the rate equation which
are then combined to give the completé rate equation. These two procedures are
outlined 1n turn.

Analysis of the Complete Rate Equation. The analysis of the complete rate
equation by the differential method may be summarized as follows.

1. Hypothesize a mechanism and from it obtain a rate equation. As with the
integral analysis, 1t will be of the form

dCA
—ra =% _ i, ) ®)
or
=% _iy(0) ®)

- -

Ifitis of the latter form, proceed with step 2 if the former, see the remarks following:
step 6.

2 From experiment obtain concentration-time data and plot them.

3 Draw a smooth curve through these data.

4. Determine the slope of this curve at suitably selected concentration values
These slopes, dC,/dr are the rates of reaction at these compositions.

5. Evaluate f(C) for each composition.

6 Plot —(dC,/dt) versus f(C) If we obtain a straight line through the origin
the rate equation is consistent with the data; if not then another equation should be
tested. Figure 19 illustrates the procedure.

Carefully fit a smooth + From one fitted curve
o
~"" curve to the data © From a second curve
-
Ca
CAl r
.
; #C)

FIGURE 19. Procedure for testing a rate equation of the type —r, = kf(C) by
the differential method of analysis.
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The crucial operations in this procedure are steps 3 and 4. Even a slight uncer-
tainty in the slope of the fitted curve will result in a large uncertainty in evaluated
slopes. It is therefore recommended that the C, versus ¢ data be plotted on a large
piece of paper, that smooth curves be carefully fitted freehand to the data, inde-
pendently by a number of people, and the resultant slopes be averaged.

If the rate equation to be tested or fitted 1s of the form of Eq. S then the analysis
usually becomes much more involved, requiring either a trial-and-error adjustment
of the constants or a nonlinear least-squares analysis. In such cases it 1s usually
preferable to turn to the partial analysis of the rate equation, outlined in the
following section.

With certain simpler rate equations, however, mathematical manipulation may
be able to yield an expression suitable for graphical testing. As an example, consider
the rate equation
dCy,  k,C,
At T 1 + kyCa
which has already been treated by the integral method of analysis. By the differen-
tial method we can obtain —r, versus C, by steps | to 4, above ; however, we cannot
proceed to steps S and 6. So, as suggested, let us manipulate Eq. 57 to obtain a more
usgfu! égpression. Thus, taking reciprocals we obtain

| k2
(—ra) kch kl
and a plot of 1/(—r,) versus 1/C, 1s linear, as shown in Fig. 20.

Alternatively, a different manipulation (multiply Eq. 63 by k,(—ra)/ks) yields

another form, also suitable for testing, thus

=[] )

A plot of —r, versus (—r,)/Cy 1s linear, as shown in Fig. 20.

(57)

—ry = —

(63)

ky
h1 ‘1

FIGURE 20. Two ways of testing the rate equation —r, = k,C,/(l + k3C,)
by differential analysis.
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\henever a rate equation can be manipulated to give a linear plot this becomes
a simple way for testing the equation.

Fartial Analysis of the Rate Equation. We can avoid the difficulties in testing
a complete rate equation of the form of Eq. S by planning an experimental program
so as to find various parts of the rate equation with different experiments. When we
have no particular rate equation in mind, the partial solution approach is especially
appealing.

As an illustration consider the reaction

AR +S

which 1s not elementary. Suppose, on starting with either A or R and S, that we
end up with a mixture of all three components. We may expect that one of the
number of rate equations such as

dcC,

— % = kiCa® ~ kaCo'Cy! (65a)

or

_dCy _ kiCn — kyCr2Cy
dt 1 + k3Cy
will fit the data. How do we check this?
We could use the method of isolation in which we make kinetic runs in the
absence of certain reaction components. Thus, starting with only reactant A,

ending the run before the concentrations of R and S become appreciable, the above
rate equations reduce to

~

dc
T =Rl (655)
and
dcC ,
—717'3 = kiCy (66b)

which are much easier to fit than the completc rate equation. Similarly, starting
with pure R and S and ending before the concentration of A becomes appreciable,
we have to deal only with

c,
dt

I

k,Cr'Cs* (65¢)

and

dC, _ Kk3Ce?Cs
dt "1+ kiCe

-

(66¢)
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A somewhat similar procedure is the method of initial rates. Here a series of C,
versus ! runs is made for different feed compositions, and each run is extrapolated
back to the initial conditions to find the initial rate of reaction.

As an example, to test Eq. 65b, different C,, are used, and the procedure is
illustrated in Fig 21.

Sometime- the reaction order obtained by a time run differs from that found by
mitial rates. This is a sure indication of complex kinetics where products influence
the rate in such a way that the net effect is an observed order for the time run
which differs from the true order. As an insurance against an incorrect interpreta-
tion of kinetic data it 1s recommended that both concentration-time and initial rate
data be taken and the orders compared.

Another technique, the method of least squares, is especially useful for fitting
equations of the type

dC, ar b
. N - = kC\°Cygb- - - 67
where k, a, b. .. are to be determined. The technique is described as follows. Take

logarithms of Eq 67. Thus

- ac
‘Og ( - d—tA)

which 1s of the form

I

logk + alogCy + blogCg + - --

]

Yy = Qo + a;x; + azxx; +---

This may be solved [see Levenspiel er al. (1956)] to yield the values of best fit for
a. =logk,a, =a,a;, = b, etc.

Cao,1 4

Slope gives reaction order

/ From run 1

log (=rxo)
Run 1 From run 2
T~ Run 2
From run 3
~Tao,3 Run 3
t log Cyq

FIGURE 21. Method of initial rates used to test an nth-order rate equation.
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Alternatively, using the method of excess, we may find the orders a, b, ... one
at a time in separate experiments by keeping in great excess all components other
than the one to be examined. For example, if all but A are in great excess, their
concentrations will be unchanged. Thus Eq. 67 reduces to

~Lor - k(Cort - ICs®

which may be solved simply by plotting — (dC,/dt) versus C, on log-log paper.

With any given problem we must use good judgment in planning an experimental
program. Usually the clues and partial information obtained 1n any set of runs will
guide and suggest the line of further experimentation. Needless to say, after the
various parts of the rate equation are found, the resulting complete equation
should be checked to see whether all interactions have been accounted for by
making an integral kinetic run in which all materials are present and are made to
vary over wide concentration ranges. Finally, the rate equation should be of a
form, and its constants related 1n such a way, so that the rate approaches zgro as
the composition approaches equilibrium.

VARIABLE-VOLUME BATCH REACTOR

The general form for the rate of change of component ¢ in 2ither the constant or
variable-volume system 1s

1 dN, 1d(CV) _1VdC +Cav

ro== —

Vd  V dt 12 dt
or
_dC,  C/dV

Hence two terms must be evaluated from experiment to finrd r,. Luckily, for the
constant-volume system the second term drops out, leaving the simple expression

r= ar Q)

In the variable-volume reactor we can avoid the cumbersome two-term expression’
of Eq. 68 if we use fractional conversion rather than concentration as the primary
variable. This simplification 1s effected if we make the restriction that the volume
of reacting system varies linearly with conversion, or

V= "Vol + eaXy) (69)



72 Ch.3 INTERPRETATION OF BATCH REACTOR DATA

wheic e, is the fractional change in volume of the system between no conversion
and complete conversion of reactant A. Thus

e = Vi1 — Vxp=0 (70)

* Vx4=o

As an example of the use of ¢, consider the isothermal gas-phase reaction
&
A —4R

By starting with pure reactant A,

4 -1

Ep T ——1——— == 3
but with 509, inerts present at the start, two volumes of reactant mixture yield, on
complete conversion, five volumes of product mixture. In this case

en=2"2_15

2

We see, then, that e, accounts for both the reaction stoichtometry and the presence
of inerts. Noting that

NA = NAO(I - XA) (7])

we have, on combining with Eq. 69,

Co=Na_ Naol = X)) _ n 1= Xu
A 4 Vo(l + eaXy) T+ ek
Thus
Ca 1 - Xa 1 — Cu/Cao

Sa 17 A = 2 = Cabao 72
Cao 1+ exXa or X 1 + £,Ca/Cao 72)

which is the relationship between conversion and concentration for variable-volume
(or variable-density) systems satisfying the hinearity assumption of Eq. 69. With
these relationships Eq. 68, written for reactant A, becomes

1 dN, _ 1 Naod(l — X,)

-, = —=

Vdt = " Vo + eaXa) dr
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or

(73)

which certainly is easier to handle than Eq. 68. Note that when we have a constant-
density system ¢, equals zero and Eq. 73 reduces to Eq. 1.

The development to follow is based on'the assumption made™in Eq. 69 that the
volume change of the system varies linearly with conversion. This is a reasonable
restrictive assumption which holds for all practical purposes for reactions rep-
resented by a single stoichiometric expression operated either isothermally at
constant pressure, or sometimes adiabatically at constant pressure. When this
assumption does not hold then the actual relationship between ¥V and X,, or p and
X,, must be used in Eq. 73 and must be used to relate C, to X, in Eq. 72. However,
analysis becomes more difficult and these conditions are avoided whenever possible
in studying the kinetics of reactions.

Differential Method of Analysis

The procedure for differential analysis of isothermal variable-volume data is the
same as for the constant-volume situation except that we replace
dCA b d_Cé dlnV - CAO ﬁ.

= Y 4 +CA——(§—~ or preferably by TT eal . dr

Integral Method of Analysis

Integral analysis of data requires integration of the rate expression to be tested.
The resulting C function versus ¢ is then compared with experiment. Thus for
reactant A

1 dN, Cao  dXa

Integrating formally we obtain

N dx, N
Crol, Tx k= ="

which is the expression for batch reactors in which the volume is a linear function
of the conversion of material. We now consider rate forms which can be integrated
simply. These are few in number when compared to those for the constant-volume
reactor.

(74)
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Since the progress of the reaction is directly related to the volume change by Eq.
69 the integrated forms will be presented in terms of the volume change of the
system, when convenient.

Zero-order Reactions. For a homogeneous zero-order reaction the rate of
change of any reactant A is independent of the concentration of materials, or

TSIV @ T T h ek di, ok (75)
With Eqgs. 74 ahd 69 we obtain on integration ) N 7
¥ _dXy _ Cao Caopy ¥ _ \
CAofo I+ CAXA = ea In (l + EAXA) o anO = k' (76)

As shown in Fig. 22, the logarithm of the fractional chamgé in/\_'ol‘ume versus time
yields a straight line of slope ke /Cao.

First-order Reactions. For a unimolecular-type first-order reaction the rate of
change of reactant A is
—— =kC, ()

This equation is transformed into conversion units by combining 1t with Egs. 72
and 73. Thus

Cao dXy _ kCpo(l — Xy)

—rp = e —= = 78
A I + e X4 dt 1 + e X, ()
kep

lepe:—EA—n
= Eq 76
T< for £,>0
: 0,
< 04\‘#( LI >t
._.: +\*\/Slcpe= 2
3

B \++~++
A Eq 76/+\

for ¢,<0 + t

FIGURE 22. Test for a homogeneous
zero-order reaction, Eq. 75, in a constant-
pressure, variable-volume reactor.
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Separating and integrating, we obtain, with Eq. 69,

J'n dx,
o T= Xa

=—In(l - X)) = —In (1 —:—Z =kt 19

A semilogarithmic plot of Eq. 79 as shown in Fig. 23 yields a straight line of slope k.

Comparing this result with that for constant-volume systems, we see that the
fractional conversion at any time is the same in both cases; however, the concentra-
tion of materials is not the same.

Second-order Reactions. For a bimolecular-type second-order reaction,
2A — products
or
A + B — products, Cro = Cpgo

the rate of reaction of A is given by

—ra = kC,? (80)
With Eqgs. 72 and 73 this becomes, in terms of conversion,
_ Cao dX, _ o 1— Xa\2
IS TF X, di - KCao (1 ¥ eaX @D
Separating variables, breaking into partial fractions, and integrating, we obtain
Il 4+ eaXa _ (L + e)Xa _
J'o Ty =42 4 o - X) = kCot (8
~
)
1
: (o]
£ o
i
s
-~ Eq. 79
A= Slope = k
)
-’
8
"o
o t

FIGURE 23. Test for a first-
order reaction, Eq. 77, in a con-
stant-pressure, variable-volume
reactor.
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Eq. 82

+£,In(1-X,)

Slope = kCao

L+ 2,)X,
T=X,

Y

0
t

FIGURE 24. Test for the second-order
reaction, Eq. 80, in a constant-pressure,
variable-volume reactor.

With Eq. 69 this can be transformed into a V versus ¢ relationship. Figure 24 shows
how to test for these kinetics.

nth-order and Other Reactions. For an nth-order reaction of the type

S . o 1= Xa \
—rFp = kCA = kCAo (T—m) (83)
Eq. 74 becomes
Il + e X\ ) !  me1ps
fo —_(l‘-—:—k,:)"_- dXA = CAO kl (84)

which does not yield simply to integration. For these reactions we must integrate
Eq. 74 graphically, using the guessed rate expression, and then test whether the
integral increases proportionally with time of reaction.

TEMPERATURE AND REACTION RATE

So far we have examined the effect of concentration of reactants and products on
the rate of reaction, all at a given temperature level. To obtain the complete rate
equation, we also need to know the role of temperature on reaction rate. Now 1n a
typical rate equation we have

1 dN
—ra= -5 rc)
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and it is the reaction rate constant, the concentration-independent term, which is
affected by the temperature, whereas the concentration-dependent terms f(C)
usually remain unchanged at different temperatures.

For elementary reactions, theory predicts that the rate constant should be
temperature-dependent in the following manner:

1. From Arrhenius’ law,
k oC e-l’IBT
2. From collision or transition-state theory,
k oc Tme~BIRT

In Chapter 2 we showed that the latter expression very often reduces to the
former because the exponential term is so temperature-sensitive that any variation
caused by the T™ term is completely masked.

Even for nonelementary reactions where the rate constants may be products of
k values for the elementary reactions, these composite rate constants have been
found to vary as e~ 5/AT,

Thus, after finding the concentration dependency of the reaction rate, we can
then examine for the variation of the rate constant with temperature by an Arrhen-
ius-type relationship

k = koe~E/RT 85)

This is conveniently determined by plotting In k versus 1/F, as shown in Fig. 25.
Finally, as mentioned in Chapter 2, a shift in E with temperature reflects a change

in controlling mechanism of reaction. Since this is likely to be accompanied by a

change in concentration dependency this possibility should also be examined.

In k

Y

T

FIGURE 25. Temperature de-
pendency of a reaction according
to Arrhenius’ law.
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EXAMPLE |. Kinetics from a batch reactor
Bodenstein and Lind (1906) studied the reaction
H; + Brg = 2HBr

and found on the basis of a careful analysis of good experimental data that the kinetics
was well represented by the expression

d(Ha] _ _ki[HJ][Br,}''?
dt ka + [HBr)/[Br;])

—ry, = — (86)
suggesting a nonelementary reaction. Interestingly enough, this result was explained
independently and almost simultaneously about 13 years later by Christiansen (1919),
Herzfeld (1919), and Polanyi (1920) in terms of a chain reaction mechanism.

Using some of the data of Bodenstein and Lind, let us illustrate the variety of methods
which may be used to explore the kinetics of a reaction.
Dara. Choose eight time-concentration runs, four of which use equal concentrations
of Hj and Br,. At the start of all runs no HBF is present. Columns 1 and 2 of Table 1
show the data of one of the four runs which use equal concentrations of H; and Br,.
Table 2 shows initial rate data for these eight runs. This information will be used later.
Search for a Simple Rate Equation by Integral Analysis. First see whether the kinetics
of this reaction can be described by a simple rate equation. For this use integral analysis.
With Column 3 of Table 1, Fig. 26 tests for a second-order rate equation. The data do
not lie on a straight line; hence we do not have an elementary bimolecular-type reaction.
Figure 27 then tests for a first-order rate equation. Again the data of Table 1 do not lie
on a straight line; hence the reaction is not of first order. Similar linearity tests with
other simple forms of rate equations do not give any straight line fit.

TABLE |I. Time versus concentration run

1) 2)° 3)* @) ®)
[H,] = (Br,)
Time, min mol/liter 1/[H,] [Hz]-%2% [Hj] %% — [H),~ %3
V] 0.2250 4.444 1.789 0
20 0.1898 5.269 1.911 0.122
60 0.1323 7.559 2.200 0.411
90 0.1158 8.636 2.319 0.530
128 0.0967 10.34 2.486 0.697
180 0.0752 13.30 2.742 0.953
300 0.0478 20.92 3.275 1.486
420 0.0305 32.79 3.901 2.112
¢ Original data.

® Used in Fig. 26.
¢ Used in Fig. 31.
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TABLE 2. Initial rate data

1) (0] Q)
[Halo [Brs)o (-’n,)loa

0.2250 0.2250 1.76
0.9000 0.9000 10.9
0.6750 0.6750 8.19
0.4500 0.4500 4.465
0.5637 0.2947 4.82
0.2881 0.1517 1.65
0.3103 0.5064 3.28
0.1552 0.2554 1.267.

Findings of Integral Analysis. Kinetically the reaction is not elementary; neither can
it be satisfactorily represented by any of the simpler rate expressions.

Possible Lines of Imvestigation. Let us now see whether we can fit the rate by an
expression of the form

—ru, = k[H3]*[Br;)® witha + b=n 87
To do this we may proceed in one of two ways: we may use the C versus ¢ data of a
single run or we may use initial rate data for the eight runs. If HBr influences the rate
of reaction, the first procedure will lead to complications because HBr is formed during
reaction. These complications are avoided if we analyze the initial rate data. Let us
follow the latter procedure since it has less chance of getting us into trouble.
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FIGURE 26. Test for second-order FIGURE 27. Test for first-order kinetics
kinetics by the integral method, accerd- by the integral method, according to Fig. 2.
ing to Fig. 4.
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Find Initlal Rate Data. Initial rates of reaction are found either by plotting the C
versus ¢ curve and finding the slopes at ¢ = 0 as shown in Fig. 28 for the run of Table 1,
or by evaluating AC/At for the first two data points in a kingtic run. The latter procedure
was used by Bodenstein and Lind to obtain the data of Table 2.

Over-all Order of Reaction. For equal concentrations of Hy and Brz Eq. 87 becomes

—ruy, = k[HaJ*[Br;)® = k[H3]**® = k[HJ]"
and taking logs this gives
log (—ru,) = log k + nlog [Hj] (88)

Thus from the first four runs of Table 2 we can find the over-all order of reaction. This
is shown in Fig. 29. Fitting by eye we find the slope to be

n=a+ b=135

Reaction Order with Respect to Individual Reactants. Knowing the over-all order, we
can find the order with respect to each component with the following manipulation:

H;l\e
~ruy = KHSP(Bral = AHaIP(Bral'~ = k{BrsP(f22)
Taking logs and using the value of » which was found, we obtain

[Hs]
[Br,)

Plotted as in Fig. 30 the slope, determined by eye, is found to be a = 0.90. Hence from
the initial rate data we find

log et = logk + al 89
ogﬁr—a—]ﬁ—a—og + alog (89)

—ray = K{Ha"*[Brs]o ©0)
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FIGURE 28. Graphical procedure for finding initial
rate of reaction.
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.

Order of Reaction by the Method of Least Squares. The method of least squares can
give the order of reaction with respect to all the components all at one time. In effect,
this procedure replaces the two preceding steps. ‘ \
Taking logs of the rate equation to be fitted, Eq. 87, we obtain
log (—ru,) = log k + alog [Ha] + b log [Brs]
which is of the form
y = ao + ax; + bx,

The best estimate of the coefficients by the least-squares criterion gives

a =093
b = 0.46
Thus the rate equation is
—ry = ALHL) "'[Br,]04e o1

which agrees closely with the results obtained when fitting graphically by eye.
Evaluation of Least-squares Versus Graphical Procedures. The advantage of the
method of least squares is that it allows us to find the individual orders of reaction all
at one time by an objective method which is not influenced by the experimenter’s biases
in fitting lines to experimental points. Though it does give the constants of best fit, yet,
without additional statistical analyses this method gives no indication of how good the
fit is. The graphical method allows us to estimate at each step the goodness of fit of the
rate equation to the data.

Probably the best procedure is to use the graphical method to find whether the
selected equation { \rm is satisfactory, and if it is, then to use the method of least squares
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to evaluate the constants of best fit. Alternatively, least squares with statistical analyses
may be used exclusively.

Test of the Rate Equation with C Versus t Data. We have mentioned that to make
sure a rate expression represents the reaction in all concentration ranges we should test
it with data obtained when all components are present and in wide ranges of com-
positions. Let us perform this test on. Eq. 91 using the data of Table 1. This can be
done by cither the differential or integral method.

(1) In the differential method ;ve test the fit of Eq. 91 directly. Taking logs, noting
that [Hs] = [Bry), we obtain

log (=ry,) = log k + (a + b) log [H3)
= log k + 1.39 log [Hj)
Thus if Eq. 91 holds throughout the concentration range, a plot of log (—ry,) versus
log [H;] should give a straight line of slope 1.39. The rate of reaction at various

conditions is found by taking slopes of the C versus ¢ curve at various points, as shown
in Fig. 28.

(2) In the integral method we must first integrate Eq. 91 and then test the fit. Thus
for [Ha] = [Bry)

d[H
—ry, = _._%EEJ = k[Hj]J!?°
Separating and integrating we obtain
ms) d[Hs) |t
gl [Hal'®® kf 0 a
or
[H.j~9% — [H3)o~ %% = 0.39%¢ 92)

Thus if Eq. 91 fits at all concentrations, a plot of

((H3] ~°-%° — [Hj)o~%-%°) versus ¢

should yield a straight line.

Now which procedure should we use? Differential analysis requires taking slopes
of C versus ¢t curves and the errors and uncertainty which thereby result may well
mask any trend from linearity which may exist. In addition the differential analysis
is more time-consuming than integral analysis which is quite straightforward. Thus
we shall use integral analysis.

Figure 31 is a plot of Eq. 92 based on values tabulated in Columns 4 and § of Table 2.
It seems to suggest that the data do not fall on a straight line. Actually, some of the
other runs show this more clearly. So, although the initial rates (with no product present)
fit Eq. 91, the time runs (where product is present) most likely do not.

Concluding Remarks. We can say at this point that the rate is well represented by the
expression
~rug = k[Ha]° ©[Bra]o4® oD

when no HBr is present. The fact that the order changes during a run suggests that the
product of reaction, HBr, influences the rate and enters into the rate equation, and that
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FIGURE 31. Test of Eq. 91 for a time run where

the products of reaction are present in significant
quantities.

Eq. 91 only partially represents the facts, just as Eqgs. 656 and 66b are only partial
representations of Egs. 65a and 66a.

Since reaction orders predicted by theory are usually integers or simple fractions, as
the problems in Chapter 2 show, it could be suspected that the rate expression should
really be '

—ru, = k’[Hz][Br;]°® 93)
The difference in goodness of fit of Eqs. 91 and 93 1s quite minor and can be explained
in terms of experimental scatter.

Actually, Eq. 93 is the correct partial representation of the over-all reaction rate, Eq.

86, as found by Bodenstemn and Lind; hence we are well on our way to a solution of
the problem.

THE SEARCH FOR A RATE EQUATION

In sgarching for a rate equation and mechanism to fit a set of experimental data,
we would like answers to two questions.

1. Have we the correct mechanism and corresponding type of rate equation ?
2. Once we have the right form of rate equation, do we have the best values
for the rate constants in the equation?
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The second question is answered without much difficulty once the equation form
is decided. To do this we must decide what we want the words “best value” to
mean, and we then find the constants according to this criterion. Some of the
commonly used criteria are:

1. Minimizing the sum of squares of the deviation of the data points about the
rate equation. This is the least-squares criterion.

2. Minimizing the sum of the absolute values of the deviations.

3. Minimizing the maXimum deviation.

4. Fitting graphically by eye.

The difficult question to answer is the first of the above two questions. Let us see
why this is so. Recalling that each type of rate equation represents a family of curves
on a given plot (parabola, cubic, simple exponential, etc.), essentially what we are
asking in the first question is ‘“‘Given a set of data points plotted 1n a certain
manner, which of the various families of curves could have generated these data?”

To answer this requires somewhat subtle logic; however, 1t is worthwhile con-
sidering this question because the reasoning involved shows what we mean by a
true, correct, or verified theory in science.

Suppose we have a set of data and we wish to find out whether any one of the
families of curves—parabolas, cubics, hyperbolas, exponentials, etc.—really fits
these data bettér than any other. This question cannot be answered simply; neither
can high-powered mathematical or statistical methods help 1n deciding for us. The
one exception to this conclusion occurs when one of the families being compared
1s a straight line. For this situation we can simply, consistently, and fairly reliably
tell whether the straight line does not fit better than any other family of curves.
Thus for the family of straight lines we have what 1s essentially a negative test, one
which allows us to reject that family when there is sufficient evidence against 1t, but
which can never tell whether it fits better than all others. Since the family of straight
lines can represent a proposed mechanism with its rate, or more generally, any
scientific explanation, hypothesis, or theory to be tested, the above discussion
shows that all we are able to do is reject hypotheses and theories, but never prove
them to be true or correct. So, when we say that a theory or hypothesis is correct,
what we mean is that the evidence to date 1s insufficient to reject it. lt is clearly
understood that our acceptance of any theory or hypothesis is only provisional and
temporary.

All the rate equations in this chapter were manipulated mathematically into a
linearized form because of this particular property for the family of straight lines
which allows it to be tested and rejected.

Three methods are commonly used to test for the linearity of a set of points.
These are as follows. '

Calculation of k from Individual Data Points. With a mechanism at hand,
the rate constant can be found for each experimental point by either the integral
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FIGURE 32. How the location of the experimental points influences the
scatter in calculated k values.

or differential method. If no trend in k values is discernible, the rate equation is
considered to be satisfactory and the k values are averaged.

Now the k values calculated this way are the slopes of lines joining the individual
points to the origin. So for the same magnitude of scatter on the graph the k values
calculated for points near the origin (low conversion) will vary widely, whereas
those calculated for points far from the origin will show little variation (Fig. 32).
This fact can make it difficult to decide whether k is constant and, if so, what is its
best mean value.

Calculation of k from Pairs of Data Points. k values can be calculated
from successive pairs of experimental points. For large data scatter, however, or
for points close together, this procedure will give widely different k values from
which k..o Will be difficult to determine. In fact, finding k.., by this procedure
for points located at equal intervals on the x axis is equivalent to considering only
the two extreme data points while ignoring all the data points in between. This fact
can easily be verified. Figure 33 illustrates this procedure.

This is a poor method in all respects and is not recommended for testing the
linearity of data or for finding mean values of rate constants.

Graphical Method. Actually, the above methods do not require making a plot
of the data to obtain k values. With the graphical method the data are plotted and
then examined for deviations from linearity. The decision whether a straight line
gives a satisfactory fit is usually made intuitively by using good judgment when
looking at the data. When in doubt we should take more data, and occasionally
(comparing second-degree polynomials with straight lines or nth degree and n — 1
degree polynomials) we may be able to use statistics to help us arrive at a decision.

The graphical procedure is probably the safest, soundest, and most reliable
method for evaluating the fit of rate equations to the data, and should be used
whenever possible. For this reason we stress this method here.
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PROBLEMS

1. If —r, = —(dC,/dt) = 0.2 mol/liter -sec when C, = 1 mol/liter, what is the
rate of reaction when C, = 10 mol/liter. ——
Note: The order of reaction is not known.

2. Liquid A decomposes by first-order kinetics, and in a batch reactor 507, of A is
converted in a 5-minute run. How much longer would it take to reach 75%, con-
version ?
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3. Repeat the previous problem for second-order kinetics.

4, A 10-minute experimental run shows that 757, of liquid reactant is converted
to product by a 4 order rate. What would be the amount converted in a half-hour run?

5. In a homogeneous isothermal liquid polymerization, 207, of the monomer
disappears in 34 min for initial monomer concentration of 0.04 and also for
0.8 mol/liter. What is the rate of disappearance of the monomer?

6. After 8 minutes in a batch reactor, reactant (C,o = 1 mol/liter) is 807,
converted; after 18 minutes, conversion is 907,. Find a rate equation to represent
this reaction.

7. Snake-Eyes Magoo is a man of habit. For instance, his Friday evenings are all
alike—into the joint with his week’s salary of $180, steady gambling at ““2-up” for
two hours, then home to his family leaving $45 behind. Snake-Eyes’ betting pa: -rn
is predictable. He always bets in amounts proportional to his cash at hand, and his
losses are also predictable—at a rate proportional to his cash at hand. This week
Snake-Eyes received a raise, so he played for three hours, but as usual went home
with $135. How much was his raise?

$,/ Find the over-all order of the irreversible reaction
2H, + 2NO - N, + 2H,0

from the following constant-volume data using equimolar amounts of hydrogen
and nitric oxide:

Total pressure, mm Hg | 200 240 280 320 360
Half-life, sec 265 186 115 104 67

9. The first-order reversible liquid reaction
A =R, Cho = 0.5 mol/liter, Cro =0 A
takes place in a batch reactor. After 8 minutes, conversion of A is 33.3%, while

equilibrium conversion is 66.7%,. Find the rate equation for this reaction.

1€ In units of moles, liters, and seconds, find the rate expression for the decom-
position of ethane at 620°C from the following information obtained at atmospheric
pressure. The decomposition rate of pure ethane is 7.7%,/sec, but with 85.267%,
inerts present the decomposition rate drops to 2.9%,/sec. Qe 4\}3 Aee

11. The aqueous reaction A — R + S proceeds as follows,

Time, min 0 36 65 100 160 o0
C,, mol/liter | 0.1823 0.1453 0.1216 0.1025 0.0795 0.0494

-
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with

Cao = 0.1823 mol/liter

Cro=0

Cgo ~ 55 mol/liter
Find the rate equation for this reaction.

12. On p. 54 it was stated that the half-life method for finding reaction orders
can be extended to any fractional-life data. Do this, defining ¢,,, as the time
required for the reactant concentration to drop to 1/mth of its original value.

13. Hellin and Jungers (1957) present the data in Table P13 on the reaction of
sulfuric acid with diethylsulfate in aqueous solution at 22.9°C:

HQSOQ + (C3H5)QSO4 = 2C2H5804H /

Initial concentrations of H;SO, and (C;H;),SO, are each 5.5 mol/liter. Find a rate
equation for this reaction.

TABLE PIi3
Time, CgH5SOgH, Time, CQH5SO‘H,
min mol/liter min mol/liter
0 0 180 4.11
41 1.18 194 4.31
48 1.38 212 445
55 1.63 267 4.86
75 2.24 318 5.15
96 2.75 368 5.32
- 127 3.31 379 5.35
146 3.76 410 5.42
162 3.81 a0 (5.80)

14ﬂ small reaction bomb fitted with a sensitive pressure-measuring device is
flushed out and then filled with pure reactant A at 1-atm pressure. The operation
is carried out at 25°C, a temperature low enough that the reaction does not proceed
to any appreciable extent. The temperature is then raised as rapidly as possible to
100°C by plunging the bomb into boiling water, and the readings in Table P14 are
obtained. The stoichiometry of the reaction is 2A — B, and after leaving the bomb
in the bath over the weekend the contents are analyzed for A; none can be found.
Find a rate equation in units of moles, liters, and minutes which will satisfactorily
fit the data
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TABLE Pi4

¢, min 7, atm t, min 7, atm
1 1.14 7 0.850
2 1.04 8 0.832
3 0.982 9 0.815
4 0.940 10 0.800
5 0.905 15 0.754
6 0.870 20 0.728

15. Betahundert Bashby likes to play the gaming tables for relaxation. He does
not expect to win and he doesn’t, so he picks games in which losses are a given small
fraction of the money bet. He plays steadily without a break, and the size of his
bets are proportional to the money he has. If at *“ galloping dominoes” it takes him
four hours to lose half of his money and if it takes him two hours to lose half of
his money at ““‘chuk-a-luck,” how long can he play both games simultaneously if he
starts with $100.00 and quits when he has $1.00 left, which is just enough for a
quick nip and carfare home?

16. Nitrogen pentoxide decomposes as follows:
N;O; — 40, + N,O,, —rngos = (22 x 1073 min~1)Cy 0
N,O, & 2NO,, instantaneous, K, = 45 mm Hg

Find the partial pressures of the contents of a constant-volume bomb after 6.5 hr
if we start with pure N,O; at atmospheric pressure.

{117 At room temperature sucrose 1s hydrolyzed by the catalytic action of the
enzyme sucrase as follows:
sucrase
sucrose —— products

Starting with a sucrose concentration C,o = 1.0 millimol/liter and an enzyme
concentration Cy, = 0.0} millimol/liter, the following kinetic data are obtained
1n a batch reactor (concentrations calculated from optical rotation measurements):

C,., millimol/liter | 0.84 0.68 0.53 0.38 0.27 0.16 0.09 0.04 0.018 0.006 0.0025
4, hr 1 2 3 4 5 6 7 8 9 10 11

Determine whether these data can be reasonably fitted by a kinetic equation of the
Michaelis-Menten type, or

_ kaCaCro
Ca+ M

If the fit is reasonable evaluate the constants k; and M.

—Tra where M = Mich~-lis constant
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Note: See Problem 2.19 for the mechanism leading to the Michaelis-Menten
equation.

18. For the reactions in series

AL RESs,  ky=k,
find the maximum concentration of R and when it is reached.
19. A small reaction bomb fitted with a sensitive pressure-measuring device is
flushed out and filled with a mixture at 76.94%, reactant A and 23.06%, inert at

1-atm pressure and 14°C, a temperature low enough that the reaction does not
proceed to any appreciable extent.

TABLE PI9

t, min 7, atm t, min 7, atm
0.5 1.5 3.5 1.99
1 1.65 4 2.025
1.5 1.76 5 2.08
2 1.84 6 2.12
2.5 1.90 7 2.15
3 1.95 8 2.175

The temperature is raised rapidly to 100°C, and the readings in Table P19 are
obtained. The stoichiometry of the reaction is A — 2R and after sufficient time the
reaction proceeds to completion. Find a rate equation in units of moles, liters, and
minutes which will satisfactorily fit the data.

. The following data are obtained at 0°C in a constant-volume batch reactor
using pure gaseous A: ’

Time, min 0 2 4 6 8 10 12 14 o
Partial pressure of A, mm | 760 600 475 390 320 275 240 215 150

The stoichiometry of the decomposition is A — 2.5R. Find a rate equation which
satisfactorily represents this decomposition.

21. Find the first-order rate constant for the disappearance of A in the gas
reaction 2A — R if, on holding the pressure constant, the volume of the reaction
mixture, serting with 80%, A, decreases by 20%, in 3 min.

: Find the first-order rate constant for the disappearance of A in the gas
reatfion A — 1.6R if the volume of the reaction mixture, starting with pure A,
increases by 507, in 4 min. The total pressure within the-system sta) - <;astant at
1.2 atm, and the temperature is 25°C.
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@A zero-order homogeneous gas reaction A — rR proceeds in a constant-
v6fume bomb, 207, inerts, and the pressure rises from 1 to 1.3 atm in 2 min. If the
same reaction takes place in a constant-pressure batch reactor, what is the fractional
volume change in 4 min if the feed is at 3 atm and consists of 40% inerts ?

24. A zero-order homogeneous gas reactlon with stonchlometry A —rR pro-
ceeds in a constant-volume bomb, 7 = 1 when t = 0 and » = 1.5 when ¢ = 1.
If the same reaction, same feed composition, and initial pressure proceeds in a
constant-pressure setup, find Vatsr=1if ¥ = 1attr = 0.

25 ‘fl‘he first-order homogeneous gaseous decomposition A — 2.5R is carried
oUt in an isothermal batch reactor at 2 atm with 209, inerts present, and the volume
increases by 607, in 20 min. In a constant-volume reactor, find the time required
for the pressure to reach 8 atm if the initial pressure is 5 atm, 2 atm of which
consist of inerts. v~ -

e

26. The gas reaction 2A — R + 2S is approximately second order with respect
to A. When pure A is introduced at 1 atm into a constant-volume batch reactor,
the pressure rises 407, in 3 min. For a constant-pressure batch reactor find (a) the
time required for the same conversion, and (b) the fractional increase in volume at
that time.

27. Pure gaseous A is prepared under refrigeration and is introduced into a
thin-walled capillary which acts as reaction vessel as shown in Fig. P27. No appreci-

Mercury

Boiling water 1

- \_Reaction vesse|
FIGURE P27.

s

able reaction occurs during hardiling. The reaction vessel is rapidly plunged into a
bath of boiling water, reactant A decomposes to completion according to the
reaction A — R + S, and the following data are obtained:

Time. min 05 1 15 2 3 4 6 10 o

Length of capillary occupied by | ¢\ ¢o 75 75 785 81 84 87 94
reaction mnxture, cm

Find a rate equation in units of moles, liters, and minutes for this decomposition.
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28. The presence of substance C seems to increase the rate of reaction of A with
B, A + B— AB. We suspect that C acts catalytically by combining with one of
the reactants to form an intermediate, which then reacts 1urther. From the rate
data in Table P28 suggest a mechanism and rate equation for this reaction.

TABLE P28

(A] (B] (€] TAB
1 3 0.02 9
3 1 0.02 5
4 4 0.04 32
2 2 0.01 6
2 4 0.03 20
1 2 0.05 12

29. Determine the complete rate equation in units of moles, liters, and seconds
for the thermal decomposition of tetrahydrofuran from the half-life data in
Table P29.

H,C—CH, __, GCH, + CH, + CO

—> CsH¢ + H, + CO
H.C CHy; >~ ¢
N '

O

TABLE P29

o, mm Hg ty/2, Min T,°C
214 14.5 569
204 67 530
280 17.3 560
130 39 550

206 47 539




INTRODUCTION TO
REACTOR
DESIGN

So far we have considered the mathematicai expression called the rate equation
which describes the progress of a homogeneous reaction. The rate equation for a
reacting component i 1s an intensive measure and it tells how rapidly component i
forms or disappears in a given environment as a function of the conditions there, or
- L ()
YTV \dt )by reaction
This is a differential expression.

In reactor design we want to know what size and type of reactor and method of
operation are best for a given job. Since this may require that the conditions in the
reactor vary with position as well as time, this question can only be answered by a
proper integration of the rate equation for the operation. This may pose difficulties
because the temperature and composition of the reacting fluid may vary from point
to point within the reactor, depending on the endothermic or exothermic character
of the reaction, and depending on the rate of heat addition or removal from the
system. In addition, the actual geometry of the reactor will determine the path of
the fluid through the vessel and fix the gross mixing patterns which help to dilute
rich feed and redistribute material and heat. In effect, then, many factors must be
accounted for in predicting the performance of a reactor. How best to treat these
factors is the main problem of reactor design.

Equipment in which homogeneous reactions are effected can be one of three
general types; the batch, the steady-state ﬂolv_, and the unsteady-state flow or semi-

e el -

923

= f(conditions within the region of volume V)
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o Composition at any
point is unchanged
with time
—
Fead @
Composition <:  —— Product
changes
(a) (b)
A B
ﬁv \v '/ B
A !
Product
Volume and Volume changes Volume is constant
composition but compositior but composition
change 1s unchanged changes
(c) (d) (e)
FIGURE |. Broad classification of reactor types. (a) The batch reactor. (b) The

steady-state flow reactor. (c), (d), and (e) Various forms of the semibatch reactor.

batch reactor. The latter classification includes all reactors that do not fall into the

t two categories. These types are shown in Fig. 1.

Let us briefly indicate the particular features and the main areas of application
of these reactor types. Naturally these remarks will be amplified further along in the
text. The batch reactor is simple, needs little supporting equipment, and is therefore
ideal for small-scale experimental studies on reaction kinetics. Industrially it 1s
used when relatively small amounts of material are to be treated. The steady-state

Reactant enters

Element of reactor volume

Reactant leaves

Reactant accumulates
within the element

FIGURE 2. Material balance for an element of volume of the

reactor.
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flow reactor is ideal for industrial puri)oses when large quantities of material are to
be processed and when the rate of reaction is fairly high to extremely high. Sup-
porting-equipment needs are great; however, extremply good_product quality
con .@J can be obtained. As may be expected, this is the reactor which is widely
used in ‘t_h'e_ﬁoll mdustr;ﬂhe semibatch reactor isa flexible system but is more
difficult to analyze than the other reactor types. It offers good control of reaction
speed because the reaction proceeds as reactants are added. Such reactors are used
in a variety of applications from the gl i igugiris titabiv:'~ in the laboratory to the
large apen hearth furnaces for steel production.

The starting point for all design is the material balance expressed for any reactant
(or product). Thus, as illustrated in Fig. 2, we have

rate of rate of rate of reactant rate of

reactant reactant loss due to accumulation
flowinto | = flow out + | chemical reaction | + of reactant )
clement of element within the element in element

of volume of volume of volume of volume

Where the composition within the reactor is uniform (independent of position), the
accounting may be made over the whole reactor. Where the composition is not
uniform, it must be made over a differential element of volume and then integrated
across the whole reactor for the appropriate flow and concentration conditions.
For the various reactor types this equation simplifies one way or another, and the
resultant expression when integrated gives the basic performance equation for that
type of unit. Thus in the batch reactor the first two terms are zero; in the steady-
state flow reactor the fourth term disappears; for the semibatch reactor all four
terms may have to be considered.

In nonisothermal operations energy balances must be used in conjunction with
material halances. Thus, as illustrated in Fig. 3, we have

rate of rate of
rate of heat rate of heat disappearance .
accumulation
flow into flow out of of heat by
= + | of heat wathin ?)
element of element of reaction within
element of
volume volume element of
volume
volume

Again, depending on circumstances, this accounting may be made either about a
differential element of reactor or about the reactor as a whole.
The material balance of Eq. 1 and the energy balance of Eq. 2 are tied together
by their third terms because the heat effect 1s produced by the reaction itself.
Since Eqs. 1 and 2 are the starting points for all design, we consider their integra-
tion for a variety of situations of increasing complexity in the chapters to follow.
When we can predict the response of the reacting system to changes in operating
conditions (how rates and equilibrium conversion change with temperature and
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/‘— Element of reactor volume

Heat enters Heat leaves

k._. Heat disappears by reaction
within the element

Heat accumulates
within the element

FIGURE 3. Energy balance for an element of volume of the
reactor.

pressure), when we are able to compare yields for alternative designs (adiabatic
versus isothermal operations, single versus multiple reacter units, flow versus batch
system), and when we can estimate the economics of these various alternatives,
then and only then will we feel sure that we can arrive at the design well fitted for
the purpose at hand. Unfortunately, real situations are rarely simple.

Should we explore all reasonable design alternatives ? How sophisticated should
our analysis be? What simplifying assumptions should we make ? What short cuts
should we take? Which factors should we ignore and which should we consider ?
And how should the reliability and completeness of the data at hand influence our
decisions ? Good engineering judgment, which only comes with experience, will
suggest which course of action to take.



SINGLE IDEAL
REACTORS

In this chapter we develop the performance equations for a single fluid reacting in
the three ideal reactors shown in Fig. 1. We call these homogeneous reactions.
Applications and extensions of these equations to various isothermal and non-
isothermal operations are considered in the following three chiapters. -

In the batch reactor of Fig. 1a the reactants are initially charged into a container,
are well mixed, and are left to react for a certain period. The resultant mixture is
then discharged. This 1s an unsteady-state operation where composition changes
with time; however, at any instant the composition throughout the reactor is
uniform.

The first of the two 1deal steady-state flow reactors is variously known ac the
_plug flow, slug flow, piston flow, ideal tubular, and unmixed flow reactor, and 1t is
shownin Fig. 15. We refer to it as the plug flow reactor and to this pattern of flow
as plug flow. Tt is characterized by the fact that the flow of fluid through the reactor
1s orderly with no elggrent of fluid overtaking or mixing with any other_glement
ahead or behind/ Adtuall « there may, be lateral mixing of fluid in a plug flow
reactor; howevém be_no_mixing or diffusion.glong the flow path. The
“necessary and sufficient condition for plug ﬂq;v}g,_fg_r the rgsidence time in the

reactar to be the same for all elements of fluid:

The other ideal steady-state flow reactor is called the W
reactor, the ideal stirred tank reactor, or the CFSTR (constant flow stirred tank
“feactor) and, as its names SUEgest, it is a reactor in which the contents are well

. gle necessary condition follows directly from the definition of plug flow. However, the
sufficient condition—-that the same residence times implies plug flow-—can be established only
by using the second law of thermodynamics.

97
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“ Uniformly
Feed mixed
. >
-z v
Feed Product
Uniformly
mixed v

(a) (b) (c) Product

FIGURE I. The three types of ideal reactors: (a) batch reactor, (b) plug

flow reactor, and (c) mixed flow reactor. .

stirred and uniform throughout. Thus the exit stream from this reactor has the
same composition as the fluid within the reactor. We refer to this type of flow as
Fixed flow, and the corresponding reactor, the mixed reactor, or the mixed flow
reactor.

These three 1deals are relatively easy to treat. In addition, one or other usually
represents the best way of contacting the reactants—no matter what the operation.
For these reasons we try to desiga real reactors so that their flows approach these
ideals, and much of the development 1n this book centers about them.

In the treatment to follow 1t should be understood that the term V, called the
reactor volume, really refers to the volume of flurd 1n the reactor. When this differs
from the internal volume of reactof, then v, deslgnate< the internal volume while ¥
designates the volume of flurd. For example, in solid catalyzed reactors with vordage
€ we have

V = €V,

e,

For homogeneous systems, however, we use the term V alone. \,/

Ideal Batch Reactor

Make a material balance for any component A. For such an accounting we usually
select the limiting component. In a batch reactor, since the composition 1s uniform
throughout at any instant of time, we may make the accounting about the whole
reactor. Noting that no fluid enters or leaves the reaction mixture during reaction
Eq. 4.1, written for component A, becomes

0 0
/1 7z
input = owtput + disappearance + accumulation
or ‘ ’
rate of loss of reactant A rate of accumulation
+ within reactor due to = — of reactant A - €))

chemical reaction within the reactor
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Evaluating the terms of Eq. 1 we find

disappearance of A

. e - moles A reacting .
by reaction, = (—r)V ((time)(volumc of flur d))(volume: of fluid)
moles/time

accumulation of A, _ ‘_iE_A. _d[Nao(l = X)) _ _ Q_’é
moles/time T dr dt T ATy

L

By replacing in Eq. 1,

dxX,

(—fA)V’= NAO—‘F' (2)

then rearranging and integrating, we obtain

X2 dX,

t = NAO o (__’A)V (3)

This is the general equation showing the time required to achieve a conversion X,
for either 1sothermal or nonisothermal operation. The volume of reacting fluid and
the reaction rate remain under the integral sign, for in general they both change as
reaction proceeds.

This equation may be simplified for a number of situations. If the density of the

fluid remains constant we obtain . v C%v deh
¥ -
e
W
X (o] *
,=CA°J"SJ.KA=_J'“1_CA )
0. —Tx Cro ~ A
/

For all reactions in which the volume of reacting mixture changes pro‘portionatcly
with eonversion, such as in single gas-phase reactions with significant density
changes, Eq. 3 becomes

t= N, a Xy = f“ _ﬁ_ o)
Mo (=rVol + eaXy) 2 Jo (=raXl + 82Xy

In one form or another, Egs. 2 to S have all been encountered in Chapter 3. They
are applicable to both isothermal and nonisothermal operations. For the latter
the variation of rate with temperature, and the variation of temperature with
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fConsunt«density systems only I

Area = ¢/N,,, Area = t/Cp,
from Eq. 3 / from Eq. 4

Areamt,
from Eq. 4

0 X, 0 X, o C, Cro

FIGURE 2. Graphical representation of the performance equations for batch reactors,
isothermal or nonisothermal.

conversion, must be known before solution is possible. Figure 2 is a graphical
representation of two of these equations.

Space-time and Space-velocity

Just as the reaction time ¢ is the natural measure of the processing rate in a batch
 ————.

reactor, so are the space-time and space-velocity the proper perfor ce measures.
Sfftow reactors. These terms are defined as follows:

Space-time:
time required to process one
reactor volume of feed measured | = [time] 6)
at specified conditions

Space-velocity:
number of reactor volumes of

feed at specified conditions which | = {time~!] ©)
can be treated in unit time

-

S =

Thus a space-velocity of 5 hr~! means that five reactor volumes of feed at specified
conditions are being fed into the reactor per-hour. A space-time of 2 min means
that every two minutes one reactor volume of feed at specified conditions is being
treated by the reactor.

Now we may arbitrarily select the temperature, pressure, and state (gas, liquid,
or solid) at which we choose to measure the volume of material being fed to the
reactor. Certainly, then, the value for space-velocity or space-time depends on the
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conditions selected. If they are of the stream entering the rcactor, the relation
between s or 7 and the other pertinent variables is

(’w) (volume of reactor)
_ CaoV _ \ volume of feed

1
TE5T Fa (xﬁoles A entering)
time
_ ¥V _ _(reactor volume) ®)
" vy (volumetric feed rate)

It may be more convenient to measure the volumetric feed rate at some standard
state, especially when the reactor is to operate at a number of temperatures. If,
for example, the material is gaseous when fed to the reactor at high temperature
but is liquid at the standard state, care must be taken to specify precisely what
standard state has been chosen. The relation between the space-velocity and space-
time for actual entering conditions and at standard conditions (designated by
primes) is given by

’ 1 C’AOV C'AO 1 C’AO
T =S = e =T 5 = = o 9
§ Fao Cao 5 Cao @
In most of what follows, we deal with the space-velocity and space-time based on

feed at actual entering conditions; however, the change to any other basis is easily
made.

Steady-state Mixed Flow Reactor

The performance equation for the mixed reactor is obtained from Eq. 4.1, which
makes an accounting of a given component within an element of volume of the
system. But since the composition is uniform throughout, the accounting may be
made about the reactor as a whole. By selecting reactant A for consideration,
Eq. 4.1 becomes
/10
input = output + disappearance by reaction + accumdlation (10

As shown in Fig. 3, if Fao = v,Ca, is the molar feed rate of component A to the
reactor, then considering the reactor as a whole we have

! o -
input of A, moles/time = F,o(1 — M = Fpo .’

output of A, moles/time = F, = Fyo(1 — X,)

disappearance of A

by reaction — (=r)V = ( moles A reacting )(volumc ol')
y reaction, = A77 7 \(time)(volume of fluid)/\ reactor
moles/time
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FIGURE 3. Notation for a mixed reactor.

{ eplacing in Eq. 10, we obtain
FroXa = (=r)V

\éhich on rearranging becomes

an

s/here X, and r, are evaluated at exit stream conditions, which are the same as the

onditions within the reactor.
More generally, if the feed on which conversion is based, subscript 0, enters the

eactor partially converted, subscript #, and leaves at conditions given by subscript

£, we have
Vo AKX _ Xa = Xa
Fro  (=ra); (—ra)s
or ) (12)

_ VCiao _ CadXas — Xa0)

T Fa T (-ra)
A situation where this form of equation is used is given on p@
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For the special case of constant-density systems X, = 1 — C,/C,,, in whiqh
case the performance equation for mixed reactors can also be written in terms of
concentrations, or

Vv -XA CAQ - CA

Fpo —Ta Cao(—ra) -~ L I
or T
Z - CaoXa — Cao — Ca
v

—ra —ra

T =

)
S

These expressions relate in a simple way the four terms X,, —r,, V, Fao; thus,
knowing any three allows the fourth to be found directly. In design, then, the size
of reactor needed for a given duty or the extent of conversion in a reactor of given
size is found directly. In kinetic studies each steady-state run gives, without integra-
tion, the reaction rate for the conditions within the reactor. The ease of interpreta-
tion of data from a mixed reactor makes its use very attractive in Kinetic studies,
in particular with méssy reactions (e.g., multiple reactions and solid catalyzed
reactions).

Figure 4 is a graphical representation of these performance equations. For any
specific kinetic form the equations can be written out directly. As an example, for

Constant-density systems onIyJ

v 4 VC,
Area = - = Area-rn-j.f
trom Eq. 11 from Eq. 13
-1
TA
v Conditions P ‘
1 within reactor —1 .
ra N and at exit
v
e pe
. L, N H,
0 X» Xa Ca T

FIGURE 4. Graphicai representation of the design equations for mixed reactor.
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constant density systems C,/C,o = 1 — X,, thus the performance expression for
Jirst-order reaction becomes

= XA = CAO - CA
1 - XA CA
On the other hand, for linear expansion

kT

forey =0 (14)

G _ 1= X
Cao 1 + e Xy
thus for first-order reaction the performance expression becomes
Xa(l + e, X,)
= 15

kT =X, (15)
Similar expressions can be written for any other form of rate equation. These
expressions can be written either in terms of concentrations or conversions. The
latter form is simpler for systems of changing density, while either form can be used
for systems of constant density.

V=Vl + e X)) and

EXAMPLE |I. Reaction rate in @ mixed reactor

One liter/min of liquid containing A and B (C,o = 0.10 mol/liter, Cgo = 0.01 mol/liter)
flow into a mixed reactgr of volume V¥ = 1 liter. The materials react in a complex
manner for which the stoichiometry is unknown. The outlet stream from the reactor
contains A, B, and C (C,, = 0.02 mol/liter, Cg; = 0.03 mol/liter, Cc; = 0.04 mol/liter).
Find the rate of reaction of A, B, and C for the conditions within the reactor.

SOLUTION
For a liquid in a mixed reactor ¢, = 0 and Eq. 13 applied to each of the reacting com-

ponenits, giving Tor the rate of didappearance:

= Cro =G Cao— Ca_010 - 002 g mol/liter - min

ra =

T Viv 1/1

—rg = Coo = G _ 001 I 0.03 _ —0.02 mol/liter - min
T

—rg = Coo = Co <0004 —0.04 mol/liter- min

T 1
Thus A is disappearing while B and C are being formed.

EXAMPLE 2. Kinetics from a mixed reactor

Pure gaseous reactant A (C,o = 100 millimol/liter) is fed at steady rate into a mixed
reactor (¥ = 0.1 liter) where it dimerizes (2A — R). For differeat gas feed rates the
following data are obtained:

Run number 1 2 3 4
vo, liter/hr 300 90 36 15
Ca.out, millimol/liter | 85.7 66.7 50 333

Find a rate equation for this reaction.
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SOLUTION
For this stoichiometry, 2A —> R, the expansion factor is
=2 __l
R R

and the corresponding relation between concentration and conversion is

Ca 1 - Xa 1 - Xa

Cao 1 + eaXy 1 —1Xa

or
X — l - CA/CAO - 1 - CA/CAO
A 7 1+ eaCalCao 1 = Cal2Cao

The conversion for each run s then calculated and tabulated\ig Column 4 of Table E2.

st

TABLE E2
i
Given oo V) VA Calculated
w -\m
OCAOXA
Run Uo Caou Xa (=radouwe = v
1 30.0 85.7 0.25 (lo_)(_‘_g_‘.__?(“” = 7500
2 9.0 66.7 0.50 4500
3 3.6 50 0.667 2400
4 1.5 33.3 0.80 1200

From the performance equation, Eq. 11, the rate of reaction for each run is given by

toCaoXa millimol
(=ra) = ]

v hiter-hr
These values are tabulated in Column 5 of Table E2.

Having paired values of r, and C, (see Table E2) we are ready to test various kinetic
expressions. Instead of separately testing for first order (plot r, versus C,), second order

(plot ra versus Ca?), etc., let us test directly for nth-order kinetics. For lhls take
logarithms of —r, = kC,", giving

log(—ra) = logk + nlog Ca

This shows that nth-order kinetics will give a straight line on a log (—r,) versus log Cy
plot. As shown in Fig. E2, the four actual data are reasonably represented by a straight
line of slope 2, so the rate equation for this dimerization is

— _( liter ) 2 millimol
A 7 Xwe-hr-millimol ’ Titer-hr.
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FIGURE E2.

Comment. If we ignore the density change in our analysis (or put ¢, = 0 and use
Ca/Cao = 1 — X,) we end up with an incorrect rate equation (reaction order n = 1.6)
which when used in design would give wrong performance predictions.

EXAMPLE 3. Mixed reactor performance
The liquid-phase reaction

-k ky

A+B<EZR + S

W\\ e ka
is to take place in a 120-liter steady-state mixed reactor. Two feed streams, one con-
taining 2.8 mol A/liter and the other containing 1.6 mol B/liter, are to be introduced
in equal volumes into the reactor, and 75%, conversion of limiting component is desired

(see Fig. E3). What should be the flow rate of each stream? Assume a constant density
throughout.

7 liter/mol - min

3 liter/mol - min

i
SOLUTION

The concentration of components in the mixed feed stream is
Cao
Cio = 0.8 mol/liter
Cro = Cgo =0

1.4 mol/liter
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2,8 mol Alliter
1.6 mol B/liter
——— <
Ol 75% conversion
> of B
FIGURE E3.

For 75%, conversion of B and ¢ = 0 the composition within the reactor and jn the
exit stream 1s s — )uﬂ%w

Ca = 1.4 = 0.6.= 0.8 mol/liter 3
> I ¢ ‘{N
Cg=08—06—-02mol/liter _J

Cr = 0 6 mol/llter S
Cg = 0 6 mol/liter
Now the rate of reaction at the conditions within the reactor is

—ra = —rp = k1CACp — k3CrCs v
- (7 _liter ) (o8 -_"19-')(0.2 mo) - € ———'“"—.) 0.6 2!
mol - min liter liter mol- min liter,
1
= (112 - 1.08) " _ g0 Ml
11[6[‘ min liter- min

For no change in density, hence & = 0, Eq. 13 gives
v _ Cro — CA= Cpo — Cs

T = —

v —ra —rp

Hence the volumetric flow rate into and out of the reactor is
V(—ra) - V(—rs)
CAO - CA CBO - CB
(120 liter)(0.04 mol/liter - min) liter
= - = 8 —
0.6 mol/liter min
or 4 liter/min of each of the two feed streams.

Steady-state Plug Flow Reactor ’

In a plyg flow reactor the gomposition of the fluid varies from point to point along
a flow_path; consequently, t the-material balance for a reaction component must be
made for a dxﬂ"erentlal elcment of volume dV. Thus for reactant A Eq. 4.1 becomes

/ 0
o
input = output + disappearance by reaction + accumpilation (10)

AN N e g -
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FIGURE 5. Notation for a plug flow reactor.

Referring to Fig. S, we see for volume dV that
input of A, moles/time = F,

FA + dFA

;",

output of A, moles/time

I

disappecarance of A by
reaction, moles/time = (—r,) dV

_ ( moles A reacting )
~ \(time)(volume of fluid)

x (volume of differential element)
Introducing these three terms in Eq, 10, we obtain
Fp = (Fo + dFy) + (—ra) dV
Noting that
dF, = d[Fao(l — Xu)] = —FaodXa
We obtain on replacement
FaodXy = (—ra)dV (16)

This, then, is the equation accounting for A in the differential section of regctor of
volume dV. For the reactor as a whole the expression must be integrated. Now F,,,
the feed rate, is constant, but r, is certainly dependent on the concentration of
materials or conversion. Grouping the terms accordingly, we obtain

vdy J' X dX,

o Fyo o —ra
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Thus

Y. [ Xy

Fao Caro o —TIa
or ’ (17)

T =

X
N

v a

Equation 17 allows the determination of reactor size for a given feed rate and
required conversion. Compare Eqgs. 11 and 17. The difference is that in plug flow

r, varies, whereas in mixed flow r, is constant.

As a more general expression for plug flow reactors, if the feed on whlch conver-
sion is based, subscript 0, enters the reactor partially converted, subscript i, and

leaves at a conversion designated by subscript f, we have

Yo [k
Fao  Caolo Xae —TaA

or

A case where this form of equation is used is given on
For the special case of constant-density systems

Ca

XA:I—C_ and dXA=—

A0

(18)

. 13y

dc,

Cao

in which case the performance equation can be expressed in terms of concentrations,

or
Vo x_(dXy L (owdC,
Fyo Cao o —ra  Ca Cpro—Ta v
or \(19)
T = -Z = CAO'J.XAI d-—X—A = — CA,égé 7/
0 '—rA Cao \ v
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These performance equations, Eqs. 17 to 19, can be written either in terms
of concentrations or conversions. For systems of changing density it is more
convenient to use conversions; however, there is no particular preference for
constant density systems. Whatever its form, the performance equations interrelate
the rate of reaction, the extent of reaction, the reactor volume, and the feed rate, and
if any one of these quantities is unknown it can be found from the other three.

Figure 6 displays these performance equations and shows that the space-time
needed for any particular duty ¢an always be found by numerical or graphical
integration. However, for certain simple kinetic forms analytic integration is
possible—and convenient. To do this, insert the kinetic expression for r, in Eq. 17
and integrate. Some of the simpler integrated forms for phug flow are as follows:

Zero-order homogeneous reaction, any constant ¢,

_ kCyoV

A0

k+ = CroXa (20)

First-order irreversible reaction, A — products, any constant e,,

kr=—(1 + e)In(l = X,) — exX, @1

First-order reversible reaction, A == rR, Cgo/Cro = M, kinetics approximated or
fitted by —r, = k;C, — k,Cy with an observed equilibrium conversion X,., any
constant ¢,,

M+ rX,, Xa

tar = e [0+ eaxumn (1= 32) - eax) @

Constant-density

General case systems only

»

T CaoV
F,

v
Area = z— = ——» Area= T
Fao Cao ==
from Eq 17

from Eq. 19

r-C curve
for the
reaction

‘ C
0 X, Cy Co *

FIGURE 6. Graphical representation of the pedormNtlons for plug
flow reactors.
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Second-order irreversible reaction, A + B — products with equimolar feed or
2A — products, any constant e,,

Caokr = 2ea(l + ex) In (1 = Xa) + ex3Xa + (en + 1)2 l—i‘%‘? @3)
- A

Where the density is constant, put e, = 0 to obtain the simplified performaace
equation.

By comparing the batch expressions of Chapter 3 with these. plug flow expressions
we find:

(1) For systems qof constant density (constant-volume batch and constant-
density plug flow) the performance equations are identical,  for plug flow is equiva-
lent to ¢ for the batch reactor, and the equations can be used interchangeably.

(2) For systems of changing density there is no direct correspondence between
the batch and the plug flow equations and the correct equation must be used for

each particular situation. In this case the performance equations cannot be used
interchangeably.
v3

The following illustrative examples show how these expressions are used. 1

EXAMPLE 4. Plug flow reactor performance h “;)|
A homogeneous gas reaction A — 3R has a reported rate at 215°C

~ra = 1072C32  [mol/liter-sec]
Find the space-time needed for 80%, conversion of a 50%, A-50%, inert feed to a plug
flow reactor operating at 215°C and 5 atm (C,o = 0.0625 mol/liter).

SOLUTION

For this stoichiometry and with 50%, inerts two volumes of feed gas would give four
volumes of completely converted product gas, thus

=5 1
in which case the plug flow performance equation, Eq. 17, becomes
(fXar dxX Cl2 ro8 /1 + X.\13
i Xar dX, 9% _ Cao ____A) i
5"C*°fA—,A“C‘°J D AL (=) e o
- A A0 \T + exXa

The integral can be evaluated in any one of three ways: graphically, numerically, or
*analytically. Let us illustrate these methods.

Graphical Integration. First evaluate the function to be integrated at selected values
(see Table E4), and plot this function (see Fig. E4).

Counting squares or estimating by eye we find

Area = J‘“ (‘ + "’A)”’ dX, = (1.70X0.8) = 1.36
o \I - X,/



1 Ch.5 SINGLE IDEAL REACTORS

TABLE E4
X 1+ Xa (1 + Xa\'2
A 1 — Xa 1 - X
0 1 1 .,
1.2

0.2 o5 =13 1227,

0.4 2.3 1.528 ;

0.6 4 2 S,

0.8 9 3 },"
A

Numerical Integration. Using Simpson’s rule, applicable to an even number of
uniformly spaced intervals on the X, axis, we find for the data of Table E4

08 l 1/2
"' ( + XA) ! IIXA = (avcragc he]gh[)((Otal width)
0

I — Xa
1(1) + 4(1.227) + 2(1.528) + 4(2) + 1(3)
_ [ ](o.s)
12
= 1.331
Analytical integration. From a table of integrals
08 /1] 1/2 0 L j——— |08
J. ( +X"), —J.H L+ Xa dX. = (arcsin Xa — V1 — X,2)| = 1.328
o 1 — Xa VT = X,2 Xa2 0 .

/Average height=17"

|~ Area 1 7(08) =136

0 08
X

FIGURE EA4.
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The method of integration recommended depends on the situation. In this problem
probably the numerical method is the quickest and simplest and gives a good enough
answer for most purposes.

So with the integral evaluated Eq. (i) becomes

(00625 mol/liter)*'?
~ (102 mol¥?/liter!2 - sec)

T

(1.3}) = 33.2 sec

EXAMPLE 5. Plug flow reactor volume
The homogeneous gas decomposition of phosphine
4PHa(g) -~ Py(g) + 6Ha
proceeds at 1200°F with first-order rate
~reug = (10/hr)Ceg,

What size of plug flow reactor operating at 1200°F and 4.6 atm can produce 80%,
conversion of a feed consisting of 4 Ib-mol of pure phosphine per hour.

SOLUTION
Let A = PH;, R = P,, S = H,. Then the reaction becomes

4A >R + 6S
with
—ra = (10/hr)C,

The volume of plug flow reactor is given by Eq. 17; thus

= Fao 22a
—ra o kCa

X
V=FA0J AdXa F XadX,

At constant pressure

1 + eaXa
hence
’ x g ((’x.
V= kFcA:JoAlfi——“X'?dX‘ -;;:, r,‘v
Integrating we obtain Eq. 21 or
Fu : Mo - Oy
V= o [(1 )iy - .AXA] irer G
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Evaluating the individual terms in this expression have:
Fao = 4 1b-mol/hr

k = 10/ht
_Pao _ X 4.6 atm _ s
Cao = R7 = @.729 Tatm/b-mol “R)(1660°R) ~ 00038 lo-mol/ft
7-4
e = = 075 1
Xa =08

hence the volume of reactor

4 Ib-mol/hr [

1 —_ 3
V = Gommio0038 oomerid 11+ 079 In 53 0.75(0.8)] = 234 ft

EXAMPLE 6. Test of a kinetic equation in a plug flow reactor

We suspect that the gas reaction between A, B, and R 1s an elementary reversible
reaction

ks
A+B<—,\-—~E R
2

and we plan to test this with experiments in an isothermal plug flow reactor.
(a) Develop the 1sothermal performance equation for these kinetics for a feed of
A, B, R, and nerts.
(b) Show how to test this equation for an equimolar feed of A and B.

SOLUTION
(a) Feed of A, B, R, and inerts. For this elementary reaction the rate is
Na Ng Ngr
. = -k =k, A8 g, R
ra kiCaCs k2Cr ky G 2 v

At constant pressure, basing expansion and conversion on substance A,

. = Nio = NaoXa Npo — NaoXa —k Niro + NaoXa
A YVl + eaXa) Vol + eaXa) 2 Vo(l + eaXa)
Letting M = Cgy/Cro, M’ = Cro/Cao, We obtain
- <
(= XM — X,) M’ + Xa
mrn =k Cag? o CARY T A M T AA
T A T X kaCoo 75073,

Hence, the design equation for plug flow, Eq. 17, becomes

T = C fXA, 4-& = J‘XA’ (’1 + ‘AXA)G dXA
%0 —ra  Jo kiCao(l = XaXM — Xp) — ka(M' + X1 + eaXa)

In this expression £, accouats for inerts present in the feed.
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(1-05X,)%dX,
1 Cao(1-Xp) 2 — k2 X(1-05X,)

° Eq. (i) predicts a
straight line
correlation

_.fx*’
o

dx,
=

/

7= V/ug
FIGURE E6.

(b) Equimolar feed of A and B. For Cao = Cgo, Cro = 0, and no inerts, we have
M=1 M =0 e = -0.'5; hence the expression for part a reduces to
J‘XA/ (1 —0.5X,)%dX,
T =
0 le'AO(l - A‘YA)2 - kaXA(] - OSXA)
Having V, v, and X,, for a series of experiments, separately evaluate the left side
and the right side of Eq. (i) and make the plot of Fig. E6. If the data fall on a reasonably

straight line then the suggested kinetic scheme can be said to be satisfactory in that it
fits the data.

@)

Holding Time and Space-time for Flow Systéms

To illustrate the distinction between the holding time (or mean residence time)
and the space-time for a flow reactor consider the following simple situations
illustrated in Fig. 7.
Case 1. Suppose 1 liter/sec of gaseous reactant A is introduced into a mixed
reactor. The stoichiometry is A — 3R, the conversion is 50%,, and under these
conditions the leaving flow rate is 2 liters/sec. Then by definition the space-time
for this operation is
_ ¥V _ _lliter

Tmixed = 30 = Tliter/sec
However, since each element of fluid expands to twice its volume immediately on
entering the reactor the holding or mean residence time is

SV ¥ e
mxed T oo(1 + eaXa) | v, - 2litersfsec %7

= 1 sec
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vo = 1 liter/sec
Xpo=0

-

Mixed reactor.
1 liter

Plug flow
— reactor
1 liter
vo = 1 hiter/sec vp = 2 liters/sec ~

X\=0 L Jx,=o05

AN

vy = 2 liters/sec

XA‘=045
Tm= 1 sec 7p =1 sec
fm =05 sec tp=05~1 sec

FIGURE 7. Sketch illustrating the difference between r and t for the
gas-phase reaction A — 3R.

Case 2. Suppose the previous conditions are for a plug flow reactor. Then by
definition the space-time is still

vV 1 liter

— = ————— = ] sec
vo 1 liter/sec

Tplug

However, since the gas reacts progressively as it passes through the plug flow
reactor, it expands correspondingly—not immediately on entering, and not all at
one time as it leaves—in which case

fowg = % ~ 1sec

The precise value of the holding time is determined by the particular kinetics of
the system.

Case 3. If this were a hiquid-phase system—not gas-phase—expansion would be
negligible, one liter would leave for each liter entering; thus, the holding time and
space-time would be identical, or

f=17=1sec

These examples show that 7 and r are not, in general, identical. Now which is
the natural performance measure “for steady-state flow reactors? For batch systems
it is the time of reaction; hence for flow systems we may suspect, by analogy, that
the_holding time is the appropriate measure. However, holding time does not
appear ar anywhere in the performance equations for flow systems developed in this
chapter, Eqs. 11-19, while it is seen that space-time or V/F,, do naturally appear.
Hence 7 or V/F,, are the proper performance measures for flow systems.

The above simple examples show that in the special case of constant fluid density
the space-time is equivalent to the holding time, hence these terms can be used
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interchangeably. This special case includes practically all liquid phase reactions.
However, for fluids of changing density, e.g., nonisothermal gas reactions or gas
reaction with changing number of moles, a distinction should be made between +
and 7 and the correct quantity should be used in each situation.

REFERENCE

Pease, R. N, J. Am. Chem. Soc., 51, 3470 (1929).

PROBLEMS

‘ l.)Consider a gas-phase reaction 2A = R + 2S with unknown kinetics. If a
space velocity of 1/min is needed for 90%, conversion of A in a plug flow reactor,
find the corresponding space-time and mean residence time or holding time of
fluid in the reactor. g (b

<
2¢ In an isothermal batch reactor 709, of a liquid reactant is converted in 13 min.
What space-time and space-velocity are needed to effect this conversion in a plug

flow reactor and in a mixed flow reactor. €< § "50,",)

3. We are planning to operate a batch regctor fo coonvert A into R. This is a
liquid reaction, the stoichiometry is A — R, and the rate of reaction is given in
Table P3. How Jong must we react each batch for the concentration to drop from
Cro = 1.3 mol/liter to C,, = 0.3 mol/liter.

TABLE P3

C, mol/liter — ra, mol/liter -min
0.1 0.1
0.2 0.3
0.3 0.5
0.4 0.6
0.5 0.5
0.6 0.25
0.7 0.10
0.8 0.06
1.0 0.05
1.3 0.045

20 _ 0.042
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4. For the reaction of Problem 3, what size of plug flow reactor would be needed
for 80%, conversion of a feed stream of 1000 mol A/hr at C,o = 1.5 mol/liter?

5. (a) For the reaction of Problem 3, what size of mixed flow reactor is needed
for 75%, conversion of a feed stream of 1000 mol A/hr at C,, = 1.2 mol/liter?
(b) Repeat part (a) with the modification that the feed rate is doubled, thus 2000
mol A/hr at C,, = 1.2 mol/liter are to be treated.

(c) Rgpeat part (a) with the modification that C,, = 2.4 mol/liter; however, 1000
mol A/hr are still to be treated down to C,, = 0.3 mol/liter.

6. One gaseous feed stream (1 liter/min) containing A (C,, = 0.01 mol/liter)
and a second gaseous feed stream (3 liter/min) containing B (Cy, = 0.02 mol/liter)
enter a mixed reactor 1 liter in volume and react to form a whole host of products
R, S, T,.... Analysis of the outgoing stream of 6 liters/min shows that C,, =
0.0005 mol/liter and Cg, = 0.001 fiol/liter. All flow rates and concentrations are
measured at the uniform temperature and pressure of the reactor. Find the rate of
reaction of A and the rate of formation of R in the reactor.

7 7. A homogeneous liquid phase reaction
A —> R, —Ta = kCAﬂ
takes place with 507, conversion in a mixed reactor.
ALa) What will be the conversion if this reactor is replaced by one 6 times as
01> large—all else remaining unchanged ?
.. _(b) What will be the conversion if the original reactor is replaced by a plug
ye 7 flow reactor of equal size—all else remaining unchanged?

\VAssuming a stoichiometry A <> R for a first-order gas reaction we calculate
the size of plug flow reactor needed for a given duty (99%, conversion of a pure A
feed) to be ¥ = 32 liters. In fact, however, the reaction stoichiometry is A — 3R.
With this corrected stoichiometry, what is the required reactor volume?

v . A high molecular weight hydrocarbon stream A is fed continuously to a
heated high temperature mixed reactor where it thermally cracks (homogeneous
gas reaction) into lower molecular weight materials, collectively called R, by a
stoichiometry approximated by A — SR. By changing the feed rate different extents
of cracking are obtained as follows:

F,q, millimol/hr 300 1000 3000 S000
Ca.our, millimol/liter 16 30 50 60

The internal void volume of the reactor is ¥ = 0.1 liter, and at the temperature of
the reactor the feed concentration is C,o = 100 millimol/liter. Find a rate equation
to represent the cracking reaction.

10. In the previous problem suppose the density change is ignored; in other
words, suppose we assumed e, = 0. What reaction order and kinetic equation
would we find for the reaction ?
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Note: A comparison of reaction orders for these two problems will suggest how
serious is the error in ignoring the ¢, factor.

sas

M. The aqueous decomposition of A is studied in an experimental mixed reactor.
The results in Table P11 are obtained in steady-state runs. To obtain 75%, con-
version of reactant in a feed, Cyo = 0.8 mol/litdf, what holding time is needed
(a) in a plug flow reactor, () in a mixed flow reactor.

TABLE PlI

Concentration of A, mol/liter

Holding Time, Cavorr

In F:?d In E()_((l\( Stream£ JEpC o, 5€C ( mwz 7:'

2.00 0.65 v 300 V\‘—W\";.s

2.00 092 | o5 240 uSx\e-

2.00 100 ¢ro 250 WSt

1.00 0.56 pub 110 L\f\or’é 3

1.00 - 0.37 o0- 63 360 s o0

0.48 042 elck 24 9 saie

0.48 028 6.9 200 YA

048 020 094 560 -4

?]a( From the following data find a satisfactory rate equation for the gas-phase
decomposition A — R + S taking place isothermally in a mixed reactor.

Run Number
7 based on inlet feed conditions, sec
X, (for C,o = 0.002 mol/liter)

1 2 3 4 5
0.423 5.10 13.5 440 192
022 063 075 0.88 0.96

13. The homogeneous gas reaction A — 3R follows second-order kinetics. For
a feed rate of 4 m®/hr of pure A at 5atm and 350°C, an experimental reactor
consisting of a 2.5 cm ID pipe 2 m long gives 607, conversion of feed. A commer-
cial plant is to treat 320 m3/hr of feed consisting of 507, A, 507, inerts at 25 atm
and 350°C to obtain 80%, conversion. A\ mad
(a) How many 2-m lengths of 2.5 cm ID pipe are required ?
(b) Should they be placed, insparallel or in series? o~ .
Assume plug flow 1n the pipe, neghgible pressure drop, and ideal gas behavior.

14. HoLMES: You say he was last seen tending this vat. . . .
SIR Boss: You mean “overflow stirred tank reactor,” Mr } olmes.
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HoLMEs: You.must excuse my ignorance of your particular technical jargon, Sir
Boss. ’

Sir Boss: That’s all right; however, you must find him, Mr. Holmes. Imbibit
was a queer chap; always staring into the reactor, taking deep breaths, and licking
his lips, but he was our very best operator. Why, since he left, our conversion of
googliox has dropped from 80, to 757,.

HOLMES (tapping the side of the vat idly): By the way, what goes on in the vat?
Sir Boss: Just an elementary second-order reaction, between ethanol and googliox,
if you know what I mean. Of course, we maintain a large excess of alcohol,
about 100to | and . . ..

HoLMES (interrupting): Intriguing, we checke® every possible lead in town and
found not a single clue.

Sir Boss (wiping away the tears): We'll give the old chap a raise—about twopence
per week—if only he’ll come back.

DRr. WaATsON: Pardon me, but may I ask a question?

HoLMES: Why certainly, Watson.

WATsON: What 1s the capacity of this vat, Sir Boss?

Sir Boss: A hundred Imperial gallons, and we always keep 1t filled to the brim.
That is why we call it an overflow reactor. You see we are running at full capacity—
profitable operation you know.

HoLMes: Well, my dear Watson, we must admit that we're stumped, for without
clues deductive powers are of no avail.

WATSON: Ahh, but that 1s where you are wrong, Holmes. (Then turning to the
manager) Imbibit was a largish fellow—say about 18 stone—was ha.not ?

Sir Boss, Why yes, how did you know?

HoLMES (with awe): Amazing, my dear Watson!

WATSON (modestly): Why it’s quite elementary, Holmes. We have all the clues
necessary to deduce what happened to the happy fellow. But first of all, would
someone fetch me some diil.

With Sherlock Holmes and Sir Boss impatiently waiting, Dr. Watson casually
leaned against the vat, slowly and carefully filled his pipe, and—with the keen
sense of the dramatic—Iit it. There our story ends.

(a) What momentous revelation was %Watson planning to make and how
did he arrive at this conclusion?
() Why did he never make 1t?

. The data in Table P15 have been obtained on the decomposition of gaseous
reactant A in a constant volume batch reactor at 100°C. The stoichiometry of the
reaction is 2A — R + S. What size plug flow reactor (in liters) operating at 100°C
and 1 atm can treat 100 mol A/hr in a feed consisting of 207, inerts to obtain 957,
conversion of A?
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TABLE PIS
t,sec Pas atm t, sec Da, atm
0 1.00 140 0.25
20 0.80 200 0.14
40 0.68 260 0.08
60 0.56 330 0.04
80 0.45 420 0.02
100 0.37

16. A 55-gal tank (208 liters) 1s to be used as a mixed reactor to effect the
reaction of the previous problem. For identical feed and identical operating con-
ditions, what conversion of A may be expected from thts reactor?

7. An aqueous reaction is being studied in a laboratory-size steady-state flow
system. The reactor is a flask whose contents (5 liters of fluid) are well stirred and
uniform in composition. The stoichiometry of the reaction is A — 2R, and reactant
A is mtroduced at a concentration of 1 mol/liter. Results of the experimental
investigation are summarized in Table P17. Find a rate expression for this
reaction.

TABLE PI7
Temperature Concentration of R
Feed Rate, of Run, in Effluent,
Run cm®/sec °C mol/liter
1 2 13 1.8
15 13 1.5
3 15 84 1.8
o

}l{ The homogeneous gas reaction A — 2B is run at 100°C at a constant pressure
of 1 atm in an experimental batch reactor. The data in Table P18 were obtained
starting with pure A. What size plug flow reactor operated at 100°C and 10 atm
would yield 90%, conversion of A for a total feed rate of 10 mol/sec, the feed
containing 40%, inerts?
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TABLE Pis

Time, min ViV Time, min ViV,
0 1.00 8 1.82
1 1.20 9 1.86
2 1.35 10 1.88
3 1.48 11 1.91
4 1.58 12 1.92
5 1.66 13 1.94
6 1.72 14 1.95
7 1.78

19. Find the rate equation for the decomposition of liquid A from the results
of the kinetic runs made 1 a mixed reactor at steady state (Table P19).

TABLE P19
Concentration of A Concentration of A Mean Residence Time
Liquid in Feed, in Reactor, of Fluid in Reactor,  Temperature,
mol/liter mol/liter sec °C
1.0 0.4 220 4
1.0 0.4 100 57
1.0 0.4 30 77
1.0 0.1 400 52
1.0 0.1 120 72
1.0 0.1 60 84

20.* At 600°K the gas-phase reaction
» ‘\ ky

C,H, + Br, <__‘;_’ C,H Br;
3

has rate constants
k, = 500 liter/mol - hr
2 = 0.032 hr?
. Ploplcms 520, 5.22, and 14 10 either are taken directly from or are modified versions of

problems given in Chemical Engineering Problems, 1946, edited by the Chemical Engincering
Education Projects Committee. American Institute of Chemical Engineers, 1955
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If a plug flow reactor is to be fed 600 m®/hr of gas containing 60%, Br, and 307,
C,H, and 107, inerts by volume at 600°K and 1.5 atm compute -
(a) the maximum possible fractional conversion of C;H, into C,H,Br,, C" '
(b) the volume of reaction vessel required to obtain 60%, of this maximum
conversion.

21. It has been reported that the reaction

CH,OH CH,OH
| + NaHCO,; — | " + NaCl + CO,
CH,Cl CH,OH
ethylene ethylene

chlorhydrin glycol

is elementary with rate constant k = 5.2 liter/mol- hr at 82°C. On the basis of this
information we wish to construct a pilot plant to determine the economic feasibility
of producing ethylene glycol from two available feeds, a 15 wt %, aqueous solution
of sodium bicarbonate and a 30 wt %, aqueous solution of ethylene chlorhydrin.
(a) What volume of tubular (plug flow) reactor will produce 20 kg/hr ethylene
glycol at 959, conversion of an equimolar feed produced by intimately
mixing appropriate quantities of the two feed streams.
(b) What size mixed reactor 1s needed for the same feed, conversion, and
production rate as in part (a)?
Assume all operations at 82°C, at which temperature the specific gravity of the
mixed reacting fluid is 1.02.

22. Experimental work by Pease (1929) indicates that the pyrolitic polymeriza-
tion of acetylene 1n the gas phase follows second-order kinetics and occurs so that
0.009 of the acetylene 1s converted into an average tetramer complex, 4C,H, —
(C,H,),, in 1 sec at 550°C and 1 atm. An estimation of plant performance is to be
made from this information. The units available consist of five 1dentical tubular
furnaces, each comprising 47 tubes, each 3.5 m long and 5 cm ID. The five units
are to be operated continuously 1n parallel, are to be fed gas at 20 atm, and are to
be maintained at such a temperature that the reaction may be considered to occur
isothermally at 550°C The total gas feed rate to the plant 1s to be 1000 m3/hr
measured at 20 atm and 550°C. The analysis of the feed gas 1s 80 vol 7, acetylene
and 20 vol %, nerts. For estimation purposes the pressure drop through the
system may be neglected, and the ideal gas law may be assumed to apply.

(a) Compute the production rate of the tetramer complex for the entire plant
in kg/hr.

(b) If the five units are operated in series, compute the gas feed rate that may
be used if the fraction of conversion of acetylene 1s to be the same as 1t 1s
in part (a).



DESIGN FOR
SINGLE
REACTIONS

There are many ways of processing a fluid: i1n a single batch or flow reactor, in a
chain of reactors possibly with interstage feed injection or heating, in a reactor with
recycle of the product stream using various feed ratios and conditions, and so on.
Which scheme should we use? Unfortunately numerous factors may have to be
considered in answering this question; for example, the reaction type, planned scale
of production, cost of equipment and operations, safety, stability and flexibility of
operation, equipment life expectancy, length of time that the product 1s expected
to be manufactured, ease of convertibility of the equipment to modified operating
conditions or to new and different processes. With the wide choice of systems
available and with the many factors to be considered, no neat formula can be
expected to give the optimum €@tup. Experience, engineering judgment, and a
sound knowledge of the characteristics of the various reactor systems are all needed
in selecting a reasonably good design and. needless to say, the choice in the last
analysis will be dictated by the economics of the over-all process.

The reactor system selected will influence the economics of the process by
dictating the size of units needed and by fixing the ratio of products formed. The
first factor, reactor size, may well vary a hundredfold among competing designs
while the second factor, product distribution, is usually of prime consideration
where it can be varied and controlled.

In this chapter we deal with single reactions. These are reactions whpse progress
can be described and followed adequately by using one and only one rate expression
coupled with the necessary stoichiometric and equilibrium expressions. For such

124
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reactions product distribution is fixed; hence, the important factor in comparing
designs is the reactor size. We consider in turn the size comparison of various single
and multiple ideal reactor systems. Then we introduce the recycle reactor, and
develop its performance equations. Finally, we treat a rather upique type of reac-
tion, the autocatalytic reaction, and show how to apply our findings to it.

Design for multiple reactions, for which the primary consideration is product
distribution, is treated in the next chapter.

SIZE COMPARISON OF SINGLE REACTORS

\‘\\ B —
) 6" 3
Batch Reactor

First of all, before we compare flow reactors, let us mention the batch reactor
briefly. The batch reactor has the advantage of small instrumentation cost and
flexibility of operation (may be shuf down easily and quickly). It has the dis-
advantage of high labor and handling cost, often considerable shutdown time to
empty, clean out, and refill, and poorer quality control of the product. Hence we
may generalize to state that the batch reactor is well suited to produce small
amounts of material or to produce Thany different preducts from one piece of
equmnt. On the other hand, for the chemical treatment of materials in large
amounts the continuous process is nearly always found to be more economical.

Regarding reactor sizes, a comparison of Egs. 5.4 and 5.19 for a given duty and
for ¢ = 0 shows that an element of fluid reacts for the same length of time in_the
batch and in the plug flow reactor. Thus the same volume of these reactors is
needed to do a given job. Of course, on a long-term production basis we must
correct the size requirement estimate to account for the shutdown time between
batches. Thus it is easy to relate the performance capabilities of the batch reactor
with the plug flow reactor.

Mixed Versus Plug Flow Reactors, First- and Second-order Reactions

For a given duty the ratio of sizes of mixed and plug flow reactors will depend on
the extent of reaction, the stoichiometry, and the form of the rate equation. For the
general case a comparison of Eqgs. 5.11 and 5.17 will give this size ratio. Let us
make this comparison for the large class of reactions approximating the simple nth-
order rate law
1 dN
=y g =kew
where n varies anywhere from zero to three. For mixed flow Eq. 5.11 gives

r o= (CAOV) - CAOXA - l XA(] + ‘AXA)”
" Fpo /m =ra kCie' (I - X"
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whereas for plug flow Eq. 5.17 gives
CAQ Xa dXA 1 xA(l + GAXA)" dXA“
Tp = = CAO kC

Fyo (1= X"
Dividing we find fhag 5
(CAo"V) [X (l + eAXA)"]
(TC l)m = FAO mo__ L A 1 — XA m (l)
RN i [N
a0 Jp o (I —X) 774,
With density constant, or e = 0, this expression integrates to
(+CRs 1)m _ (1 - XA)H m )
(SRR (U A ConEl
n—1 »
or @)

(%)
(7CR5 l — Xa/m

(Cis D, ~In(1 = Xy,

Equations 1 and 2 are displayed in graphical form in Fig. 1 to provide a quick
comparison of the performance of plug flow with mixed flow reactors. For idenucal
feed composition C,, and flow rate F,, the ordinate of this figure gives directly the
volume ratio required for any specified cpnversion Figure 1 shows the following.

1. For anww all posmve reaction_opders the mixed
reactor is always larger than the plug flow reactor The ratio of volumes increases
with or aer For zero-order reacnonsrea"“cm“r snze is mdepen ent of the type of flow.

“When conversion is “small, the reactor performance is only slightly affected
by ﬂow type, the volume ratio approaching umty as conversion approaches zero.
Thé ratio increases v&ry rapidly at high conversion; consequently a proper repre-
sentation of the flow becomes very important in this range of conversion.

3. Density variation during reaction affects design; however, it is normally of
secondary importance compared to the difference in flow type. Expansion (or
density decrease) during reaction increases the volume ratio, in other words,
further decreases the effectivenes. of the mixed reactor with respect to the plug flow
reactor; density increase during reaction has the opposite effect.

Figures 5 and 6 show the same first- and second-order curves for ¢ = 0 but also
include dashed lines which represent fixed values of the dimensionless reaction rate
group, defined as

n=1

k= for first-order reaction
kC ot for second-order reaction
kC2s tr for nth-order reaction
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100 N S N

ANG| 1 111
N \Third order (n = 3)
RN

—
o
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(Cro™ ViFro)uug
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n=1
A0
(Cis I)nlug
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1-X,

FIGURE |. Comparison of performance of single mixed and plug flow
reactors for the nth-order reactions

A — products, —r, = kC}

The ordinate becomes the volume ratio V,/V, or space-time ratio 7n/7, If
the same quantities of identical feed are used.

With these lines we can compare different reactor types, reactor sizes, and con-

version levels.
Example 1 illustrates the use of these charts.

Variation of Reactant Ratio for Second-order Reactions
Second-order reactions of two components and of the type

A+ B> products, M = CBO/CAO

L 3

(3.13)
—Fp = =—Ip = kCACB
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behave as second-order reactions of one component when the reactant ratio is
unity. Thus

—ra = kC)Cs = kC,2 "~ when M =1 3)

On the other hand, when a large excess of reactant B is used then its concentration
does not change appreciably (Cy ~ Cpo) and the reaction approaches first-order
behavior with respect to the limiting component A, or

—ra = kCoCy = (kCgo)Ca = K'Cs  when M > 1 )

Thus in Fig. 1, and in terms of the limiting component A, the size ratio of mixed
to plug flow reactors is represented by the region between the first-order and the
second-order curves.

It is usually more economical in cost of reactants and equipment (reactor size)
to use uneyual molar (uantities of the two active feed components. This factor also
influences the cost of separating products from unused reactants. It is important
then to include the molar feed ratio as a variable in the search for optimum over-all
operations. Problems at the end of this chapter deal with this question.

General Graphical Comparison

For reactions with arbitrary but known rate the performance capabilities of mixed
and plug flow reactors are best compared by using the graphical representations of
Figs. 5.4 and 5.6. This is illustrated in Fig. 2. The ratio of shaded areas gives the
ratio of space-times needed in these two reactors.

The rate curve drawn in Fig. 2 is typical of the large class of reactions whose rate
decreases continually on approach to equilibrium (this includes all nth-order reac-
tions, n > 0). For such reactions it can be seen that mixed flow always needs a

larger volume than does plug flow for any given duty. ~—___

Any rate curve
o~

Y /

t
=

Area = 7p/Cyy

Nl
Xar
’ FIGURE 2. Comparison of performance of

mixed flow and plug flow reactors for any
reaction kinetics.
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EXAMPLE |. Reactor performance from design charts
The aqueous reaction A + B — products with known kinetics
—ra = (500 liter/mol- min)C,Cy

is to take place in an experimental tubular reactor (assume plug flow) under the follow-
ing conditions:

volume of reactor V = 0.1 liter
~volumetric feed rate v = 0.05 liter/min
concentrayion of reactants in feed, Cao = Cgo = 0.01 mol/liter

(a) t fractional conversion of reactants can be expected ?
(b) Folthe same conversion as in part (a), what size of stirred tank reactor (assume
xed flow) is needed?
(¢) What conversion can be expected in a mixed reactor equal in size to the plug
flow reactor?

SOLUTION
For an equimolar feed we may treat this as a second-order reaction of the type

A —> products, —ra = kC,?
—

in which the performance charts, Figs. 1 and 6, apply. The sketch of Fig. E1 shows how
these charts are used.
(a) Conversion in plug flow. The space-time is

VCao 14 0.1 liter

T = =

Fro = 0 = 005 literjmin ~ 2 ™in

therefore, the value of the second-order reaction rate group is
kCaor = (500 liter/mol- min)(2 min)(0.01 mol/liter) = 10
From the plug flow line of Fig. 6 and the calculated value for kC,or we find

Conversion: X, = Xp = 091~ ‘

100
Vm
v ok | kCpo = 10 |
|
: ¢
yd
1 I
0.01 a 1
C/Co

FIGURE El.
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(b) Size of mixed reactor for identical treatment rate of feed. For identical C,, and
F., the ordinate of Fig. 1 or 6 reduces to the volume ratio of the two reactors, V,/V,.
Thus for the same X, we find

in which case
Va = (11)(0.1 liter) = 1.1 liter

(¢) Conversion in a mixed reactor of the same size. For the same size reactor we must
remain on the same kC,o7 line. Thus moving along this line from plug to mixed flow
in Fig. 6 we find

Conversion: X, = 0.73
The graphical method was used 1n this example to illustrate the use of these

charts. Analytic solution is also possible. The following examples illustrate the
latter approach in searching for optimum operating conditions.

EXAMPLE 2V Finding the optimum reactor size
One hundred gram moles of R are to be produced hourly from a feed consisting of a
saturated solution of A (Cao = 0.1 mol/liter) in a mixed flow reactor. The reaction 1s
A >R, ra = (0.2 hr=')C,
Cost of reactant at C,o = 0.1 mol/hiter is
$4 = $0.50/mol A

Cost of reactor including installation, auxiliary equipment, instrumentation, overhead,
labor, depreciation, etc., is

$m = $0.01/hr-liter

What reactor size, feed rate, and conversion should be used for optimum operations?
What is the unit cost of R for these conditions if unreacted A s discarded ?
SOLUTION

This is an optimization problem which balances high fractional conversion (low reactant
cost) in a large reactor (high equipment cost) on the one hand versus low fractional
conversion in a small reactor on the other. The solution involves finding an expression
for the total cost of the operation and minimizing it. On an hourly basis the total cost is

volume o cost feed rate unit cost
s:, = +
reactor /\(hr)(volume of reactor) of reactant/\of reactant

= VS,,, + FAosA

Let us evaluate the terms in this cost equation. For a first-order reaction Eq. 5.11 gives

FAOXA

V= ———
kCao(l = Xi)
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Noting that the rate of production of R
Fr = FaoXa = 100 mol/hr
we can eliminate F,o and can write the total cost expression in terms of one vériable
alone, X,. Thus
Fr Fg

= —_——— + —

KkCao(l — XA) S Xa
_ 100
T 0.2)0.1)1 — Xa)
_ 5 + 50
T 1= Xa Xa

To find the condition for minimum cost, differentiate this expression and set to zero.
Thus

$. $a

100

ds) _o_ %0 50
dx, 1= Xa)?  Xa?
or
Xa =05
Hence the optimum conditions are
Conversion:
Xa =05
Feed rate:
Fao = % = -(1)%0 = 200 mol A/hr or v = g—-:: = 2000 liter/hr

Reactor size:

FaoXa 100

V= el = %0 ~ (00.1%03)

= 10,000 hiter

Cost of product:

S, VSm+ FaoSa _ 10,00000.01) + 200(0.5)
7 = = = 00 = $2.00/mol R

EXAMPLE 3. Finding the best size for a reactor and reclaiming unit

Suppose all unreacted A of the product stream of Example 2 can be reclaimed and
brought up to the mmtial concentration Cao = 0.1 mol/hiter at a total cost §; =
$0.125/mol A processed (Fig. E3). With this reclaimed A as a recycle stream, find the
new optimum operating conditions and ymit cost of producing R.

SOLUTION
The solution involves finding a balance between low reactor and high recycle cost on
the one hand and high reactor and low recycle cost on the other. Referring to the
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Product stream
contains R but no A
F, = F,, = 100 mol/hr

Feed to
Fresh feed reactor
Fpg mol/hr F,, mol/hr ¢
Cag = 0.1 mol/iiter Cp =01 Unreacted A
mol/liter Fy=Fal=X,)

mol/hr

R formed
Fp=F, X,

Extractor
(separator)

Reactor

Recycle stream contains A but no R

F,, (1 = X,) mol/hr
Cao = 01 mol/hter

FIGURE E3.

accompanying sketch which indicates all flowing streams 1n terms of F, the hourly
molar flow rate, we find by material balance that

Fr = FaXa = Fao = 100 mol/hr
The total hourly cost 1s then given by

5, = (volume of)(hourly cost per uml) ( feed rate of )( untt cost of )
¢ reactor volume of reactor fresh reactant/ \fresh reactant

( feed rate of )( unit cost of )
reclaimed reactant/\reclaimed reactant

= VSm + FAQ$A + Fm(l - XA)S,
With feed rate to the reactor F,, we have

FAlXA

o= - ATA
kCao(l — Xa)

Eliminating Fa, by the material balance, the total cost expression can be then written
as a function of a single variable X,. Thus

- Fao . _Fﬁ _
R T AR IS A R
= lw ’ 1 - XA
= 020N = Xy 00D + 10005 + 100( X )(0.125)
__3 1 - X,.)
=t S0+ 12.5( 5
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By differentiating and setting to zero, we obtain the condition for minimum cost. Thus

4% _o___ %0 125
dx, =~ (A -=X) X,*
or
Xa = 0.33

Hence for optimum operations:
Conversion within reactor:

Xa = 0.33
Reactor size:

100

V= 02x0.000.67

= 7500 liters

Flow rate into reactor:

Fay = %’ =300 mol A/hr  or v = 3000 liter/hr
A

Recycle rate:
Fay — Fao = 200 mol A/hr or v’ = 2000 liter/hr
Cost of product:

$. _ 50/0.67 + 50 + 12.5(0.67/0.33) _
Fan 100 -

$1.50/mol R

MULTIPLE-REACTOR SYSTEMS

Plug Flow Reactors in Series and/or in Parallel

Consider N plug flow reactors connected in series, and let X, Xj, ..., Xy be the
fractional conversion of component A leaving reactor 1,2,..., N. Basing the
material balance on the feed rate of A to the first reactor, we find for the ith reactor
from Eq. 5.18

Lo [no
Fo X1 -~r
or for the N reactors in series
v _ _lﬁ_V,+V,+~-+V~
Fo - Fo n Fo

(" &, "i¥+...+J"‘" ax _ [wax
Xo=0 =T x, —=r Xy_y —T 0 =T7a
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Hence N plug flow reactors in series with a total volume ¥ gives the same conversion
as a single plug flow reactor of volume l} B

“For plug flow reactors connected in parallel or in any parallel-series combina-
tion, we can treat the whole system as a single plug flow reactor of volume equal‘to
the total volume of the individual units if the feed is distributed in such a manner
that fluid streams which meet have the same composition. Thus for reactors in
parallel V/F or ~ must be the same for each parallel line. Any other way of feeding
is usually less efficient.

EXAMPLE 4. Operating a number of plug flow reactors

The reactor setup shown in Fig. E4 consists of three plug flow reactors in two parallel
branches. Branch D has a reactor of volume 50 liters followed by a reactor of volume
30 liters. Branch E has a reactor of volume 40 liters. What fraction of the feed should

go to branch D?
Branch D
V = 50 liters [)———(] V = 30 Iiters D——

———

V = 40 liters D————
Branch E

FIGURE E4.

SOLUTION

Branch D consists of two reactors in series; hence it may be considered to be a single
reactor of volume

Vo = 50 + 30 = 80 liters

Now for reactors in parallel ¥/F must be identical if the conversion is to be the same in
each branch. Therefore
(7). - (2)
Flo ~ \Fle

or

Therefore two-thirds of the feed must be fed to branch D.

Equal-size Mixed Reactors in Series

In plug flow the concentration of reactant decreases progressively through the
system; in mixed flow the concentration drops immediately to a low value. Because
of this fact a plug flow reactor is more efficient than a mixed reactor for reactions

— .
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whose rates increase with reactant concentration, such as nth-order irreversible

reactions, 7> 0. ~
onsider a system of N mixed reactors connected in series. Though the concen-
tration is uniform in each reactor, there is nevertheless a change in concentration
as fluid moves from reactor to reactor. This stepwise drop in concentration,
illustrated in Fig. 3, suggests that the larger the number of units in series the closer
should the behavior of the system approach plug flow. This will be shown to be so.
Let us now quantitatively evaluate the behavior of a series of N equal-size
mixed reactors. Density changes will be assumed to be negligible; hence ¢ = 0 and
t = 7. As arule, with mixed reactors it is more convenient to develop the necessary
equations 1n terms of concentrations rather than fractional conversions; therefore

we use this approach. The nomenclature used is shown in Fig. 4 with subscript i
referring to the ith vessel.

First-order Reactions. From Eq. 5.12 a material balance for component A about
vessel i gives
_GVi _ Vi Co(Xi — Xi_y)
Ty = = = ——————————
F, v —ra
Because ¢ = 0 this may be written in terms of concentrations. Hence
Gl = CJC) = (1 = CWJC)) _ Cioi = G
! " kG kC,

or

Ci_,
(o

=1+ kn )

CA, n

N _~N>30

\ \{;-P!ug flow

N
N\

N / Five mixed reactors, N = 5
N\,
N

AN

N
AN
~

u.__al\ - Single mixed reactor, N = 1
/é“l___,___
O e PP ——-l== Ca, out
‘ Volume through 5
[} reactor system

FIGURE3. Concentration profile through an N-stage mixed reactor system
compared with single flow reactors.
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Cie1, X211 Cn-1s XNy

CoXo=0 T. cCuxy CaXs C. X,
Fo,v ¥
@ @ e @ oo
Vi, Va, T2 VvV,

FIGURE 4. Notation for a system of N equal-size mixed reactors in series.

Now the space-time = (or mean residence time t) is the same in all the equal-siz
reactors of volume V. Therefore

Cy 1 CoC: Cy_,

S I S R YT 6a
Cy 1T -Xy GCC, Cy ( ) (
i~ Y
\y .
30 i
T First-order I
reaction
s | K
& -
2510 \K/ -
()
§ E \‘\ 20
>30< N
- — T~
S) LT
[} - 10
H 41
a4 Sr2 | 4-r .
] /’T/ \\ //\
Slh‘ - N = \N =l s
N = 3T T ~
N 22~r~~~\5< 3
L /7—:_\__‘::-”_'\ :
1.0 /',7\]--; N =10 ' y. | =
001 0.1 1
1-X, = S
AT Cro

FIGURE 5. Comparison of performance of a series of N equal-size mixed
reactors with a plug flow reactor for the first-order reaction

A—R, e=0

For the same processing rate of identical feed the ordinate measures the volume
ratio Yy/V, directly.
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Fk\) = i*,{ l"‘t'x)f(u)\
Rearranging, we find for the system as a whole .
{99 ] a TV

~ N [[{C)\'¥
TN reactors ={¢rl = ": (;‘;) &= '1 Voo (‘4(6b)
o ‘ y . (¥ e
[n the limit, for N — co, this equation reduces to the plug flow equatxo;n V. ke
» 0" e (7
1. G
Ty = } In ? . (7)
oy b <& Yy THAS
e L RD P LR
oo ta AL (S ( 1
A R S R . 7 XA
s . < =
100 - £ T ! jL ' A
AN Second order
4»‘ reaction
N\, \'(;9
7
$
9)
SING
Y
-3 L .
23| | s NS Lo
;3 ) 4 s / N\‘i ?( &
N > / i A / N N
«3E 10 oA - - s
SIS Z A7 A
[ = Vs, —p—F < %)\
Ha AN A e N o
3 o
2|3 AT 3
EIR - RN B
7 7 \ 7 :
'V\%Qﬁ’ e JanY /’ -rr’il—%{
/ 7 1
ﬁ\‘ 7 Ak '7"\\ , A //

7 ] 7‘\% \7":\ > ‘: I,b
_‘s/‘“‘\v’wi'é‘ Zh""\,\’\\_\\,ii\ % b\
’_"';‘ﬁl_ N=10 |7] "‘L‘NN \N

7/ , | ! N §
,'f-N = oo (pllg fibw) J, ",JM
10 L b .’ ';.
oot - ol 0.1 AN 10
~

-

¢ (A 1=X,= O

NN - e
N
FIGURE 6. Comparison of performance of a series of N equal-size mixed
reactors with a plug flow reactor for elementary second-order reactions

2A — products
A + B—> products, Cao = Cpo

with negligible expansion. For the same processing rate of identical feed the
ordinate measures the volume ratio Vy/V, or space-time ratio /7, directly.
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With Eqs. 6b and 7 we can compare performance of N reactors in series with a
slug flow reactor or with a single mixed reactor. This comparison is shown in Fig. 5
‘or first-order reactions in which den§ity variations are negligible.

Second-order Reactions. We may evaluate the performance of a series of mixed
reactors for a second-order, bimolecular-type reaction, no excess of either reactant,
by a procedure similar to that for a first-order-reaction. Thus for N reactors in

series we find
__JN ) (8a)

1
4kn( 2+ 2N —1- +2\/-1+2\/1+4cokf,

whereas for plug flow

Cy =

-CC—" = 1 + Cokr, g (8b)

The results are presented in Fig. 6.

Figures 5 and 6 support our intuition by showing that the volume of systetu
required for a given conversion decreases to plug flow volume as the number of
reactors in series is increased, the greatest change taking place with the addition of
a second vessel to a one-vessel system.

EXAMPLE 5. Mixed flow reactors in series

At present 907, of reactant A is converted into product by a second-order reaction in
a single mixed flow reactor. We plan to place a second reactor similar to the one being
used in series with it.
(a) For the same treatment rate as that used at present, how will this addition
affect the conversion of reactant?
(b) For the same 90%, conversion, by how much can the treatment rate be in-
creased ?

SOLUTION

The sketch of Fig. ES shows how the performance chart of Fig. 6 can be used to help
solve this problem.

(@) Find the conversion for same treatment rate. For the single reactor at 90%, con-
version we have from Fig. 6 v

kCor = 90

For the two reactors the space-time or holding time is doubled; hence the operation
will be represented by the dashed line where

kCor = 180

This line cuts the N = 2 line at a conversion .Y = $7.47,.

(8) Find the treatment rate for the same conversion. Staying on the 90%, conversion
line we find for N = 2 that

kCo‘r = 27.5
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100
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FIGURE ES.

Comparing the value of the reaction rate group for N = 1 and N = 2 we find

(kCor)y=z _ Tw=2 _ (V[U)v=2 _ 27.5 /fﬂ

(kCo7)n =1 TN=1 (V/[v)n =1 B W

Since Vyaa = 2Vy.1 the ratio of flow rates becomes

Un=2 90 _
v = ZT.S(Z) = 6.6

Thus the treatment rate can be raised to 6.6 times the original.

Note. If the second reactor had been operated in parallel with the original unit thet.
the treatment rate could only be doubled. Thus there is a definite advantage in operating
these two units in series. This advantage becomes much more pronounced at higher
conversions.

Performance charts different in kind from Figs. 1, 5, and 6 are given by
MacMullin and Weber (1935), Jenney (1955), Lessells (1957), and Schoenemann
(1958).

Mixed Flow Reactors of Different Sizes in Series

"

For arbitrary kinetics in mixed reactors of different size two types of questions may
be asked: how to find the outlet conversion from a given reactor system, and the
inverse question, how to find the best setup to achieve a given conversion. Different
procedures are convenient for these two problems. We treat them in turn.
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Finding the Conversion in a Given System. A graphical procedure for finding the
outlet composition from a series of mixed reactors of various sizes for reactions
with negligible density change has been presented by Jones (1951). All that is
needed is an r, versus C, curve to represent the reaction rate at various con-
centrations.

Let us illustrate the use of this method by considering three mixed reactors in
series with volumes, feed rates, concenirations, space-times (equal to residence
times because ¢ = 0), and volumetric flow rates as shown in Fig. 7. Now from
Eq. 5.11, noting that ¢ = 0, we may write for component A in the first reactor

- Vl Co - C1
=t = — =
TR T
or’
1 _ (=

n G -G ©)
Similarly from Eq. 5.12 for the ith reactor we may write

o _GEne (10)

T C - Cl-—l

Plot the C versus r curve for component A and suppose that it is as shown in Fig. 8.
To find the conditions in the first reactor note that the inlet concentration C, is
known (point L), that C, and (—r), correspond to a point on the curve to be found
(point M), and that the slope of the line LM = MN/NL = (—r),/(C, — Co) =
—(1/7,) from Eq. 9. Hence from C, draw a line of slope —(1/7,) until it cuts the
rate curve. This gives C,. Similarly we find from Eq. 10 that a line of slope —(1/73)
from point N cuts the curve at P, giving the concentration C; of material leaving
the second reactor. This procedure is then repeated as many times as needed.
With slight modification this graphical method can be extended to reactions in
which density changes are appreciable.

\
N

oY

—_— C
Cl’ v Fl - Fo Co C’, v, Fj - Fo hid

:0

Co, v, Fy

C,
CuuFa=Fo g
Vi, Vs, 13 g
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1

Rate versus
concentration M
curve
i Siope = "" - = =L gon 0.9
-r |
p : (=) 1
| ! Slope = C’_él--;(mcq.lo)
i\
1\ ! |
'\ 'N L
C3 Co C Co

Reactant concentration

FIGURE 8. Graphical procedure for finding compositions in a
series of mixed reactors.

Determining the Best System for a Given Conversion. Suppose we want to find
the minimum size of two mixed reactors in series to achieve a specified conversion
of feed wIiCh 1éacts with arbitrary but known kinetics. The basic performance
expressions, Egs. 5.11 and 5.12, then give, in turn, for the first reactor

T X,

—_—= 1 11

G~ ab

o | |
g-o{%xl bxa g:g_)clo X CLXz

—ap
Co -
Fo 1 __J . Fo ____J T2
Vy T2 71 Va
V2 Vi

Area measures
size of first unit

T Of second unit

0 X; X

~

FIGURE 9. Gra-phlczl representation of the variables for two mixed reactors in
series '
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and for the second reactor
T2 X, - X,

o T (12)

These relationships are displayed in Fig. 9 for two alternative reactor arrangements,
both giving the same final conversion X,. Note, as the intermediate conversion X,
changes, so does the size ratio of the units (represented by the two shaded areas)
as well as the total volume of the two vessels required (the total area shaded).

Figure 9 shows that the total reactor volume is as small as possible (total shaded
area is minimized) when the rectangle KLMN is as large as possible. This brings
us to the problem of choosing X (or point M on the curve) so as to maximize the
area of this rectangle. Consider this general problem.

Maximization of Rectangles. In Fig. 10, construct a rectangle between the -1
axes and touching the arbitrary curve at point M(x, y). The area of the rectangle
is then

A= xy (13)
This area is maximized when

dA =0 =ydx + xdy
or where
dy _y

Tax Tk (14
In words, this condition means that the area is maximized when M is at that point
where the slope of the curve equals the slope of the diagonal NL of the rectangle.
Depending on the shape of the curve, there may be more than one or no “best”
point. However, for nth-order kinetics, n > 0, there always is just one ‘“‘best”
point.

We will use this method of maximizing a rectangle in later chapters. But let us

return to our problem.

Arbitrary

. dy)
N Slope = (— &
- Diagonal = 7

x K N

] x . x
FIGURE 10. Graphical procedure for maximizing the area of a
rectangle.
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-

Diagonal of
rectangle

L/

FIGURE Il. Maximization of
rectangles applied to find the opti-
mum intermediate conversion
and optimum sizes of two mixed
reactors in series.

The optimum size ratio of the two reactors 1s achieved where the slope of the rate
curVe at Mequals the diagonal NL. The best value of M 1s shown in Fig. 11, and
this determines the intermediate conversion X, as well as the size of units needed.

The optimum size ratio for two mixed reactors in series 1s found in general to be
dependent on the kinetics of the reaction and on the conversion level. For the
special case of first-order reactions equal-size reactors are best; for reaction orders
n > 1 the smaller reactor should come first; for n < 1 the larger should come first
(see Problem 3).

Charts showing the optimum size ratio for various n values and conversion levels
are given by Szepe and Levenspiel (1964). Since the advantage of the minimum
size system over the equal-size system 1s found to be quite small, only a few percent
at most, over-all economic consideration would nearly always recommend using
equal-size units.

The above procedure can be extended directly to multistage operations (see
Problem 14); however, here the argument for equal-size units 1s stronger still than
for the two-stage system.

Reactors of Different Types in Series

If reactors of different types are put in series, such as a mixed reactor followed by
a plug flow reactor which in turn is followed by another mixed reactor, we may write
for the three reactors
Vl_}x’l—)(‘J l’_z-f"’dx Va_ Xs— X,
Fy ("’)1 Fo x, —r Fy (=r)s
These relationships are represented in graphical form in Fig. 12. This aliows us to
predict the over-all conversions for such systems, or conversions at intermediate
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Rate-concentration

a Xm0 4 curve W
Fo -
j Area F, :

Co f
X, Xs ;1.;
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i Va X Y T
[\ a Fﬁ,
Vs 0 X: X2 X3

FIGURE 12. Graphical design procedure for reactors in
series.

points between the individual reactors. These intermediate conversions may be
needed to determine the duty of interstage heat exchangers.

Best Arrangement of a Set of Ideal Reactors. For the most effective use of a
given set of ideal reactors we have the following general rules:

1. For a reaction whose rate-concentration curve rises monotonically (any
nth-order reaction, n > 0) the reactors should be connected in series. They should
be ordered so as to keep the concentration of reactant as high as possible if the
rate-concentration curve is concave (n > 1), as low as possible if the curve is
convex (n < 1). As an example, for the case of Fig. 12 the ordering of units should
be plug, small mixed, large mixed, for n > gthe reverse ordering should be uséd

" 2. For reactions where the rate-concentration curve passes through a maxi-
mum or minimum the arrangement of units depends on the actual shape of curve,
the conversion level desired, and the units available. No simple rules can be
suggested.

3. Whatever may be the kinetics and the reactor system, an examipation of the
1/(—r,) versus C, curve is a good way to find the best arrangement of units.

The problems at the end of this chapter illustrate these findings.

RECYCLE REACTOR

Incertain situations it is found to be advantageous to divide the product stream from

a plug flow reactor and return a portion of it to the entrance of the reactor. Let the
recycle ratio R be defined as

volume of fluid returned to the reactor entrance
R = - (15)
volume leaving the system
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This recycle ratio can be made to vary from zero to infinity. @cﬂcction suggests
that as the recycle ratio is raised the behavior shifts from plug flow (R = 0) to
mixed flow (R = oo)JThus recycling provides a means for 'obtaiﬁing various
degrees of backmixing with a plug flow reactor. Let us develop the performance
equation for the recycle reactor.

Consider a recycle reactor with nomenclature as shown in Fig. 13. Across the

reactor itself Eq. 5.18 for plug flow gives - "
| 4 _fXAz*XAIi{é' ) (16)

— =
FAO Xar —Ta

where Fj, would be the feed rate of A if the stream entering the reactor (fresh feed
plus recycle) were unconderted. Since F., and X,, are not known directly they
must be written in terms of known quantities before Eq. 16 can be used. Let us now
do this. . ’

The flow entering the reactor includes both fresh feed and the recycle stream.
Measuring the flow split at point L (point K will not do if ¢ # 0) we then have

oo (A which would enter in an) (A entering in)
4% ™ \unconverted recycle stream/, fresh feed
= RFpo + Fpo = (R + 1)Fy, Q (W)
kv -
. . . . s
Now to the evaluation of X,,: from Eq. 3.72 we may writc . “4“\ ’
W

- N

Xa = 1 Ca1/Cao .S (18)

"1+ £4Ca1/Cao 2l

Because the pressure is taken to be constant, the streams meeting at point K may
be added directly. This gives

e _Fai_ Faot Fry _ Fuot REa(l = Xp) _ (1+R—RXA,)(19)
At vy Vo + RU, Vo + Rvo(l + EAXAI) A0 1 +R+ RGAXA/

(Fpo)
Fa [ng flow
¥ . X R+1 .
Fpo K " vluﬂ ] Xa2 ( _B’. _vf..
vo. - i \4 A Xar=Xa
XAO =0 &RU{
v3= Ry,
S
Fas '

FIGURE 13. Nomenclature for the recycle reactor.
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Combining Eqgs. 18 and 19 gives X,, in terms of measured quantities, or

R
Yo = () ¥ (20)

Finally, orni replacing Eqs. 17 and 20 in Eq. 16 we obtain the useful form for the
performance equation for recycle reactors, good for any kinetics, and any « value

—8

v dx,
= (R+1)f

(n+ 1)“’

1)

ra

A
For the special case where density changes are negligible we may also write this

equation in terms of concentrations, or "

CAO
FAO

dCy

Caq+RCay —ra
R+1

(22)

T =

-R% 1)

These expressions are represented graphically in Fig. 14.

General representation, Special case,
for any € onlyYore =0

Average
/" height ™\
£ - LA

I!.._.

Area = 7, Eq 22

CArea = —: Eq 21

— Integral ——

NN |
&\\\\4 i
0 RX, X, Cas Cre
R+1

e i
e —— R 11— R+1——~>|

FIGURE 14. Representation of the performance equation for re-
cycle reactors.
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For the <xtremes of negligible and infinite recycle the system approaches plug
flow ar.u mixed flow, or -

V Xar dX,
F-®en[y =
A0 TriXAr —ra
|
R=01 ln-w
N Vo X
Fro Jo —ra Fro  —ra .
plug flow mixed flow

The approach to these extremes is shown in Fig. 15. . )
Integration of the recycle equation gives, for first-order reaction, e, = 0,

kr Cao + RCA,]
R1- ! [W @3)
and for second-order reaction, 2A —> products, —r, = kC,2%, e, = 0,
kCaot - Cao(Cao — Cay) (24)
R+ 1 Cu(Caro + RC,)

The expressions for ¢4, # 0 and for other reaction orders can be evaluated, but are
more cumbersome.

Small recycle Large recycle

0 Xar

s
R+1 te——R+1

FIGURE I5. The recycle extremes approach plug flow (R -— 0)
and mixed flow (R - > o).
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Figures 16 and 17 show the transition from plug to mixed flow as R increases,
and a match of these curves with those for N tanks in series (Figs. 5 and 6) gives the
following rough comparison for equal performance:

R for first-order R for second-order’

reaction, at reaction, at

- N | X, =0.5,=090, =099 X, =0.5,= 090, = 0.99

1 o el o) [<¢} e} e o)
2 1.0 2.2 54 1.0 2.8 7.5
3 0.5 1.1 2.1 0.5 1.4 2.9
4 0.33 0.68 1.3 0.33 0.90 1.7
10 0.11 0.22 0.36 0.11 0.29 0.5
@ 0 0 0 0 0 0 )

The recycle reactor is a convenient way for approaching mixed flow with what is
essentially a plug flow device. Its particular usefulness is with solid catalyzed
reactions with their fixed bed contactors. We meet this and other applications of

recycle reactors in later chapters.

* [ ! }

\ R =co, mixed flow First-order i

reaction

- F R
11 ‘\ W
] L
7
-1 Z

l_,,—” R-Io, plug flow ,/;
0.01 0.1 1

ClCo

FIGURE 16. Comparison of performance of recycle and plug flow for
first-order reactions

A —R, e=0.
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100 ~ B N A 5 S
PR [ S S - 1
N\ { {’ T¥ Second-order
N1 R =, mixed flow J1 ] _reaction
. B A
& N, v ) _—
~ S0 \ ‘fp L
wo % N 3,1’@
SN 7<’\ \,KN\ &
5 10B=10_v | >§4\\} ~ 1
e [ TS T AN ]
S AU S L L TN - 4 1
“T‘/R =5 7‘_.,./ _ “
A—— LD AN
7 J R Q N
/, | /, . V2 7N N
/R=2_ ¥ 4 pd .
A >
// *;-v&-«/ hf*}“'*w_ J/ ) N
L / Ve 4 L SO
[ — b AL L A
s / 4 7/ 7 TN N
R=05 s // // // >
| i
. /R=0,_," val ~————l
7 plug "°W><\ ’1 | LV ’ / 7 C
1 Jid ) l ya Vi
0.01 0.1 1
CICy

FIGURE 17. Comparison of performance of recycle with plug flow for
elementary second-order reactions
2A — products, e=0
A + B —> products, Cpo = Cpo With e = 0

(Personal communication, from T. . Fitzgerald and P. Fillesi.)

AUTOCATALYTIC REACTIONS

When a material reacts away by a first- or second-order rate in a batch reactor, its
rate of disappearance is rapid at the start when the concentration of reactant is
nigh. This rate then slows progressively as reactant is consumed. In an autocatalytic
reaction, however, the rate at the start is low because little product is present; it
‘increases to a maximum as product is formed and then drops again to a low value
as reactant is consumed. Figure 18 shows a typical situation. ]

Reactions with such rate-concentration curves lead to interesting optimization
sroblemgs. In addition, they provide a good illustration of the general design method
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1 f .
Some R 1 .
/N n feed ~Ta
NoR ?
in feed | ' Point of
| maximum
R Progress | rate
of reaction }
1
1 Progress
| of reaction
CA XA

FIGURE 18. Typical rate-concentration curve for autocatalytic reactions,
for example

A+R—R+R,  —ry=kCSCh

presented in this chapter. For these reasons let us examine these reactions in some
detail. In our approach we deal exclusively with their 1/(—r,) versus X, curves
with their characteristic minimum as shown in Fig. 18.

Plug Flow Versus Mixed Flow Reactor, No Recycle. For any particular rate-
concentration curve a comparison of areas in Fig. 19 will show which reactor 1s
superior (which requires a smaller volume) for a given job. We thus find:

1. At low conversions the mixed reactor is superior to the plug flow reactor.
2. At high enough conversions the plug flow reactor is superior.

R Plug flow

Mixed and plug flow
equally good

0 Xar x Xar
A

FIGURE 19. For autocatalytic reactions mixed flow is more efficient at low con-
versions, plug flow is more efficient at high conversions. .
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“These findings differ from ordinary nth-order reactions (n >"0) where the plug
flow reactor is always more efficient than the mixed reactor. In addition, we should
note that since some product must normally be present in the feed for the auto-
catalytic reaction to proceed, a plug flow reactor will not operate at all with a feed
of pure reactant. In such a situation the feed must be continually primed with
product, an ideal opportunity for using a recycle reactor.

Recycle Reactor. When material is to be processed to some fixed final conversion
Xa, in a recycle reactor, reflection suggests that there must be a particular recycle
ratio which is optimum in that it rhinimizes the reactor volume or space-time. Let
us determine this value of K.

The optimum recycle ratio is found by dxﬁerenlm}mg Eq. 21 with respect to R
and setting to zero, thus

take d(7/Cao) -0 for T J‘xu R +1

n dR Cro RXas (—r,)
R+1

dX, (9

Xag=

3
This operation requires differentiating under an integral sign. From the theorems
of calculus if

R)
F(R) = f " xRy d @6
a(R)
then -
dF _ [%® 9f(x, R)
R~ Juw 0RO R)dR fia, R)dR (27
For our case, Eq. 25, we then find
d(7/Cao) =0 J'x" dXa _R+11 dX,
dR - xa (=7A) (—ra)ixa 4R
where
dXy _ X
dR (R +1)?
Combining and rearranging then gives A
» XardX, :
! [rer e W@

—ra

Xt = (XA/ - XA‘) -

In words, the optimum recycle ratio introduces to the reactor a feed whose 1/(—7
value (KL in Fig. 20),equals the average 1/(—r,) value in the reactor as a whc
(PQ in Fig. 20). Figure 20 compares this optimum with condmons where t
recycle is either too high or too low.
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Recycle too Recycle
high just nght

Recycle
too low

Incoming
feed ta~!
reactor

= —>
Xpo XpXa Q Xpo X, Xy Q

FIGURE 20. Correct recycle ratio for an autocatalytic reaction compared with
recycle ratios which are too high and too low.

On comparing with the single plug flow or singlehmixed reactor we find:

1. For final conversions smaller than the point of maximum rate the mixed
-eactor is better than any recycle reactor. A

2. For conversions higher than the point of maximum rate the recycle reactor
~ith the proper recycle ratio is superior to either the plug flow or mixed reactor.

Multiple Reactor System. To minimize the total volume we should choose a
ystem where most of the processing occurs at or near the composition of highest
ate. Now this point can be reached in one jump and without going through the
ntermediate compositions of lower rate by using a mixed reactor. If we desire
till higher conversions, we should move progressively from this compasition to
he final composition. This requires a plug flow reactor. Thus in processing material
ast the point of maximum rate the best setup is a mixed reactor operating at the
1aximum rate followed by a plug flow reactor. This is shown in Fig. 21

This scheme is superior to the single plug flow reactor, the single mixed reactor,
r the recycle reactor.

eactors with Separation and Recycle of Unconverted Reactant. If unconverted
-actant can be separated {rom the product stream and returned to the reactor
«n all the processing can be made to occur at one composition, for any conversion
vel. In such a case the best scheme is to use a mixed reactor operating at the point
‘maximum reaction rate as shown in Fig. 21.

The volume required is now the very minimum, less than any of the previous
1ys of operating. However, the over-all economics, including the cost of separa-
n and of recycle, will determine which scheme is the optimum overall.

ccurrence of Autocatalytic Reactions. The most important examples of auto-
talytic reactions are the broad class of fermentation reactions which result from
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’ Product

IS

pars Separator
Plug D—»

4 Mixed
. Reactant l

recycle

e

=

Average \\ //
rate \ , y;
\\ _

Xa
(a) (b)

FIGURE 21. (d) The best multiple reactor scheme, and (b) the best
scheme when unconverted reactant can be separated and recycled.

the action of a microorganism on an organic feed. When they can be treated as
single reactions, then the methods of this chapter can be applied directly. Often,
however, various microorganisms compete to produce different products. The
methods of the next chapter treat this problem. Fermentations in general are dis-
cussed there. Another type of reaction which has aptocatalytic behavior is the
exothermic reaction (say the combustion of fuel gas) proceeding in an adiabatic
manner with cool reactants entering the system. In such a reaction, called auto-
thermal, heat may be considered to be the product which sustains the reaction.
Thus with plug flow the reaction will die. With backmixing the reaction will be
self-sustaining because the heat generated by the reaction can raise fresh reactants
to a temperature at which they will react. Autothermal reactions are of great
importance in solid catalyzed gas phase systems and are treated later in the book.

EXAMPLE 6: Plug and mixed flow for an autocatalytic reaction

We wish to explore various reactor setups for the transformation of A into R. The feed
contains 997, A, 1%, R; the desired product is to consist of 107, A, 907, R. The trans-
formation takes place by means of the elementary reaction

A+R->R+R
with rate constant k = 1 liter/mol-min. The concentration of active materials is
Cao + Cro = Ca + Ca = Co = 1 mol/liter
throughout. »
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What reactor holding time will yield a product in whica Cr = 09 mol/liter (a) in a
slug flow reactor, (b) 1In a mixed reactor, and (¢) 1n a -minymum-size setup without
reeycle. .

If the reactor outlet stream 1s richer in A than desired, suppose that it can be separated
nto two streams, one containing the desired product, 907, R, 107, A, and.the other
contaiming pure A at 1 mol/liter. The pure A stream 1s then recycled. (d) Upder these
onditions find the minimum holding time if the reactor 1s operated at the conditions
of maximum efficiency.

SOLUTION

Although the kinetic expressions for this reaction are simple enough for us to solve the
prohlem analytically, let us use the general graphical procedure developed in this
tapier In addition, let us for convenience use concentrations rather than ccnversions.
Tt us Table E6 presents the data needed to prepare the 1/r, versus C, chart, and Fig.
« not drawn to scale, then shows how the required quantities are found by measuring
ne appropriate shaded area under the — 1/r, versus (', curve.

[

Ca=01 Cro=099 01 099 A
" (a) (b)

Tm = 2.0 min

05 099
(d)

FIGURE Eé.
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TABLE E6

CA CR —FrA = C‘ACR - l/rA
0.99 0.01 0.0099 101.01
0.95 0.05 0.0475 21.05
0.90 0.10 0.09 11.11
0.70 0.30 0.21 4.76
0.50 0.50 0.25 4.00
0.30 0.70 0.21 4.76
0.10 0.90 0.09 11.11

¥

For a product where C, = 0.1 mol/liter and Cr = 0.9 mol/liter we find from
Fig. E6:
(@) For plug flow
7, = 6.8 min
(b) For mixed flow
m = 9.9 min

(¢) For the most efficient setup without recycle we need a mixed reactor (v, = 2.0 min)
followed by a plug flow reactor (=, = 2.2 min) with total space-time

) Tm+p = 4.2 Min
(d) With product separation and recycle the most efficient setup has

Tmin = 2.0 min

EXAMPLE 7. Optimum tecycle ratio for an autoéatalytic reaction

[

Substanee A reacts according to the elementary autocatalytic reaction
A+ R--R+ R, k = 1 hter/mol-min

We plan to process Fpo = | mol/r\mn of a feed consisting of A alone (Cao =#%1 mol/liter,
Cro = 0) to 99%, conversion in a recycle reactor. (a) Find the recycle rate which will
minimize the size of reactor needed and determine this size."Compare this cptimum size
(b) with a reactor with recycle ratio, R = 4,.{¢) with a mixed reactor, or R = o (d)
with a plug flow reactor, or R =0

&

SOLUTION ¢
(a) At optimum recycle. For this reaction in a recycle reactor Eq. 21 becomes
14 dX,
— =(@R + 1 _ A
Fro ®R+1 xM:Rx”kCAoaXA(l - Xa)

Integrating and simplifying gives the performance equation

Y _R+1 1+RA- Xa)
Fao  kCad® R(1 ~ Xap)

(€]
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Now to find the optimum recycle ratio minimize ¥ with respect to R in Eq. (i); in other
words, choose R to satisfy the condition of Eq. 28. For our reaction this gives

1+ R(1 — Xa) _ R+ 1

N —RG — Xy RO+ RA = Xapl

Putting X, = 0.99 and simplifying, this condition reduces to

1+00IR __ R+1

I —50IR ~ ~ R4 ¥ 0018

Solving by trial and error gives R = 0.19. Thus the volume of reactor needed, found
from Eq. (i), is

1.0019

V=119In 0.0019

= 7.46 liters
!
(b) For a recycle ratio, R = 4. For this condition the performance equation, Eq. (i),
gives
1.04
V=5In— =1631
n 0.04 16.3 liters

(¢) For mixed flow. From Chapter 5 the performance equation for these particular
kinetics becomes

LA VN /¥

FAO kCAICRI kc‘l«ozl‘,A!(l - XA/)

and on replacing known values we find

0.99

V' = 595000

= 100 liters

(d) For piug flow. From Chapter 5 the pcrfofmance equation becomes

_}—/. _ J'XAI dXA w
Fyo - o kCAOQXA(l — Xa)

On replacing values we find that
V = oo liters

This result shows that this reac¢tion will not proceed at all in a reactor where the fluid
strictly follows the ideal of plug flow.

u
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PROBLEMS

1. Substance A reacts according to second-order kinetics and conversion is 957
from a single flow reactor. We buy a second unit identical to the first. For the same
conversion, by how much is the capacity increased if we operate these two units in
parallel or in series?

(a) The reacfors are both plug flow. - ;
(b) The reactors are both mixed flow.

e

2. (a) Derive an expression for the concentration of reactant in the effluent from
a series of mixed reactors of different sizes. Let the reaction follow first-order
kinetics and let the holding time in the ith reactor be ;.
A(b) Show that this expression reduces to the appropnatc cquatlon in this chapter
when the reactors are all the same size. Ao

. - - .t
3. Your company has two mixed reactors of unequal size for producing a
specified product formed by homogeneous first-order reaction. How should these
reactors be connected to a.c'}.neve a maximum production rate ?

4, Afi
reactor.
tional

-order liquid-phase reaction, 92%, conversion, is taking place in a mixed
has been suggested that a fraction of the product stream, with no addi-

ent, be recycled. If the feed rate remains un%hanged in what way
s affect conversion? (R A" B 'eN ~y

liters/hr of radioactive fluid having a half-life of 20 hr is to be treated by
passing it through two ideal stirred tanks in series, ¥ = 40,000 liters each. In
passing through this system, how much has the activity decayed?

6. At present the elementary liquid-phase reaction A + B — R + S takes place
in a plug flow reactor using equimolar quantities of A and B. Conversion is 96%,,
Cro = Cyo = 1 mol/liter.

(a) If a mixed reactor ten times as large as the plug flow reactor were hooked
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up in series with the existing unit, which unit should come first and by
what fraction could production be increased for that setup?
(&) Does the concentration level of the feed affect the answer, and if so, in
what way?
Note: Conversion is to remain unchanged.

7. The elementary reaction A + B— R + S is effected in a setup consisting
of a mixed reactor into which the two reactant solutions are introduced followed
by a plug flow reactor. A large enough excess of B is used so that the reaction 1s
first order with respect to A. Various ways of increasing produbtidn have been
suggested, one of which is to reverse the order of the two units. How would this
change affect conversion? ‘

8. A certain material polymerizes at high temperature With temperature above
105°C a product with undesirable properties is obtained; therefore an operating
temperature of 102°C 1s selected. At this temperature the polymerization proceeds
®y means of a reaction which can be represented adequately by a .5-order rate
law with respect to the monomer. At present the monomer 1s being treated in two
equal-size mixed reactors in series yielding a product 'n which the monomer content
is about 20%,. An increase 1n production is contemplated by adding a reactor
similar to those being used. By what percentage can we increase the feed rate and
still obtain a product containing no more than 20%, monomer if the third reactor 1s
connected to receive the effluent of the second reactor, thus giving three reactors
in series?

9. The kinetics of the aqueous-phase decomposition of A is investigated in two
mixed reactors in’series, the second having twice the volume of the first reactor. At
steady state with a feed concentration of 1 mol Afliter and mean residence time of
96 sec in the first reactor, the concentration in the first reactor i1s 0.5 mol A/liter
and in the second is 0.25 mol A/liter. Find the kinetic equation for the decom-
position. o

10. Using a color indicator which shows when the concentration of A falls
below 0.1 mol/liter, the following scheme is devised to explore the kinetics of the
decomposition of A. A feed of 0.6 mol A/liter 1s introduced into the first of the
two mixed reactors in series, each having a volume of 400 cm®. The color change
occurs, in the first reactor for a steady-state feed rate of 10 cm®/min, and%n the
second reactor for a steady-state feed rate of 50 cm®/min. Find the rate equation
for the decomposition of A from this information.

11. The elementary irreversible aqueous-phase reaction A + B—>R + S 1s
carried out isothermally as follows. Equal volumetric flow rates of two liquid
streams are introduced into a 4-liter mixing tank. One stream contains 0.020 mol
Alliter, the other 1.400 mol B/liter. The mixed stream is then passed through a
16-liter plug flow reactor. We find that some R is formed in the mixing tank, its

)
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concentration being 0.002 mol/liter. Assuming that the mixing tank acts as a mixed
reactor, find the concentration of R at the exit of the plug f‘ow reactor as well as
the fraction of initial A that has been converted in the system.

12. Two unequal-size mixed reactors are connected in series. It is suspected
that the order in which these vessels are connected as well as the reaction type may
affect the degree of conversion for a given feed rate. Determine tn general for
reactions with concave or convex rate-concentration curves which reactor should
come first. How does this apply to nth-order reactions?

13. At present conversion 1s 2/3 for our elementary second-order liquid reaction
2As 2R when operating in an isothermal plug flow reactor i':'ith a recycle ratio
of unity. What will be the conversion if the recycle stream is shut off?

14. What operating condition minimizes the volume of recycle reactor needed
to achieve Cy = 0.9 mol/liter for the reaction andsfeed of Example 6? Compare
this volume with that for plug flow and mixed flow.

“15. Reactant A decomposes according to a first-order reaction A — R and we
are given two feed streams

Feed 1: C,, = 1, Fopo=1

Feed 2: Cuo = 2, Fro=2
which we want to process down to Cyu o = 0.25. For stream 1 alone in a plug
flow reactor the volume needed is V;. Now that we have two streams how should we
contact them so as to minimize the total volume and still maintain Cj ou¢ = 0.25,
What is this minimum volume?

16. (a) Referring to Fig. P16, show that the optimum size ratio of three mixed
reactors in series is achieved when X, and X, are located such that

(tangent at P) = (slope LM)}
(tangent at Q) = (slope MN)J,

(b) Present a procedure to evaluate X; and X, for a fixed final conversion Xj.

(¢) Briefly indicate how to extend this procedure to N reactors in series.

Noie: This solution only represents the optimum where the rate increases mono-
tgpjgally with conversion.

~/17,J A first-order reaction 1s to be treated in a series of two mixed reactors. Show
that the total volume of the two reactors is minimum when the reactors are equal
in size. '

18. Repeat Example 6.2 with two modifications: first, we plan to use a plug
flow reactor and its cost per unit volume is identical to that for the mixed reactor;
second, the rate of reaction is given by '

—r, = (2 liter/mol - b¥)C,?
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19. Atroom temperature the aqueous second-order reaction proceeds as follows:
A —R, —ra = (1 hiter/mol-hr)C,2, Cao = 1 mol/liter

We plan to make this product batch after batch day and night in a vat. How
should we operate the unit:
(a) For maximum production rate of R.
(b) For maximum rate of profit, if unreacted A is discarded.
(c) For maximum rate of profit, if unreacted A is reclaimed and reused at no
cost.
(d) For maximum rate of profit, if unreacted A is reclaimed at a cost of 507,
of fresh A.
What is the daily profit for these four cases?
Data: Shutdown time between batches is 1 hr. Cost of reactants is $100/batch,
and the value of the product fluid is given by $200 X ,/batch.

20. One hundred moles of A per hour are available in a concentration of 0.1
mol/liter by a previous process. This stream is to be reacted with B to produce R
and S. The reaction proceeds by the aqueous-phase elementary reaction,

A+B5 R4S, = 5 liters/mol - hr

The amount of R required is 95 mol/hr. In extracting R from the reacted mixture
A and B are destroyed, hence recycle of unused reactants is out of the question.
Calculate the optimum reactor size and type as well as feed composition for this
process.

Data: B costs $1.25/mol in crystalline form. It is highly soluble in the aqueous
solution and even when present in large amounts does not change the concentration
of A in solution. Capital and operating costs are $0.015/hr-liter for plug flow
reactors, $0.004/hr-liter for mixed flow reactors.
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21. A commercial installation produces 40 kmol R/hr by hydrolysis in a mixed
reactor of a feed strgam containing 1 kmol/m? of reactant A. Because of the large
excess of water used the reaction may be considered to be first order, or A — R
even though it is bimolecular. The effluent stream from the reactor goes to a
countercurrent extraction column in which R is quantitatively extracted. Two per-
cent of the incoming A passes through the system unreacted. Fixed and operating
costs for this process are $20/hr, reactant cost is $1.00/kmol, and R can be sold at
$1.32/kmol. It is suspected that the plant is not being operated at optimum condi-
tions. Therefore you have been asked to study the operations with the aim of
optimizing them.

(a) What are the present profits on an hourly basis?

(b) How should the installation be operated (feed rate of A, conversion of A,
and production rate of R) to maximize the profits ? What are these profits
on an hourly basis? -

Note: All R produced may be sold. Separation equipment is flexible since it has
been designed to adapt to large changes in capacity.

22. We are considering getting something of value from a waste stream of a
process. This stream (20,000 liters/day) contains chemical A (0.01 kg/liter) which
can be hydrolyzed in aqueous solution to give chemical R (value = $1.00/kg
transformed). Product R ¢an be recovered from the solution at negligible cost while
unreacted A goes to waste. From the information below calculate the size of mixed
reactor and conversion level which will maximize

(a) the profits,

(b) the rate of return on investment.

Data: On an annual basis the cost of reactor and supporting equipment, including
depreciation and interest charges is

$. = $225V%2 volume in liters
Labor and operating costs
= $20 operating day.
300 operating days/yr. The hydrolysis reaction is first order with respect to A with
a rate constant k = 0.25/hr.
23, From a feed C,, = 1 mol/liter we plan to produce product R in a vat. This
is a liquid-phase reaction which at room temperature proceeds as follows:
A —R, —ry = (1 hr })C,
(a) If we run batch after batch day and night, what conversion and reaction

time will give the maximum production rate of R. What is the profit (net
income/day) under these conditions ?

(b) What should be the operating conditions for maximum profit per batch,
and what are these profits on a daily basis.

(c¢) How should we operate the batch reactor for maximum rate of profit, and
what is this daily profit?
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(d) We tould use this vat as a mixed flow reactor. Would this be mor® profit-
able than running the unit as a batch reactor (give the optimum operating
conditions and daily profit)?

Data: In batch operations the shutdown time to empty, clean, and refill is | hr.
There is no shutdown time in operating the unit as a mixed flow reactor. Cost of
reactant fluid is $100/batch. Value of product fluid is dependent on the conversion
level and is given by $200 X,/batch. Operating cost: for batch $5/hr, for mixcd
flow $5/day.

24. The reaction by which R is formed is A — R with rate equation
—ra = (0.01 liter/mol - hr)C,Cy

From a feed of pure A (100 mol/liter, $0.10/mol) 1000 mol R/hr are to be produced
using either a mixed reactor alone or a mixed reactor followed by an A-R separator,
in which case unreacted A may be recycled and reused.

The separator operates by an extraction process which, because of a favorable
phase equilibrium, yields streams of essentially pure A and pure R. Its cost is
$8/hr + $0.01/liter of fluid treated. The hourly cost of the reactor is $8 + $0.01/liter
of reactor. Consider the de.sity of all A-R mixtures to be constant. What system,
reactor alone, or with separator, is most economical, and what is the u.it cost of R
produced by this setup ?

25. Present facilities for the production of R cannot keep up with the demand for
the material; hence you are asked to make an exploratory study fo see whether
production can be increased. -

Product R 1s formed by the elementary irreversible reaction of A with B in a
mixed flow reactor. Because a large excess of B s used the reaction may be con-
sidered to be first order with respect to A with rate constant k. R 1s quantitatively
separated from the reactor efluent'stream which is then discarded. The separation
equipment is rather flexible and can easily handle greatly different flow rates.

(a) In general if feed A at $«/mol enters a mixed reactor of volume V liters
at a concentration C,, mol/liter and rate F,, mols/hr, find the conversion
of A at which unit cost of product R is a minimum. Let fixed and operating
costs be $y/hr.

(b) Under present operating conditions, what is the unit cost of producing R?

(¢) Have you any suggestions for how the plant shouid be operated (conver-
sion of reactant and production rate of R) so as to maximize production
but still maintain the present unit cost of product?

(d) What 1s the minimum unit cost of producing R, and at what conversion
of reactant and at what production rate will this occur?

Data: A is supplied at $4/mol at a concentration of 0.1 mol/liter. The cost of B
is negligible. Fixed and operating charges for the reactor and separation system are
$20/hr. At present the production rate £z = 25 mol R/hr at conversion X, = 0.95.



DESIGN FOR
MULTIPLE
REACTIONS

The preceding chapter on single reactions showed that the performance (size) of a
reactor was influenced by the pattern of flow within the vessel. We now extend the
discussion to multiple reactions and show that for these reactions both the size
requirement and the distribution of reaction products are affected by the pattern of
flow withip the vessel. We may recall at this point that the distinction between a
single reactian and multiple reactions is that the single reaction requires only one
rate expression to describe its kinetic behavior whereas multiple reactions require
more than one rate expression. .

Since multiple reactions are so varied in type and seem to have so little in com-
mon, we may despair of finding general guiding principles for design. Fortunately
this 15 not so because ali multiple reactions can be considered to be combinations
of two primary types: parallel reactions and series reactions. Because these two
primary reaction types are the building blocks or components for more involved
reaction schemes which we may call series-parallel reactions, we study them first
and discover their characteristics. Then we select a particular series-parallel scheme
and show how its behavior is governed by its component parallel and series
reactions.

Let us consider the general approach and nomenclature. First of all, we find it
more convenient to deal with concentrations than conversions. Secondly, in
examining product distribution the procedure is to eliminate the time variable by
dividing one rate equation by another. We end up then with equations relating the
rates of change of certain components with respect to other components of the
systems. Such relationships are relatively easy to treat. Thus we use two distinct

163
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analyses, one for determination of reactor size and the other for the study of
product distribution.

The two requirements, small reactor size and maximization of desired product,
may run counter to each other in that a good design with respect to one requirement
may be poor with respect to the other. In such a situation an economic analysis
will yield the best compromise. In general, however, product distribution controls;

consequently this chapter concerns prlmanly@ﬁgmua,uog)nth respect to product
distribution, a factor which plays no role in single reactions.

Finally, we ignore expansion effects in this chapter; thus we take ¢ = 0 through-
out. This means that we may use the terms mean residence time, reactor holding
time, space time, and reciprocal space velocity interchangeably.

REACTIONS IN PARALLEL

Qualitative Discussion About Product Distribution. Consider the decomposition
of A by either one of two paths:

A S5 R (desired product) (1a)
A (unwanted product) (1b)
with corresponding rate equations
dc
rp = E& =k, Co ™ (2a)
dc,
rg = _‘dTS = kQCA“n (2b)

Dividing Eq. 2b by Eq. 2a gives a measure of the relative rates of formation of
R and S. Thus

G g Cham® 3)

and we wish this ratio to be as small as possible.

Now C, is the only factor in this equation which we can adjust and control
(ky, k3, a,, and a; are all constant for a specific system at a given temperature)
and we can keep C, low throughout the reactor by any of the following means:
by using a mixed reactor, maintaining high conversions, increasing inerts in the
feed, or decreasing the pressure in gas-phase systems. On the other hand, we can
keep C, high by using a batch or plug flow reactor, maintaining low conversions,
removing inerts from the feed, or increasing the pressure in gas-phase systems.

For the reactions of Eq. 1 let us see whether the concentration of A should be
kept high or low.
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If a, > a,, or the desired reaction is of higher order than the unwanted reaction,
a, — a, is negative and from Z2q. 3 we see that a high reactant concentration is
desirable since it decreases the S/R ratio. As a result a batch or plug flow reactor
would favor formation of product R and would require a minimum reactor size.

If a, < a,, or the desired reaction is of lower order than the unwanted teaction,
we need a low reactant concentration to favor formation of R. But this would also
require large reactor size. Unfortunately, the demand for a desirable product
distribution_works agamSI that o small reacter _size In such a case optimum
design is an economic compromise ‘between these conﬂlctmg demands.

If a, = a,, or the two reactions are of the same order, Eq. 3 becomes

s ’dcs _ k_ B
= d_CR = constant

Hence product distribution is fixed by kg/k1 alone and is unaffected by type of
reactor used. Thus the reactor volume requirement will govern the design.

Besides this method, we may control product distribution by varying k,/k,. This
can be done in two ways:

1. By changing the temperature level of operation. If the activation energies
of the two reactions are different, ky/k, can be made to vary. Chapter 8 considers
this problem.

2. By using a catalyst. One of the most important features of a catalyst is its
selectivity in depressing or accelerating specific reactions. This may be a much
more effective way of controlling product distribution than any of the methods
discussed so far.

For other reactions in parallel the reasoning is analogous to that przsented. For
example, consider the reactions

A + B-Y5R, desired  rg = dTC;’-‘ = k;C,%1Cg" ()
A + B2 S, unwanted rg = ds’; = kqC,%3Cgl (5)
Dividing Eq. 5 by Eq. 4 gives

and since R is the desired product, we want to minimize

d_C_B kﬁ ag~ bg - b,
aCs or k,ca “Cge
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Thus we must examine separately whether a, — a;, and b, — b, are positive or
negative. This will determine whether A or B is to be kept at low or high con-
centration.

We may summarize our qualitative findings as follows:

For reactions in parallel the concentration level of reactants is the key to
proper control of product distribution. A high reactant concentration
favors the reaction of higher order, a low concentration favors the
reaction of lower order, while the concentration level has no effect on
the product distribution for reactions of the same order.

From this discussion we see that certain combinations of high and low reactant
concentrations are desirable depending on the kinetics of the competing reactions.
These combinations can be obtained by controlling the concentration of feed
materials, by having certain components in excess, and by using the correct
contacting pattern of reacting fluids. Figures 1 and 2 illustrate methods of con-
tacting two reacting fluids in continuous and noncontinuous operations that keep
the concentrations of these components both high, both low, one high the other
low. In general, the number of reacting fluids involved, the possibility of recycle,
and the cost of possible alternative setups must all be considered before the most
desirable contacting pattern can be arrived at.

In any case the use of the proper contacting pattern is the critical factor in
obtaining a favorable distribution of products for multiple reactions.

Cx. Cp both high E Cabothlow | [ Cy hugh, Cq low ]

Start with A,
all at one e slowly; level rises add B slowly

FIGURE |. Contacting patterns for various combinations of high and
low concentration of reactants in noncontinuous operations.
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( C,, Cg both high J rc,‘,cB both low J [ Ca high, Cg low J
°

B
RRR
§=4] ) ;

FIGURE 2. Contacting patterns for various combinations of high and low concen-
tration of reactants in continuous flow operations.

EXAMPLE |. Contacting patterns for reactions in parallel

The desired liquid-phase reaction

. dcC dcC.
A+BXSR4+T ﬁ:ﬁ:k,gcg-s o)
is accompanied by the unwanted side reaction
kq dC, dC .
A+B58+ U 2= —F = kCRCh (1)

From the standpoint of favorable product distribution, order the contacting schemes of
Fig. 2, from the most desirable to the least desirable.

SOLUTION

Dividing Eq. (i1) by Eq. (1) gives the ratio
rs _ ke Cro%CLs
re Kk,

which 1s to be kept as small as possible. According to the rule for reactions in parallel
we want to keep C, high, Cg low, and since the concentration dependency of B 1s more
pronounced thar} of A, 1t 1s more important to have low Cp than high C,. The contacting
schemes are thérefore ordered as shown in Fig. El.

Comment. Example 2 verifies these qualitative findings. We should also note that
there are still other contacting schemes which are superior to the best found in this
example. For example, if we can use an excess of a reactant, or if it 1s practical to separate
and recycle unconverted reactant, then vastly improved product distribution is possible.

Quantitative Treatment of Product Distribution and of Reactor Size. If rate
equations are known for the individual reactions, we can quantitatively determine
product distribution and reactor-size requirements. For convenience in evaluating
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Most o Least
desirable desirable
\ A
B A
A Y 2
B
B ' A
Cy high Cp low C, high Cp low
Cy low Cp low Cp high Cyhigh
® ©) ©) ®
FIGURE El.

product distribution we introduce two terms, ¢ and ®. First, consider the decom-
position of one reactant A, and let ¢ be the fraction of A disappearing at any
instant which is transformed into desired product R. We call this the instantaneous
fractional yield of R. Thus at any C,

_ (moles R formed) _ dCy a
? = \moles A reacted) ~ —dC, )

For any particular set of reactions and rate equations ¢ is a specific function of
C,, and since C, in general varies through the reactor ¢ will also change with
position 1n the reactor. So let us define ® as the fraction of all the reacted A which
has been converted into R, and let us call this the over-all fractional yield of R.
The over-all fractional yield is then the mean of the instantaneous fractional yields
at all _pomts within the reactor, thus we may write

_ (all R formed) Coy Gy
® = (all A reacted) = Cro — Cay  (=AC,) ~ Pmresctor ®)

It is the over-all fractional yield which really concerns us for it represents the
product distribution at the reactor outlet. Now the proper averaging for ¢ depends
on the type of flow within the reactor. Thus for plug flow, where C, changes
progressively through the reactor, we have

—1 Cas 1 Car
0~ z——o j #dC = 5= f ¢ dC, ©)

For mixed flow the composition is C,, everywhere, so ¢ is likewise constant
throughout the reactor, and we have
o, = ?’evuunedncu\/ (10)

The fractional yields from mixed and plug flow reactors processing A from Cao
to C,, are related by

do, _ 1 (ow
o, = (d_c_ o, 4 O =3o] " 0adC, ()
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These expressions allow us to predict the yields from one type of reactor given the
yields from the other.

From a series of 1, 2, ..., N mixed reactors in which the concentration of A is
Ca1y Cags - - -, Cay the over-all fractional yield is obtained by summing the frac-
tional yields in each of the N vessels and weighting by the amount of reaction
occurring in each vessel. Thus

‘Pl(CAg — Ca)) +- -+ @x(Can-1 — Caxn) = Py mizeafCao — Can)
from which

_ ?1(Cao = Ca1) + @a(Ca1 — Caa) + -+ oM(Ca.n-1 — Can)
N CAO ~— CAN

¢N mixed

(12)

For any reactor type the exit concentration of R is obtained directly from Eq. 8.
Thus

Cpy = DO(Cpo — Cay) (13)

and Fig. 3 shows how Cy is found for different types of reactors. For mixed reac-
tors, or mixed reactors in series, the best outlet concentration to use, that which
maximizes Cy, may have to be found by maximization of rectangles (see Chapter 6).

Now the shape of the ¢ versus C, curve determines which type of flow gives the
best product distribution, and Fig. 4 shows typical shapes of these curves for which
plug flow, mixed flow, and mixed followed by plug flow are best.

These fractional yield expressions allow us to relate the product distribution
from different types of reactors, and to search for the best contacting scheme.
However, one condition must be satisfied before we can safely use these relation-
ships: we must truly have parallel reactions in which no product influences the rate

Cy, from Cpgy from Cgy from
Eqs 13 and 9 Eqs 13 and 10 Eqs 13 and 12

§ \ﬁ/%

Cur Cao o Cnr Cas Car Cao
L—— (=AC,)

FIGURE 3. Shaded area gives total R formed.
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y Crs) (Crm

Cas Cao Car Ca Cao

(b) (c)
FIGURE 4. The contacting pattern with the largest area produces most R: (g) plug
flow is best, (b) mixed flow is best, (c) mixed flow up to Cj, followed by plug flow is
best.

to change the product distribution. The easiest way to test this is to add products
to the feed and verify that the product distribution is in no way altered.

So far, the fractional yield of R has been taken as a function of C, alone, and
has been defined on the basis of the amount of this component consumed. More
generally, when there are two or more reactants involyed, the fractional yield
can be based on one of the reactants consumed, on all reactants consumed, or on
products formed. It 1s simply a matter of convenience which definition 1s used
Thus, in general, we define r;(\I N as the instantaneous fractlonal yield of M
based on the disappearance or formatnon of N.

“The use of fractional yields to determine the product distribution for parallel
reactions was developed by Denbigh (1944, 1961).

The determination of reactor volume is no different from that for a single reaction
if we recall that the over-all rate of disappearance of reactant by a number of com-
peting paths is simply the sum of the rates of the individual paths or

r=ry+r,+---

EXAMPLE 2. Product distribution for parallel reactions N

‘

For the competitive hquid-phase reactiéns Lol
N dC
A + B _k R, desired TI“ = 1.0CAC38%  mol/liter-min
N
dCs 1 LY
A + B _*ka S, unwanted — = 1.0C3°%C3® mol/liter-min
- dt

find the fraction of impurity in the product stream for 909, conversion of pure A and
pure B (each has a density of 20 mol/liter) -

(a) for plug flow,

b) for mixed flow,

(¢) for the better of the two plug-mixed contacting schemes of Example 7.1.

»
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Cao=Cpo=10
Ca =20———-—r
Ci;:=2o—Q ) = Cay=Cp =1

FIGURE E2a
¥
SOLUTION
For this reaction the instantaneous fractional yield of R is given by
dCR kchCOB‘a l

® T dCh + dCs ~ kiCaCS® + kaCoCH® T + Cao3Chs

(a) Plug flow. Referring to the accompanying sketch, Fig. E2a, noting that the starting
concentration of each reactant in the combined entering feed is Cho = Cpo = 10
mol/liter and that C, = Cp everywhere, we find from Eq. 9 that

-

Car dCA ~1 10
o P dCa 10~1f S+ ol =019

-1
? 7 Cao - CA/ICAo 101 + Cs 9
Therefore impurities in the R — S product = 817%,.
() Mixed flow. Referring to the accompanying sketch, Fig. E2b, we have from Eq. 10

( 1 1

. o, = Pat exit conditions = = =05

Therefore impurities in the R — S product = 507,

(¢) Plug (A)—mixed (B) flow. Assuming that B is introduced into the reactor in such
a way that Cy = 1 mol/liter throughout the reactor, we find concentrationg as snown in
the accompanying sketch, Fig. E2c. Then accounting for the variation of C, through
fthe reactor we find

o = _-_:I—__ J‘CA/ J‘ dCa _ j‘ dCA
T T T Jen P Y0 19—1 wl + CLo5%1)°  18Ji 1 + C 00

Elos-n-20vB-n+2m ’*‘/'9]—0741// >

II

Therefore impurities in the R — S product = 25.9%,. ‘./
Cho =20
2 75 Cro= Cpy= 10

— |
Cho = 20

——
Cy=Cygym ]

FIGURE E2b.
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. Cro= 19 .
fc,,-l Assume Cp = 1 everywhere
C‘AO'.zo CN'C.’.I
Cho = 20
FIGURE Elc

Note. These results verify the qualitative findings of Example 7.1. Also in case (c)
when C, varies along the reactor length the whoie analysis becomes considerably more
complicated. For this situation see Kramers and Westerterp (1963).

EXAMPLE 3. Best operating conditions for parallel reactions

Often a desired reaction is accompanied by a variety of undesired side reactions, some
of higher order, some of lower order. To see which type of operation gives the best
product distribution consider the simplest typical case, the parallel decompositions of
A, Cro =2,

R rg = 1
A / .
A—S rg = ZCA
N
T rp = CAR

Find the maximum expected Cg for isothermal operations
(a) in a mixed reactor.
(b) ina plug flow reactor.
(c) in a reactor of your choice if unreacted A can be separated from the product
stream and returned to the feed at C o = 2.

SOLUTION
Since S is the desired product let us write fractional yields in terms of S. Thus

dcCs 2Ca _2Ca

WS/A) = e TdC, TdC, T T 2C. 7 C2 - U+ C

Plotting ‘this function we find the curve of Fig. E3 whose maximum occurs where

d'p 2Ca ] =0
dc, - dCA (1T + CuP
Solving we find
¢ =05 at C, = 1.0

(@) Mixed reactor. Most S is formed when the rectangle under the ¢ versus C, curve
has the largest area. The required conditions can be found either by maximization of
rectangles or analytically. Since simple explicit expressions are available for the various



REACTIONS N PARALLEL, EXAMPLE 1713

O o= 2C,/(1 + C)?
05 -—R’;

Cs, mixed

0 1 2
Ca
FIGURE E3.

quantities let us use the latter approach. Then from Eqgs. 10 and 13 we find for the area
of the rectangle

Csy = ®(S/A)-(—AC,) = ¢(S/A)-(-AC,) = kl T C ), (Cao — C{\)

Differentiating and setting to zero to find the conditions at which most S is formed gives

dCay _ d [_2Ca
dC, ~ dC, l(T + Car

Evaluating this quantity gfvm the optimum operating conditions of a mixed reactor as
Cey =% atCa =14

(b) Plug flow reactor. The production of S is maximum when the area under the
¢ versus C, curve is maximum. This occurs at 1009, conversion of A. Thus from
Egs. 9 and 13

-

@-cy -0

Cor = =" tsiArydCa = (‘ = CA),

Evaluating this integral gives, for the plug flow optimum,
Cs[ = 0.867 at CA, =0

(¢c) Any reactor with separation and recycle of unused reactant. Since no reactant leaves
the system unconverted what is important is to operate at conditions where the frac-
tional yield is at its highest value. This is at C, = 1, where (S/A) = 0.5. Thus we
should use a mixed reactor operating at C, = 1. We would then have 50%, of reactant A
fed to the system forming product S.

Comment. Summarizing, we find

(moles S formed

oA fed ) = 033 for part (o

= 0.43 for part (b)

= 0.50 for part (c)
Thus a mixed reactor operating at conditions of highest ¢ with separation and recycle
of unused reactant gives the highest product distribution. This result is quite general
for parallel reactions of different order.
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REACTIONS IN SERIES

Successive First-order Reactions .
For easy visualization consider that the reactions
At RS (14)

proceed only in the presence of light, that they stop the instant the light is shut off,
and that for a given intensity of radiation, the rate equations are

ra = —k;Ca (15)
rg = kch - kgCE (16)
rg = kQCR (17)

Our discussion will center about these reactions.

Qualitative Discussion About Product Distribution. Consider the following two
ways of treating a beaker containing A: first, the contents are irradiated all at one
time; second, a small stream is continuously withdrawn from the beaker, irradiated,
and returned to the beaker; the rate of absorption of radiant energy is the same in
the two cases. The two schemes are shown in Figs. 5 and 6. During this process A
disappears and products are' formed. Is the product distribution of R and S different
in the two beakers? Let us see whether we can answer this question qualitatively
for all values of the rate constants.

A~—>R—-8 li:@;;ij

A
R

Concentration in beaker

Time since light was turned on

FIGURE 5. Concentration-time
curves if the contents of the beaker
are irradiated uniformiv
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A Essentially
A —» R —S complete
conversion
5 Glass
§ A S tube
c
(-4
Q
<
E
§
R >

Time since light was turned on

FIGURE 6. Concentration-time curves for the contents of the
beaker if only a part of the fluid is irradiated at any instant.

In the first beaker, when the contents are being irradiated all at the same time,
the first bit of light will attack A alone because only A is present at the start. The
result is that R is formed. With the next bit of light both A and R will compete;
however, A is in very large excess so it will preferentially absorb the radiant energy
to decompose and form more R. Thus the concentration of R will rise while the
concentration of A will fall. This process will continue until R is present in high
enough concentration so that it can compete favorably with A for the radiant
energy. When this happens, a maximum R concentration is reached. After this the
decomposition of R becomes more rapid than its rate of formation, and its con-
centration drops. A typical concentration time curve is shown in Fig. 5.

In the alternate way of treating A a small fraction of the beaker’s contents is
continuously removed, irradiated, and returned to the beaker. Since the total
absorption rate is the same in the two cases, however, the intensity of radiation
received by the fluid removed is greater, and it could well be, if the flow rate is not
too high, that the fluid being irradiated reacts essentially to completion. In this
case, then, A is removed and S is returned to the beaker. So as time proceeds the
concentration of A slowly decreases in the beaker, S rises, while R is absent. This
progressive change is shown in Fig. 6.

These two methods of reacting the contents of the beaker yield different product
distributions and represent the two extremes in possible operations, one with a
maximum possible formation of R and the other with a minimum, or no formation,
of R. How can we best characterize this behavior ? We note in the first method that
the contents of the beaker remain homogeneous throughout, all changing slowly
with time, whereas in the second a stream of reacted fluid is continually being mixed
with fresh fluid. In other words, we are mixing two streams of different com-
positions. This discussion suggests the following rule governing product distribution
for reactions in series.
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For reactions in series the mixing of fluid of different composition is the key
to the formation of intermediate. The maximum possible amount of any
and all intermediates is obtained if fluid of different compositions and at
different stages of conversion are not allowed to mix.

As the intermediate is frequently the desired reaction product, this rule allows
us to evaluate the effectiveness of various reactor systems. For example, plug flow
and batch operations should both give a maximum R yield because here there is no
mixing of fluid streams of different compositions. Or the other hand, the mixed
reactor should not give as high a yield of R as possible because a fresh stream of
pure A is being mixed continually with an already reacted fluid in the reactor.

The following examples illustrate the point just made. We then give a quantitative
treatment which will verify these qualitative findings.

EXAMPLE 4. Favorable contacting for reactions in series

From each of the pair of reactor setups in Fig. E4 select the method of operation which

will produce a larger amount of R and briefly explain why this should be so. The

reaction is '
AL R e

S

(a)

(c)
FIGURE E4
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SOLUTION

(a) For a relatively slow reaction either setup is satisfactory, yielding a maximum R
concentration, but for a fast reaction and with insufficient fluid mixing the concentration
of products in the beam of light of the second setup may rise above that in the sur-
rounding fluid. The resulting heterogeneity results in a lowering in R yield. Thus for fast
reactions the first setup is preferable.

(5) For reactions which are slow enough so that the conversion per pass is very small,
either setup should be satisfactory; however, for a fast reaction the second setup is
preferred because the conversion of reactant per pass is approximately one-third that
for the first setup. Thus streams with smaller concentration differences are being mixed.
(¢) To examine this situation first consider various extents of recycle in the second
,setup. With no recycle we have a plug flow system with no mixing of streams of different
compositions, hence a maximum R yield. As the recycle rate is increased the second
setup approaches the mixed reactor with a resultant decrease in R yield, hence the
second setup with no recycle is preferred.

Quantitative Treatment, Plug Flow or Batch Reactor. In Chapter 3 we devel-
oped the equations relating concentration with time for all components of the
unimolecular-type reactions

A2 R B

in batch reactors. The derivations assumed that the feed contained no reaction
products R or S. If we replace reaci.on time by the space time, these equations
apply equally well for plug flow reactors, thus

Ca x

=A 1 3.47
G~ € (3.47)
CR —_ kl -k,3 . p—k,t

vl A 649

»

Csg=Cpro— Cr— Cx

‘he maximum concentration of intermediate and time at which it occurs is given by

Cn.msx l& kai(kg = k1)
Cao (k (3.52)
Tp,opt = 1 = In (kj/k,) 3.51)

kloc mean ka - kl

‘his is also the point at which the rate of formation of S is mne* -~~
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FIGURE 7. Behavior of unimolecular-type reactions
AL, R fass

in a plug flow reactor: (a) concentration-time curves, and (b) relative concentratior
of the reaction components.

Figure 7a, prepared for various kj/k, values, illustrates how this ratio govern
the concentration-time curves of the intermediate R. Figure 7b, a time-independen
plot, relates the concentration of all reaction components.

Quantitative Treatment, Mixed Flow Reactor. Let us develop the concentration-
time curves for this reaction when it takes place in a mixed reactor. This may be
done by referring to Fig. 8. Again the derivation will be limited to a feed which
contains no reaction product R or S.

CgmCpro—=Cp=Cr
Fy
Fg
Fy

S

FIGURE 8. Variables for reactions in series (no
R or S in the feed) occurring in a mixed reactor.
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By the steady-state material balance we obtain for any component

input = output + disappearance by reaction

which for reactant A becomes
Fpo = Fp + (—=rp)V

or
vCpro = VCyx + k,CoV
Noting that
vV _
—v— = Tm = t
we obtain, on rearranging,
Cy 1

Cro T+ kyry,
For component R the material balance, Eq. 4.1, bgcomes

vCro = VCx + (—rr)V
or

0 =vCx + (—k,Cy + k,Cr)V
With Eqgs. 18 and 19 we obtain, on rearranging,

G _ L
Cao B (1 + kl"m)(l + kx"m)

Cs 1s found by simply noting that at any time

Cp + Cg + Cg = C, = constant
hence
& _ kyksn®
Cro (I + kimn)( + ky7p)

i79

.1

(18)

(19)

(20)

@n

The location and maximum concentration of R are found by taking dCg/d7, = 0.

Thus
dCq _ o _ Cacki(l + kyrn)(1 + karp) — Cackarlki(L+ kurp) ¢ (1 + A 7ndka]
d"m B h (l + kl"'m)z(l + k2"'m)2

which simplifies neatly to give

Tm,opt = .;/—ch:k;
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The corresponding concentration of R is given by replacing Eq. 22 in Eq. 20. On
rearranging this becomes

CR.le ]

Cro (k)T T 1T (23)

Typical concentration-time curves for various k,/k; values are shown in Fig. 9a.
A time-independent plot, Fig. 9b, relates the concentrations of reactant and
products.

Remarks on Performance Characteristics, Kinetic Studies, and Design. Figures
7a and 9a show the general time-concentration behavior for plug and mixed flow
reactors and are an aid in visualizing the actual progress of the reaction. Com-
parison of these figures shows that except when k; = k, the plug flow reactor
always requires a smaller time than does the mixed reactor to achieve the maximum
concentration of R, the difference in times becoming progressively larger as k,/k,
departs from unity (see Egs. 22 and 3.51). In addition, for any reaction the maxi-
mum obtainable concentration of R in a plug flow reactor is always higher than the
maximum obtainable in a mixed reactor (see Eqs. 23 and 3.52). This verifies the
conclustons arrived at by qualitative reasoning.

r x T T 1 { z 1 T
ki ke
R for 2=0 A-——R—>S Ca
081\ ¢ ¢ A = " -
A Mixed flow Cao
Cao )
06} 01 — —]
e 10
S Cs
~ ~ .‘—3.—
© o4} © " ~Locus of Cx max — Caa
! ka _
5 01
02 - A 1
10 ! Cao
0 | i 1
0 1 2 3 4 5
kT Xy =1=C,/Cp
(a) (2]

FIGURE 9. Behavior of unimolecular-type reactions

ALy R ks

in a mixed reactor: (a) concentration-time curves, and (b) relative concentration of
the reaction components
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Figures 7b and 9b, time-independent plots, show the distribution of materials
during reaction. Such plots find most use in kinetic studies since they allow the
determination of k,/k, by matching the experimental points with one of the family
of curves on the appropriate graph. Figures 15 and 16 are more detailed representa-
tions of these two figures.

Though not shown in the figures, Cg can be found by difference between C,,
and C, + Cy. For small times, 7 < 7,,, the amount of S formed is small. For
T » Top, the Cg curve approaches asymptotically that for a simple one-step reac-
tion; thus the formation of S can be viewed as a one-step reaction with rate constant
k, and having an induction period which becomes relatively unimportant as time
increases.

Figure 10 presents the fractional yield curves for intermediate R as a function of
the conversion level and the rate constant ratio. These curves clearly show that the
fractional yield of R 1s always higher for plug flow than for mixed flow for any
converston level. A second important observation in this figure concerns the extent
of conversion of A we should plan for. If for the reaction considered k,/k; is much

V-\
~—o
<
=@
olh
& 5:“ —
k3 \
N
" N
w
el +
& Plug flow
P Mixed flow
N~
0 02 04 06 08 10

Xa=1=C,/[Cyo

FIGURE 10. Comparison of the fractional yields of R in mixed
and plug flow reactors for the unimolecular-type reactions

LN G S
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smaller than unity, we should design for a‘high conversion of A and probably
dispense with recycle of unused reactant. However, if ky/k; is greater than unity,
the fractional yield drops very sharply even at low conversion. Hence to avoid
obtaining unwanted S instead of R we must design for a very small conversion of
A per pass,#eparation of R, and recycle of unused reactant. In such a case large
quantities of material will have to be treated in the A-R separator and recycled,
and this part of the process will figure prominently in cost considerations.

Successive Irreversible Reactions of Different Orders

In principle concentration-time curves can be constructed for successive reactions
of different orders. For the plug flow or batch reactor this involves simultaneous
solution of the governing differential equations, while for the mixed reactor we have
only simultaneous algebraic equations to deal with. In both these cases explicit
solutions are difficult to obtain; thus numerical methods provide the best tool for
treating such reactions. In all cases these curves exhibit characteristics similar to
successive first-order reactions; therefore we may generalize the conclusions for
that reaction set to all irreversible reactions in series.

Product distribution curves for these reactions are of little generahty for they are
dependent on the concentration of reactant in the feed. As with reactions in parallel,
a rise in reactant concentration favors the higher-order reaction; a lower concen-
tration favors the lower-order reaction. This causes a shift in Cr.max and this
property can be used to improve the product distribution.

Reversible Reactions: Series or Parallel

Solution of the equations for successive reversible reactions is quite fornidable
even for the first-order case; thus we illustrate only the general characteristics for a
few typical cases. Consider the reversible {irst-order reactions

A=2R=S (24)
and
T
z
B 25
N (25)
U

Figures 11 and 12 then display the concentration-time curves for the components
in batch or plug flow for different values of the rate constants.

Figure 11 shows that the concentration of intermediate in reversible series reac-
tions need not pass through a maximum, while Fig. 12 shows that a product may
pass through a maximum concentration typical of an intermediate in the irreversible
series reactions; however, the reactions may be of a different kind. A comparison
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of these figures shows that many of the curves are similar in shape, making it
difficult to select the correct mechanism of reaction by experiment, especially if the
kinetic data are somewhat scattered. Probably the best clue in distinguishing
between parallel and series reactions is to examine initial rate data—data obtained
for very small conversion of reactant. For series reactions the time-concentration
curve for S has a zero slope, whereas for parallel reactions this is not so.

SERIES-PARALLEL REACTIONS

Multiple reactions which consist of steps in series and steps in parallel are called
series-parallel reactions. From:the point of view of proper contacting, these reac-
tions are more interesting than the simpler types already considered because a
larger choice of contacting is usually possible, leading to much wider differences in
product distribution. Thus the design engineer 1s dealing with a more flexible
system and this affords him the opportunity to display his talents in devising the
best of the wide variety of possible contacting patterns. Let us develop our ideas
with a reaction type which represents a broad class of industrially important
reactions. We will then generalize our findings to other series-parallel reactions.

For the reaction set consider the successive attack of a compound by a reactive
material. The general representation of these reactions is

A+ B-XR

k.
R+ B—>S
(26)

S+B-5>T
etc.

or
+B, ka +B, ks

A SBE, g 2RI g tBk, 1
where A is the compound to be attacked, B is the reactive material, and R, S, T
etc., are the polysubstituted materials formed during reaction. Examples of suc
reactions may be found 1n the successive substitutive halogenation (or nitration
of hydrocarbons, say benzene or methane, to form monohalo, dihalo, trihalo, et ,
derivatives as shown below:

CeHe —25 C,H,Cl 2y ... 2, .0l
+ HNO, + HNO,3 + HNO,
C¢Hg — CsH;NO, > . CeH3(NO,);

CH, =% CH, 0l % - 2%,cq,
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Aroiher important example is the addition of alkene oxides, say ethylene oxide,
v, compounds of the proton donor class such as amines, alcohols, water, and
aydrasine to form monoalkoxy, dialkoxy, trialkoxy, etc., derivatives, some ex-
amples of which are shown below:

H o CH,—CH,0H 0

el S s o N
Nop — M\ H oo A N——(CH,—CH,OH),

AN AN triethanolamine, TEA

H H

monoethanolamine, MEA

H o CH,—CH,0OH o

/ +eHo + Ny
SR —H M, 0—(CH,—CH,0H),

N AN diethylene glycol

H H

ethylene glycol

Such processes are frequently bimolecular, irreversible, hence second-order
kinetically. When occurring in the liquid phase they are also essentially constant-
density reactions.

We first consider the two-step reaction where the first substitution product 1s
desired. Actually for an n-step reaction the third and succeeding reactions do not
occur to any appreciable extent and may be ignored if the mole ratio of A to B is
high (see qualitative treatment given next). The reaction set considered 1s thus

A+ B-X5>R
. @7
R+B—S

With the assﬁmptlon that the reaction is irreversible, bimolecular, and of constant
density, the rate expressions are given by

ra = ‘% = —k,CACs (28)
re = d—dct—ﬂ = —k\CACs — ksCxCs (29)
ro = %‘ = k,CaCs — kaCCa (30)
re = %C’—S — kaCaCs 31)

Qualitative Discussion About Product Distribution. To get the “feel” for what
takes place when A and B react according to Eq. 27, imagine that we have two
beakers, one containing A and the other containing B. Should 1t make any differ-
ence in the product distribution how we mix A and B? To find out, consider the
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following ways of mixing the reactants: (@) add A slowly to B, (b) add B slowly to
A, and finally (c) mix A and B together rapidly.

For the first alternative pour A a little at a time into the beaker containing B,
stirring thoroughly and making sure that all the A is used up and that the reaction
stops before the next bit is added. With each addition a bit of R is produced in the
beaker. But this R finds itself in an excess of B so it will react further to form S.
The result is that at no time during the slow addition will A and R be present in any
appreciable amount. The mixture becomes progressively richer in S and poorer in
B. This continues until the beaker contains only S. Figure 13 shows this progressive
change.

Now pour B a little at a time into the beaker containing A, again stirring thor-
oughly. The first bit of B will be used up, reacting with A to form R. This R cannot
react further for there is now no B present in the mixture. With the next addition
of B, both A and R will compete with each other for the B added, and since A is in
very large excess it will react with most of the B, producing even more R. This
process will be repeated with progressive buildup of R and depletion of A until the
concentration of R is high enough so that it can compete favorably with A for the
B added. When this happens, the concentration of R reaches a maximum, then
drops. Finally, after addition of 2 moles of B for each mole of A, we end up with a
solution containing only S. This progressive change is shown in Fig. 14.

Now consider the third alternative where the contents of the two beakers are
rapidly mixed together, the reaction being slow enough so that it does not proceed
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Moles A added differentially
(all A i1s consumed with each addition)

FIGURE 13. Distribution of materials in
the B beaker for the method of mixing
shown.
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with either method of mixing of reactants

FIGURE 14. Distribution of materials in the mixing beaker for either
of the methods of mixing shown.

to any appreciable extent before the mixture becomes uniform During the first
few reaction increments R finds itself competing with a large excess of A for B and
hence is at a disadvantage. Carrying through this line of reasoning, we find the
same type of distribution curve as for the mixture in which B 1s added slowly to A.
This situation 1s also shown 1n Fig. 14.

The product distribution of Figs. 13 and 14 are completely different. Thus, when
A is kept uniform 1n composition as it reacts, as in Fig. 14, then R 1s formed
However, when some A reacts rapidly, some slowly, when fresh A 1s mixed with
reacted A, as in Fig. 13, then no intermediate R forms But this is precisely the
behavior of reactions in series. Thus, as far as A, R, and S are concerned, we may
view the reactions of Eq. 27 as

AE RIS
A second observation of Fig. 14 1s that the concentration level of B, whether high
or low, has no effect on the path of the reaction and on the distribution of products

But this is precisely the behavior of parallel reactions of the same order. So with
respect to B Eq. 27 can be looked at as

R
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From this discussion we propose the general rule:

Series-parallel reactions can be analyzed in terms of their constituent
series reactions and parallel reactions in that optimum contacting for
Sfavorable product distribution is the same as for the constituent reactivns.

For the reactions of Eq. 27 where R is desired this rule shows that the best way of
contacting A and B is to react A umformly, while adding B any way convenient.
This is a powerful generalization which, without needing specific values for the
rate constants, can already show 1in many cases which are the favorable contacting
patterns. It 1s essential, however, to have the proper representation of the stoichi-
ometry and form of rate equation. Example 6 applies to these generalizations.

Quantitative Treatment, Plug Flow or Batch Reactor. Here we quantitatively
treat the reactions of Eq. 27 with the understanding that R, the intermediate, is the
desired product, and that the reaction 1s slow enough so that we may ignore the
problems of partial reaction during mixing of reactants.

In general, taking the ratio of two rate equations eliminates the time variable
and gives information on the product distribution. So dividing Eq. 30 by Eq. 28
we obtain the first-order hnear differential equation

™R _ _d_(’i =1+ kyCy,
ra dC, k,C,

(32)

whose method of solution 1s shown in Chapter 3. With some R present in the feed
.the limits of integration are Cyq to C, for A and Cg, to Cy for R, and the solution
ot this differential equation 1s

Cn _ 1 [(&)ka/h_&] +_c_59(—ci)km’ ks,
CAU 1 - k?/kl CAO CAO CAO CAO kl
(33)
G (o1 Ca), k|
CAO CAO CAO CAO kl

This gives the relationship between Cy and C, at any time in a batch or plug flow
reactor. To find the concentrations of the other components simply make a material
balance. An A balance gives

CA0+CRQ+C50=CA+CR+CS
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or
AC, + ACRr + ACg =0 (34)

from which Cg can be found as a function of C, and Cg. Finally a balance about
B gives

ACg + ACg + 2ACg =0 (395
from which Cg can be found.

Quantitative Treatment, Mixed Flow. Writing the design equation for mixed
flow in terms of A and R gives

CAO - CA = CRO — CR.

T, =
" Ta —TIr

or

T =CA°“CA= Cro — Cr
™ k,CaCy k:CrCs — k,CACs

Rearranging, we obtain

CRO - CR = —1 +k2CR
CAO - CA kch

which is the difference equation corresponding to the differential equation, Eq. 32.
Writing Cy, in terms of C, then gives

Ca(Cao — Ca + Cro)

Cr = =
BT Cp + (ka/k))(Cao — Ca)

(36)

Equations 34 and 35, material balances about A and B in plug flow, hold equally
well for mixed flow and serve to complete the set of equations giving complete
product distribution in this reactor. '

Graphical Representation. Figures 15 and 16, time-independent plots, show the
distribution of materials ir plug and mixed flow and are prepared from Egs. 33 to
36. As mentioned earlier, A, R, and S behave like the components in first-order
reactions in series. Comparing Figs. 15 and 16 with Figs. 7b and 9b, we see that
the distribution of these materials is the same in both cases, plug flow again giving
a higher concentration of intermediate than mixed flow. As the reaction proceeds
B 1s progressively consumed while the composition of A and R follows the corre-
sponding ky/k, curve from left to right. The lines of slope 2 on these charts show
the amount of B consumed to reach any particular point on the curve. It makes no
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FIGURE 15. Distribution of materials in a batch or plug flow reactor for the
elementary series-parallel reactions

A+B R

R+ B-fas

difference whether B is added all at one time as in a batch reactor or a little at a time
as in a semibatch reactor; in either case the same point on the chart will be reached
when the same total amount of B is consumed.

These figures indicate that no matter what reactor system is selected, when the
fractional conversion of A is low the fractional yield of R is high. Thus if it 1
possible to separate cheaply small amounts of R from a large reactant stream, thc
optimum setup for producing R is to have small conversions per pass coupled
with,a separation of R and recycle of unused A. The actual mode of operation will
as usual, depend on the economics of the system under study.
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FIGURE 16. Distribution of materials in a mixed flow reactor for the ele-
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A+ BXyR

R+ B-X2s

Experimental Determination of the Kinetics of Reaction. The ratio k,/k, may
be found by analyzing the products of reaction from an experiment, and locating
the corresponding point on the appropriate design chart. The simplest way to do
this is to use different ratios of B to A in a batch reactor, allowing the reaction to
go to completion each time. For each run a value of k,/k, can be determined. The
best mole ratios to use are those where the lines of constant k,/k, are furthest
apart, or where —(AB/A;) = 1.0, or close to equimolar ratios.

With k,/k, known, all that is needed is k, which must be found by kinetic ¢xperi-

ments. Since the rate of reaction between A and B is 1nitially second order when R
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is absent in the feed, k, can be found by extrapolating rate data to zero holding
time. In other words, k, is found from nitial rate data. Another way is to deal
directly with Eqgs. 28-33, fitting the best values of the constants by a least-squares
procedure. This may become somewhat difficult, however.

Frost and Pearson (1961) consider in detail the experlmenta] determination of
the rate constants of this reaction.

Intermediate in Feed or Recycle Stream. If R is present in the feed to the plug
flow reactor, either from the initial feed or recycle stream, its effect can easily be
found because the progress of the reaction will still be along the same k,/k, line
of Fig. 15 but starting from the point where this line cuts a second line of slope
—(Ca/Cp)inesar and emanating from C, = Cy = 0. The effect of this R in the feed
reduces the net fractional yield of R.

EXAMPLE 5. Kinetics of series-parallel reaction

From each of the following experiments, what can we say about the rate constants of
the multiple reactions

A+ B—»R
R+B—-S

(a) Half a mole of B s poured bit by bit, with stirring, into a flask containing a mole
of A. The reaction proceeds slowly, and when completed B is entirely consumed;
however, 0.67 mole of A remains unreacted.

(h) One mole of A and 1.25 moles of B are rapidly mixed, and the reaction is slow
cnough so that 1t does not proceed to any appreciable extent befote homogeneity in
composition is achieved On completion of the reaction 0.5 mole of R is found to be
present 1n the mixture.

(¢) One mole of A and 1.25 moles of B are rapidly brought together. The reaction is
slow enough so that 1t does not proceed to any appreciable extent before homogeneity
in A and B 1s achieved. At the time when 0.9 mole of B is consumed 0.3 mole of S is
present in the mixture.

AB = 1.25
R=05}——————— Z
B ; §=03-,+1{aB=09
/ 1/
AB=05 /
/ /
// //
//E / /
A =067
(a) (b) (c)

FIGURE ES.
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SOLUTION

The sketches in Fig. ES show how Fig. 15 is used to find the desired information. Thus
we find:

@) kalky = 4,  (b) kalky = 0.4,  (c) kalk, = 1.45

EXAMPLE 6. Design decisions for a given product distribution

We wish to produce continuously at least a 4:1 mixture of R and S from separate feed
streams of A and of B which react according to the elementary reactions

A+B-X,R
M k1=k2
R+B—>S

We face numerous choices; the type of reactor, the mole ratio of feed, the conversion
level of reactants, whether to separate and recycle any of the materials, and if so which ?
Let us briefly indicate the factors which lead to the various design alternatives.

SOLUTION
(@) Reactant A. From Figs. 15 and 16 we find that the desired product distribution
occurs
at X, = 0.36 in plug flow
", at X4 = 0.20 in mixed flow

At conversions higher than these the ratio of R to S is lower than the required 4:1.
Thus in one case we waste 80%, of the incoming A, in the other case 64%,. These are
the conditions at wehich the reactor must operate.

If A is costly then it must be separated from the product stream and reused. Since
conversion is higher for plug flow its recycle rate is smaller (45%, that for mixed flow)
and the reclaiming system needed is likewise smaller. On the other hand, if A is cheap
enough that it need not be reclaimed (the production of ethylene glycol is an example,
see p. 186: here chemical A is water) then there is no particular advantage to either
ideal reactor.

(b) Reactant B. The concentration level of B has no effect on the product distribution;
so, if B is cheap and need not be reclaimed keep its concentration at any level convenient.
If B is costly either let it be highly converted (large reactor but with little waste of B) or
else maintain a reasonable Cy but separate and recycle unused B (smaller reactor but
with reclaiming equipment).

(¢) Product R. There never is any need to separate and recycle R. In fact the low
conversion of A was forced on us in the first flace because there would be insufficient R
at higher X,.

(d) Product S. Recycle is useless, it has no effect on the product distribution.

(e) Mole ratio in the feed. To produce 4 moles of R and one of S requires using 5 moles
of A and 6 of B. Thus

moles B converted

moles A converted 1.2
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The actual feed ratio may differ from this to account for any discarded A and B. For
cxample, if A is discarded and B is very highly converted, then the feed ratio for mixed
flow would be 0.24.
Summary. Without recycling A, X, is fixed by the reaction kinetics and the RS re-
quirements. In this example X, is unavoidably low, so if A is costly it must be
reclaimed and recycled.

Any X; can be used, so if B is costly use high Xp or reclaim and recycle B.

If the cost of A is a consideration then always use plug flow.

Do not recycle either of the products.

Extensions and Applications

Three or More Reactions. Analysis of three or more reactions can be made by
procedures analogous to those presented. Of course, the mathematics becomes
more involved; however, much of the extra labor can be avoided by selecting
experimental conditions in which only two reactions need be considered at any
time. Figure 17 shows product distribution curves for one such reaction set, the
progressive chlorination of benzene. Note the similarity in shape with the time-
concentration curves for successive first-order reactions in series, Fig. 3.13. The
curves of Fig. 17 may be replotted in the manner of Figs. 15 and 16 for a three-step
reaction [see Jungers et al. (1958)]. Unfortunately, because paper is only two-
dimensional, a separate graph is needed for each value of k,/k,. Again, as with the
two-reaction set, we find that a plug flow reactor yields a higher maximum concen-
tration of intermediates than does a mixed reactor.

10 T
= Batch or plug flow
=~~~ Mixed
= A
5 N
0 N -==]
o NS
<‘ i \\\\
R »
N —— =
o 1.0 30
Bo-B= -AB
FIGURE 17. Product distribution in the progressive chlorination of benzene:
A+BELRLU CeHo + Cly 515 C4H,CI + HCI
R+B-2584+ U or CgHsCl + Cl, X2 CHCl, + HCI
S+BALThU CeH(Cly %25 CoH,Cly + HCI

with kgfk, = 4 and ky/k, = y}g; from MacMullin (1948).



196 Ch. 7 DESIGN FOR MULTIPLE REACTIONS

Polymerization. The field of polymerization affords an opportunity for a fruitful
spplication of these ideas. Often hundreds or even thousands of reactions in series
occur in the formation of polymers, and the type of crosslinking and molecular
weight distribution of these products are what gives these materials their particular
physical properties of solubility, density, flexibility, etc.

Since the mode of mixing of monomers with their catalysts profoundly affects
product distribution, great importance must be paid to this factor if the product
is to have the desired physical and chemical properties. Denbigh (1947, 1951)
considered some of the many aspects of this problem, and Fig. 18 shows for
various kinetics how reactor type influences molecular weight distribution of
products.

Fermentation. From the simplest to the most complex, biological processes may
be classed as fermentations, elementary physiological processes, and the action of
living entities. Further, fermentations can be divided into two broad groups: thosc
promoted and catalyzed by microorganisms or microbes (yeasts, bacteria, algae,
molds, protozoa) and those catalyzed by enzymes (chemicals produced by micro-

Mole % of given polymer in product

0

0 10 20 30
Number of monomer units in polymar

(a) (b

FIGURE I18. Type of flow and the kinetics influence the molecular weight distribu-
tion of polymer: (a) duration of polymerization reaction (life of active polymer) is
short compared to the reactor holding time; (b) duration of polymerization reaction
is long compared to the reactor holding time, or where polymerization has no
termination reaction. Adapted from Denbigh (1947).
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organisms). In general, then, fermentations are reactions wherein a raw organic
feed is converted into product by the action of microorganisms or by the action of
enzymes.

Consider microbial fermentations. Their action may be represented by

(raw organic feed) + (microorganisms) — ( prodluct ) + ( | more )
chemicals microorganisms

or

microorganisms: C,
these cells are catalysts

(organic feed: A) ————— > (product: R) + (more cells: C)  (37)

Sometimes the product chemicals are the desired product (alcohol from sugar and
starch), other times it is the microorganism or its enzyme (yeast, penicillin).

Typically, if a batch of organic feed is seeded with small amounts of micro-
organism we have the following progression of events. At first, since there is only
a small amount of catalytic agent present, the conversion of feed is slow. However,
as the microorganism propagates the reaction rate rises; it reaches a maximum;
and with a gradual depletion of convertible feed and with an accumulation of
products the rate then slows eventually to zero. Clearly this progression is auto-
catalytic and it is found that a reasonable first representation is given by the
modified Michaelis-Menten expression (see Problem 2.19)

A-S.rR + cC

where

'*‘kc"(kﬁc)‘ == %)

If the stoichiometric coefficients are known and constant throughout the reaction
(this means that each unit of feed consumed produces the same amount of new
cells and product chemicals), then the system can be treated as a single autc
catalytic reaction and the solution of problems of optimum design and reactor
choice is direct, see Bischoff (1966). These assumptions are often made for they
greatly simplify the amalysis; however, whether they are justified requires a test
with experiment. When they do not hold then we have a case of multiple reactions
to treat, with all its attendant product distribution problems.

Consider a fermentation occurring in a mixed reactor. Often the feed is a mixture
of organic materials (grape juice, carbohydrate mixture, raw sewage) and the
injected cells consist of a variety of microorganisms (yeast starter, activated sludge
all competing for the feed. Since these processes are all autocatalytic, each particular
temperature, mean residence time, and contacting pattern favors one of the reac-
tions which then dominates and swamps all the other reactions. Changing the
conditions such as in scale-up, or in shifting from batch to continuous operatior
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may cause a different microorganism to dominate, giving a completely different

product distribution. These questions of changing product are an interesting and

extremely important application of the principles presented in this chapter.
Consider enzyme fermentations. These can be represented by

enzyme: E, acting as catalyst

(organic feed: A) > (product chemicals: R) 39)

where the simplest reasonable kinetics is given by the Michaelis-Menten equation
(see Problems 2.19 and 3.17) as

- k,cgo(z%—d), Czo = constant (40)

The key distinction between these two types of fermentations is as follows. In
enzyme fermentation the catalytic agent (the enzyme) does not reproduce itself,
while in microbial fermentation the catalytic agent (the cells with their enzyme
content) does reproduce. Thus in a batch operation the cell concentration C; in
Eq. 38 is a changing quantity while the total enzyme concentration Cg, in Eq. 40
remains constant throughout. Also, in flow systems fresh enzyme must be fed
continually to the reactor, while in microbial fermenters with sufficient recycle of
product fluid no fresh microorganism need be added to the reactor.

The autocatalytic behavior of microbial fermentations suggests that mixed flow
followed by plug flow likely gives the smallest reactor size. Because enzyme
fermentations are not autocatalytic, plug flow is favored. The distinction between
these systems is illustrated in Figs. 19 and 20.

Fermentations form a most important class of reactions. They are widely used
by man to produce alcoholic beverages, antibiotics, vitamins, proteins, toxins,
yeast, and many foodstuffs, such as tea, yoghurt, sauerkraut, and mouth-watering
dill pickles; also to purify organic wastes such as sewage. They most likely rep-

Fnzyme Microbial
ferinentation fermentation

CAO he CA 0

Product, R
Cells, C

Organic feed, A
Csol Enzyme, E Ceo

t t

FIGURE 9. Distinction between the two types of fermenta-
tion, batch operations.
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Enzyme fermentation 1 [ Microbial fermentation
Enzyme not consumed, Cells multiply,
/ not autocatalytic / autocatalytic
Enzyme, Cyy React Product, Cy Reactor Product, Cy
—] b —» Rea —
Organic eactor Enzyme, Cy, Organic Cells, C;,
feed, Cy Unreacted feed, Cy, Unreacted
feed, C, feed, Cp

FIGURE 20. Distinction between the two types of fermentation, continuous
operation.

resent man’s earhest and happiest contacts with chemical technology. And in man’s
search for better foods and a cleaner environment these reactions most likely will
become one of the most important applications of chemical reaction engineering.

CONCLUSION

The key to optimum design for multiple reactions is proper contacting and proper
flow pattern of fluids within the reactor. These requirements are determined by the
stoichiometry and observed kinetics.

To obtain high yields of a desired product we may have to maintain high con-
centrations or low concentrations (parallel reactions), or homogeneity of composi-
tion (series reactions) for the various reactants. With these requirements known
desirable contacting patterns can then be devised by using the appropriate batch,
semibatch, mixed, or plug flow umt with slow or rapid introduction of the various
feeds, with or without separation and recycle of reactants.

Usually qualitative reasoring alone can already determine the correct contacting
scheme. This is done by breaking the reaction stoichiometry into its component
parallel and series reactions. Naturally, to determine the actual equipment size
requires quantitative considerations.

When the kinetics and stoichiometry are not known, well-planned experimenta-
tion guided by the principles enunciated here should result in a reasonably close
approach to optimum operations.

Additional discussions of how product distribution is affected by the contacting
pattern and temperature of operations are given in Chapters 10 and 8 and in the
chapters on heterogeneous systems. In particular, the discussion at the end of
Chapter 13 shows how to vastly improve product distribution by deliberately
adding a second immiscible phase to make the system heterogeneous.
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PROBLEMS

These are grouped as follows:

Problems 1-6: Qualitative.

Problems 7-20:  Reaction in parallel.

Problems 21-26: Series, and series-parallel reactions.
Problems 27-31: Miscellaneous.

1. In one sentence state the distinguishing characteristic of each of the following
reactions: single, multiple, elementary, nonelementary.

2. Starting with separate feeds of reactants A and B of given concentration (no
dilution with inerts permitted), for the competitive-consecutive reactions with
stoichiometry and rate as shown

A + B — Ryesirea ey
R + B — Sinwantea £
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sketch the best contacting patterns for both continuous and noncontinuous
operations:

(@) ry = k,C\Cy? (b) r, = k,CACs (¢) ri = k,CaCy (d) ry = k,Ca%Cy

rg = kgCnCB rg = kgCRCBz rq = kgCgQCg r, = kQCRCg
3. The reaction of A and B produces the desired product R as well as the un-
wanted side products S, T, .... What reactant concentrations should we use for

the following sets of elementary reactions so as to promote the conversion to R.
(@ A +B—>R b) A+ B—>R (c) A+ B—>R
A—S 2A—>T A—U
B>V
Note: Costs of materials, desired conversion levels, possibility of recycle will all

enter in selecting the best contacting pattern; however, these factors are not
considered here.

4. Reactant A decomposes as follows:

A _ﬂ* Rdulrod ‘_"3_’ S
T u
where n; are reaction orders. Qualitatively find what flow (plug, mixed, or inter-

mediate) and what C,, (high, low, or intermediate) should be used for a high
conversion to R.

n, nz nzg ng

Case(@) 1 1 1 1
@& 1 2 1 1
© 2 1 1 1
@ 1 2 1 0
e 1 1 2 1
1 o0 2 1
S. Reactant A decomposes as follows and R is the desired product:
A-H5> R -+ -both first order
A+ALLT - - -second order

Qualitatively, how should we run this reaction so as to obtain a high conversion
to R.

(a) Consider that C,, is fixed and that either plug, mixed, or recycle flow can
be used.
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(b) Consider that C,, can be set at will, and that either plug, mixed, or recycle
flow can be used.

6. What feed concentration (high or low C,,), contacting pattern (plug or mixed
flow), and conversion level (high or low) will promote the formation of desired
product R for the following sets of elementary reactions:

A+ R—>2R ®) A—>R ()2A—>R
A—S A+R-—>S RS

7. Substance A in a liquid reacts to produce R and S as follows:

(a)

R - - -first order

A
A

Y
S - - -first order

A feed (Cpo = 1, Cro = 0, Cso = 0) enters two mixed reactors in series (r; = 2.5
min, 7, = 5min). Knowing the composition in the first reactor (C,, = 0.4,
Cr, = 04, Cg, = 0.2), find the composition leaving the second reactor.

8. Substance A in the liquid phase produces R and S by the following reactions:

R - - -second order
v
A
N
S - - -first order
The feed (Cpo = 1.0, Cro = 0, Cgo = 0) enters two mixed reactors in series

(ry = 2.5 min, 7, = 10 min). Knowing the composttion in the first reactor (C,, =
0.4, Cr; = 0.4, Cg, = 0.2), find the composttion leaving the second reactor.

9 The stoichiometry of a hiquid phase decomposition is known to be
? N
Val
A

N
S

In a series of steady-state flow experiments (C,o = 100, Cgo = Cgo = 0) 1In 2
laboratory mixed flow reactor the following results are obtained:

C, 9% 8 70 60 50 40 30 20 10 O
Crn| 7 43 18 22 25 27 28 28 27 25

Further experiments indicate that the level of Cy and Cg have no effect on the
prog .+ s of the reaction.
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With - teed C,, = 100 and exit concentration C,, = 20, find the value of Cy
at the exit from
(a) a plug flow reactor,
(b) a mixed flow reactor,
(¢) and (d): repeat parts (a) and (b) for C,o = 200.

10. For the reaction of Problem 9, how should we operate a mixed reactor so
as to maximize the production of R? Separation and recycle of unused reactant
is not possible, and C,, = 150.

11. Reactant A decomposes in an isothermal batch reactor (C,o = 100) to
produce wanted R and unwanted S and the following progressive concentration
readings are recorded:

C,|(100) 90 80 70 60 S0 40 30 20 10 (0)
Cxr © 1 4 9 16 25 35 45 55 64 (71)

Additional runs show that adding R or S does not affect the distribution of products
formed and that only A does. Also it is noted that the number of moles of A, R,
and S is constant.

(a) Find the ¢ versus C, curve for this reaction.
With a feed C,o = 100 and C,,; = 10, find Cy

(b) from a mixed flow reactor,

(¢) from a plug flow reactor,

(d) and (e): repeat parts (b) and (c) with the modifications that C,, = 70.

12. Reactant A in a liquid either isomerizes or dimerizes as follows

A —> Ryesired rg = k,Ca
A + A — Suiwantes rg = kyC,?

(a) Write (R/A) and ¢(R/R + S).
With a feed stream of concentration C,q find Cg_ mex Which can be formed

(b) in a plug flow reactor,

(¢) in a mixed flow reactor.
A quantity of A of initial concentration C,o = 1 mol/liter is dumped into a batch
reactor and is reacted to completion.

(d) If Cg = 0.18 mol/liter in the resultant mixture what does this tell of the

kinetics of the reaction?

Y
}13.‘- For the parallel decompositions of A, where R is desired,

SN ”

R, m=1 A 1:Ca)
V . @% : 5
A::S, rg = 2Cs p¢  ...WithCyo = 19 (14%)
T, re = Cp?
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What is the maximum Cy we may expect in 1sothcrmal operations
(a) in a mixed reactor,
() in a plug flow reactor.

14. Often a desired reaction A — S is accompanied by alternative decom-
positions of higher or of lower order. In a rather generalized formulation this may
be represented by

R, rg = koCy%) -
el
A—S, rg = k,Cp\n where a, < a; < a,
T, rp = kaCy%
(a) Sketch the ¢(S/A) versus C, curve for this reacting system and indicate
any noteworthy features of this curve.
(b) Without recycle of unused reactant, what single reactor or combination of
reactors will maximize production of S from a given feed of A?
(c) Repeat part (b) with the modification that separation and recycle of
unused reactant is possible.
All operations are at a fixed temperature.

15. A and B react with each other as follows:
2A - R, re = k,C,\2
A+ B—>S, rg = k3;CaCp
2B —> T, re = k3Cg?
Find what ratio of A to B should be maintained 1n a mixed flow reactor so as to
maximize the fractional yield of desired product S.
16. Given the reactions
A + 2B >R, rg = k;C,Cpg?
A+ B-S, rg = kaCaCy

(a) What are the fractional yield expressions ¢(R/A) and ¢(R/B) for this
system.

(b) How should we operate a mixed reactor so as to maximize the production
of R from a single feed consisting of Cpo = Cgo = 1.

17. We have a mixture consisting of 90 mole 7, A (45 mol/liter) and 10 mole %,
impurity B (5 mol/hiter). To be of satisfactory quality the mole ratio of A to B in
the mixture must bo 100 to 1 or higher. D reacts with both A and B as follows:

A+ DR, —ra = 21C,Cp

B+ D-—S, —rg = 147C3Cp
Assuming that the reactions go to completion, how much D need be added to a
batch of mixture to bring about the desired quality?

} with k; = 2k,



18. A and B react as follows:
A + 23-—)2R + S, (rA)l = —kchng
A+B->T+ U, (ra)s = —k,C,Cy

Equimolar quantities of A and B are introduced into a batch reactor and are left
to react to completion. With all B consumed, C,; = 0.1C,, = 0.1. What informa-
tion does this experiment give us about the rate constants for the reactions?

(19~\‘Equ|molar quantities of A, B, and D are fed continuously to a mixed flow
reacltbr where they combine by the elementary reactions

A+D-5R
TR with &2 = 02
B+ D28 ky

(a) If 50%, of the incoming A is consumed find what fraction of the products

formed is R. — 0-837
(b) If 50%, of the incoming D is consumed find what fraction of the products
formed is R.

20. The desired product R is formed as follows:
A+B‘—)R, rn=k1CACB

Under conditions which favor this reaction, however, B also dimerizes to form
unwanted S:

2B—>S,  rg = k,Cg?

At present R is produced in a mixed reactor using a large excess of A so as to
depress formation of unwanted dimer. Feeds of A and B are so adjusted that the
mole ratio of A to B in the reactor is kept at 40 to 1. Unreacted A s cleanly separ-
ated from the rest of the materials in the reactor eflluent stream and is returned
to the reactor. Unreacted B cannot easily be separated and is discarded. R and S
are produced 1n equimolar quantities, and 50%, of entering B is unreacted and is
discarded unused.
(a) Find the fractional yield of R based on A consumed, on B consumed, on
total entering B, and on the sum of all products formed.
This scheme seems to be inefficient because much B forms the wrong product or is
wasted by remaining unreacted. To improve utihzation of B, let us connect a
second reactor in series with the present reactor, leaving the conditions within the
first reactor unchanged. Both reactors are to be of the same size, and scparation
and recycle of A occurs after passage of fluid through both reactors. Because it is in
great excess, assume that the concentration of A is constant throughout the system.
(b) Find the fraction of R present in the R-S product and the fraction of B
in the feed which has been transformed into R.
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(¢) With unchanged feed rate of B and unchanged concentration of A within

the system, repeat part (b) if the two mixed reactors are connected in
parallel rather than in series.

{21.) Under appropriate conditions A decomposes as follows:

kz = 0.1/mun

A R > S

R is to be produced from‘1000 liter/hr of feed in which C,, = 1 mol/liter, Cg, =
Cgo = 0.
(a) What size plug flow reactor will maximize the yield of R, and what is the
concentration of R in the effluent stream from this reactor?
(b) What size mixed reactor will maximize the yield of R, and what is Ci max
in the effluent stream from this reactor?

ky = 0.1/oun

22. At Sandy’s Rock and Gravel Company they want to shift a mountain of
gravel, estimated at about 20,000 tons, from one side of their yard to the other. For
this they intend to use a power shovel to fill a hopper, which in turn feeds a belt
conveyor. The latter then transports the gravel to the new location.

The shovel scoops up large amounts of gravel at first; however, as the gravel
supply decreases the handling capacity of the shovel also decreases because of the
increased time required to move away from the hopper for a load and then return
and dump. Roughly, then, we may estimate that the shovel’s gravel-handling rate
15 proportional to the size of the pile still to be moved, its initial rate being 10
ton/min. The conveyer, on the other hand, transports the gravel at a uniform
5 ton/min. At first the shovel will work faster than the conveyor, then slower.
Hence the storage bin will accumulate material, then empty.

(a) What will be the largest amount of gravel in the bin?
(b) When will this occur?

(¢) When will the rates of bin input and output be equal?
(d) When will the bin become empty?

23. Consider the following elementary reactions:
A+ B-S>R
R + B—%S

(@) One mole A and 3 moles B are rapidly mixed together. The reaction is very
slow, allowing analysis of compositions at various times. When 2.2 moles B
remain unreacted, 0.2 mole 8 is present in the mixture. What should be the
composition of the mixture (A, B, R, and S) when the amount of S present
is 0.6 mole?

(b) One mole A is added bit by bit with constant stirring to 1 mole B. Left
overnight, then analyzed, 0.5 mole S is found. What can we say about
kalky?
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(¢) One mole A and 1 mole B are thrown together and mixed in a flask. The
reaction is very rapid and goes to completion before any rate measurements
can be made. On analysis of the products of reaction 0.25 mole S is found
to be present. What can we say about ky/k, ?

24. For single reactions we have seen that if the reactor system consists of a
number of mixed reactors in series, its performance (volume or capacity) lies
between plug flow and the single mixed reactor; the larger the number of reactors
in series, the closer the approach to plug flow. We may expect the same behavior
to occur with multiple reactions with respect not only to capacity but to product

distribution as well. Let us see if it is true for one particular case. Consider the
reaction
Ak,=|,n,—| ky=l,ng =1

> R S
For a single plug flow reactor (see Eq. 3.52)
CR max l 1
=02 = - = 0.368 and opt = =1
CAO e Tot klo: mean

For a single mixed reactor (see j’_q. 23)

Cr
Zmax — (.25 and opt = =1
Cro - o T Vkiks

For two mixed reactors in series find Cg_ may/Cao and 7,,,, and see whether these lie
between the values found for plug flow and mixed flow.

25. For the elementary reactions

AL R LS ky=k + ks
N‘f
T
find Cgr_ max/Cao and 7., in a plug flow reactor.

26. For the elementary reactions

A 2> R 508

Y‘s
T
(a) Show for plug flow that

Crmax _ ks ( k, )""“‘""’“‘”
Cao ky + k3 \k, + ks
(b) Show for mixed fiow that
Cll.mix = k\ — at r = l
Cao (Vk, + ky + Vk,)? T Ve, + ka)

at .. = 0k + ko)ky,
ort k, — kg + ks
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27. The great naval battle, to be known to history as the battle of Trafalgar
(1805), was soon to be joined. Admiral Villeneuve proudly surveyed his powerful
fleet of 33 ships stately sailing 1n single file in the light breeze. The British fleet
under Lord Nelson was now in sight, 27 ships strong. Estimating that it would
still be two hours before the battle, Villeneuve popped open another bottle of
burgundy and point by point reviewed his carefully thought out battle strategy.
As was the custoni of naval battles at that time, the two fleets would sail in single
file parallel to each other and in the same direction, firing their cannons madly.
Now, by long expertence in battles of this kind, 1t was a well-known fact that the
rate of destruction of a fleet was proportional to the fire power of the opposing
flect. Considering his ships to be on a par, one for one, with the British, Villeneuve
was confident of victory. Looking at his sundial, Villeneuve sighed and cursed the
light wind— he'd never get it over with in time for his afternoon snooze ** Oh well,”
he sighed, ““c'est la vie.”” He could see the headlines next morning “* British fleet
annmihilated, Villeneuye's losses are . Villeneuve stopped short. How many
ships would he lose ? Villeneuve called over his chief bottle cork popper. Monsicur
Dubois, and asked this question. What answer did he get?

At this very moment, Nelson, who was enjoying the air on the poop deck o, the
Victory, was struck with the realization that all was ready except for one detail-—he
had forgotten to formulate lns battle plan Commodore Archibald Forsythe-Smy the,
his trusty trusty. was hurriedly called over for a conference. Being familiar with the
firepower faw, Nelson was loathe to fight the whole French fleet (he could see the
headlines too) Now certamnly it was no disgrace for Nelson to be defeated i battle
by superior forces, so long as he did his best and played the game; however, he had
a sneaking suspicion that maybe he could pull a fast one. With a nagging conscience
whether 1t was cricket o1 not, he proceeded to investigate this possibility.

[t was possible to *break the line,” in other words, to start parallel to the French
fleet, and then cut in and divide the enemy fleet into two sections. The rear section
could be engaged and disposed of before the front section could turn around and
reyjom the fray Now to the question Should he sphit the French fleet and 1f so then
where? Commodore Forsvthe-Smythe, who was so rudely taken from his grog,
grumptly agreed to conuider this question and to advise Nelson at what point to
spht the French fleet so as to maximize their chance of success. He also agreed to
predict the vutcome of the battle using this strategy. What did he come up with?

28. Pure A (Cro = 100)1s fed to a mixed reactor, R and S are formed, and the
following outlet concentrations are recorded:

) Cr Cn Cs

Runl 75 15 10
Run2 25 25 50

(a) Find a kinetic scheme to fit this data.
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(b) What conversion level should be maintained in a mixed reactor to maxi-
mize Cy? What is Cg max?

(c) In what type of single reactor, plug or mixed flow, would you expect to
find the highest possible Cy? What is this Cp?

29. A 20-liter mixed reactor is to treat a reactant which decomposes as follows:
A — R, rg = kICA = (4/hr)CA
A—S, rg = kyCy = (1/hr)C,

Find the feed rate and conversion of reactant so as to maximize profits. What are
these on an hourly basis?

Data: Feed material A costs $1.00/mol at C,, = 1 mol/liter, product R sells for
$5.00/mol, and S has no value. The total operating cost of reactor and product
separation equipment is $25/hr + $1.25/mol A fed to the reactor. Unconverted A
is not recycled.

30. Chemical R is to be produced by the decomposition of A in a given mixed
reactor. The reaction proceeds as follows:

A—>R, rp = k,Cy
2A - S, rg = k;C,?

Let the molar cost ratio $5/$, = M (S is waste material of no value), and for
convenience let k; = Nk,C,,. In the feed C,, is fixed.
(a) Ignoring operating costs, find what conversion of A should be maintained
in the reactor to maximize the gross earnings and therefore the profits.
(b) Repeat part (a) with the hourly operating cost dependent on the feed rate
and given by a + BF,,.
31. Chemicals A and B react as follows:
A+ B—R, rg = kyCACy = (68.8 liter/hr- mol)C,Cy
2B — S, rs = k,Cp? = (344 liter/hr- mol)Cp?

In this reaction 100 mol R/hr are to be produced at minimum cost in a mixed
reactor. Find the feed rates of A and B to be used and the size of reactor required.
Data: Reactants are available in separate streams at C,o = Cgo = 0.1 molyliter
and both cost $0.50/mol. The cost of reactor is $0.01/hr-liter.



TEMPERATURE
AND PRESSURE
EFFECTS

In our search for favorable conditions for reaction we have already considered
how reactor type and size influence the extent of conversion and distribution of
products. The reaction temperature and pressure also influence the progress of
reactions, and it is the role of these variables that we now consider.

We follow a three-step procedure: First of all, we must find how equilibrium
yxcld rate _gﬂmannon and product distribution are affected by changer in operating
tcmperaturcs and pressures. “This will allow us to determine the optin um temper%
ture progression: in time for batch reactors, along the length of plug flow reactors,
and from reactor to reactor in a series of reactors. This progression represents the
ideal which we strive to approximate with a real design.

Secondly, chemical reactions are usually accompanied by heat effects, and we
must know how these will change the temperature of the reacting mixture. With
this information we arc able to propose a number of favorable reactor and heat
exchange systems—those which closely approach the optimum.

Finally, economic considerations will select one of these favorable systems as the
best .

So with the emphasis on finding the optimum conditions and then seeing how
best to approach them in actual design rather than determining what specific
reactors will do, let us start with discussions of single reactions and follow this with
the special considerations of multiple reactions.

210
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SINGLE REACTIONS ..

With single reactions we are concerned with WWJ

Questions of pmdu_ct distribution_do not occu

Thermodynamics gives two important pieces of information related to conversion
and reactor stability, the first being the Q___hbmgg_oubsn:hnd_fnnwmwm
of reaction, the second being the WM Let us now briefly
summarize these findings. A justification of the expressions to follow as well as
their many special forms and extensions can be found in the standard thermo-
dynamics texts for chemical engineers.

Heats of Reaction from Thermodynamics

The heat liberated or absorbed during reaction depends on the natyre of the
reacting system, the amoun{ of material reacting, and the temperature and pressure
of the reacting system, and‘is calculated from the heat of Téaction &H, for the
reaction in question. When this is not known, it can in most cases be calculated
from known and tabulated thermochemical data on heats of formation AH, or
heats of combustion AH, of the reacting materials. As a brief reminder consider
the reaction

aA - rR + sS

By convention we define the theat of reactlon pt temperature T as the heat trans-
F rred to the reacting system from the surroundmgs when a moles of A dlsappear
to produce r moles of R and s moles of S with the system measured at the same
temperature and pressure before and after the change. Thus

positive, endothermic
negative, exothermic

M

Heats of Reaction and Temperature. The heat of reaction at temperature T,
in terms of the heat of reaction at temperature T, is found by the law of conserva-
tion of energy as follows:

aA —rR + S, AH,,{

heat absorbed t added to heat absorbed tad to
. . reactants to . . products to
during reaction . during reaction ing tl
at temperature change their § + at temperature + bring t
g'e temperature ;c back to T,
2 from T, to T, t from T,

@
In terms of enthalpies of reactants and products this becomes

AH,; = —(H; — H\)reactants + 8H,y + (Ha — Hy)prosuots 3)
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where subscripts 1 and 2 refer to quantities measured at temperatures 7, and T,
respectively. In terms of specific heats

AH,; = AH,, + J’: vC,dT @
where
VC, = rCyn + sCpg — aCp, 5)
When the specific heats are functions of tempgrature as follows,
Con = ap + BaT + yaT?
Cop = ap + BeT + ‘/nTz (6)
Cis = ag + BsT + ysT?

we obtain

AH,,

AH, + f ™ (Va + VBT + VyT?)dT
T

=M+ VT - Ty + L -1+ Zae -1 @)
where @’/
Va = rag + sag — aa,
VB = rfa + sBa — aba ®)
Vy =ryn + sys — ana

Knowing the heat of reaction at any one temperature as well as the specific heats
of reactants and products in the temperature range concerned allows us to calculate
the heat of reaction at any other temperature. From this the heat effects of the
reaction can be found.

Equilibrium Constants from Thermodynamics

From the second law of thermodynamics, equilibrium constants, hence equilibrium
.. . P Ul
composition§ 8T Teacting systems, may be calculated. We must remember, however,
that real systems do not necessarily achieve this conversion; therefore the con-
versions calculated from thermodynamics are only suggested attainable values.
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As a brief reminder, the standard free energy AG® for the reaction of Eq. 1 at
imperature T is defined as

f
AG®° = rGp + sGg — aGy = —RTInK = —RTln( () (f) ()
fo

where fis the fugacity of the component at equilibrium conditions, f*° is the fugacity
of the component at the arbitrarily selected standard state at temperature 7, the
same one used in calculating AG®°, G° is the standard free energy of a reacting
component, tabulated for many compounds, and K is the thermodynamic equilib-
rium constant for the reaction. Standard states at given tefperature are commonly
chosen as follows:

Gases—pure component at one atmosphere, at which pressure ideal gas

behavior is closely approximated. -

Solid—pure solid component at umt pressure.

Liquid—pure liquid at its vapor pﬁs’sure

Solute in liquid—1 molar solution; or at such dilute concentrations that the

activity is unity.

For convenience define

So'fst Pr'Ps’ Yr'ys' Ce'Cs*
K, =1RJ8 K, =4fRE8 K, = ZB28 K. = 10
! /;\a r pAa v ,VA“ % C a ( )
and

An=r+s—a

Simplified forms of Eq. 9 can be obtained for various systems. For gas reactions
standard states are usually chosen at a pressure of 1 atm. At this low pressure the
deviation from ideality invariably is small; hence fugacity and pressure are identical
and f° = p° = 1 atm. Thus

K = e"80RT — K (p° = | atm}~5" )

The term in braces in this equation and in Eq. 13 is always unity but is retained to
keep the equations dimensionally correct.
For ideal gases

Ji=p = ym = CRT (12)
for any component i. Hence
K, =K,
and
K = K, K, " KA(RT)*"

TP =lam T PP = 1 atmp>™ ~ {p° = 1 atmp> 13
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¥ \‘for a solid component taking part in a reaction, fugacity variations with pressure
are smdll and can usually be ignored. Hence

t

Dun®, /0
" f° solid component | / ( 4)
Equilibrium Conversion. The equilibrium tion, as governed by the
equilibrium constant, changes with temperat nd from thermodynamics the
rate of this change is given by
d(ln K) _ AH,
ar — RT? as)

On integrating Eq. 15, we see how the equilibrium constant changes with tempera-
ture. When the heat of reaction AH, can be considered to be constant in the
temperature interval, integration yields

(16)

When the variation of AH, must be accounted for in the integration we have

- 4f e

Where AH, is given by a special form of Eq. 4 in which subscript O refers to the
base temperature,

AH, = AH,, + J'T YC, dT (18)
TO

Replacing Eq. 18 1n Eq’ 17 and integrating, while using the temperature dependency
for C, given by Eq. 8, gives

_7;2 VB _ Vy 2 _ T2
Rin Kz K, = Valn T + 5 (T, - T)) + < (T2 - T,?»
+ (—‘AH'O + vaTo + -YZEToa v3y TO )(’71:- - 71‘-) (I9)
1

These expressions allow us to find the variation of the equilibrium constant, hence
equilibrium conversion, with temperature.
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My %% 0\

T

- .
reaction
Xne
‘__,/ \)
5
K <<1; only very low
conversions
N possible

! T
FIGURE |. Effect of temperature on equilibrium conversion as
predicted by thermodynamics (pressure fixed).

The following conclusions may be drawn from thermodynamics. These are
illustrated in part by Figs. 1 and 2.

the system, by the presence or absence of inerts, Or by the kinetics of the reaction,
but is affected by the temperature of the systerf..

2. Though the thermodynamic equilibrium constant is unaffected by pressure
or inerts, the equilibrium concentration of materials and equilibrium conversion of
reactants can be influenced by these variables.

3. K> 1 indicates that practically complete conversion is possible and that
the reaction can be considered to be irreversible. K « 1 indicates that reaction will
not proceed to any appreciable extent.

1. The thermodynamic equilibrium consty unaffected by the pressure of

10~ ——— -
Decrease in number of
moles with r
(e.g., 2A—~R)
Xae

Increase in number of
moles with reaction
(eg. A—~2R)

Concentration of reacting materials
(increase in pressure for cas-phase systems,
decrease in inerts for all systems)
FIGURE 2. Effect of pressure and inerts on
equilibrium conversion as predicted by thermo-
dynamics (temperature fixed).
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4. For an increase in temperature, equilibrium conversion rises for endo-
thermic reactions and drops for exothermic reactions.

5. For an increase in pressurc in gas reactions, conversion rises when the
number of moles decreases with reaction; conversion drops when the number of
moles increases with reaction.

6. A decrease in nerts for all reactions acts in the way that an increase in
pressure acts for gas reactions.

EXAMPLE |. Equilibrium conversion with temperature

(a) Between 0 and 100°C determine the equilibrium conversion of A for the aquegus
reaction !
— AG3ss = — 3375 cal/mol

A=R .

K AH, 208 = — 18,000 cal/mol

Present the result in the form of a plot of conversion versus temperature,
(b) What restrictions should be placed on a reactor operating isothermally if we are
to obtain fractional conversions of 75%, or higher?

Data. Thc reported AG® 1s based on the following standard states of reactants and
products:

Cy, = C3 = 1 mol/hter

Assume ideal solution, in which case

In addition, assume specific heats of all solutions are equal to that of water.

SOLUTION

(a) With all specific heats alike, VC, = 0. Then from Eq. 4 the heat of reaction is
independent of temperature and 1s given by

\ AH, = AH, 406 = — 18,000 cal/mol o)
From Eq. 9 the equilibrium constant at 25°C is given by
K2os exp (— AG308/RT)

3375 cal/mol ) B
(1.99 cal/mol-°K)298°K)/

]

= exp ( 300 (i)
Since the heat of reaction does not change with temperature, the equilibrium constant
K at any temperature T is now found from Eq. 16. Thus

I K AH,(I l)

" Ko - 199\7 798
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FIGURE El.

Combining with Egs. (i) and (ii) gives

X 180001 _ 1)
300 199 \T 298
or
18,000
InkK = T " 24.7 (iii)

Values of In K and K, calculated from Eq. (iii), are shown for 10°C intervals in Table E1.
From thermodynamics

K=C_1u=CAo_CAo= an
Che Che 1 - Xa

Hence the fractional conversion at equilibrium is given by

K .
XA-—I‘_,_K /’ (iv)

Table E1 also gives the values of X,, calculated from Eq. (iv), and Fig. E1 shows the
hanging equilibrium conversion as a function of temperature in the range of 0 to
100°C.

b) From the graph we see that the temperature must stay below 78°C if conversicons
if 75%, or higher are to be obtained.
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TABLE El
Seclected Temperature
In K Xae
°C °K from Eq. (iii) K from Eq. (iv)
5 278 7.90 2700 0.999 +

15 288 6.76 860 0.999
25 298 5.70 300 0.993
35 308 4.70 110 0.991
45 318 3.79 4.2 0.978
55 328 291 18.4 0.949
65 338 2.10 8.17 0.892

A 1 348 1.33 3.79 0.791
85 358 0.61 1.84 0.648
95 368 —-0.079 0.923 0.480

General Graphica} Design Procedure _

Temperature composmon and-reaction rate are umg emrelated for any single
hemogencous TEaction, and this may be r represented graphically in one of three
ways, as shown in Fig. 3. The first of these, the composition-temperature plot, is
the most convenient so we will use it throughout to represent data, to calculate *
reactor sizes, and to compare design alternatives. i

For a given feed (fixed C,q, Cgo, . - .) and using conversion of k | of key component
as a measure of the _cg_mBosmon and extent of reaction, the X, versus T plot has
the general shape as shown in Fig. 4. This plot can be prepared either from a
thermodynamically consistent rate expression for the reaction (the rate must be
zero at equilibrium) or by interpolating from a given set of kinetic data in con-

T

&] -
\/ Cs T,
ry /\Cl

T T Compaosition, C

FIGURE 3. Different ways of representing the relationship of temperature, compo-
sition, and rate for a single homogeneous reaction.

Ts
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LRwsable exothermic ]

=——— Equilibrium,

| O -
XA / /_\
rm=] el
10 100
0

T T

FIGURE 4. General shap, of the temperature-conversion plot for different reaction
types.

junction with thermodynamic information on the equilibrium. Naturally the
reliability of all the calculations and predictions which follow are directly dependent
on the accuracy of this chart. Hence it is imperative to obtain good kmetlc data to
construct this chart. -~ h

The gize of reactor required for a given duty and for a given temperature pro-
gression is found as follows:

1. Draw the reaction path on the X, versus T plot. This is the operating line
for the operation.

2. Find the rate at various X, along this path.

3. Plot the 1/(—r,) versus X, curve for this path.

4. Find the area under this curve. This gives V/Fyo.

This procedure is illustrated in Fig. 5 for three paths: path AB for plug flow with
an arbitrary temperature profile, path CD for nonisothermal plug flow with 50%,
recycle, and point E for mixed flow. Note that for mixed flow the operating line
reduces to a single point.

This procedure is quite general, applicable for any kinetics, any temperature
progression, and any reactor type or any series of reactors. So, once the operating
line is known, the reactor size can be found by the procedure just outlined.

Optimum Temperature Progression

We define the optimum_ tem_gerature progression to_be that progression Wthh
minimizes V/F,, fo ygn conversion of reactant. This optimum may be an
lsothermaIMg temperature: in time for a batch reactor, along
the length of a plug flow reactor, or from stage to stage for a series of mixed reactors.
It is important to know what is this progression because it is the ideal which we try

to approach with a real system. t also allows us to estimate how far any real system
departs from this ideal.
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Nl
10
B
08 ~ra =001 o Along path AB P
XA 0.02 1 arbitrary
051 ~r temperature
0.05 A profile
03} 50
VIF,\,
A 20
T, 0305 08 1
08}
X 100 —\\ A .
A 1 N ecycle flow,
04l r \ Along path CD Ra=1
S0+V/Fy,
g 0 02 \
#wr, =001
T 04 08
Operating
point E
100 |~ g
Ta LT .'1/ V/Fy
: |
07 1
XA

FIGURE 5. Finding the reactor size for different types of flow and for a feed
temperature T,.

The condition for the optimum temperature progression in a given type of

reactor is as follows: Whatever the composition, always have the system at the
temperature where the rate is a maximum The locus of maximum rates is found
bx examining “the r(T C) curves of F:g a4 Fig. 6 shows this progression.
{Eor irreversible reactions, the rate always increases with_temperature at any
composition, so the highest rate occurs at the highest allowable temperature. This
temperature is set by the materials of construction or by the possible increasing
importance of side reactions.

For endothermic reactions a rise in temperature increases both equilibrium con-
vergion and the rate of reaction. Thus, as with irreversible peactions, the Righest

wable temperature should be used.

or exothermic reversible reactions the situation is different for here two opposing
actors are at work when the temperature is raised-—the rate of forward reaction
speeds up but the maximum attainable conversion decreases. Because of this,
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Reversible Reversible
Irreversible endothermic exothermic
| J Locus of
| maximum
- Bestpath, | o~ rates, best
'// \sothermal path
X Best path,
A 1sothermal I
|
: M ' I SN
i I
Tinax, aliowable Timax, atiowable Timax, atiowable
T T T

FIGURE 6. Operating lines for minimum reactor size.

where the system is far fron: equilibrium use n high temperatine G take advantage
of the high_ ite. Whivre equifibrivn i hpproadtied am? demd rates, lower the
temper.ature to shitt the equilibriuni voa more Tavorabie vatug ‘Thus in géneral, Tor
reversibleeXothermic reactions the optimum progressiomnis a changing temperature;
a high starting temperature which decreases as conversion rises. Figure 6 shows
this progression and its precise values are found by connecting the maxima of the
different rate curves. We call this line the locus of maximum rates.

Heat Effects

When the heat absorbed or released by reaction can markedly change the tem-
perature of the reacting fluid, this factor must be accounted for in design. Thus we
need to use both the material and energy balance expressions, Egs. 4.1 and 4.2,
rather than the material balance alone, which was the starting point of all the
analyses of isothermal operations of Chapters S and 6.

First of all if the reaction is exothermic and if heat transfer is unable to remove all
of the liberated heat, then the temperature of the reacting fluid will rise as con-
version rises. By similar arguments, for endothermic reactions the fluid cools as
conversion rises. Let us relate this temperature change with extent of conversion.

We start with adiabatic operations, later extending the treatment to account for
heat interchange with the surroundings.

Adiabatic Operations

Consider either a mixed flow reactor, a plug flow reactor, or a section of plug flow
reactor, in which conversion is X,, as shown in Fig. 7. In Chapters 5 and 6 one
component, usually the limiting reactant, was selected as the basis for all material



22 Ch.8 TEMPERATURE AND PRESSURE EFFECTS

Heat released or absorbed Plug flow or section of
Xpo=0T, during reaction plug flow resctor
| Xpo =0T, _X;.-T;—“‘}

X, Ty

Insulated,
adiabatic operations

FIGURE 7. Adiabatic operations with large enough heat effect to
cause a rise in temperature (exothermic) or drop in temperature (endo-
thermic) in the reacting fluid.

balance calculations. The same procedure is followed here, with limiting reactant
A taken as the basis. Let

Subscripts 1, 2 refer to temperatures of entering and leaving streams.

C,, C; = mean specific heat of unreacted feed stream and of completely
converted product stream per mole of entering reactant A.

H', H" = enthalpy of unreacted feed stream and of completely converted
product stream per mole of entering reactant A.

AH, = heat of reaction per mole of entering reactant A.

With T, as the reference temperature on which enthalpies and heats of reaction are

based we have

AN

Enthalpy of entering feed:

H; = C(T, — T}) = O cal/mol A

Enthalpy of leaving stream:
53X + Hy(1 — X,) = Cy(T, — Th)Xa + C(T3 — T1)(1 — X,) cal/mol A
Energy absorbed by reaction:
AH,, X, cal/mol A
Replacing these quantities in the energy balance,
input = output + accumulation + disappearance by reaction 4.2)
we obtain at steady state

0 = [CY(T; — T)X, + Cy(Ta — Ti)(1 — X)) + AH, X, (20
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By rearranging,

Cy(Ty — Ty) _ C, AT
-AH, - (G - G)T,—T)) -A4H, - (C, - G)AT
or, with Eq. 18

Y, =

) heat needed to raise
>y AT feed stream to T,
~AH,; heat released by
reaction at T,

XA=

which for complete conversion becomes
—AH,; = G, AT, for X, =1

@n

22)

(23)

The last form of the equation simply states that the heat released by reaction just

balances the heat necessary to raise the reactants from T, to T,.

The relation between temperature and conversion as given by the energy balances
of Eq. 21 or 22 is shown in Fig. 8. The resulting lines are straight for all practical
purposes since the variation of the denominator term of these equations is relatively

Complete conversion
ﬂ of imding reactant

FIGURES. Graphical repréSuntation of energy balance
equation for adiabatic operation. These are adiabatic
operating lines.
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small. When C;, — C,, = 0, the heat of reaction is independent of temperature and
Egs. 21 and 22 reduce to

C, AT
Xa= ZZar (24)

which is a straight line in Fig. 8.

This figure illustrates the shape of the energy balance curve for both endothermic
and exothermic reactions for both mixed and plug flow reactors. This representa-
tion shows that whatever the conversion at any point in the reactor, the temperature
is at its corresponding value on the curve. For plug flow the fluid in the reactor
moves progressively along the curve, for mixed flow the fluid immediately jumps to

1
Along line
7/ Adiabatic
0.6 line ;l,- Endothermic,
X ; A plug flow
V/IE,,
}
\ , |
0.6 1
1
Along hine
CD
1
=a Excthermic,
fi
VIE,, plug flow
P
1=
1= \
xo.s T o \\\At point E
A
2 // Adiabatic 3 M 4 Exothermic,
// pont E TNeee” mixed fiow
’ : L~ V/F,,
/ 4 ﬁ | - ,/ |
T X\ 08

FIGURE 9. Finding reactor size for adiabatic operations of plug flow and
mixed flow reactors. )
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its final value on the curve. These are the adiabatic operating lines for the reactor.
With increased inerts C,, rises, and these curves become more closely vertical. A
vertical line indicates that temperature is unchanged as reaction proceeds. This then
is the special case of isothermal reactions treated in Chapters 5-7.

The size of reactor needed for a given duty is found as follows. For plug flow
tabulate the rate for various X, along this adiabatic operating line, prepare the
1/(—r,) versus X, plot and integrate. For mixed flow simply use the rate at the
conditions within the reactor. Figure 9 illustrates this procedure.

Note that this procedure in fact simultaneously solves the governing material
and energy balance equations. Moving along the adiabatic operating line satisfies
the energy balance; finding the rates along this line and evaluating V/F),, satisfies
the material balance.

The best adiabatic operanons of a single plug flow reactor is found by shifting
the operating line e (changing the inlet temperature) to where the rates have the
highest mean value. For endothermic operations this means starting at the highest
allowable temperature. For exothermic reactions this means straddling the locus of
maximum rates as shown in Fig. 10. A few trials will locate the best inlet tempera-
ture, that which minimizes V/F,,. For mixed flow the reactor should operate on
the locus of maximum rates, again shown in Fig. 10.

The best reactor type, that which minimizes V/F,,, is found directly from this
X, versus T-graph. If the rate progressively decreases with conversion then use
plug flow. This is the case for endothermic reactions (Fig. 9a) and close to iso-
thermal exothermic reactions. For exothermic reactions which have a large

Locus of maximum rates

Xa
v T Ty Ty Ty T
Too fow | Too high Too low| Too high
S, L
o
Correct inlet (yﬁ\: ) Correct inlet
temperature /7* temperature

FIGURE 10. Best location of the adiabatic operating line. For plug flow a
trial and error search is needed to find this line; for mixed flow no search is
needed.
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Using this modified operating line the procedure for finding the reactor size and
optimum operations follows directly from the discussion on adiabatic operations.

Comments and Extensions

Adiabatic operations of an exothermic reaction give a rising temperature with
conversion However, the desired progression is one of falling temperature. Thus
very drastic heat removal may be needed to make the operating line approach the
ideal, and many schemes may be proposed to do this. As an example we may have
heat exchange with the incoming fluid (see Fig. [4a), a case treated by van Heerdea
(1953, 1958). Another alternative is to have multistage operations with interstage
cooling between adiabatic sections (see Fig. 14b). In general, multistaging is used

Desired falling

T temperature
AN Reaction and

cooling
B C, cold product
E i % ’
Hot feed A Cold feed

(a)

T
1 B Desired faling
/temperature

Adiabatic
_—"" reactors

Cold
feed Heat Heat product
out out

()]

Desired constant
Adiabatic temperature

7 reactors T
A B__/ C B
Cold ‘_f[
feed E D o E
P G A

|~ S—
Cold

>
( furnace product

= = =~ Tmax, allowable

Q

Distance

(c)

FIGURE 14. Ways of approaching the ideal temperature profile with heat
exchange: (0) and (b) exothermic reaction; (c) endothermic reaction
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when 1t is impractical to effect the necessary heat exchange within the reactor itself.
This is usually the case with gas-phase reactions with their relatively poor heat
transfer characteristics. For endothermic reactions multistaging with reheat
between stages ts commonly used to keep the temperature from dropping too low
(see Fig. 14c).

Since the main use of these and many other forms of multistage operations is
with solid catalyzed gas-phase reactions we discuss these operations in Chap. 14.
Design for homogeneous reactions parallels that for catalytic reactions, so the
reader 1s referred to Chap. 14 for the development.

Exothermic Reactions in Mixed Reactors—a Special Problem

s

For exothermic reactions mn mixed flow (or close to mixed flow) an interesting
situation may develop in that more than one reactor composition may satisfy the
governing material and energy balance equations. This means that we may not
know which conversion level to expect Let us examine this problem.

First, consider reactant fluid fed at a given rate (fixed = or V/F,,) to a mixed
reactor. At cach reactor temperature there will be some particular conversion
which satisfies the material balance equation, Eq. S.11. At low temperature the
rate 1s low so this conversion is low. At higher temperature the conversion rises
and approaches the equilibrium. At a still higher temperature we enter the region of
falling equilibrium so the conversion for given = will likewise fall. Figure 15 illus-
trates this behavior for different = values. Note that these ines do not represent an
operating line or a reaction path. Actually each point on these curves represents a
particular solution of the matenal balance equations, thus represents an operating
point or condition for the mixed reactor.

Now, for a given feed temperature T, the intersection of the energy balance line
with the S-shaped matenal balance line for the operating = gives the conditions

Locus of operating
points for this 7 \

Vo
o

Irreversible in Reversible in
this T range this T range

FIGURE 15. Conversion in a mixed reactor as a function of T and =; from
the material balance equation, Eq. 5.11.
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Practically
complete

Material

balance
M?”, point of ignition

Dufferent \ pcunstablg
energy |
balances !

1

1

T, T Igmition

T

FIGURE 16. Three types of solutions to the energy and material balances for
exothermic irreversible reactions.

within the reactor. Here three cases may be distinguished. These are shown in Fig.
16 for irreversible reactions.

First, the energy balance line T, A represents the situation where insufficient heat
is liberated by reaction to raise the temperature to a high enough level for the
reaction to be self-sustaining. Hence conversion is negligible. At the other extreme
if we have more than enough heat hberated the fluid will be hot and conversion
essentially complete. This is shown as line T, B. Finally line T,C indicates an inter-
mediate situation which has three solutions to the material and energy balance
equations, points M', M", and M”. However, point M" is an unstable state because
with a small rise in temperature the heaw produced (with the rapidly rising material
balance curve) is greater than the heat consumed by the reacting mixture (energy
balance curve). The excess heat produced will make the temperature rise until M~
is reached. By similar reasoning, if the temperature drops slightly below M" it
will continue to drop until M’ is reached. Thus we look upon M " as the igmition
point. If the mixture can be raised above this temperature then the reaction will be
self-sustaining. ‘

For reversible exothermic reactions the same three cases occur, as shown in Fig.
17. However, it can be seen that here there is an optimum operating temperature
for the given r value where conversion is maximized. Above or below this tem-
perature the conversion drops; thus proper control of heat removal 1s essential.

The type of behavior described here occurs in systems where the slope of the
energy balance line, C,/—AH,, is small; thus large liberation of heat and pure
reactants which leads to far from isothermal operations. van Heerden (1953, 1958)
discusses and gives examples of this type of reacting system. In addition, though it
is a much more complex situation, a gas flame illustrates well the multiple solutions
discussed here: the unreacted state, the reacted state, and the ignition point.

Reactor dynamics, stability, and start-up procedures are particularly important
for auto-induced reactions such as these. For example a small change in feed rate
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T, feed temperature

T

FIGURE 17. Solution of energy and material balances
for reversible exothermic reaction,

(7 value), feed composition or temperature, or heat transfer rate may cause the
reactor output to jump from one operating point to the other.

EXAMPLE 2. Construction of the rate-conversion-temperature chart from
L kinetic data

With the system of Example 1 and starting with an R-free solution, kinetic experiments
in a batch reactor give 58.1%, conversion in 1 min at 65°C, 60%, conversion in 10 min
at 25°C. Assuming reversible first-order kinetics find the rate expression for this reaction
and prepare the conversion-temperature chart with reaction rate as parameter.

SOLUTION
Integrate the performance equation. For a reversible first-order reaction the performance
equation for a batch reactor is

dX. dXa _ 1 X dX,
r= CAOJ. = CA k;CA - kgCn - k1 J‘O 1 - XA/XA‘
According to Eq. 3.54 this integrates to give
kit Xa .
L. LA (1 - ——) i
XA: XA: . ()

Calculate tne Forward Rate Constant. From the batch run at 65°C, noting from
Example 1 that X,, = 0.89, we find with Eq. (i)

k(1 min) _ —ln( 0581)

0.89 1= 38
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or
kx.aaa = 0.942 min" (")

Similarly, for the batch run at 25°C we find
kl.298 = 0.0909 min ! (lll)
&

Assuming an Arrhenius temperature dependency, the ratio of forward rate constants
at these two temperatures gives

kyi,208 _ 0.0909  kjoe F1/R398)
ki.3s . 0942  kjoe F1IREG38)

from which the activation energy of the forward reaction is evaluated, giving
E, = 11,600 cal/mol
The complete rate constant of the forward reaction is then

kl =3 x lo'le‘(ll.ODOolllmol)IRT = el'l 3-11,600/RT

Noting that k,/k; = K where K is given in Example 1, we then can find the value for &,.
Summary. For the reversible first-order reaction of Examples 1 and 2 we have

_— Cn'-
N CA:‘

Equilibrium: K = !8.000/RT - 24 7

Rate constants: k; = e!7-3-11.800/RT ' mjp -1

—rpA = Ip = kch - kgCg

1

kq = e(l ] -QB.GOOIRT, l‘nin‘l
/

/

From these values the X, versus T chart for any specific Cao can be prepared, and
for this purpose the electronic computer 1s a great timesaver. Figure E2 s such a plot
prepared for Cao = | mol/liter and Cgo = 0. Also see the dust jacket of this book

Since we are dealing with first-order reactions this plot can be used for any Cao
value by properly relabeling the ratc curves. Thus for Cao = 10 mol/liter simply multiply
all the rate values on this graph by a factor of 10.

EXAMPLE 3. Performance for the optimal temperature progression

Using the optimal temperature progression in a plug flow reactor for the reaction of
the previous examples
(a) Calculate the space time needed for 80%, conversion of a feed where Cpo = 1
mol/liter.
(b) Plot the temperature and conversion profile along the length of the reactor.
Let the maximum allowable operating temperature be 95°C.
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Path ABCDE fi
10 101 Fig E3aor Er2°m
08 L 8| “dx
Total area = | =% = 162
J
06 6+
X, L N
(=ra) \
04} at \§
this point o \\
0 1 0 ‘.s;\\'\\'\‘-‘;\\:\\\\§§\\\\\ )
0 20 40 60 80 1100 (] 02 04 06 08
Tenax = 95°C
Temperature, *C Xa
FIGURE E3a. FIGURE E3b.
SOLUTION

(@) Minimum space-time. On the conversion-temperature graph (Fig. E2) draw the
locus of maximum rates. Then remembering the tempe ature restriction draw the
optimum path for this system (line ABCDE in Fig. E3a) and integrate graphically

along this path to obtain
0.8 dx,
Topt = CAOJ. =

0 (—7A)optimum path 4BCDE

From Fig. E3b the value of this integral is found to be

r = 1.62 min = 97 sec
() T and X, profiles through the reactor. Let us take 10%, increments through the
reactor by taking 10%, increments in area under the curve of Fig. E3b. This procedure
gives X, = 0.34 at the 107, point, X, = 0.485 at the 207, point, etc. The corresponding
temperatures are then 362°K at X, = 0.34 (point C), 354°K at X, = 0.485 (point D)

etc.
In addition we note that the temperature starts at 95°C, and at X, = 0.27 (point B)

it drops. Measuring areas in Fig. E3b we sce that this happens after the fluid has passed

7%, of the distance through the reactor.
In this manner the temperature and conversion profiles are found. The result is

shown in Fig. E3c.

EXAMPLE 4. Mixed reactor performance
A concentrated aqueous A-solution of the previous examples (Cxo = 4 mol/liter,
Fao = 1000 mol/min, C, = Cj u40) is to be 807, converted in a mixed reactor.

(a) What size of reactor is needed?
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——»(] Plyg flow reactor D—>

1 ( I 1
0 20% 40% 60% 80% 100%
Fractional distance through reactor —

FIGURE E3c.

(b) What is the heat duty if feed enters at 25°C and product 1s to be withdrawn at
this temperature ?

(¢) Compare this reactor size with the minymum size when the optimum tempera-
ture progression Is used.

SOLUTION

(a) Reactor volume. For Cao = 4 mol/liter we may use the X, versus T chart of Fig.
E2 as long as we multiply all rate values on this chart by 4

Following Fig 10 the mixed flow operating point should be located where the locus
of optima intersects the 807, conversion line (point A on Fig. E4a). Here the reaction
rate has the value

—ra = 04 mol A converted/min-hter

From the performance equation for mixed reactors, Eq. 5.11, the volume required 1s
given by

V= FaoXa _ (1000 mol/min)(0.80)
T (=ra) 0.4 mol/min-Iiter

= 2000 hters

(b) Heat duty. The slope of the energy balance linc 1s
b

C, _ (1000calftmol A-°K) 1,

slope = = =
YOPC = TTAH, T (18,000 cal/mol A) | 72
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10 [ -
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product //
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o6 /" pomt, 62°C a
/ Locus of
XA // maxima
04 - , /
,/ Energy balance,

/ slope = 1/72

/
02 ,/ ]

’
/
/ Feed, 25°C ,
/ A A
0 207 40 60 30 T00
44

Temperature, °C

FIGURE Eda.

Drawing this line through point C (line BCD) we see that the feed must be cooled 2
(from point A to point B) before 1t enters and reacts adiabatically. Also, the produc
must be cooled 37°C (from point C to point £). Thus the heat duty is

Precooler: Qg = (250 cal/mol A °K)(20°K) = 5000 cal/mol A fed
= (5000 cal/mol A)1000 mol A/min) = 5,000,000 cal/min

il

Postcooler: Qeg = (250)(37) = 9250 cal/mol A fed

(9250)(1000) = 9,250,000 cal/min

i

Fig. E4b shows two alternate arrangements for the coolers.

Qou‘ = 9250 Xcal/m'n

Qo = 5000 Kcal/min Qo = 9250 Keal/min Q. = 5000 Kcal/min
FIGURE E4b.
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(c¢) Comparison with munimum volume. TFor the optimum temperature profile, Cpo =
1 mol/liter, Example 3 gave

Here Cyo and —r, are both multiplied by a factor of 4 so r remains unchanged, and
the optimum path and temperature progression is also unchanged. Thus we have

7Fa0 _ (1.62 min)(1000 mol/min)

Chao 4 mol/liter = 405 hiters

Comparing with part (a) we see that the mixed reactor is 5 times the minimum size.

EXAMPLE 5. Plug flow reactor performance

Find the size of adiabatic plug flow reactor to react the feed of Example 4 to 807,
conversion.

SOLUTION
Following the procedure of Fig. 10 draw trial operating lines (see Fig ES5a) with a slope
of -5 (from Example 4) and for each evaluate the integral

J‘oa—d_,\i\

o —ra

Lazs e
A
10 I
) ~ 6

- For operating ine AB
For operating ine CD
08 ) 5RY/  Area under curve CD
004 jlwdx‘ =172
_r = = A
o6l ™™ 02 4 AN
Xa Ta 3
04 .
_Adiabatic operating
lines 2
=1/7
02 Slope = 1/72 I R
0 A - L ! | 0 \
0 ﬂzo 40 60 80 100 0 02 04 06 08
14716 X

Temperature, °C

FIGURE ES5a. FIGURE ES5b.
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to find which is smallest. Figures ESa and E56 show this procedure for lines AB and
CD. Line CD has the smaller area, is in fact close to the minimum, and is therefore the
desired adiabatic operating line. So

08 4
V = Fyo fo —/—‘:-5 = F,o(Area under curve CD)
—TA

i

(1000 mol/min)(1.72 liter-min/mol)

1720 liters

I

This volume is somewhat smaller than the volume of mixed reactor (from Example 4)
but it is still four times as large as the mmimum required.

Regarding temperatures: Figure ESa shows that the feed must first be cooled to
16.0°C, it then passes through the adiabatic reactor and leaves at 73.6°C and 809,
conversion.

MULTIPLE REACTIONS X ./41

As pointed out in the introduction to Chapter 7, in multiple reactions both reactor
size and product distribution are influenced by the processing conditions. Since the
problems of reactor size are no different 1n principle than those for single reactions
and are usually less important than the problems connected with obtaining the
desired product material, let us concentrate on the latter problem. Thus we examine
how to manipulate the temperature so as to obtain, firstly, a favorable product
distribution, and secondly, the maximum production of desired product in a
reactor with given space-time.

In our development we ignore the effect of concentration level by assuming that
the competing reactions are all of the same order. This effect was studied 1n
Chapter 7.

Product Distribution and Temperature

If two competing steps in multiple reactions have rate constants k; and k., then the
relative rates of these steps is given by

D1 %0®  ©  T10 (Bg-E)IRT o o(Eg~EIRT 27

ko kaoe EaRT T kg, @7
This ratio changes with temperature depending on whether E, 1s greater-or smaller
than E,, so

k./k; increases if E; > E,

hen T ri
when rlscs{k,/k, decreases if E; < E,
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Thus the reaction with larger activation energy is the more temperature-sensitive
of the two reactions. This finding leads to the following general rule on the influence
of temperature on the relative rates of competing reactions.

A high temperature favors the reaction of higher activation energy, a low
temperature favors the reaction of lower activation energy.*

Let us apply this rule to find the proper temperature of operations for various types
of multiple reactions.
For parallel reactions

I/Y Rdeslred
A
N
S

unwanted

Step 1 is to be promoted, step 2 depressed, and k,/k, made as large as possible.
Thus from the above rule

if E, > E;use high T 28)
if £, < Eyuselow T
For reactions in series
A ‘—I—» R desired ._.2_,) S (290)
the production of R 1s favored if k,/k, 1s increased. Thus
if E, > E;use high T 9b)
if £, < Eyuselow T

For the general ;cries-parallel reaction we introcduce two additional considera-
tions. First of all for parallel steps 1f one requirement is for a high temperature
and another is for a low temperature then a particular intermediate temperature 1s
best in that it gives the most favorable product distribution. As an example consider
the reactions

Rdesired

A 2,8 where £, > E,, E, < E, (30a)
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Now, £, > L,requiresa high 7, E, < Ejrequires a low T, and 1t can be shown that
the most favorable product distribution i1s obtained when the temperature satisfies
the following condition

T E, - E,

I R [Ea — E, km]
Ey — Ey ks

(305)

Secondly for skeps i series if an early step needs a high temperature and a later
step needs a low temperature, then a falling progress.on of temperatures should be
used Analogous arguments hold for ot .r progressions As an example consider
the reaction

A -—— > R . S 2> Taered €))

NN N

A Y

U \' w

L - E. E,< b, [.>T1L,
(high Ty (low T) (huigh T)

where -

Noting that steps 1 and 2 occur first, then 3 and 4, then 5Sand 6 —of course with some
overlap-—we see that the best sequence 1s to start with a high temperature, let this
fall to a mimimum where R 1s high, and then let 1t rise as S becomes appreciable

Table I summarizes the favorable temperature levels and progressions for a
number of rather general reaction schemes These results follow directly from the
arguments just presented, and extension to other schemes s straightforward The
problems at the end of this chapter verify some of the quantitative findings on T,
and also show some possible extensions

Temperature and Vessel Size (or t) for Maxinium Production

Maximum production rate requires both a favorable product distribution and high
converstons 1 the activation energies are such that a favorable product distribution
s obtamed at a high temperature then we should use the highest allowable tem-
perature, because then the rates of reaction are high and the required reactor size
15 small

If the activation energies of the vartous reaction steps are equal the temperature
has o etfect on the product distribuaon; however, we should still operate at the
highest temperature because this mimimizes = or maximizes production

The only problem 15 when the favorable product distribution occurs at low
temperature where very little of anything 1s formed In this situation 1t s preferable
to use an ntermediate temperature, for although product distribuuion suffers
somewhat this may be more than offset by the increase in rate and conversion The
precise temperature level or progression to use for any particular space-time 7 can
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TABLEI.
distribution

Operating temperature for favorable product

(a) if L,
(h)y If E,
() 1f £,

(d)yf £y <

(a) 1f E,
(h) 1f Ey

()t 1y -

(d)f E,

(a) 1f F,
th) f £,

tar f E,

(h) 1t Ey <

(a) if E,
“yaf &y
() f E,
(d) f E,

Note  See

<

A

A —> R —1s's
\i desired (32)
T
E; and E; use high T
Ex(high T), E, < Es(low T) use taling T
E; and E; use low T
E,(low T), E; > Eg(high T) use nising T

A ’_]‘" Rdosired —“>'Ss
N, (33)
T
E; and E; use high T
E.(high T), E, < E;(low T) use intermediate T level
E, and E; use low T
E.(low T'), E; > Es(high T) use intermediate 7 level

] 3
A —> R —> Sgcired

N2 G4
T
E, use high T
E; uselow T

A ""l'> R —’2—> Sdeslrod
N
T
Ej;use high T
E, use low T

A _'!'") R _L) sdesircd

N\ (36)
T U

E,, E; > E4 use high T

E,(high T), E; < Es(low T) use falling T

E, E3 < E uselow T

Ex(low T), Ex > Ehigh T) use rising T

Denbigh (1958) for discussion of this reaction.

241
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be found either analytically or by search procedures. This then is the problem we
deal with in this section. .
Consider the following cases, first the parallel reactions,

Rdeslred

A X where E, < E, (37a)
S
(a) If 71s of no concern use the lowest allowable temperature with very large
space-time.
(b) For given 7 the temperature level for maximum production of R in a mixed

reactor is found to be
= =2 | =2 | 37
/ln k20 ( E,l 1) ( b)

Note that the optimum temperature depends on both the kinetics and .

(¢) If a temperature progression is permitted, say in a plug flow reactor, then
tor given  a rising temperature progression is better still than the best 1sothermal
optimum.

(d) In all cases, an economic balance of the two conflicting factors, increased
production versus increased reactor size, will tell which pair of T and = values
should be used.

For the reactions in series

A '_l') Rdesned Q"ZA’ S where E1 < E, (38)

(a) If 7 is of no concern use the lowest allowable temperature with the proper
corresponding 7 to reach Cg may-

(b) For given = and 1sothermal operations there 1s one temperature which 1s
optimum and gives Cy_ max. This temperature 1s found from Eq. 3.51 for plug flow

(c) If a temperature progression 1s permitted in a plug flow reactor then a falling
temperature progression is better still than the isothermal optimum. Figure 18
illustrates this temperature progression for the situation where the maximum and
minimum allowable temperatures are specified. Note that this progression 1s the
reverse of that for reactions in parallel, treated above.

(d) In all cases the optimum temperature of operations 1s found by balancing
the increase in reactor cost for the lower temperature of operations with the rising
profits from an increase in product. .

Aris (1960) deals with various aspects of this problem. We also should note that
plug flow always is the most desirable of contacting patterns if an intermediate 15
desired. Naturally, if the final product S is desired then we should always use a high
temperature, since this increases both k, and k.
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T'max stiowatie ---- ----

=138
CR max =
Cao

Toun allowable |-~ f '
]

i i 1 1
138 121

Time be?o?e leaving the reactor
FIGURE 18. Optimum temperature profile in a plug flow reactor for various
reactor sizes for the elementary reactions
A—>R—S, ep =0, E, < E;
Adapted from Aris (1960).

The type of reasoning for these two types of reactions can be extended to other
multiple reaction schemes.

Comments

This discussion of multiple reactions shows that the relative size of the activation
energies will tell which temperature level or progression is favored, just as Chapter 7
showed what concentration level or progression and what state of mixing is best.
Although the general pattern of low, high, falling, or rising temperature can usually
be determined without much difficulty, calculation of the optimum profile is a
different matter and requires rather sophisticated mathematics.

In experimentation we usually meet with the inverse of the situation outlined
here in that we observe product distributions from experiment, and from this we
wish to find the stoichiometry, kinetics, and the most favorable operating con-
ditions. The generalizations of this chapter should be helpful in this inductive
search.

Finally, when the reactions are of different order and of different activation
energies then we must combine the methods of Chapters 7 and 8. Jackson et al.
(1971) treat a particular system of this type and find that the optimum policy
requires adjusting only one of the two factors, temperature or concentration,
while keeping the other at its extreme. Which factor to adjust depends on whether
the change in product distribution is more temperature dependent or concentration
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dependent. It would be interesting to know whether this finding represents a
general conclusion.
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PROBLEMS

These are grouped as follows:

Problems 1-10: Equilibrium conversion of fast reactions.
Problems 11-20: Conversion for single reactions.
Problems 21- 30 gonversmn for multlple reactions.

1. The gases 20cm® A, 140 cm® B, and 20 cm?® C measured at standard conditions
(0°C, 1 atm) are forced into a 20-cm? reaction vessel containing air at standard
conditions. A, B, and C react according to the following stoichiometric equation

JA +3B=C

At 0°C equihbrium is attained when the pressure in the reaction vessel is 4 atm.
Find the standard free-energy change AG® at 200 atm and 0°C for the reaction

2C=A +3B

~<cume that the perfect gas law holds throughout.
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2. At 1000°K and 1 atm substance A is 2 mole ‘Z, dissociated according to the
gas-phase reaction 2A"'= 2B + C. ¥
(a) Calculate the mole %, dissociated at 200°K and 1 atm.
(b) Calculate the mole ¥, dissociated at 200°K and 0.1 atm.
Data: Average C, of A = 12 cal/mol-°K
Average C, of B = 9 cal/mol-°K
Average C, of C = 6 cal/mol-°K
At25°Cand 1 atm 2000 cal are released when 1 mole A is formed from the reactants
B and C.

3. vaen the gas-phase reaction A = B + C. Start with pure A. Suppose that
§ 7 of thé riginal A is dissociated at 1000°K and 10 atm as well as at 500°K and
0.1 atm.

(a) Calculate the percent dissociation at 250°K and 1 atm.
(b) Calculate the percent dissociation at 250°K and 0.0l atm.
Data: Average C, of A = 12 cal/mol-°K
Average C, of B = 7 cal/mol-°K
Average C, of C = 5 cal/mol-°K

4. Given the gas-phase reaction 2A = B + C. Start with 1 mole A and 2 moles B
in 5 moles inert gas. Suppose that at 1000°K and 10 atm 66.77%, of original A is
dissociated and at 500°K and 0.1 atm 50%, of original A is dissociated.

(a) Calculate the percent dissociation at 250°K and 1 atm.
(b) Calculate the percent dissociation at 250°K and 0.01 atm.
(¢) Find AG" for the reaction A = 4B + 4C at 250°K and 1 atm.
(d) Find AG?® for the reaction 2A = B + C at 250°K and 0.01 atm.
(e) Find AH, 46 for the reaction 2A = B + C.
Data: Average C, of A = 7 cal/mol-°K
Average C, of B = 9 cal/mol- °K
Average C, of C = 5 cal/mol-°K

5. At 1000°K and 1 atm substance A is 2 mole %, dissociated according to the
following reaction

2A =2B+C

(a) Calculate the mole %, dissociated at 200°K and 1 atm.
(b) Calculate the mole %, dissociated at 200°K and 0.1 atm.
Data: Average C, of A = 8 cal/mol-°K
Average C, of B = 8 cal/mol-°K
Average C, of C = 8 cal/mol-°K
At 25°C and 1 atm 2000 cal are released when 1 mole A is formed from the reactants
B and C.

6. Given the following gas-phase reaction
A =B+ C, AH, 306 = 1000 cal/mol
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Start with 1 mole A in 44 moles inert gas and suppose that 507, of the original A
is dissociated at 1000°K and 100 atm.

(a) Find AG® at 500°K and 1 atm.
(b) Find AG° at 500°K and 0.01 atm.
(c¢) Find the 7, A dissociated at 500°K and 1 atm.

(d) Find the %, A dissociated at 500°K and 0.01 atm.
Data:

Critical Values

Substance C,, cal/mol-°K T, De
A 13 1000 100
B 8 400 50
C 5 800 20

Assume that the system is an ideal solution:

—_ — ‘rA .pure substance
fA = yAfA.puramblnnoa = yA'”(-‘—;r""‘"‘)

The quantity in brackets is given by the Newton charts which may be found in
most thermodynamics texts for chemical engineers.
7. The rates for two different gas-phase reactions at 1028°C are given by
r, = 670C,? measured in metric (MKS) units

ry = 8388CQ%Cy measured in English units with time in hours

Which reaction is more greatly influenced by
(a) a change in temperature,
(b) a change in pressure ?

/8. The following very fast reaction
A + B = 2R, K=4

takes place isothermally in a plug flow reactor. Find the ratio of A to B which
would minimize the total amount of reactants fed to the reactor to produce a given
amount of R. Assume that unused reactants are discarded.

9. The following very fast reaction

A+B=2R, K=4
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v
takes place in a plug flow reactor. Find the ratio of A to B to be fed to the reactor
which would minimize the total reactant cost to produce a given amount of R.
Assume that unconverted reactants are discarded.
Data: Reactant A costs $a/mol
Reactant B costs $8/mol

10. The homogeneous gas-phase reaction A + B = R + S yields 40%, con-
version of A in a given plug flow reactor when equimolar quantitics of reactants
are fed into the reactor at 2 atm and 25°C.

(a) At what temperature level should this reactor be operated $0 as to maxi-
mize conversion of reactant? Find this conversion.
(b) At this optimum temperature would it be possible to lower the pressure
to slightly below atmospheric without a drop in conversion? Such a
change is desirable since possible leaks in the system would then not result
in contamination of the atmosphere or loss of reactants.
Data: For the reaction as written and at 25°C

AH, = 1800 cal
AG® =0
Possible operating temperatures are between 0°C and 500°C, in which range
C,r = 8 cal/mol-°K
C,p = 10 cal/mol-°K
Cor = 7 cal/mol-°K
C,s = 5 cal/mol-°K

Assume the usual Arrhenius temperature dependency for the rate.

11. For the system of the examples in this chapter find  needed to achieve 60%,
conversion in a plug flow reactor having the optimal temperature profile if
(@) Cro = 1 mol/liter
(b) Cyro = 7.2 mol/liter.

12. If the optimum temperature progression in a plug flow reactor were used for
Examples 4 and 5 (C,o, = 4 mol/liter, F,, = 1000 mol A/min) and feed and product
are both to be at 25°C how much heating and cooling would be needed

(a) for the feed stream
(b) for the reactor *
(c) for the stream leaving the reactor?

13. For the reacting system of the examples in this chapter, with C,o = 10
mol/liter, what is the maximum conversion attainable
(a) in a mixed reactor where heat exchange within the reactor or with fluid
before it enters the reactor is allowed
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(b) in an adiabatic plug flow reactor where heat exchange during reaction is
not possible?
The temperature of reacting fluid is to remain between 5°C and 95°C.

14. For the system of the examples in this chapter, but with C,, = 5 mol/liter
(a) find the space-time in a mixed reactor needed to achieve 90%, conversion
of AtoR
(b) with a sketch show the location and determine the necessary heat exchange
if feed enters at 25°C, product leaves at 25°C, and the allowable tempera-
ture range is from 5°C to 95°C.

15. To increase the processing rate for the conditions of Example 5 it is proposed
that we recycle a portion of the product stream from the plug flow reactor. For the
operating line CD (feed enters at 16.0 °C) find the best recycle ratio and the increase,
if any, in processing rate resulting from this modification.

16. Find the minimum volume of isothermal plug flow reactor for 80%, con-
version of the feed of Examples 4 and 5. At what temperature should we operate
this reactor?

17. For the liquid reacting system of the examples in this chapter and with a
more concentrated feed (C,, = 10 mol A/liter)

(a) what range of adiabatic operations between plug and mixed flow can be
used to obtain 80%, conversion from a single reactor? Note that the
allowable operating temperature range is from 5°C to 95°C.

(b) For a feed rate F,, = 1000 mol A/min present a reasonable design giving
the type and size of reactor, and sketch the location and duty of the
necessary heat exchangers. Feed is available at 25 °C.

18. The fluid of Example 4 is to be processed to 80%, conversion in two mixed
reactors.
(@) What should be the size of the two reactors to minimize the total volume?
(b) What should be the temperature of the two reactors?
(c) Devise a flow scheme and find the duty of the heat exchangers for this
scheme if the feed and product are both to be at 25°C.

19. The reversible first-order gas reaction
AT2R
is to be carried out in & mixed reactor. For operations at 300°K the volume of
reactor required is 100 liters for 60%, conversion of A.
(@) What should be the volume of reactor for the same feed rate and conver-
sion but with operations at 400°K ? 110\ [ls\lde-
(&) State or show with a sketch haw te find the temperature of operations

which would minimize the size-of mixed reactor needed for this conversion
and feed rate. ,
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Data: k,; = 10° exp [—4800/RT]
AC, = Cpp — Coa =0
AH, = —8000 cal/mol at 300°K
K = 10 at 300°K
Feed consists of pure A
Total pressure stays constant

20. Repeat the previous problem with the following two modifications:

AC, = 5 cal/mol-°K A
AH, = —4000 cal/mol at 300°F %ﬁﬁ’/-/g%“

21. Qualitatively find the optimum temperature progression to maximize Cg for
the reaction scheme

A ”_> R “i“) Sdesxred '_5'> T
NN
U v W
Data: E, =10, E, = 25, E; = 15, E, = 10, Es = 20, Eg = 25

22. For all combinations of high and low E values for the different steps of the
reaction scheme

3
A '—l_) Rdesired — S
N N
T U
qualitatively find the optimum temperature of operations so as to maximize Cy
assuming that r can be adjusted to whatever value desired.

23. For the parallel decompositions of A, all of the same order,

Rdeslred

find the temperature which maximizes the fractional yield of R.
Note: Equation 30b represents the solution to one of the cases.

24. For the parallel first order decompositions of A

Rdosired
1/7
A 3,
N
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occurring in a mixed reactor with given space-time, find the temperature level
which maximizes production of R.
Note: Equation 37b represents the solution to one case.

2S. For a given space-time in a mixed reactor find the temperature which will
maximize Cy for the elementary reactions

A->R-3s
Note: We can exceed this Cr_max by proper operations in a plug flow reactor.

26. The violent oxidation of xylene simply produces CO, and H,O; however,
when oxidation is gentle and carefully controlled, it can also -produce useful
quantities of valuable phthalic anhydride as follows

CO~
0 2%, CO, H,0
1-*1"'"\ CO/ step 2
x O
CH, we? phthalic
anhydride
CHa ‘(04,*'0'1

J
xylene CO,, H;0

Also, because of the danger of explosion, the fraction of xylene in the reacting
mixture must be kept below 1%,.
Naturally the problem in this process is to obtain a favorable product distribu-
tion.
(a) In a plug flow reactor what circumstances would require that we operate
at the maximum allowable temperature ?
(b) Under what circumstances should the plug flow reactor have a falling
temperature progression?

/ 27. For the parallel first-order decompositions of A

Rdnlred

taking place in a mixed reactor with given space-time find the temperature level
which maximizes production of R.
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28. The first-order reactions

A -1> R s Sdesirea ky = 10%~e000 T
Y‘ \ kg = Q7 - 4000/T
ky = 108 ~9000i

T U k. = 10'2¢-12.000/T

are to be run in two mixed reactors in series anywhere between 10 and 90°C.
(a) If both reactors are kept at the same temperature, what should that
temperature be for maximum fractional yield of desired product S? Find
this fractional yield.

(b) If the reactors may be kept at different temperatures, what should these

temperatures be for maximum fractional yield of S? Find this fractional
yield.

(c) For part (b), what should the relative sizes of the two reactors be—approxi-
mately equal, first one larger, or first one smaller?

29. The aqueous reactions
A+B—5>R+T

R+B—S+T

proceed with elementary second-order kinetics. Find the optimum temperature of
operation of a plug flow reactor, and find the corresponding maximum fractional
yield of R obtainable, based on the amount of A consumed. R s the desired product,
and any temperature level between 5 and 65°C may be used.

Data: Equimolar quantities of A and B are mixed and allowed to react in beakers
at different temperatures. When all B is consumed, analysis shows that 75%, A has
reacted at 25°C, 60%, A has reacted at 45°C.

30. For the series reactions of Fig. 18 let

Tmln, allowable = 1000°K
E,/R = 10,000°K
E,/R = 20,000°K

If the minimum allowable temperature were lowered to 900°K
(a) what would be the highest obtainable Cg 1nax/Cao?
(b) what size plug flow reactor would be needed to obtain this product?

31. Consider the scheme of elementary reactions

A —L" R s Sdulnd k1 = 108'3“0”' sec™!
\JA kg = 10!3¢-10:500/F goc-1
'T ks = 10%e-7000/T sec-!
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Feed consists of A and inerts, C,, = 1 mol/liter, and the operable temperature
range is between 7 and 77°C.
(a) What is the maximum amount of S obtainable per mole of A, and at
what temperature and in what type of reactor is this obtained ?
(b) Find the minimum holding time to produce 997, of Cg mas-
(c) Repeat part (b) if k, = 107e~389%/T a]] else remaining unchanged.



NONIDEAL FLOW

Thus far we have restricted ourselves to two idealized flow patterns, plug flow and
mixed flow. Though real reactors never fully follow these flow patterns a large
number of designs approximate these ideals with negligible error. In other cases
deviation from ideality can be considerable. This deviation can be caused by
channeling of fluid, by recacling of fluid, or by creation of stagnant regions in the
vessel. Figure 1 shows this behavior. In all types of process equipment, such as heat
exchangers, packed columns, and reactors this type of flow should be avoided
since it always lowers the performance of the unit.

The problems of nonideal flow are intimately tied to those of scale-up because
the question of whether to pilot-plant or not rests in large part on whether we are in
control of all the major variables for the process. Often the uncontrolled factor in
scale-up is the magnitude of the nonideality of flow, and unfortunately this very
often differs widely between large and small units. Therefore ignoring this factor
may lead to gross errors in design.

In this chapter we hope to consider enough about nonideal flow to acquire an
intuitive feel for the magnitude of this phenomenon in reactors of various types,
to know whether it needs to be treated, and if so to deal with it in a rational manner
consistent with present-day knowledge.

.

RESIDENCE TIME DISTRIBUTION OF FLUID IN VESSELS

If we know precisely what is happening within the vessel, thus if we have a complete
velocity distribution map for the fluid, then we are able to predict the behavior of a
vessel as a reactor. Though fine in principle, the attendant complexities make it
'mpractical to use this approach.

253
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N~ Stagnant regions

3
<

o
.g‘é/
&

[ Extreme short-circurting
ARITUAD and bypassing
Channeling, especially
L $erous in countercurrent
two-phase operations

FIGURE |. Nonideal flow patterns which may exist in
process equipment.

Setting aside this goal of complete knowledge about the flow, let us be lesc
ambitious and see what is the least we need to know about the flow which will be
useful for design. In many cases we really do not need to know very much, simply
how long the individual molecules stay in the vessel, or more precisely, the dis-
tribution of residence times of the flowing fluid. This information can be determined
easily and directly by a widely used method of inquiry, the stimulus-response
experiment.

This chapter deals in large part with the residence time distribution (or RTD)
approach to nonideal flow. We show when it may legitimately be used, how to use
it, and when it is not applicable what alternatives to turn to.

In developing the *‘language” for this treatment of nonideal flow (see Danckwerts
(1953)), we will only consider the steady-state flow, without reaction and without
density change, of a single fluid through a vessel.
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E, the Age Distribution of Fluid Leaving a Vessel

[t is evident that elements of fluid taking different routes through the reactor may
require different lengths of time to pass through the vessel. The distribution of
these times for the stream of fluid leaving the vessel is called the exit age distribution
E, or the residence time distribution RTD of fluid.

We find it convenient to represent the RTD in such a way that the area under
the curve is unity, or

J”Edz =1
0~

This procedure is called normalizing the distribution, and Fig. 2 shows this
distribution in normalized form.
With this representation the fraction of exit stream of age* between ¢ and ¢ + dt
is
Eat
the fraction younger than age t, is
t
E dt )
0

whereas the fraction of material older than ¢,, shown as the shaded area in Fig. 2, is

f:Edt=1-ﬁ‘Ed: @

The E curve is the distribution needed to account for nonideal flow. Other
related distributions are mentioned later in this chapter and have special uses.

RTD, or E curve

Fraction of et stream

older than ¢
Total area = 1 or than &

0 N3N

t
FIGURE 2. The exit age distribution curve E for
fluid flowing through a vessel; also called the residence
time distribution, or RTD.

* The term *““age” for an element of the exit stream refers to the time spent by that clement in
the vessel.
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Experimental Methods

Since we plan to characterize the extent of nonideal flow by means of the exit age
distribution function, we should like to know how to evaluate E for any flow.
For this we resort to one of a number of experimental-techniques, all of which may
be classed as stimulus-response techniques. In all such experimentation we disturb
the system and then see how the system responds to this stimulus. An analysis of
the response gives the desired information about the system. This method of
experimentation is widely used in science.

Tracer Tracer
input W 7 XY \/l__ output
signat X Vessel o/ AT signal

(stimulus) (response)
Cyclic input
Random nput
g OQutput Output
1 Step input
g Pulse input
=
Output
Time Time

FIGURE 3. Stimulus-response techniques commonly used to study flow in
vessels.

In our problem the stimulus is a tracer input into the fluid entering the vessel,
whereas the response is a time record of the tracer leaving the vessel. Any material
that can be detected and which ddes not disturb the flow pattern in the vessel can
be used as tracef, and any type of input signal may be used—a random signal, a
periodic signal, a step signal, or a pulse signal. These signals and their typical
responses are shown in Fig. 3. Although exactly the same information can be
extracted with these different inputs we will only consider the last two since they
are simplest to treat.
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/ Step 1input signal

Tracer output signal
or F curve

FIGURE 4. Typical downstream signal, called the F
curve, in response to an upstream step input signal.

The F Curve

With no tracer 1nitially present anywhere impose a step input of tracer of con-
centration C, on the fluid stream entering the vessel. Then 2 _time record oftracer
in the exit stream from the vessel, measured as C/C,, 1s called the F curve. Figure 4
sketches this curve and shows that 1t always rises from 0 to 1.

The C Curve

With o tracer initially present anywhere impose an idealized instantaneous pulse
of tracer on the stream entering the vessel. Such an input is often called a delta
function or impulse. The normalized response 1s then called the C curve. '

To perform this ‘normalization we divide the measured concentration by Q, the
area under the concentration-time curve. Thus we have on normalization

@ ooC ©
fo cm:fo G =1 where Q—L Cat 3

Figure 5 shows the C curve and its properties.

1 Ideal pulse input

Area=1 Tracer output or C curve

e B

)

|
t

or—-

t
FIGURES. Typical downstream signal, called the C curve,
in response to an upstream A-function input signal.
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Relation Among the F, C,and E Curves and ‘“Mean Time”’ for Closed Vessels

Let us relate F and C with E for a closed vessel, the closed vessel being defined as
one in which fluid enters and leaves solely by plug flow, thus with a flat velocity
profile. Varying velocities, back diffusion, swirls, and eddies are not permitted at
the entrance and exit. This is the case we consider. Real vessels often reasonably
satisfy this assumption.

To relate E with C for steady-state flow note that the RTD for any batch of
entering fluid must be the same as for any leaving batch. If this were not so, material
of different ages would accumulate in the vessel, thus violating the steady-state
assumption.

Now imagine the following experiment. At time ¢ = 0 introduce a pulse of red
tracer fluid into the stream of white flowing fluid. The C curve for the tracer then
records when these molecules leave, in other words, their distribution of ages.
Since the C curve represents the RTD for that particular batch of entering fluid, it
must also be the RTD for any other batch, in particular, any batch in the exit
stream. So we have !

C=E 4)

Thus the C curve gives directly the exit age distribution.

To relate E with F imagine a steady flow of white fluid. Then at time g4 = 0
switch to red and record the rising concentration of red fluid in the exit stream, the
F curve. At any time ¢ > O red fluid and only red fluid in the exit stream is younger
than age ¢. Thus we have

(f‘raction of red fluidy (fraction of exit stream)
in the exit stream / ~ \ younger than age ¢

But the first term is simply the F value, while the second is given by Eq. 1. So we
have, at time ¢,

t
F = fo Edt (5a)
and on differentiating

dF
) =z —E (5b)

Finally consider the term ““mean time’ of fluid in the vessel. Since this chapter
only treats the steady state flow of fluid of constant density we have

i=V

7= holding time

= mean residence time ©
= space-time
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It may seem reasonable to expect that the mean of the E curve is given by 7 however
this has yet to be shown. We do this by examining the contents of a vessel at time
t = 0. We may thus write

total volume of volume of fluid fraction of this fluid
fluid 1n the - 2 which had entered | which stays more than
ttot + dt about ¢ seconds in the

vessel at 1 = 0 .
seconds earlier vessel

alltime

In symbols and using Eq. 2 this word equation becomes

V=Lf@w4£“Em)
NN

By changing the order of integration we find the desired result, or

- e

=fﬂEm=& )

[

or

We may summarize our findings as follows: at any time ¢

E=c=%F o F=fEm=fcm
0 0
®)
and ]

These relationships show how stimulus-response experiments, using either step or
pulse 1nputs can conveniently give the RTD and mean flow rate of fluid in the
vessel. We should remember that these relationships only hold for closed vessel-.
When these boundary conditions are not met then the C curve may differ appreci-
ably from the E curve. In fact not even the mean times for these curves are equal
thus for open vessels

P# = Ig

In this case 1t would be interesting to decide how to define E usefully.
Figure 6 shows the shapes of these curves for various types of flow and also for
a dimensionless measure of time 6, to be discussed later.
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Arbi
Plug flow Mixed flow rbitrary flow
| S e | M
Area =t
Area = ¢ T et
d t ~ t
t t
!
Area = 1 ¢
E=
Width = 0
rea= 170
fa t AUUPUN FUSOPRRSL ISy
: 10 15
| e — 1h--- - |
1
E Area = Area = 1
(] Area = 1
1 —e-?
[} 4 6 Z Ly
‘\ 1 0 1 £ 1
Area = 1
Ey=GCy
Width = 0
] 4 8
® 1 05 6 1 15

FIGURE 6. Properties of the E, C, and F curves for various flows. Curves are drawn
in terms of ordinary and dimensionless time units. Relationship between curves is
given by Eqs. 8 and 26
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Useful Mathematical Tools

Here we introduce three mathematical concepts which are widely used in tracer
work. Many of the results in this chapter are obtained by their application.

The Mean and Variance. It 1s frequently desirable to characterize a distribution
by a few numerical values. For this purpose the most important measure is the
focation of the distribution. This 1s called the mean value or the centroid of the
distribution. Thus for a C versus ¢ curve the mean is given by o

———
—_—

o
J 1C dt
f = (%a)
f C dt
0
If the distribution curve 1s only known at a number of discrete time values ¢, then
« . 2 4C Ay
=5 ©b)

The next most important descriptive quantity 1s the spread of the distribution.
This 1s commonly measured by the variance o2, defined as
o= 02Cdr [7eCdr
[y €cdt |7 Cdt

2

Again, in discrete form

>t -—1\2C At > 1,2C At 4
2 ~ i by [t i TS
SCA, T sGan ! (106)

[og

b

-y

The variance represents the square of the spread of the distribution and has units |

of (time)? It 1s particularly useful for matching experimental curves to one ol a'!

family of theoretical curves. - -

When used with normahzed distributions for closed vessels these expressions

stmphfy somewhat Thus for a continuous curve or for discrete measurements at
equal time mtervals the mean becomes

) @ StLE <
_ P~ =B )
P = L DUERS S ZI,E‘ At (1)

and the vanance becomes
w - o .
:f (t—t)"‘Ea’tzf ?E dt — 12
0 0

_ > 42E, i

- - Z t2E, At — i (12)
L 1

Figure 7 1llustrates these terms.
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Small o2 c
B & function of area = 3
g or 358(t-12)
=3
s
€
[
g Large 2
8 a2=0
A
! L I t
EA ty =12

FIGURE 7. Means and variances of distributions, and the Dirac 8 function.

The Djraz Delta Function. Ordinary calculus has difficulty dealing with discon-
tinuous Tunctions so a special function called the Dirac delta function, 8, is defined
to treat the discontinuous pulse. Thus 8(r — ¢,) 1s a distribution curve which is zero
everywhere except at ¢ — t, = O where 1t is infinite. The area under the curve 1s

unity and the width of the pulse is zero. In symbols then
8(t — 1)) =00 att =t ®
} such thatf 8(t — to) dt =1 (13)

3(t — t,) = 0 elsewhere -

Figure 7 shows how we graphically represent this function.
The one useful propeity of this peculiar function is that integration with any
other function f(t) gives

f’ 8t — 1o)f(t) dt = f(t) fa<ty<b (14a)

=0 if the ab interval does not contain t, (14b)

Thus integration 1s practically automatic; simply evaluate the function f(¢) at the
location of the pulse. As examples of the use of the § function

fis(r—3)12dt=12 =9
2 3

2

fs<:—3):2dt=0

0

f"’ 8¢ —)3dt =12 =9
- 3
fm (e Mdt =e " =1
- ® (V]

The Convolution Integral. Suppose we introduce into a vessel a one-shot tracer
signal C, versus ¢ as shown in Fig. 8. In passing through the vessel the signal will
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FIGURE 8. Sketch showing derivation of the convolution
integral.

be modified to give an output signal C,,, versus ¢. Since the flow with its particular
RTD is responsible for this modification let us relate Cy,, E, and C,,.

Focus attention on tracer leaving at time about ¢. This is shown as the narrow
rectangle B in Fig. 8. We may then write

(tracer leaving) _ (all the tracer entering ¢’ seconds earlier than I,)
in rectangle B) and staying for time ¢’ in the vessel

We show the tracer which enters ¢’ seconds earlier than ¢ as the narrow rectangle A.
In terms of this rectangle the above equation may be written

. N tracer in\ /fraction of tracer in A
tracer leaving Z .
( ) = all rectangles | rectangle |{ which stays for about
in rectangle B 4 which enter , .

earller than A t’ seconds in the vessel

In symbols and taking limits (shrinking the rectangles) we obtain the desired
relationship which 1s called the convolution integral -

Coudt) = [ Cunlt = 1)) dr’ (150)

In what can be shown to be equivalent form we also have

Coul) = [} CultEC = 1y dr (15b)
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We say that C,,, is the convolution of E with C,, and we write concisely

Coue = E» Cy or Cost = Cu*E (15¢)

Application of These Tools. To illustrate the uses of these mathematical tools
consider three independent} flow units a, b, and ¢ which are closed and connected
in series (see Fig. 9).

Problem 1. If the input signal C,, is measured and the exit age distribution func-
tions E,, E,, and E. are known then C, is the convolution of E; with C,, and so on,
thus
C, = CpxE,, C; = C,*E,, Coue = Cx E,
and on combining
Cour = Cln*Eu*Eb*Ec (16)

Thus we can determine the output from a multiregion flow unit.

2
Couts Tout

Region a Region b Region ¢

2 2
Eanag Ebn (4 E. o

ta to te
FIGURE 9. Modification of an input tracer signal C,, on passing through three
successive regions.

1 By independence we mean that the fluid loses its memory as 1t passes from vessel to vessel.
Thus a faster moving fluid element 1n one vessel does not remember this fact 1n the next vessel
and doesn't preferentially flow faster (or slower) there Laminar flow often does not satisfy this
requirement of independence; however, complete (or lateral) mixing of flmd between units
satisfies this condition.
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Problem 2. 1f we measure C,, and C,,, and know E, and E. we can then extrac
the unknown E,. This type of problem is of particular importance in experimenta
tion where the entrance region and collection region for tracer are both large
compared with the experimental section.

It 1s a straightforward matter to convolute; however, to deconvolute, to find one¢

of the distribution functions under the integral, is difficult and 1s best attacked by
Fourier transforms. Thus Problem 2 1s harder to treat than Problem 1. However ¢
special case of Problem 2 is quite simple to treat, and that 1s when the input is ¢
d-function and the known regions are all in mixed flow. Fortunately this case ofter
closely represents real systems with their end effects. We present a simple graphica
method for treating this situation 1 Example 7 later in this chapter.
Problem 3. A useful property of the variance 1s its additivity for flow througt
independent vessels Thus if 0,2 and ¢2,, are the variances of the input and outpu
tracer curves and ¢,%, 0,2, 0.2 are the variance of the E curves for the three regions
as indicated in Fig 9, then i1t can be shown that

02y = 0?2 + 0.2 + 0,2 + o2 17

This property allows us to extract the variance of the RTD for any region if the
other variances are known.

This additivity property of variances parallels that of the means where
four = fin + Bo + 1, + 1. (18

This additivity of means does not require independence of regions, just close«
q p g J
vessels. ¥ ‘
Ao e
. (O
. T R S N
Ways of Using Age Distribution Information ° A

[

Tiacer information 1s used either directly or in conjunction with flow models t¢
predict performance of real flow reactors, the method used depending in large par
on whether the reactor can be considered to be a hinear system or not.

Linear and Nonlinear Processes. A process 1s linear if any change in magnitud:
of the stimulus results in a corresponding proportional change 1n the magnitude o
the response  In symbols

A(response)  d(response)

A(stimulus) — d(stimulus)

k, = constant (19

or imtegrating
(response) = k,(stimulus) + k,

Processes that do not satisfy these conditions are not linear
Linear processes have the following highly desirable property. If a number o
independent linear processes are occurring simultaneously in a system, their over-al
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effect is also a linear process. In addition, the over-all effect of these individual
linear processes occurring simultaneously in a system can be analyzed by studying
each of the processes separately. This property does not extend to nonlinear
processes. Hence nonlinear systems must be studied ““in the total situation,” and
their over-all behavior cannot be predicted by knowledge of each of the contributing
processes. Because of this property solutions to problems involving linear processes
are relatively simple and are of wide generality. On the other hand solutions for
nonlinear processes are much more difficult and are specific to each problem.

Linear Systems without Flow Models. If the tracer has no L::‘usual activity
(adsorption at walls, disappearance by reaction), but simply passes through the
vessel with the rest of the fluid, the stimulus-response experiment at steady state is
linear in concentration. In other words, if we double the concentration of the
stimulus we double the concentration of the response.

Now by the additivity property of linear processes stimulus-response information
should be sufficient to account for the behavior of the nonideal flow vessel as a
chemical reactor as long as the reactiog rate is also linear in concentration. This
includes ordinary first-order reactions of all types: irreversible, reversible, series,
parallel, and in combination. Thus we can say

kinetic data .
tracer behavior of
. . for first
information ] + — | vessel as a
order reactions
for vessel . reactor
of all kinds

We treat such systems directly after Example 1.

Nonlinear Systems with Flow Models. Unfortunately if the reaction is not of
first order then conversion cannot be found using age distribution information
directly. To illustrate this point consider the two models of a flow reactor shown in
Fig. 10. They both have identical tracer response curves and cannot be distinguished
by tracer experiments. For reactions with rate linear in concentration, however, 1t
is not necessary to know which is the true flow pattern because both give 1dentical
conversions (see Problem 6.3). On the other hand, since conversions will differ in
these two systems for nonlinear reactions (see Problem 6.12 and Example 10.1),
the flow pattern which actually exists must be known before predictions of per-
formance can be made.

In the absence of the needed point-to-point information we hypothesize what we
consider to be a reasonable model for the flow of fluid in the vessel and tnen
calculate the conversion. Naturally the closeness of predicted conversion to actual
conversion will depend on how well the model mirrors reality.

Linear Systems with Flow Models. In addition to predicting conversions 1n
nonlinear reaction systems, flow models arc often used to predict conversions n



USES OF AGE DISTRIBUTION INFORMATION 267
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FIGURE 10. Both models give identical tracer response signals and
therefore act alike for first order reactions, but act differently for
reactions whote rates are nonlinear in concentration.

linear systems. This seemingly roundabout procedure is used because the param-
eters of these models often correlate with the variables of the system, such as
Reynolds number, Schmidt number, etc. Such correlations can then be used to
predict conversions without resorting to experiment. Such is the case with packed
bed and tubular reactors. We take up this approach after showing how tracer data
are used directly.

EXAMPLE |. Finding the RTD by experiment

The concentration readings in Table El represent a continuous response to a delta-
function input into a closed vessel which is to be used as a chemical reactor. Tabulate
and plot the exit age distribution E.

TABLE EI
Tracer Output Concentration,
Time ¢, min gm/liter fluid
0 0
5 3
10 5
15 5
20 4
25 2
30 1
35 0
SOLUTION
The arca under the concentration-time curve,
Q=2CAt=0@B+5+5+4+2+1)

100 gm- min/liter
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FIGURE EI.

gives the total amount of tracer introduced. To find E, the area under this curve must
be unity; hence the concentration readings must each be divided by Q, giving

C
E=%

Thus we have
t, min 0 5 10 15 20 25 30

E=g‘ I/min | 0 0.03 0.05 0.05 0.04 0.02 0.0l

Figure El is a plot of this distribution.

CONVYERSION DIRECTLY FROM TRACER INFORMATION

Linear Process. A variety of flow patterns can give the same tracer output curve.
For linear processes, however, these all result in the same conversion; consequently
we may use any convenient flow pattern to determine conversions, as long as the
pattern selected gives the same tracer response curve as the real reactor. The
simplest pattern to use assumes that each element of fluid passes through the vessel
with no intermixing with adjacent elements, the age distribution of material in the
exit stream telling how long each of these individual elements remains within the
reactor. Thus for reactant A in the exit stream

concentration of

. .. fraction of exit
mean concentration reactant remaining L
. stream which is
of reactant = in an element of (20)
: . of age between ¢
in exit stream ele age between ¢ and ¢ + dt
exit and t + dt

stream
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4

or in symbols

. @n

CA = f‘,o CA.elemem.E dt /

For irreversible first-order reactions with no density change the concentration of
reactant in any element changes with time as follows,

In CA'S”’“‘“ = —kt or Ch.ctement = Cpoe™™
A0
Hence Eq. 21 becomes
Ca = Cao f * e-ME gt 22)
V]

For the reversible first-order reactions of Eq. 3.53, with no product in the feed,
inserting Eq. 3.54 in Eq. 21 gives

Ca = Cao f "Il = Xae + Xace~“*ni]E dt (23)
0

For intermediate R in the successive first-order reactions of Eq. 3.44 to 3.46
insertion of Eq. 3.49 in Eq. 21 gives /
-%'E dt

Cr = C‘“’kl f [e=*t — e (24)
Similar expressions can be obtained for any other system of first-order reactions.

These conversion equations can be solved either graphically or numerically for
any pattern of flow. Thus the performance of nonideal flow reactors can be deter-
mined precisely given the residence time distribution and the rate constants for
the first-order reactions.

Nonlinear Process. For reactions with nonlinear rates, conversions cannot be
determined from tracer information alone. Equation 21, however, always gives one
of the bounds to the conversion. Since 1t represents the latest’ possible mixing for
2ny given RTD, we can show that it gives the lower bound to conversion forn < 1,
upper bound for n > 1. The bound corresponding to the earliest possible mixing is
difficult to calculate. This problem is discussed in Chapter 10.

EXAMPLE 2. Conversion in reactors having nonideal flow

The vessel of Example 1 is to be used as a reactor for a liquid decomposing with rate
~ra = kCa, k = 0.307 min~?
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Find the fraction of reactant unconverted in the real reactor and compare this with the
fraction unconverted 1n a plug flow reactor of the same size.

SOLUTION
With negligible density change we have from Example 1 for both reactors

7 =17= 15 mm

For the plug flow reactor then

J'XA dXA 1 rca dCA 1 In CAO
r = = —- —2 = —|In=
A0 0 —7ra k Cao CA k CA
or
£A_ = el = -(0.30115) _ ,-46 _ (O]
Cao

Thus the fraction of reactant unconverted in a plug flow reactor equals 1.07,.
For the real reactor the fraction unconverted, given by Eq. 22, 1s found as shown in
Table E2.

TABLE E2

t E kt ekt e ME At

5 0.03 153 02154 (0.2154)(0 03)(5) = 0.0323
10 0.05 3.07 0.0464 0.0116
15 0.05 4.60 0.0100 0.0025
20 0.04 6.14 0.0021 0.0004
25 0.02 7.68 0.0005 0.0001
30 0.01 9.21 0.0001 0

S e E At = 0.0469

Hence the fraction of reactant unconverted in the real reactor, C,/Cao, equals 4.7%,
From the table we see that the unconverted material comes mostly from the early
portion of the E curve. This suggests that channeling and short-circuiting can seriously
hinder attempts to achieve high conversion in reactors.

MODELS FOR NONIDEAL FLOW

Many types of models can be used to characterize nonideal flow within vessels.
Some draw on the analogy between mixing in actual flow and a diffusional process.
These are called dispersion models. Others build a chain or network of ideal mixers,
while still others visualize various flow regions connected in series or parallel.
Some models are useful in accounting for the deviation of real systems, such as
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tubular_vessels or packed beds, from plug flow; others describe the deviation of
real stirred tanks from the ideal of mixed flow; and still others attempt to account
for fluidized beds and other contacting devices.

Models vary in complexity. For example, one-parameter models adequately
represent packed beds or tubular vessels. On the other hand, two- to six-parameter
models have been proposed to represent fluidized beds. Our plan is to first treat
these simpler models, and then to consider the more complex models, and various
related subjects.

Dimensionless Time Units. In treating models we often find it convenient to
measure time in units of mean residence time. This then gives a dimensionless
measure

and df = (25)

(e
i
~a

The various distribution curves based on these dimensionless time units are
denoted by the subscript 8, thus E,, F,, C,. Typical curves in both ¢ and 6 units are
shown in Fig. 6.

To relate E and E;4 pick the same point on these two curves. Then geometrical
considerations require that

0E, = tE
and on combining with Eq. 25 this gives

E;, = /E
Similarly we can relate F, and F.

The relationship between distributions in both these time measures are sum-
marized as follows:

bo=0p =1, fo=1tg=1 (26)

2
[+ 4 . .
0g? = 7 (dimensionless)
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DISPERSION MODEL (DISPERSED PLUG FLOW)

Consider the plug flow of a fluid, on top of which 1s superimposed some degree of
backmixing or intermixing, the magnitude of which is independent of position
within the vessel. This condition implies that there exist no stagnant pockets and
no gross bypassing or short-circuiting of fluid 1n the vessel. This 1< called the dis-
persed plug flow model, or simply the dispersion model. Figure 11 shows the
conditions visualized. Note that with varying intensities of turbulence or inter-
mixing the predictions of this model should range from plug flow at one extreme
to mixed flow at the other As a result the reactor volume for this model will he
between those calculated for plug and mixed flow.

Since the mixing process involves a shuffling or redistribution of material either
by slippage or eddies. and since this 1s repeated a considerable number of times
during the flow of fluid through the vessel we can consider these disturbances to be
statistical 1n nature, somewhat as 1in molecular diffusion. For molecular diffusion
in the x direction the governing differential equation 1s given by Fick’s law

o _ g iC

ot cx?
where 2, the coefficient of molecular diffusion, 1s a parameter which uniquely
characterizes the process In an analogous manner we may consider all the con-
tributions to backmixing of fluid flowing in the x direction to be described by a
similar form of expression, or

«C *C

7 = DW ()]
where the parameter D, which we call the longitudinal 8t axial dispersion coefficient,
uniquely characterizes the degree of backmixing during flow. We use the terms
“longitudinal ” and "axial " because we wish to distinguish mixing in the direction
of flow from mixing in the lateral or radial direction, which 1s not our primary

Fluctuations due to different
Flat velocity flow velocities and due to molecular

profile and turbulent ditfusion
—= — T
t - =
| _—
S —
L
Plug flow Dispersed plug flow

FIGURE |l. Representation of the dispersion (dispersed plug
flow) model.
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concern. These two quantities may be‘quite different in magnitude. For example,

in streamline flow of fluids through pipes, axial mixing is mainly due to fluid
velocity gradients whereas radial mixing is due to molecular diffusion alone.

In dimensionless form where z = x/L and 6 = ¢/i = tu/L the basic differential

equation representing this dispersion model becomes

oC D\ &*C oC

7%= ()= 28

where the dimensionless group (—P—) called the vessel dispersion number, is the

ul
parameter which measures the extent of axial dispersion. Thus
;% —0 negligible dispersion, hence plug flow
D . . .
b A large dispersion, hence mixed flow

This model usually represents quite satisfactorily flow that deviates not too
greatly from plug flow, thus real packed beds and tubes (long ones if flow is stream-
line).

Fitting the Dispersion Model for Small Extents of Dispersion

-
If we impose an 1dealized pulse onto the flowing fluid then dispersion modifies this
pulse as shown in Fig. 12. For small extents of dispersion (if D/uL is small) the
spreading tracer curve does not significantly change in shape as it passes the
measuring point (during the time it 1s being measured). Under these conditions
the solution to Eq. 28 is not difficult, and gives the symmetrical C curve

I S _( -0
Co= oz P [ 4(D/uL)] (29)

:;{T i}::

&-mnput Measurement
point

FIGURE 12. The dispersion model predicts a symmetrical distribution of tracer at
any instant.
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C S D D _
0, max 1/2~Nm ;7 = 0.000625
Shaded area = 0 68
.
CO, nt -~ 061Cq max == = 00025
=001
Total area = 1
1
2.0
k=27 1 12 [}
o " 1 9

FIGURE 13. Relationship between D/ulL and the dimensionless C curve for
small extents of dispersion, Eq. 29.

which represents a family of gaussian, normal, or error curves with mean anc
variange

0 = ’_;3 =1 30
2
o =% = 2(5) or o= 2(%) a1

Note that D/uL is the one parameter of this curve. Figure 13 shows a number o
ways for evaluating this parameter from an experimental curve: by calculating
its variance, by measuring its maximum height or its width at the point of inflectior
or by finding that width which includes 68, of the area.

Fortunately, for small extents of dispersion numerous simplificationsand approxi
mations in the analysis of tracer curves are possible. First of all the shape of C o1
F curve is insensitive to the boundary condition imposed on the vessel, whethei
closed or open; also variances are additive, the one-shot input can be analyzec
simply, and the convolution integral can be applied. As an example, for a series o

vessels shown in Fig. 14 with means and variances of their E curves known we may
write

foveran = lg + By +- -+ Iy
and

Ooverall = 02 + 002 +et oua (32
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‘2
o3m0 2 2 2 3 oveml\‘
Oa (4] Oc O
‘jt '/ '/ // \\ .-&-—-
—————3=1 Vessela b [ (X Vessel n f————>

FIGURE 14. lllustration of additivity of variances of the E curves of vessels
ab,...,n

This additivity property of variances also allows us to treat any one-shot tracer
input, no matter what its shape, and to extract from it the variance of the C (or E)
curve of the vessel. So, on referring to Fig. 15, if we write

Ad® = 03y — 0w? (33
we then have with Eq. 31
Ad? D '
~r = Bog? = 2(u—L) (4)

Thus no matter what the shape of the input curve, the corresponding output curve
and D/uL value for the vessel can be found.

The goodness of fit for this simple treatment can only be evaluated by com-
parison with the more exact but much more complex solutions. From such a
comparison we find that the maximum error in estimate of D/uL is given by

D
error < 5%, when i< 0.01

error < 0.5%, when u—Ii < 0.001

Fitting the Dispersion Model for Large Extents of Dispersion

When the tracer of Fig. 12 changes shape significantly during the time that it
passes the recording point, then the measured curve is unsymmetrical with a
somewhat extended tail. In this situation the flow conditions at the injection and

Any input
é-nput C curve
% 2 Output
Same
3 e — ————
“Tao] Ve P a2 vessal o2,

FIGURE 1I5. The increase in variance is the same in both cases, or
o? = g of = Ad>
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Plug fiow,  Plug flow, Same D
’/2.0 D-? : l/‘( mrywhere\‘
—_— ), TN ~7 ~ s
e B D e T v ! A e

]
Change in flow pattern Undisturbed flow at
at boundaries boundarnies

FIGURE 16. Two of the many possible boundary conditions for a flow
vessel.

measurement point (called the boundary conditions) will influence the shape of
the obtained C curve. Let us briefly consider just two of the many possible cases
which have been treated by workers in this field, the closed vessel and the open
vessel, as sketched in Fig. 16.

We should mention here that it has not been possible to obtain analytic expres-
sions for C curves for any of the boundary conditions, except for one case, the
open vessel. However, means and variances can be determined for all cases. Many
of these values are reported by van der Laan (1958).

Closed vessel. Figure 17 shows the C curve for closed vessels as calculated by
numerical methods. Note, as D/uL rises the curve becomes increasingly skewed.
The mean and variance of this family of curves is found to be

oc=;t_9=1 (35)

N Ty

. @ D (D
e ulL

22 _, &z)’(l — e-vD) (36)

Open vessels. This is the only situation where the C curve can be derived analytic-
7ally. However, here we encounter an additional complication in that the way we
measure the C curve will determine its shape. The two methods of measurement
are clumsily called the through-the-wall and the mixing-cup method. In the first
method we just record the tracer as it flows past the measurement point; in the
second method we collect the tracer in a succession of little cups and find out how
much is in each cup. Different C curves result from these measurement methods, a
fact which is not well appreciated.

Now reflection will show that the mixing-cup method closely represents the
closed vessel boundary condition, while the through-the-wall method is more in
accord with the open vessel where flow is not disturbed as it passes the measuring
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FIGURE 17. C curves in closed vessels for various extents of back-

mixing as predicted by the dispersion model.

point. Consequently we will only consider the equations for through-the-wall

measurements for open vessels. These C curves are given by
1 (1 - 63
Co = ————exp |~ 3557 £
* = VRDL) T LT 46(DJuL) @n
with mean and variance
_fe_ D

00—7—1+2uL (38)
(39

The derivation of these expressions and shapes of these curves are given by

Levenspiel and Smith (1957).
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For a one-shot tracer input (see Fig. 15) Aris (1959) has shown that we may
write without erroy for this particular boundary condition

— 3
AO‘. =--T2—=-——l-2-————=2-— (34)

Warnings and Cautions

In trying to account for large extents of backmixing with the dispersion model we
meet with numerous difficulties.

1. With increased axial dispersion it becomes increasingly unlikely that the
assumptions of the dispersion model will be satisfied by the real system. Thus we
should examine and compare the complete experimental curve with predictions of
the model to satisfy ourselves of the suitability and good fit of the model.

2. In all but closed vessels different ways of introducing tracer (uniformly
across the flow stream or not) and measuring tracer (mixing-cup or through-the-
wall) will lead to different C curves. These two effects are extremely important
when treating laminar flow. For an example of the wildly differing tracer curves
which may be obtained see Levenspiel and coworkers (1970a,b).

3. In genera‘ the signal we inject may not be the signal that would be measured
at this location. One reason for this seemingly curious fact is that some tracer may
move upstream to appear at a later time at the injection point. Thus different C
curves may be obtained depending on whether we inject a certain signal or whether
we introduce tracer such that we measure that signal, see Petho (1968).

The literature in this field is profuse and often conflicting, primarily because of
the unstated and unclear assumptions about what is happening at the vessel
boundaries. The treatment of end conditions is full of mathematical subtleties as
noted above, and the additivity of variances is questionable. Because of all this we
should be very careful in using the dispersion model where backmixing is large,
particularly if the system is not closed.

EXAMPLE 3. D/uL from a C curve -

On the assumption that the closed vessel of Example 1, p. 267, is well represented by the
dispersion model, calculate the vessel dispersion number DfuL.

SOLUTION

Since the C curve for this vessel is broad and unsymmetrical let us guess that dispersion
is too large to allow use of the simplification leading to Fig. 13. We thus start with the
variance matching procedure of Eq. 36. The variance of a continuous distribution
measured at a finite number of equidistant locations is given by Eqs. 8 and 10 as

of = 246G 2= 212G 2 ’1Ct]’

2G ZGC 2G
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Using the original tracer concentration-time¢ data given in Example 1, we find
DC=3+5+5+4+2+1=20
D HC=(5x 3) + (10 X'5) +---+ (30 x 1) = 300 min

Zr.ﬂc.=(2s x 3) + (100 x 5) +---+ (900 x 1) = 5450 min?

Therefore
5450 300\2 ~ .
2 o = = 2
o =25 (20) 4735 min
and
o 4715
2 IS e IS em——
o’ = 73 = g5 = 021
Now for a closed vessel Eq. 36 relates the variance to D/uL. Thus
L

(l —_ e—uLID)

 er=0211=22 - 2(;‘91:)

Ignoring the second term on the right, we have as a first approximation

«

D
2l = 0.106

Correcting for the term ignored we find by trial and error that

D
= 0.120

Our original guess was correct: This value of D/uL is much beyond the limit where the
simple gaussian approximation should be used.

EXAMPLE 4. DjuL from an F curve

Von Rosenberg (1956) studied the displacement of benzene by a-butyrate in a 14-in.-

diameter packed column 4 ft long, measuring the fraction of n-butyrate in the exit

stream by refractive index methods. When graphed, the fraction of n-butyrate versus

time was found to be S-shaped. This is the F curve, and it is shown in Fig. E4a for the

run at the lowest flow rate where u = 2,19 x 108 ft/sec, which is about 2 ft/day.
Find the vessel dispersion number for this system.

SOLUTION

Instead of finding the C curve by taking the slopes of the F curve and then determining
the spread of this curve, let us illustrate a short cut which can be used when D/uL is
small.

When D/uL is small the C curve approaches the normal curve of Eq. 29, and the
corresponding F curve, when plotted on probability paper, lies on a straight line.
Plotting the original F-curve data on probability paper does actually give close to a
straight line, as shown in Fig. E4b.
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10

Fy= c/Co

FIGURE E4a. From von Rosenberg (1956).

To find the variance and D/uL from a probability graph is a simple matter if we
observe the following property of a normal carve: that one standard deviation ¢ on
cither side of the mean of the curve includes 687, of the total area under the curve.
Hence the 16th and 84th percentile points of the F curve are two standard deviations
apart. The 84th percentile intersects the straight line through the data at 187,750 sec
and the 16th percentile intersects it at 178,550 sec, so the difference, 9200 sec, is taken
as the value of two standard deviations. Thus the standard deviation is

o = 4600 sec

8 88

& n-butyrate in outiet
3

175 180 185 190 195
Time, (sec x 10™3)

FIGURE E4b. From Levenspiel and Smith (1957).
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We need this standard deviation in dimensionless tilne units if we are to find D. There-
fore

2.19 x 107" ft/sec

o
% = 7 = (4600 sec)( — ) = 0.0252

Hence the variance .
a? = (0.0252)? = 0.00064
and from Eq. 31

D o
o =5 = 000032

Note that the value of D/uL is well below 0.01, justifying the use of the Normal approxi-
mation tc the C curve and this whole procedure.

EXAMPLE 5. Dj/uL from a one-shot input

Find the vessel dispersion number in a fixed-bed reactor packed with 0.625 cm catalyst

pellets. For this purpose tracer experiments are run in equipment shown in Fig. ES.
Catalyst is laid down in a haphazard manner above a screen to a height of 120 cm,

and fluid flows downward through this packing. A sloppy pulse of radioactive tracer is

l l 1 Sloppy pulse
input

w,

15 cm :ggﬁ?;” First measunn
5? [
: 2 point, ¢}

H

FIGURE ES.
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injected directly above the bed, and output signals are recorded by Geiger counters at
two levels in the bed 90 cm apart.

The following data apply to a specific experimental run. Bed voidage = 0.4, super-
ficial velocity of fluid (based on an empty tube) = 1.2 ¢m/sec, and variances of output
signals are found to be 0,2 = 39 sec? and 0,3 = 64 sec?. Find DfuL.

SOLUTION

Bischoff and Levenspiel (1962) have shown that as long as the measurements are taken
at least 2 or 3 particle diameters into the bed then the open vessel boundary conditions
hold closely. This is the case here since the measurements are made 15 cm into the bed.

As a result this experiment corresponds to a one-shot input te an open vessel for which
Eq. 34 holds. Thus

Ad? = 032 — 033 = 64 — 39 = 25 sec?
or in dimensionless form
from which the dispersion number is
D _ A% 1
uL 2 72

Experimental Findings on Intensity of Fluid Mixing

Experiments show that the dispersion model well represents flow in packed beds
as well as turbulent flow in pipes. In these cases the intensity of dispersion as
measured by D/ud correlates with the system properties (see Figs. 18 and 20).

20 LB AALL T TTTTI T TTTHIn T TTTITT

lFlcmm

) packed beds
0 =\ Gases Sc = 0.2 ’ 3
C N\esc=035 =
L\,(/<\‘\ bauds ]
a N N —
3 N \\\ \\\
{10 SN RN o =
- S~ \\._\ \\\5 Y . o v
s R e AN
L Gases Sc = 1.0 ! ]
0.1 poL i Loty IR Rl
0.1 10 10 100 1400 2000
Re = dpup/n

FIGURE 18. Experimental findings on dispersion of fluids flawing with
mean axial velocity u in packed beds; prepared in part from Bischoff (1961).
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100 r . Model only applicable when:
o o L>>3d, L>>30d; L>>300d;
Streamhine fiow 1n
- pipes .
10 /
D - -
ud; For whole regime,
- ut d" —
. D=9 + 153
= Dispersion —
by convection,
Dispersion by Wa?
B diﬂusnon.D-g\..\ D= 155a B
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0.1 1 10° 10? 103 10*
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FIGURE 19. Correlation for dispersion for streamline flow in pipes; pre-
pared from Taylor (1953, 1954a) and Aris (1956).

However, this model only represents streamline flow in pipes when the pipe is long
enough to achieve radial uniformity of a pulse of tracer. For liquids this may require
a rather long pipe, and Fig. 19 shows these results. Note that molecular diffusion
strongly affects the rate of dispersion in laminar flow. At low flow rate it promotes
dispersion; at higher flow rate it has the opposite effect.

Correlations similar to these are available or can be obtained for flow in beds of
porous and/or adsorbing solids, in coiled tubes, in flexible channels, for pulsating
flow, for non-newtonians, and se on.

The vesset or reactor dispersion number is simply the product of the intensity of
dispersion, found from the charts, and the geometric factor for the reactor. Thus

D _ (immsity of) (gcomctric)
uL — \ dispersion factor

- (@)
“ \ad/\L
where d is the characteristic length used in the charts.

Chemical Reaction and Dispersion

Our discussion has led to the measure of dispersion by a dimensionless group D/uL.
Let us now see how this affects conversion in reactors.
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FIGURE 20. Correlation for the dispersion of fluids flowing in pipes,
adapted from Levenspiel (1958).

Consider a steady-flow chemical reactor of length L through which fluid is
flowing with a constant velocity , and in which material is mixing axially with a
dispersion coefficient D. Let the nth-order reaction be of the type

A — products, —ra = kC,\*

By referring to the elementary section of reactor as shown in Fig. 21, the basic
material balance for any reaction component
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|| ¢
Cant  Cateu i

Cross-sectional
area = S /

Accumulation of A
(= 0, for steady state)

Disappearancs of A

FIGURE 21. Variables for a closed vessel in which
reaction and dispersion are occurring.

input = output + disappearance by reaction + accumulation 4.1)
becomes for component A

disappearance

(Out'in)b““‘ flow + (OUt’in)mu dispersion + by reaction

+ accumulation = 0 (40)

The individual terms (in moles A/time) are as follows:

entering by bulk flow = (volume flow rate

moles A) (volumctric)

- (molcs A) ( flow ) (cross-sectional)
volume / \velocity area

= .CA.K“S
leaving by bulk flow = C, ;, ,uS

entering by axial dispersion = dNa _ _ (DS dc‘)

dt dl
, o — —(ps9Ca
leaving by axial dispersion = 7 = (DS 7 )uu

disappearance by reaction = (—r)V = (—r,)S Al
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Note that the difference between this material balance and that for the ideal reactors
of Chapter 5 is the inclusion of two dispersion terms, because material enters and
leaves the differential section not only by bulk flow but by dispersion as well.
Entering all these terms in Eq. 40 and dividing by S A/ gives

C + [( d‘ ) + A ( )]
( CA l) 1 1 dl
Al A':( D :{ +(-—r,,)—-0

Now the basic limiting process of calculus states that for any quantity Q which is
a s{nooth continuous function of /
-0, _ . AQ _ dQ

lim

im S = Im =@

[PSad %

So taking limits as A/ — O we obtain

dC, p L2Ca d*C,

u7r - D—aF + kC\" =0 (41a)

In dimensionless form where z = //L and r = # = L/u = Vv, this expression
becomes

D d3C, dC, .

or in terms of fractional conversion

D dQXA dXA n

;z—'a;i— - dZ k'rCRo (l - XA) =0 (41C)
This expression shows that the fractional conversion of reactant A in its passage
through the reactor is governed by three dimensionless groups: a reaction rate
group krC25?, the dispersion group D/uL, and the reactiorr order n.

First-order Reaction. Equation 41 has been solved analytically by Wehner and
Wilhelm (1956) for first-order reactions. For vessels with any kind of entrance and
exit conditions the solution is

where

= V1 ¥ 4kr(DJuL)
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FIGURE 22. Comparison of real and plug flow reactors for the first-
order reaction A — products, assuming negligible expansion; from Leven-
spiel and Bischoff (1959, 1961).

Figure 22 is a graphical representation of these results in useful form, prepared
by combining Eqs. 42 and 5.17, and allows comparison of reactor sizes for plug
and dispersed plug flow.

For small deviations from plug flow D/uL becomes small, the E curve approaches

gaussian, hence on expandmg the exponentials and dropping higher order terms
Eq. 42 reduces to

Ca _ _ 22]
G = exp [ ke + (ke @)
= exp [ kr + k; (44)*

Equations 43 and 5.17 compare the performance of real reactors which are close

to plug flow with plug flow reactors. Thus the size ratio needed for identical
conversion is given by

L Vv

D
L=v= 1+ (kr)z7  for same Cpou (45)

* It should be noted that Eq. 44 applies to any gaussian RTD with variance 3.
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while the exit concentration ratio for idcntical reactor size is given by

L + (kr)’ for same V (46)

Car
nth-order Reactions. Figure 23 is the graphical representation of the solution of
Eq. 41 for second-order reactions in closed vessels. It is used in a manner similar
to the chart for first-order reactions. To estimate reactor performance for reactions
of order different from one and two we may extrapolate or interpolate between
Figs. 22 and 23. Alternately, for small deviations from plug flow and any kinetics,
Pasquon and Dente (1962) have derived the following expression

D r
Cyp — Cap = — a7 In 22 47
A Ap uL Ap Tao ( )
100
T T T T 7T
% = ..l(mixed flow) IL f
(| 4 ord
N I 1 Second order
k1Cpy r 2([)(!]
w/' \( 1000
// \\< \ ~500
/ 7
4 yi
7 N 200 (Lines of constant volume
\4,/\ // N a< | or holding time)
/ /
/ x y 100
LRy 4 A J2h\\' &
> // y I~ a AN [50
// 7 P SA
7 7 N /
-;'.g\ —~ 4 /// N \ .20
7 1‘& A p 10
A T DR DN A
7 /r "r 7 7 y
025| , ’ \\‘ 2
7%7_ .\/“* A 1/ /\ \ i-H
- 4 I 11
/ V. NTT—<1 / N
L 00625 1 ) v Eam Q)
N
) ,’/_— = O(plug fiow) |, T4
001 0.1 1

1=X,=Cr/Ch
FIGURE 23. Comparison of real and plug flow reactors for the second-
order reactions
A + B — products, Cao = Cpo
2A — products
assuming negligible expansion; from Levenspiel and Bischoff (1959, 1961).



DISPERSION MODEL (DISPERSED PLUG FLOW) 289

where r,o and r,, are the rates at the inlet and outlet of a plug flow reactor with
the same r or L as the real reactor.
For nth order reactions this expression reduces to

Ch _ D\ on-1,)1n Cao
ch-1+ n(uL)(ch ?in g (48)

Note that backmixing does not affect performance for zero-order reactions.

Extensions. For multiple reactions of the consecutive type we do not at present
have a simple graphical representation of the effects of dispersion on product
distribution and reactor size. Tichacek (1963) presents equations accounting for
this effect and shows that for systems which deviate slightly from plug flow, say
for D/ul. < 0.05, the fractional decrease in the maximum amount of intermediate
formed is roughly given by the value of D/uL itself.

Large molar expansion or contraction influences the predicted reactor perform-
ance, and by numerical means Douglas and Bischoff (1964) have evaluated this
effect for various reaction types.

Of the three reactor types generally used in industry, tubular, packed bed, and
fluidized bed, only the first two exhibit marked nonisothermal behavior which
need be considered in design. For these two reactor types the dispersion model,
using axial and radial dispersion of both matter and heat, is the best way we now
have for approximating the real situation. Himmelblau and Bischoff (1968) present
and evaluate the various dispersion models which may be used here. They also
present general correlations for axial and radial dispersion of matter and heat in
various systems.

EXAMPLE 6. Conversion from the dispersion model

Redo Example 2 assuming that the dispersion model is a good representation of flow
in the reactor. Compare the calculated conversion by the two methods and comment

SOLUTION
Matching the experimentally found variance with that of the dispersion model, we finc
from Example 3

D
. iI= 0.12

Conversion in the real reactor is found from Fig. 22. Thus moving along the k7 =
(0.307)(15) = 4.6 line from C/C, = 0.01 to D/uL = 0.12, we find that the fraction ¢
reactant unconverted is approximately

c
G, =005, or3sy,
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A
Dispersion model, D/uL = 0.12
10}
E,
Relatively large
05 contribution to variance
Major contribution of the dispersion
to fraction
unconverted
0 § | 1 | 8
0 1 2 1 4 3 2 ra
3 3 3 3 3
0
FIGURE Eé.

Figure E6 shows that except for a long tail the dispersion model curve has for the
most part a greater central tendency than the actual curve. On the other hand, the
actual curve has more shortlived material leaving the vessel. Because this contributes
most to the reactant remaining unconverted, the finding

C C
(a)mw =47% > (?:L)"‘.?‘M':‘P“ =35%

s expected.

TANKS-IN-SERIES MODEL

tesides the dispersion model, the tanks-in-series model is the other one-parameter
10del widely used to represent nonideal flow. Here we view the fluid to flow through
series of equal-size ideal stirred tanks, and the one parameter of this model is the
umber of tanks in this chain.

The C or E curve and moments of this model are easy to obtain since problems
f proper boundary conditions, method of tracer injection, and measurement do

ot intrude. Thus for one tank we have

LE = e, N=1

't two tanks we find by any of a variety of methods, either by a material balance,
y using the convolution integral, or by using Laplace transforms,

LE = ; e-th,  N=2 (49)
i
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and similarly for N tanks in series we obtain in various forms

neer 1
® =) e (02
oy-1 -
Ey = IE = 31 (50b)
= (NI)E = I(VISN 9):): we (50c)

where

7, = mean residence time in one tank

i = Ni,, mean residence time in the N tank system
6, = t/t, = Nifi

0 = 1/t = t/Ni,

These curves are shown in Fig. 24, and their mean and variance are found to be

) 2
P=Ni, A=NA=T (51a)
fh=N, od=N (515)
i =1 0 = L Gle)
) ’ ] N

Figure 25 shows some of the properties of these curves which should be useful in
estimating the value of the parameter. Thus N can be estimated from the maximum,
the width at inflection, or the variance of the measured C curve.

For large N the RTD curve becomes increasingly symmetrical and approaches
the normal curve of Fig. 13, and a comparison of these two curves allows us to
relate the tanks in series and dispersion models.

With this model the additivity of variances and the convolution integral can
safely be used. Thus if we have N, tanks and we add N, tanks to the chain then

on? + oy, = of 4w, (52)
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FIGURE 24. RTD curves for the tanks in series model, Eq 50.
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FIGURE 25. Properties of the RTD curve for the tanks in series
model.
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FIGURE 26. For any one-shot tracer input Eq. 53 relates input, output, and
number of tanks.

If we introduce any one-shot tracer input into N tanks as shown in Fig. 26 then
from Eq. 51

~
0

2 - 42 2 __
Ao? = oy — O™ =

(53)

2zl

Conversion for the Tanks-in-Series Model

Chapter 6 treats the conversion 1n a series of mixed flow reactors and that analysis
applies directly to this model. Thus Figs. 6.5 and 6.6 compare the performance of
this flow with plug flow.

For large N, thus small deviation from plug flow, the performance expressions
for first-order reactions reduce to

Vvtanks kr
—enNs — ] 4 54
and
Ca Ntanks (k7)2
—ZA.Ntanks | 4 1L 55
Chooiue N (53)
Extensions

Because of the independence of stages (in the sense considered earlier in this
chapter) 1t is easy to evaluate what happens to the C curve when tanks are added
or subtracted. Thus this model becomes usefui in treating recycle flow and closed
recirculation systems. Let us briefly look at these applications.

Closed Recirculation System. If we introduce a 8 signal into an N stage system,
as shown in Fig. 27, the recorder wiil measure tracer as it flows by the first time,
the second time, and so on. In other words it measures tracer which has passed
through N tanks, 2N tanks, and so on. In fact it measures the superposition of all
these signals.



294 Ch.9 NONIDEAL FLOW

: —>
S-input Output
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N tanks, 1 pass (Eq. 50)
Creclrculatlon' (Eq 56)
¢ N tanks, 2nd pass
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FIGURE 27. Tracer signal in a recirculating system.

To obtain the output signal for these systems simply sum up the contributions
from the first, second, and succeeding passes. If m 1s the number of passes we then
have from Eq. 50

® 7 -
1C = e""x (t/tl)MN !
C =

mN = 1)1 (56a)
m=]
Cy =74 S _ﬂ‘_l__. (56b
"= mN =11 )
me=1
s mN -1
C,o = Ne-¥e S V0 (56¢)

Z (mN=D!
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FIGURE 28. Recirculation with slow throughflow.

Figure 27 shows the resulting C curve. As an example of the expanded form of
Eq. 56 we have for 5 tanks in series

5 e [CSUDY (51"
C=7Fe "’”[T*T* ]

where the terms in brackets represent the tracer signal from the first, second, and
successive passes.

Recirculation systems can be represented equally well by the dispersion model
(see van der Vusse (1962), Voncken et al. (1964), and Harrell and Perona (1968)).
Which approach one takes simply is a matter of taste, style, and mood.

Recirculation with Throughflow. For relatively rapid recirculation compared
to throughflow the system as a whole acts as one large stirred tank, hence the
observed tracer signal is simply the superposition of the recirculation pattern and
the exponenual decay of an 1deal stirred tank. This is shown in Fig. 28..

This form of curve is encountered in closed recirculation systems in which tracer
is broken down and removed by a first-order process, or in systems using radio-
active tracer. Experiments on living organisms give this sort of superposition
because tracer is constantly being eliminated by the system.
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FIGURE 29. Simple flow models and their tracer response curves.

MULTIPARAMETER MODELS

When one-parameter models. are unable to account satisfactorily for deviations
from the 1deals of plug and mixed flow then more complicated models must be
attempted. These usually consider the real reactor to consist of different regions
(plug, dispersed plug, mixed, deadwater) interconnected 1n various ways (bypass
recycle, or crossflow).

The term deadwater accounts for the portion of flurd which s relatively slow
moving, and which, as an idealization, sometimes 1 taken to be completely stagnant

Figure 29 represents the simplest of these models. Note how different and dis-
tinctive are the shapes of these curves. This property suggests a way of charac-
terizing unknown flows. and this method 1s in fact used to diagnose pathological
flows in vessels. We consider this matter later.

In the discussion to follow we will introduce some of the numerous multiparam-
eter models which have been used to represent real reactors from trickle beds to
sparged reactors and fluidized beds.
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298 Ch.9 NONIDEAL FLOW
I

Models for Small Deviations from Plug Flow and Long Tails

Symmetrical Peak Portion. In numerous situations (liquid 1n a trickle bed, in
chromatographs, in packed beds of porous and/or adsorbing solids) we encounter
a symmetrical gaussian-like RTD curve with an extended tai|. This type of curve 1s
explained by saying that some of the flowing fluid 1s held back by adsorption on
the surface of solid, by being trapped within pores, or by being held up in the many
little stagnant regions present at the contact points of the solid Numerous models

have been put forward to explain these observations, some of which are sketched
in Fig. 30.

[Model G | [:Moder@

i M o

/Plug or dispersed plug random location

Modelﬁl

—1_ }—~
= [ e

Deadwater

FIGURE 30. Some of the models used to represent Gaussian E-curves with
long tails.

Observed M
curve Ty

1

U

Symmetrical
portion

N stages

fraction of flud >
r

Area = f) = | entening dead wate
/ region once

Nta tlm|=Nic+id

FIGURE 31. Sketch showing how to estimate the parameters of Model G where
no fluid enters the deadwater region more than once.
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Examination of these models will show that Models H and I are both special
cases of Model G for an infinite number of tanks in series. Model J, however, is
different from the other three because it alone permits backflow of fluid.

Probably the easiest of these meodels to treat is Model G, so let us examine it in
somewhat more detail. As shown i Fig. 31 the three parameters of this model are

N: the number of stages consisting of active and deadwater regions, in series.
v .
X = ;": the crossflow ratio per tank.

V. . L .
-4 = _ Ve . fraction of volume which is not active.
Vv Vo + V4

In terms of these parameters we have for the fluid

a

_ V. . . . .
fo = 1 mean total residence time 1n an active region.

iy = mean delay time for each entry into a deadwater region.

Sx=

In passing through the vessel some fluid 1s delayed once, some twice, some even
more times, by flow into the deadwater regions, so the RTD represents the over-all
effect of all these possible paths. Now If £, 1s the fraction of fluid which has been
delayed  times, and E, the RTD for that fluid we can then write

E = fiE, + fiE; + + fiE, +- (57a)

Since the flurd must still flow through N active regions no matter how many delays
1t experiences E, 1s the convolution of N active and 1 deadwater regions, or

E; = l::N active ¥ E(delsys (57b)

where both Ky, ve and E, gqay, are given by Eq. 50 using the proper mean times 7,
and f4. Equation 57 1s thus the general solution for the RTD for Model G.

For relatively small crossflow (Nv, < v) most of the fluid passes through the
vessel with no delay, a small fraction is delayed just once, and the fraction delayed
more than once 1s even smaller still and can safely be ignored. Thus the first term
of Eq 57 1s large, the second 1s small, and the succeeding terms can be dropped,
giving

E= fOEN active + fl[ENacuve * El dehy] (58)
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The sketch of Fig. 31 shows that Eq. 58 represents the superposition of a large
N-tanks curve and a smaller curve with long tail, and as Levich er al. (1967) first
showed these can be approximated (for large N) by a gaussian curve and an
expoiential decay curve.

This analysis provides a method for estimating the values of the parameters to
fit the physical system. Thus the location of the gaussian portion estimates the
fraction of vessel volume which is active, its width and peak height estimates N,
while the exponential tail estimates the crossflow. Figure 31 shows these relation-
ships. As an independent measure L/d, also estimates N.

For larger crossflow (increased wessel length) the fluid has more chance of being
delayed, hence the gaussian (straight through) portion spreads and shrinks while
the contributions from multiple delays become increasingly important. The precise
solution for this case is difficult to evaluate; however, it suffices to note that the
over-all E curve becomes increasingly symmetrical, approaching the simple tanks
in series model. Chromatographic columns usually closely approximate this
limiting behavior.

Distributions with long tails indicate that only a small portion of the fluid is ever
delayed by adsorption or transfer into a deadwater region. This may or may not
be desirable. Chromatographic columns with such curves are probably too short
to behave properly.

With regard to conversion it usually does not pay to try to correct for the tail.
Plug flow predictions, or at most the corrections of Eqs. 45 and 46 will be accurate
enough. There are situations, however, where the tail of the RTD curve assumes
an overriding importance. As an example suppose we have the reaction

too long in

A(colorless) — R gpgirea(colorless) ———> S(colored)
reactor

Often just a small amount of S will color the product stream sufficiently to make 1t
unacceptable. In such a situation it is important to be able to characterize the tail,
to find out what variables affect 1t, and how to minimize it.

The Real Stirred Tank

For most applications the real stirred tank with sufficient agitation can be taken
to approximate the ideal of mixed flow. There are some cases, however, where
deviation from this ideal should be considered, for example in large tanks with
insufficient agitation and for fast reactions where the time of reaction 1s short
compared to the time for mixing and for achieving uniformity of composition.
It is here that mixing models are needed. Not only will these be useful for the real
stirred tank, they will have numerous other applications, such as to represent the
distribution of chemicals and drugs in animals and man. .
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There are many ways of treating the deviations from the ideal. We here present
two types of analyses depending on whether the time scale of interest is short or
long compared to the mean residence time of fluid in the system. We consider these
cases in turn, but first, one brief comment on experimentation.

The real stirred tank reactor can'be used either as a batch reactor or as a flow
reactor, and if the flow pattern is not too different in these two arrangements then
tracer experiments in either of them will give the information needed to construct
a suitable flow model. Since batch experimentation is often simpler to perform
it 1s used when justified.

Short time Scale Models With tracer experimentation we want to know whether
the flow in the stirred tank deviates significantly from the ideal, and when it does
we want to know how to treat this deviation. We may also want some measure of
the intensity of agitation, or the rate at which an element of fluid is broken up and
dispersed within the tank. We take up these two topics in turn.

Imagine a pulse of tracer introduced into a real stirred tank which has no
throughflow of fluid, with tracer concentration measured at some representative
point within the vessel. Figure 32 shows typical results of such an experiment. Let
us examine these tracer curves.

First of all we note that the closed recirculating N tank model of Fig. 27 and
Eq. 56 often reasonably fits the curves of Fig. 32 and can therefore be used to
model the real stirred tank. With this model the curves of Fig. 32a, b, and c repre-
sent flow in approximately 40, 10, and 4 tanks respectively.

Next we note that the periodic output in Fig. 32a is certainly due to fluid re-
circulation. The time between successive peaks characterizes this action, and we call
this the turnover time tr. In Fig. 32a the turnover time can be found by inspection.

Tracer concentration

-

:

] ¢ |
30 sec 3 sec
(a) b) (c)

FIGURE 32. Tracer curves for a batch operated stirred tank. Sketch (a) represents
a rapid turnover with slow breakup of fluid elements.
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In Fig. 32¢ this is not possible, and this quantity can only be found from the model
after properly matching the experimental curve.

The above findings give the number of tanks N and the turnover time ¢, both
of which are dependent on the geometry of the system, energy input, and fluid
properties.

Let us proceed to the rate of break-up and dispersal of tracer withi.: the vessel.
For the tracer curve of Fig. 32a an obvious measure is the rate of decay of the
periodic signal, say its half life. However, such a measure is awkward to use for the
tracer curves of Figs. 32b and c¢. In essence then, this measure is only easy to usc
when the characteristic decay time 1s much longer than the turnover time.

To develop a measure useful for any of the tracer curves of Fig. 32 note that
since the stirred tank acts as an N compartment system the tracer has only been
able to spread uniformly through a single compartment whose volume 1s V'/N in
time f;. Thus we may define a bulk dispersion coefficient D, as follows

Since D, is determined by N and ¢; which 1in turn are functions of system geom-
etry, power input, and fluid properties, D, 1tself 1s a function of these quantities.

In certain polymerizations whether the product 1s highly crosslinked or not,
granular or gelatinous, its m w. and physical properties, depends strongly on the
mean overall intensity of fluid break-up and dispersion in the vessel In these cases
D, is likely to be the pertinent parameter to represent this action, to be kept
constant or controlled 1n scale up and design

So far our discussion has centered on the batch system, and the resulting model
can be used directly for the flow system as long as the flow pattern 1s suspected
to be not too different in the two cases. If the patterns do differ then experimenta-
tion in the system of interest 1s necessary. In relating the tracer curves for these two
systems note the relationship between the curves of Fig. 27 and Fig. 28.

Finally we point out that these shoyt time scale models are of pai:icular interest
for multiple reactions occurring in batch, semibatch, and flow reactors where the
question of product distribution 1s of primary importance.

Long time Scale Models When we wish to model the long time behavior of the
system which accounts for the relatively stagnant regions with their long holdup
of fluid, and when the short time behavior such as the initial delay, the overshoot,
and the decaying periodic signal of Fig. 32 1s of no interest then a different kind
of flow model 1s needed. The simplest of these are shown in Fig. 29. However.
since these models assume no transfer at all between active and stagnant region
they often are not satisfactory.

A number of more realistic two parameter models have been proposed and are
used to deal with this situation. Consider those shown in Fig. 33.
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FIGURE 33. Two parameter models for long time-scale behavior of real stirred tanks.
Models K, L, M are for flow operations, N for batch operations.

Model K. The RTD for this model is given by

v 1 —0i8, 4 U2 I ~0/6,
E, = > 9,e + > 2e (60a)
where
_ :l _ N/ _ é _ Vv,
6, = TV and el T (60b)

This RTD represents the sum of two exponentials Evaluating the slopes and/or
intercepts of the two distinct straight line portions of the log E, versus 6 plot is one
way of fitting the parameters of this model. This is the simplest of the models
presented in this section.

Model L. The RTD expression and also the tracer concentration in the stagnant
compartment of this model are given by

1

E,=C, = a0 = a)m, = my) [(my — am;, + b)e™°® — (my, — amy + b)e™®]
(61a)
and
. b
C, = [em® — emaf) (61b)

a(l — a)(my, — my)
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where

i—a+b 4ab(1 — a)
MM = a0 = a) [ ~/1 T—a+ b)*] (61c)

The shape of the E curve for this model is the same as for model K, thus from the
point of view of curve fitting these models are essentially equivalent. Physical
considerations, however, often suggest the use of one or the other. Bischoff and
Dedrick (1970) show how to fit the parameters of this model using either the C;
or C, curves, or by using step input experimentation.

Model M. The RTD as well as the tracer concentration in the first compartment
are given by

C1 = e————-———-—(l — 8)('11 — nz) [(nl —en, +f)en19 _ (n2 — en, +f)en20} (620)
B - O = e (626)
where
_ 4e(l — e)
o Mz = 2e(l ) [ A/ U ————] (62¢)

Note that the RTD for this model first rises, then falls, and therefore is quite
different from the RTD for models K and L.

Model N. This model really represents the special cases of models L and M for
batch operations, or for no throughflow of fluid. The concentrations of tracer in

the two compartments resulting from a pulse input into compartment | are given
by

l - ¢

- _ t
=1 e | ] (63a)

and

. t
G =1 = o [~ s (636)

The above models are particularly useful for representing the distribution of
drugs in mammals. Often the time needed to ehminate a drug from the body 1s
rather long, even in the order of years On this time scale the fluctuations in drug
concentration in the circulating blood stream just after injection damp out quickly
and can be ignored. Thus, the blood can be represented by one uniform compart-
ment of the model, the organ or tissue in question by the other compartment

To account for different kinds of organs and tissues may require the use of a
number of compartments, all interchanging material with the blood. Computer
solution 1s usually required for such models.



DIAGNOSING ILLS OF OPERATING EQUIPMENT 305

DIAGNOSING ILLS OF OPERATING EQUIPMENT

The observed C-curve can give clues to poor contacting and flow in process equip-
ment. For example, if flow is expected to approximate plug flow then Fig. 34 shows
some of the deviations which may occur. Consider these in turn.

Figure 34a has the C-curve at the correct location and with not too large a
spread; hence, there is nothing wrong here. In Fig. 34b the early appearance of
tracer indicates channelling of fluid and stagnant regions in the reactor. Figure 34c
indicates that the fluid is recirculating in the reactor. This type of behavior may
occur with slow moving fluid in short wide vessels, e.g., liquids in gas-liquid con-

c Expected Early Internal recirculation

~
-~

(a) (b)

Late Parallel paths

(@) (e)

FIGURE 34. Pathological flow in vessels which are supposed to approximate
plug flow.

tactors. Figure 34d shows tracer appearing later than expected. There are three
possible explanations for this: either an error in flow rate measurement, an error in
volume available for fluid (has pore voidage or volume of recording leads been
accounted for ?), or the tracer is not an inert material as it should be, but is adsorbed
and held back on the surfaces. Finally Fig. 34e shows fluid channelling down two
parallel paths. In all the above mentioned cases of poor flow significantimprovement
should be possible by inserting redistributors and/or by proper baffling.

If mixed flow is expected, then Fig. 35 shows some of the poor patterns which
may occur. The first four sketches show the expected, early, recycling, and late
flow, and the explanations for these observations are similar to the corresponding
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plug flow cases. Figure 35e shows a shift in time which probably indicates an
instrumentation time lag.

Although it is not necessary, sometimes it is helpful to introduce distribution
functions related to the RTD, to help diagnose these ills. These functions are the
internal age distribution for fluid present in the vessel

A=1— f'Edt (64a)
()

Internal recirculation

Time delay

Late ‘/ Mean

FIGURE 35. Pathological flow in vessels which are supposed to approximate
mixed flow. The dotted line represents the observed mean of the tracer curve.

and the intensity function introduced by Naor and Shinnar (1963)

A= (64b)

| Y

Himmelblau and Bischoff (1968) show how to use these functions.

In certain operations it 1s imperative that the flow be made to approach some
ideal as closely as possible—usually plug flow. This requirement may cause
difficulties, especially for slow flow in large vessels. Continuous large scale chroma-
tographic separations is an important example of such a process. Figure 36 shows
some ways of more closely approaching plug flow in equipment.
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FIGURE 36. Ways of improving the flow, to more closely approach plug
flow.

EXAMPLE 7. Correcting a C-curve for an unwanted flow region

Suppose a tracer response 1s available for vessel 1 followed by an ideal stirred tank
(vessel 2) of known size or f,. How do we remove the contribution of the stirred tank
and find the C-curve of vessel 1 alone? Figure E7 sketches the set up.

SOLUTION

We present a simple graphical procedure which can be used as long as the known vessel
is an ideal stirred tank.

Suppose that C, , . in Fig. E7 represents the curve for the two vessels in series. Then
a material balance for tracer about the ideal stirred tank gives

input = output + accumulation

S-input

L—peee

C\, to be constructed

C1 42, measured

FIGURE E7.
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or
_ d(Cy43¥)
UC], = vC“g + ar
or
dc, ., .
Cy = Ci4a + 12_‘;_’_3 @

Take point E on the C,.; curve, draw the tangent at this point and locate points F
and G as shown. In applying Eq. (i)

(point G) = (point E) + (f;)(slope at E)

. A
= (point E) + (GF)(E%‘;)
= (point E) + (distance AG)

we verify that point G is on the C; curve which we are looking for.

Repeating this procedure for various locations (points X, Y, Z are illustrated) then
gives the desired curve, shown as the dashed line.
Comment. Note that the general approach to this problem involves deconvolution,
which is difficult. The fact that one of the vessels is a stirred tank 1s what simplifies
matters so greatly.

This procedure can be extended to more than one stirred tank in series with the

vessel to be studied. Simply repeat the procedure. It can also be used with little modifica-
tion with the F curve.

The type of problem illustrated here occurs in experimentation when we want to
remove end effects. We may also note that in systems where fluid flows at different
velocities (say laminar flow) the introduction of tracer in small completely mixed fore
and after sections is probably the simplest way to guarantee proper tracer input (propor-
tional to flow velocity) and proper measurement (mixing cup method).

5

MODELS FOR FLUIDIZED BEDS

Pass gas upward through a bed of fine particles. On increasing the flow rate a
point is reached when the solids become suspended by the gas stream. In this state
the bed is said to be fluidized, and this particular inlet gas velocity is called the
minimum fluidizing velocity u,,. For superficial (or inlet) gas velocities ¥, much in
excess of this minimum the bed takes on the appearance of a violently boiling liquid
with solids in vigorous motion and large bubbles rising rapidly through the bed.
At first sight it seems as if all the gas in excess of u,, passes through the bed as
bubbles. In this state we have the bubbling fluidized bed. Industrial reactors par-
ticularly for solid catalyzed gas-phase reactions often operate as bubbling beds
with gas velocities 4, = 5 ~ 30u,,, and even up to 250u,,.
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Calculations show that the conversion in bubbling beds may vary from plug
flow to well below mixed flow, and the perplexing and embarrassing thing about
this is that we cannot reliably estimate or guess what it will be for any new situation.
Because of this, scale-up is cautious and uncertain, and preferably left to others.

It was soon recognized that this difficulty stemmed from lack of knowledge of
the contacting and flow pattern in the bed: in effect, the bypassing of much of the
solids by the rising bubble gas. This led to the realization that adequate prediction
of bed behavior had to await a reasonable low model for the bed.

Since the bubbling bed represents such severe deviations from ideal contacting,
not just minor ones as with other single-fluid reactors (packed beds, tubes, etc.),
it would be instructive to see how this problem of flow characterization has been
attacked. A wide variety of approaches have been tried. We consider these in turn.

Dispersion and Tanks in Series Models. The first attempts at modeling naturally
tried the simple one-parameter models; however observed conversion well below
mixed flow cannot be accounted for by these models so this approach has been
dropped by most workers.

RTD Madels. The next class of models relied on the RTD to calculate conversions.
But since the rate of catalytic reaction of an element of gas depends on the amount
of solid in its vicinity, the effective rate constant is low for bubble gas, high for
emulsion gas. Thus any model which simply tries to calculate conversion from the
RTD and the fixed rate constant in effect assumes that all elements of gas, both
slow and fast moving, spend the same fraction of time in each of the phases. As
we will show when we treat the details of gas contacting in fluidized beds this
assumption is a shaky one, hence the direct use of the RTD to predict conversions,
as developed for linear systems 1n this chapter, is quite inadequate.

Contact Time Distribution Models. To overcome this difficulty and still use the
information given by the RTD, models were proposed which assumed that faster
gas stayed mainly in the bubble phase, the slower in the emulsion. Gilliland and
Knudsen (1970) used this approach and propose that the effective rate constant
depends on the length of stay of the element of gas in the bed, thus

short stay means small k

long stay means large k& or k = kot

where m 1s a fitted parameter. Thus combining with Eq. 24 we find for the con-
version

Ca = [TesRdr = [ et B dr 65)
0

CAO o

The problem with this approach involves obtaining a meaningful E function to
use in Eq. 65 from a measured C-curve which is both a stochastic quantity and
which is obtained at the exit of a bed where considerable backmixing occurs and
where an element of tracer may pass the recording point again and again. In fact
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recent findings suggest that some exit gas from the bed reenters the emulsion and
moves back to the entrance of the bed! What does the C-curve mean in this situa-
tion?

Two-region Models. Recognizing that the bubbling bed consists of two rather
distinct zones, the bubble phase and the emulsion phase, experimenters spent much
effort in developing models based on this fact. Since such models contain six
parameters, see Fig. 37, many simplifications and special cases have been explored
(15 to date), and even the complete 6-parameter model has been used.

This approach has been middling successful as a correlating technique to fit any
particular set of data; however, it has not been of much use in bringing together
data from diverse systems, or for scale-up to new conditions. The difficulty is that
we do not know how to assign values to the parameters for new conditions.

Hydrodynamic Flow Models. The discouraging result with the previous ap-
proaches lead us reluctantly to the conclusion that we must know more about what
goes on in the bed if we hope to develop a reasonable predictive flow model. In
particular we must learn more about the behavior of rising gas bubbles since they
probably cause much of the difficulty.

Two developments are of particular importance in this regard. The first is
Davidson’s remarkable theoretical development and experimental verification (see
Davidson and Harrison (1963) for details) of the essentials of flow in the vicinity of
a rising gas bubble. For bubbles typical of a vigorously bubbling fluidized bed he
showed the following:

1. Bubble gas stays with the bubble, recirculating very much like a smoke ring
and only penetrating a small distance into the emulsion. This zone of penetration
is called the cloud since it envelops the rising bubble.

Volume Fraction of LA
spht solids here ‘ Bubble
[4 = ¢
Bubble Emulsion K
Emulsion —~) d

[N O
o i o0, r?oo“
O
— b o ]
Crossflow, K \\‘) ( /
:’l;:

FIGURE 37. Two-phase model to represent the bubbling
fluidized bed.
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2. All related quantities such as velocity of rise, cloud thickness, recirculation
rate, arc simple functions of the size of rising bubble.

The surprising and important fact about these findings, shown in Fig. 38, is that
bubble gas is much more segregated from the emulsion than ever suspected.

The second important finding was the experimental observation by Rowe and
Partridge (1962) that each bubble of gas drags a substantial wake of solids up the
bed.

These two developments laid the foundation for a class of hydrodynaraic models
using bubble size as parameter, with all other quantities derived from bubble size.
We will briefly treat the first and simplest of these, the bubbling bad model of Kunii
and Levenspiel (1968) which assumes:

1. Bubbles are of one size and are evenly distributed in the bed.

2. Flow of gas in the vicinity of rising bubbles follows the Davidson model.

3. Each bubble drags along with it a wake of solids, creating a circulation of
solids in the bed, with upflow behind bubbles and downflow in the rest of the
emulsion.

4. The emulsion stays at minimum fluidizing conditions; thus the relative
velocity of gas and solid remains unchanged.

Based on these assumptions material balances for solids and for the gas give in turn

(upﬂow of solids\ (downﬂow of solids) (66)
with bubble ) - in emulsion

_ (upflow in upflow in)
(total throughflow of gas) = ( bubble ) (emulsion 67

Lot e
P .

-
-~

S

FIGURE 38. Sketch of an idealized gas
bubble incorporating Davidson’s gas mo-
tion and Rowe's wake.
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Letting

rise velocity of a single

tr = O.T1(&)™, b bble in a fluidized bed (€8)
en; = void fraction of the bed at minimum fluidizing conditions
« = volume of wake/volume of bubble
these material balances give:
Rise velocity cf bubbles, clouds, and wakes:
Uy = Uy — Upy + Uy, = U, — Uy, + 0.711(gd,)*? (69)
Bed fraction in bubbles:
! 5o Yo = (1 - 8 — ad)u,, o Yo = Uns (10)
uy u,
Bed fraction in clouds:
R ™
Bed fraction in wakes:
ad (72)
Bed fraction in downflowing emulsion including clouds:
1 —8—ad (73)
Downflow velocity of emulsion solids:
Uy = 1——%5};5 (74)
Rise velocity of emulsion gas:
u, = Yms U, (75)
€ms

Using Davidson’s theoretical expression for bubble-cloud circulation and the
Higbie theory for cloud-emulsion diffusion the interchange of gas between bubble
and cloud is then found to be

(volume of gas going from bubble /
to cloud and cloud to bubble )
(volume of bubble)

1/2,1/4
= 4.5(’-“1&;) + 5.85(%‘15—;{—)- a6,

Ky =
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and between cloud and emulsion

_ (interchange volume/sec)
~ (volume of bubbie)

~ 6.78(51"—’—%)"2 17

K.
e d(g

One surprising consequence of this model is its prediction that the gas flow in the
emulsion reverses and becomes downward at higher u,, or at u, > 3 ~ 1lu,,.
This prediction has been verified in recent years by a number of methods.

The above expressions show that if we know ¢, estimate «, and measure u,,
and u,, then all flow quantities and regional volumes can be determined 1n terms
of one parameter, the bubble size. Figure 39 then represents the model as visualized.
The application of this model to chemical conversion is simple and direct, and is
treated in Chapter 14.

Various other hydrodynamic models have been proposed recently, using other
combinations of assumptions such as:

Changing bubble size with height in the bed
Negligible bubble-cloud resistance
Negligible cloud-emulsion resistance
Nonspherical bubbles.

In all cases the underlying rationale for these hydrodynamic models rests on the
observation that beds with identical sohds and gas flow rates may develop either
large bubbles or small bubbles depending on distributor design, baffle arrangement,
etc., thus bubble size must enter as the primary parameter in the model. A

Uy
T Cloud and wake
Bubble | * Rest of

emuision

Could
be up™) Volume 5§ |B+adl 1-6-8
or down fraction

PN ~T> K.
S ;
T !
For emulsion upflow
T T T T T 7 Some gas enters
Uo u, here

FIGURE 39. Flow pattern in the fluidized bed according to the bubbling
bed model.
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consequence of this argument is that models which do not allow for different bubble
sizes at given imposed bed conditions certainly cannot be adequate.

The power of this class of model should be apparent. For example, even the
simplest of these-models, the one considered here, gives unexpected predictions
(e.g., that most of the gas in the bed may be flowing downward) which are sub-
sequently verified. More important still, this type of model can be tested, it can be
shown to be wrong, it can be rejected, because its one parameter, the bubble size,
can be compared with observation.

FINAL COMMENTS

Tracer experimentation is the most convenient tool for determining when deviations
from ideal flow are serious, and for handling these deviations. It gives conversion
predictions which hold rigorously for first-order reactions, but which only hold
approximately for other kinetics. Chapter 10 treats these nonlinear kinetics.

In well-operated equipment flow usually is close enough to ideal so that any
lowering in performance is a minor consideration. There are exceptions however,
particularly when product distribution is a factor. Large deviations from ideality
usually indicate some malfunctioning of the equipment such as channelling,
bypassing, etc.

In freely bubbling fluidized beds the gas flow normally deviates greatly from the
ideal. Unfortunately simple tracer methods are not too useful here. Nevertheless,
proper equipment design (baffles and distributor) can greatly reduce the undesirable
flow pattern of these beds.
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PROBLEMS

These are loosely grouped as follows:

Problems 1-20: General treatment and one parameter models
Problems 21-35: Devising and fitting multiparameter models

1. A specially designed vessel is to be used as a reactor for a first-order liquid
reaction. Since flow in this vessel is suspected to be nonideal, tracer tests are con-"
ducted and the following concentration readings represent the response at the
vessel outlet to a delta-function tracer input to the vessel inlet. What conversion



316 Ch.9 NONIDEAL FLOW

can we expect in this reactor if conversion in a mixed flow reactor employing the
same space time is 82.189%,.

Time ¢, sec 10 20 30 40 50 60 70 80
Tracer concentration{ 0 3 S S5 4 2 1 O
(arbitrary reading)

We suspect that the dispersion and tanks in series models are poor representations
of the flow pattern.

2. Fluid flows at a steady rate through 10 tanks in series. A pulse of tracer is
introduced 1nto the first tank, the time this tracer leaves the system 1s measured
giving

maximum concentration = 100 millimol/liter
tracer spread = 1 min
If 10 more tanks are connected in series with the original 10 tanks what would be

(@) The maximum concentration of leaving tracer?
(b) The tracer spread?

(¢) How does the relative spread change with number of tanks?

3. Find the number of tanks in series to represent the close-to-symmetrical E
curve of Fig. P14.

4. From a pulse input into a vessel the following output signal 1s obtained

Time, minutes |1 3 5 7 9 11 13 15
Concentration, |0 0 10 (0 10 10 0 O
(arbitrary)

N¥e want to represent the flow through the vessel with the tanks-in-series model.
Jsing the variance matching procedure determine the number of tanks to use.

5. We are receiving complaints of a large fish kill along the Ohio River, indicating
1at someone had discharged highly toxic matenal into the river. Our water
10nitoring stations at Cincinnati and Portsmouth Ohio (119 miles apart) report
1at a large slug of phenol 1s moving down the river and we strongly suspect that
1is 1s the cause of the pollution The slug took 9 hours to pass the Portsmouth
onitoring statton and 1ts concentration peaked at 8 a.m. Monday. About 24 hours
ter the slug peaked at Cincinnati, taking 12 hours to pass this monitoring station.

Phenol is produced at a number of locations on the Ohio River, and their
stance upriver from Cincinnati are as follows:

Ashland, Ky.—150 miles upstream Marietta, O.—303
Huntington, W.Va.—168 Wheeling, W.Va.—385

Pomeroy, 0.—222 Steubenville, 0.—425
Parkersburg, W.Va.—290 Pittsburgh, Pa.—500

hat can you say about the probable pollution source ?



PROBLEMS 317

6. Water is drawn from a lake, flows through a pump and passes down a long
pipe in turbulent flow. A slug of tracer enters the intake line at the lake, and 1s
recorded at two locations in the pipe L meters apart. The mean residence time of
fluid between recording points 1s 100 sec, and the spread in the two recorded
signals is

a,? = 800 sec?
2
- a,2 = 900 sec?

What would be the spread of a C curve for a section of this pipe, free from end
effects and of length L/5?

7. It1s known that the longer the tube the closer does flow approach plug flow.
As an indication of the lengths involved imagine fluid flowing in a tube 1 cm in
diameter. If we consider that an RTD similar to 10 tanks in series'approximates
plug flow find what length of tube gives plug flow under the following flow con-
ditions.

(a) A liquid (Sc = 1000) flows at Re, = 10, 10°, 10°.
(b) A gas (Sc = 1) flows at Re, = 10, 103, 10°.

8. Order the following setups with regard to the extent of their deviations from
plug flow. In all cases the vessel 1s 3 meters long and 3 cm 1n diameter.
(a) Empty tube, liquid flowing at Re, = 10,000
() Empty tube, gas flowing at Re, = 100,000
(c) Tube packed with 4 mm spheres, e = 0.4, Re, = 200

9. At present we are processing a gas stream 1n a laminar flow tubular reactor.
We plan to quadruple the processing rate (at fixed 7) and for this we have two
alternatives:

(a) quadruple the length of reactor leaving d, unchanged

(b) double the diameter of reactor leaving L unchanged
Compare the deviation from plug flow of these proposed larger units with that of
the present unit. Which scale-up would you recommend?
Data: Assume that the reactors are long enough for the dispersion model tc
apply, that laminar flow prevails in all these arrangements even though the
Reynolds number 1s rather high.

10. A “closed” vessel has flow for which D/ul. = 0 2. We wish to represent thi:
vessel by the tanks in series model. What value of N should we select?

11. A 12 m-length of pipe 1s packed with 1 m of 2-mm material, 9 m of 1 cm
material, and 2 m of 4-mm material. Estimate the variance 1n output C curve fo
this packed section 1f the fluid takes 2 min to flow through the section. Assukme ]
constant bed voidage and a constant intensity of dispersion given by D/ud, = 2

12. Let usintroduce a term called the length of a dispersion unit, and let this b
the length of vessel which provides the mixing equivalent to one ideal stirred tank
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(a) For a vessel long enough so that deviation from plug flow is small, find
the length of a dispersion unit.

(b) Find the length of a dispersion'unit for water flowing in a pipe at Reynolds
numbers of 5, 500, and 50,000.

(¢) Find the length of a dispersion unit for water and air flowing in a packed
bed at a particle Reynolds number of 100.

(d) What does the answer of part (c) suggest for a model for the actual mixing
process occurring in a packed bed.

13. Behavior of short laminar flow reactors. Consider laminar flow in a tubular
reactor which is so short that the dispersion model is not applicable. For this
situation prediction of behavior becomes very difficult, however we can still
estimate the poorest expected performance of such reactors. As an example take a
first-order reaction A — R with X, e = 0.99. Recalling for laminar flow that the
maximum velocity in the centerline of the pipe is twice the average velocity and
that this represents the smallest residence time in the reactor estimate the lower
bound to the expected conversion.

14. Behavior of short laminar flow reactors (continued). To sharpen the prediction
>f the previous problem note that laminar flow with no molecular diffusion (no
-adial mixing) has a RTD given by

P ford < 6 < oo

2 (78)
=0 elsewhere

the radial contribution to molecular diffusion greatly narrows this RTD leading
» the dispersion model behavior. Figure P.14 shows these two distributions.

" Since a wide distribution leads to a large deviation from plug flow the RTD of
d. 78 represents the poorest expected behavior of the reactor. For the reaction of
¢ previous problem determine the lower bound to the conversion and compare
}ur result with the result of the previous problem.

1

. RTD wath fully developed
molecular diffusion effect

E, Eq. 78|

Calculated RTD ignoring
all molecular diffusion

Il \-
[
1

) [}
| FIGURE Pl4. Laminar flow in circular tubes.
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15. The kinetics of a homogeneous liquid reaction are studied in a flow reactor,
and to approximate plug flow the 48 cm long reactor is packed with 5 mm nonporous
pellets. If the conversion is 999, for a mean residence time of 1 sec calculate the
rate constant for the first order reaction

(a) assuming that the liquid passes in plug flow through the reactor,
(b) accounting for the deviation of the actual flow from plug flow.
(c) What is the error in calculated k if deviation from plug flow is not
considered.
Data: Bed voidage e = 0.4
Particle Reynolds number Re, = 200

16. Tubular reactors for thermal cracking are designed on the assumption of
plug flow. On the suspicion that nonideal flow may be an important factor now
being ignored, let us make a rough estimate of its role. For this assume isothermal
operations in a 2.5-cm-i.d. tubular reactor, using a Reynolds number of 10,000 for
flowing fiuid. The cracking reaction is approximately first order. If calculations
show that 99%, decomposition can be obtained in a plug flow reactor 3 m long, how
much longer must the reactor be if nonideal flow is taken into account?

“17. A reactor has flow characteristics given by the non-normalized C-curve in
Table P17, and by the shape of this curve we feel that the dispersion or tanks-in-
series models should satisfactorily represent flow in the reactor.

TABLE P17
Time Tracer Concentration Time Tracer Concentration
1 9 10 67
2 57 ' 15 47
3 81 20 32
4 90 30 15
5 90 41 7
6 86 52 3
8 77 67 1

Y

(a) Find the conversion expected in this reactor, assuming that the dispersion
model holds.

(b) Find the number of tanks in series which will represent the reactor and
the conversion expected, assuming that the tanks-in-series model holds.

(¢) Find the conversion by direct use of the tracer curve.

(d) Comment on the difference in these results, and state which one you
think is the most reliable.
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Data: The elementary liquid-phase reaction taking place is A + B — products,
with a large enough excess of B so that the reaction is essentially first order. In
addition, if plug flow existed, conversion would be 999, in the reactor.

18. Repeat the previous problem with the following modifications. The elemen-
tary liquid-phase reactiop taking place is A + B — products, with equimolar
quantities of A and B fed into the reactor. If plug flow existed, conversion would
be 99%, in the reactor.

19. A pipeline 100 km long will be constructed to transport wine from a wine-
producing center to the distribution point. Red and white wine are to flow in turn
through this pipeline. Naturally, in switching from one to the other, a region of
vin rosé is formed. 1 he quantity of vin rosé 1s to be minimized since it is not popular
and does not fetch a good price on the market. B

(a) How does the pipeline size at given Reynolds number affect the quantity
of vin rosé formed 1n the switching operation?

(b) For fixed volumetric flow rate in the turbulent flow region, what pipe size
minimizes the vin rosé formed during the switching operation?

(c) Assuming that the pipeline 1s operating at present, what flow rate should
we select to minimize the formation of vin rosé?

20. Often a pipeline must transport more than one material. These materials are
then transported successively, and switching from one to another forms a zone of
contamination between the two flowing fluids Let A refer to the leading fluid and
let B refer to the following fluid in a 30-cm-1.d. pipe.

(a) If the average Reynolds number of the flowing fluids 1s 10,000, find the
10%,-90%, contaminated width 10 km downstream from the point of feed.

(b) Find the 10%,-99%, contaminated width at this location (10%,-99%, con-
tamination means allowing up to 10%, of B in A but only allowing 1%, of
A 1n B).

(¢) Find the 10%,-99%, contaminated width 160 km downstream from the
pont of feed.

(d) For a given flow rate, how does contaminated width vary with length of
pipe.

For additional readings see Petroleum Refiner, 37, 191 (March 1958).

21. Strongly radioactive waste fluids are stored in ‘“‘safe-tanks” which are
simply long small diameter (e.g., 20 m by 10 cm) shghtly sloping pipes. To avoid
sedimentation and development of ‘“‘hot spots,” and also to insure uniformity
before sampling the contents, fluid is recirculated 1n these pipes.

To model the flow in these tanks fluid 1s recirculated in a closed loop, a pulse of
tracer is introduced and the curve of Fig. P21 is recorded. Develop a suitable model
for this system and evaluate the parameters.
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l\t injection

Pass 1

Pass 16 Final

t
FIGURE P2l. RTD for a closed recirculating system.

22. Figures P22a and P22b show the results of tracer tests on two different
vessels using step inputs of tracer (switching from salt water to tap water). In both
cases v = 100 liters/min and V = 80 liters. Devise flow models to represent these
results.

23. (a) Devise a model to represent the flow in a vessel whose dimensionless

response to a step input of tracer 1s given 1n Fig. P23.
(b) To show that sometimes more than one flow model is consistent with a
given tracer curve try to develop a second model for this vessel.

24. (a) Sketch the main features of the expected C curve for the model of Fig.
P24.
(b) Repeat for a vessel 4 times as long (N = 40).

25. A tracer test is made on a vessel of volume V = 100 liters using a flow rate
of water of v = 100 liter/min The output to a pulse input is shown in Fig. P25
Devise a flow model for this vessel.

(a) (b)
FIGURE P22. FIGURE P23.
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va 20— _ l e »

V=6 v=02 v=02
A\ _/
g
N=10
FIGURE P24.

26. Conversion of 607, is found for the first-order gas-phase decomposition
A —2R

taking place in a flow reactor of volume ¥ = 100 cm?, using a flow rate v, = 100
cm®/min of feed consisting of 25%, A and 75%, inerts.

Before we can evaluate the rate constant for the reaction we must know how the
fluid flows through the reactor, and for this we make a tracer test as follows. We
introduce a 8-input during the reaction and we measure the output tracer con-
centration at various times. The result is shown in Fig. P25.

(a) Develop a flow model for this vessel.
(b) Determine the first-order rate constant for the reaction.

27. Gililand et al. (1953) report that the flow of tracer gas through their fluidized
bed (4, ~ 7.6 cm, L ~ 2 m) of catalyst particles is well fitted by the F curve of
Flg P27 with a slope of —1.5. Develop a model to represent this flow. Also show
in general how the values a and b are related to the parameters of the model and
are related to each other.

28. Given an F curve for two flow regions in series, one of which is an ideal
stirred tank of known size, show how to find the F curve for the other region.

Tracer concentration in outflowing fluid
100 (arbitrary units)

|
}
|
|
|
1 s | I
2 3

Time (min) after §-injection

FIGURE P25S.
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Slope = —b

Q-

FIGURE P27.

29. Develop flow models to represent the two sets of tracer curves of Fig. P29.

30. Under steady flow conditions and with sufficient agitation a S-liter experi-
mental reactor produces a polymer with the desired properties The fluid is rather
viscous and a batch experiment with a fluid of similar physical properties gives
a tracer curve for this reactor shown in Fig 32b.

In scaling up to semiworks operations in a 500-hter reactor we need the same
mntensity of agitation, and our first plan 1s to maintain the same power input per
unit volume of fluid. The tracer curve under these conditions 1s shown in Fig. 32a.
Is this sufficient agitation or not?

31. We suspect that the stirred tank reactor with the following accurate C curve
is not behaving ideally. Fit a flow model to this real reactor. The C curve was
obtained 1n the 100-Iiter reactor using a flow rate of 20 hiters flurd/min

6 |01 04 08 15 18 25 3.7 44 56 7.1
C, | 1.4 080 0.38 0.12 0.080 0040 0020 0.015 0.010 0.006

32. A%Tetrahydrocannabinol, or THC, 1s the major active component of
marthuana. When "C-labeled THC was administered intravenously into a human
1t persisted in the plasma as follows (Science, 170, 1320 (1970)):

Area 1
. —Width =1

Arbitrary C

-Area 2 =} (area 1)

3 53 ]
. [}

FIGURE P29.
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Time after Injection . Concentration of THC in Plasma

of THC from Radioactive Measurements
0 380
15 min 280
30 min 220
45 min 160
1 hr 125
2 hr 60
3 hr 45
6 hr 37
24 hr 30
48 hr 21
72 hr 16

(a) Fit these data with low model K of Fig. 33 and evaluate the parameters of
this model.

(b) As shown by the data, the sharp initial drop in concentration followed by
a slow decay suggests that THC 1s rapidly absorbed by the tissues, then
slowly released. If this is so, then model L is a more reasonable physical
representation of this phenomenon than model K. Fit model L to the
data and evaluate its parameters.

(¢) Compare for this case, and in general, the parameters of these two models.

33. If the temperature of a reactor is changed the rate constant of the reaction
will vary and different converstons will be obtained, all at given space-time.
Suppose that conversion experiments of this kind (vary k at constant 7) are run in
a particular reactor with a first-order reaction, and a plot of the resulting C,/Cyo
versus kr data show an initial slope of —2/3 followed by an exponential decay to a
limiting value of C,/C,o = 0.25 at high k7. Develop a model to represent the flow
in this reactor.

34. Suppose that the following values
Ca
Cho
kr 1084 0.73 0.60 047 036 0.28 0.24 0.22 0.20

0.5 1 2 4 8 18 38 98 eo)

represent the data for the experiment of the previous problem. Find a satisfactory
model to represent the flow in this reactor.

35. Misfortune has befallen us! We planned to repaint our reactor; however,
just as the last speck of paint was scraped off by the two chemical engineering
students in our summer trainee program, the whole unit collapsed into little flakes
of rust. Fortunately there was little damage, though it is a pity that those two nice
boys disappeared completely. I always suspected that that stuff was corrosive.
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Leaving sentiment aside, I wish to point out that shutdowns are costly, so we don’t
want this to happen again.

We are not operating on a shoestring any longer and can afford to replace this
reactor by a commercial unit for which mixed flow is guaranteed. I am sure,
however, that it does not have (o be as large as our last unit. Ours may have been
somewhat inefficient since we used a salvaged gasoline tank for the reactor and an
outboard motor for the mixer, and had the inlet and overflow pipes close to each
other. What size of commercial unit should we order so that the conversion will be
identical to that in the old umit?

Here is all the information available on the unit, including results of the experi-
ments by those two nice boys made with large bottles of India ink, a flashlight, and
a photographer’s exposure meter. Perhaps you can figure out what they were up to.
Data:

Reactor: Cylindrical tank about 6 m long with 30 m? of usable volume.

Reaction: Elementary second order, equimolar feed, 609, conversion.

Flow rate: 750 liters feed/min.

A large bottle of India ink evenly distributed throughout the reactor gives a con-
centration reading of 100, and one bottle was used for each experiment.

Concentration of Ink

Time, min at Reactor Outflow
0-20 sec Rapid fluctuations with
jumps up to 5000
10 90
20 55
30 35
40 20

50 10
60 7
80 3
100 1
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MIXING OF
FLUIDS

The problem associated with the mixing of fluids during reaction is important for
extrenely fast reactions in homogeneous systems, as well as for all heterogeneous
systems This problem has two overlapping aspects: first the degree of segregation
of the fluid, or whether mixing occurs on the microscopic level (mixing of individual
molecules) or the macroscopic level (mixing of clumps, groups, or aggregates of
molecules), and second the earliness of nuxing, or whether fluid mixes early or late
as it flows through the vessel.

first consider the degree of segregation of a fluid, and for convenience let us
efine terms to represent the extremes n segregation of a fluid. For this suppose
that liquid A 1s available in two forms as shown in Fig 1. In the first form the hiquid
1s as we normally imagine it, with individual molecules free to move about and
collide and interinix with all other molecules of the hiquid Let us call such a liquid
a nucrofluid. In the second form hquid A 1s available in a large number of small

l Microflud "
—— ) —

Individual molecules are free
to move about and intermix

S M‘acroflusd

Molecules are kept
grouped together in

aggregates or packets
FIGURE |. Flow of idealized microfluid and macrofluid. Tracer
measurements cannot distinguish between them; however, for chemical
reactions these fluids may behave differently.

326
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sealed packets, each containi‘ﬁg a large number, say about 102 to 102 of molecules
Let us call this type of liquid a macrofluid.

A fluid that does not exhibit these extremes in behavior 1s called a partially
segregated fluid. A microfluid exhibits no segregation and a macrofluid exhibits
complete segregation, but a real fluid exhibits segregation to a lesser or greater
extent, depending on its properties and the kind of mixing which 1s taking place

Next consider the earliness of mixing. In general numerous flow patterns, some
with earlier mixing, others with later mixing, can give the same residence time
distribution (RTD) through the vessel, thus this factor also enters the picture

In essence then, degree of segregation concerns mixing on the molecular scale,
while earliness of mixing concerns the gross flow pattern through the vesscl

Since the degree of segregation and the earliness of mixing can influence the
performance of the reacting systems, both with respect to product distribution and
capacity, we should like to know which form of mixing 1s advantageous, and which
to promote. We do this by considering the micro and macrofluid extremes as well
as earhiest and latest mixing. This treatment is followed by a brief outhine of recent
attempts at modeling the intermediate situation of partial segregation

In our development we first treat systems in which a single fluid 1s reacting and
then systems in which two fluids are contacted and reacted.

SELF-MIXING OF A SINGLE FLUID

Degree of Segregation

The normally accepted state of a hquid or gas 1s that of a microfluid, and all
previous discussions on homogeneous reactions have been based on the assumption.
Let us now consider a single reacting macrofluid being processed 1n turn in batch,
plug flow, and mixed flow reactors, and let us see how this state of aggregation can
result 1in behavior different from that of a microfiuid.

Batch Reactor. Let the batch reactor be filled with a macrofluid containing
reactant A. Since each aggregate or packet of macrofluid acts as 1its own little batch
reactor, conversion 1s the same 1n all aggregates and is in fact identical to what
would be obtained with a microfluid. Thus for batch operations the degree of
segregation does not affect conversion or product distribution

Plug Flow Reactor. Since plug flow can be visualized as a flow of small batch
reactors passing in succession through the vessel macro and microfluids act alike
Consequently the degree of segregation does not influence conversion or product
distribution 1n any way.

Mixed Flow Reactor. When a microfluid containing reactant A 1s treated as 1n
Fig. 2, the reactant concentration everywhere drops to the low value prevailing in
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—_—

I:?\ N Macrofluid
St /
N

Individual molecules lose their Each aggregate retains its identity
identity, and reactant and acts as a batch reactor;
concentration in uniform reactant concentration vanes from
throughout aggregate to aggregate

FIGURE 2. Difference in behavior of microfluids and macrofluids in
mixed flow reactors.

the reactor. No clump of molecules retains its high initial concentration of A. We
may characterize this by saying that each molecule loses its identity and has no
determinable past history. In other words, by examining its neighbors we cannot
tell whether a molecule is a new-comer or an old-timer in the reactor.

For this system the conversion of reactant is found by the usual methods for
homogeneous reactions, or

_ (=r)V
X, = _FAO (5.11)

or, with no density changes,

Ca (=ra)i

1
Cro Cro “

where 7 is the mean residence time of fluid in the reactor.

When a macrofluid enters a mixed flow reactor, the reactant concentration in
the aggregates does not drop immediately to a low value but decreases in the same
way as it would in a batch reactor. Thus a molecule in a macrofluid does not lose
its identity, its past history 1s not unknown, and its age can be estimated by
examining its neighboring molecules.

To determine the performance equation for the macrofluid in a mixed reactor
imagine first of all the millions upon millions of little equal-size aggregates of
macrofluid, batch reactors all, churning about in the vessel. The extent of reaction
in each aggregate depends only on its length of stay in the reactor and the kinetics
of the reaction. This also holds for any aggregate in the exit stream. Thus the
fraction of reactant unconverted in the exit stream is obtained by determining the
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extent of reaction in all the leaving aggregates. Thus we may write for the exit
stream as a whole

fraction of reactant fraction of exit

fraction of remaining in an stream consisting
reactant | = aggregate of age of aggregates of )
unreacted all aggregates between ¢ and age between ¢
stresm t+ At and t + At

Since the RTD of aggregates in the reactor 1s given by the exit age distribution
function as defined in Chapter 9, Eq. 2 becomes

LY T .CA)
. XA—gf:_JO (CAO batchEd’ (3)

For mixed reactors the exit age distribution function is known. Thus from Chapter
9 the fraction of the exit stream that has an age between 7 and ¢ + dt 1s

—_ v -vt/V — e—“E
Edt = 7A4 dt = F dt 4)
Replacing Eq. 4 in Eq. 3 gives
—~ X, = _g—i = * __A_) gﬁ
: X = Cao B J; (CAO vaten £ d (5)

This is the general equation for determining conversion of macrofluid in mixed
reactors and 1t may be solved once the kinetics of the reaction 1s given. Consider
various reactton orders.

For a first-order reaction, the expression for batch operations, found in Chapter 3,

E_A_) - okt
(CAO batch ¢ ©)

1s applicable to the conversion in any single aggregate. On replacing into Eq. 5 we
obtain

EA_ = lfm e~ Kte=tit gy

Cro 1o
which on integration gives the expression for conversion of a macrofluid in a mixed
reactor

@
>

(7

O
>
o
+
oy
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This equation 1s identical with that obtained for a microfluid; for example, see
Eq. 6.5. Thus we conclude that the degree of segregation has no effect on con-
version for first-order reactions.

For a second-order reaction of a single reactant 1n a batch reactor Eq. 3.16 gives

&) =1
(CAO batch - 1 + CAokf (8)
On replacing into Eq. 5 we find

C © —tif

Cr 1 i dt

Cro  TJo 1T+ Cprokt

and by letting o = 1/C,ok? and converting into reduced time unus 6 = ¢/f, this
expression becomes

6A N @ e-(a+9) _ o

-C—A~0—ae J; c‘+ed(ct-’r-0)—0{(3‘61(0:) )

This 1s the conversion expression for second-order reaction of a macrofluid in a
mixed reactor. The integral, represented by ei(«) or — Ei( —«), 1s called the exponen-
tial integral. 1t 1s a function alone of «, and 1ts value 1s tabulated in a number of
tables of integrals. This equation may be compared with the cor'-sponding
expression for microfluids,

Ca ]
Cro 1 + Cuki (10)

For an nth-order reaction the conversion in a batch reactor can be found by the
methods of Chapter 3 to be

(&), = 1+ = ncas ke (1
Cao/ vatch

Insertion into Eq S gives the conversion for an nth-order reaction of a macrofluid.

Figures 3 and 4, (and also Fig 6) illustrate the difference i performance of
macroflmids and microfluids m mixed flow reactors and they show clearly that a
rise tn segregation tmproves reactor performance for reaction orders greater than
unity but lowers performance for reaction orders smaller than unity. Table 1
summarizes the relationships used m preparing these charts. Greenhalgh et al.
(1959) give an alternate presentation of these charts.

Early and Late Mixing of Fluid

Each flow pattern of flurd through a vessel has associated with 1t a definite clearly
defined residence time distribution (RTD), or exit age distribution function E.
The converse 1s not true, however. Each RTD does not define a specific flow pattern,
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FIGURE 3. Comparison of performance of a mixed flow reactor with a plug
flow reactor, both treating a microfluid with nth-order kinetics and ¢, = 0.

hence a number of flow patterns, some with earlier, others with later mixing of
fluids may be able to give the same RTD.
Let us evaluate the range of behavior for these different RTD’s.

Idealized Pulse RTD. Reflection shows that the only pattern of flow consistent
with this RTD is one with no intermixing of fluid of different ages, hence that of
plug flow. Consequently it is immaterial whether we have a micro or macrofluid.
In addition the question of early or late mixing of fluid is of no concern since there
is no mixing of fluid of different ages.

Exponential Decay RTD. The mixed flow reactor can give this RTD. However
other flow patterns can also give this RTD; for example, a set of parallel plug flow
reactors of proper length, a plug flow reactor with sidestreams, or a combination
of these. Figure 5 shows a number of these patterns. Note that in patterns g and b
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FIGURE 4. Comparison of performance of a mixed flow reactor with a plug
flow reactor, both treating a macrofiuid with nth-order kinetics and e, = 0.

entering fluid elements mix immediately with material of dxﬂ"crent ages, while in
patterns ¢ and 4 no such mixing occurs.

Now by definition of a macrofluid the mixing on a molecular level occurs late
(not at all) for all these flow patterns. On the other hand, for microfluids the earliest
possible mixing is obtained with patterns a and b, but the latest possible mixing 1s
obtained with patterns ¢ and d. Thus conversion for macrofluids (all cases) and for
microfluids with the latest possible mixing will be identical and given by Eq. S,
while conversion for microfluids with earliest possible mixing will be given by the
ordinary mixed reactor performance equation, Eq. 1 or 5.13.

Arbitrary RTD. In extending this argument we see that when the RTD is close
to that of plug flow then the state of segregation of fluid as well as early or late
mixing of fluid has little effect on conversion. However, when the RTD approaches
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% ; Mixed flow ~
«t
Set of parallel
lug flow
(a) plue (c)
Side leaving
/ plug flow
'3

I HHlDA

Side feeding
plug flow
(b) (d)

FIGURE 5. Four contracting patterns which can all give the
same exponential decay RTD. Cases a and b represent the earliest
possible mixing while cases ¢ and d represent the latest possible
mixing of fluid elements of different ages.

the exponential decay of mixed flow then the state of segregation and earliness of
mixing become increasingly tmportant.

For any RTD one extreme in behavior 1s represented by the macrofluid and the
latest mixing microfluid, and Eq. 3 gives the performance expression for this case.
The other extreme is represented by the earliest mixing microfluid. The performance
expression for this case has been developed by Zwietering (1959) but is difficult to
use. Also see Weinstein and Adler (1967) for a general treatment of these extreme
cases in terms of the flow patterns of Fig. 5b and 5d.

Although these extremes give the upper and lower bound to the expected
conversion for real vessels, 1t 1s usually simpler and preferable to develop a model
to reasonably approximate the real vessel and then calculate conversions from this
model. This is what actually was done in developing Fig. 9.23 for second-order
reaction with axial dispersion.

Summary of Findings for a Single Fluid

1. Factors affecting the performance of a reactor. In general we may write

R kinetics, RTD, degree of segregation,
Performance: X, or ¢(2) =f ( earlinessgof mixini ¢ ) (12)
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2. Effect of kinetics, or reaction order. Segregation and earliness of mixing
affect the conversion of reactant as follows

FOI‘ n>1... Xmuro and Xmicro.lnp > ancro.nrly

For n < 1 the inequality is reversed, and for n = 1 conversion is unaffected by
these factors. This result shows that segregation and late mixing improves con-
version for n > 1, and decreases conversion for n < 1.

3. Effect of mixing factors for nonfirst-order reactions. Segregation plays no
role in plug flow; however, it increasingly affects the reactor performance as the
RTD shifts from plug to mixed flow.

Earliness of mixing plays no role for macrofluids in any flow and for plug flow
of any fluid; however, it increasingly affects performance as the RTD approaches
mixed flow and as microfluid behavior is approached.

4. Effect of conversion level. Atlow conversion levels X is insensitive to RTD,
earliness of mixing, and segregation. At intermediate conversion levels, the RTD
begins to influence X, however earliness and segregation still have little effect.
This is the case of Example 1. Finally at high conversion levels all these factors may
play important roles.

5. Effect on product distribution. Although segregation and earliness of mixing
can usually be ignored when treating single reactions, this often is not so with
multiple reactions where the effect of these factors on product distribution can be
of dominating importance, even at low conversion levels.

As an example consider free-radical polymerization. When an occasional free
radical is formed here and there in the reactor it triggers an extremely rapid chain
of reactions, often thousands of steps in a fraction of a second. The local reaction
rate and conversion can thus be very high. In this situation the immediate sur-
roundings of the reacting and growing molecules, hence the state of segregation of
the fluid, can greatly affect the type of polymer formed.

EXAMPLE I. Effect of segregation and earliness of mixing on conversion

A second-order reaction occurs in a reactor whose RTD is given in Fig. E1. Calculate
the conversion for the flow schemes shown in this figure. For simplicity take C, = 1
k = 1, and » = 1 for each unit.

SOLUTION
Scheme a. Referring to Fig. Ela, we have for the mixed reactor
rm1=2 -G _1-G
kC? C,?
or
-1+ vV1i+4

C = — = 0.618
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Exponential decay

———

Microfiuid Macrofiuid

To approximate the

[ Irmnaivmec exponential decay
T — RTD

(c)

FIGURE El. (a) Microfluid, early mixing at molecular level.
(b) Microfluid, fairly late mixing at molecular level. (c) Microfluid,
late mixing at molecular level. (d) Macrofluid, early mixing of
elements. (e) Macrofluid, late mixing of elements.

For the plug flow reactor

I VAR
TRl e T kG T G
or

Micro-early: C; = -—C‘— = 26—18 = 0.382

Scheme b. Referring to Fig. E1b, we have for the plug flow reactor

- _[hdC _ 1 _
~ Jeo kC? T C
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or

Ci =0.5
For the mixed reactor

Lo G- _0s-q
=+ 7 kC33 - ford

or
Micro-fairly late: Cz = 0.366

Schemes c, d, and e. From Fig. 9.29 the exit age distribution function for the two
equal-size reactor system is

E¢ = 2e* % when 0 > %
=0, when § < %

or

2 t
= S pl-uf -
E fe , when1>}

=0, when-; < %
Thus Eq. 3 becomes

® 1 2 1 -2
C‘fml o7 L

With the mean residence time in the two-vessel system f = 2 min, this becomes

@ pl-t
c=f € dr
1 1+ ¢

and replacing 1 + ¢ by x we obtain the exponential integral

w p2-x @ -x
c=_[ ¢ dx=e‘f € dx = e%i(2)
2 pd 2 X

From a table of integrals we find €i(2) = 0.04890 from which
Micro-late, and macro-late or early: C = 0.362

The results of this example confirm the statements made above, that macrofluids and
late mixing microfluids give bigher conversions than early mixing microfluds for
reaction orders greater than unity. The difference is small here because the conversion
levels are low; however, this difference becomes more important as conversion
approaches unity.

Models for Partial Segregation

Numerous ways have been suggested for treating intermediate amounts of segrega-
tion. Briefly some of these are as follows:
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Intensity of Segregation. Danckwerts (1958) pictured that in partial segregation
molecules of different ages and compositions intermixed and diffused to some
extent from aggregate to aggregate. He assurned however that the fluctuations in
composition caused by these intruders within an aggregate quickly evened out so
that a probe would only measure the mean age or composition of the aggregate.
On this basis he defined the intensity of segregation of fluid in a vessel as

variation in average ages
2 2
Of aggregates —_ aamons aggregates = onmonl aggregates (13)

"~ variation in ages of the 02, recules [ea-iEa
individual molecules °

With this definition the upper limit for J is unity for a macrofluid and any RTD.
The lower limit is zero for a microfluid in mixed flow. For any other RTD the
lower limit for a microfluid lies between zero and one depending on the RTD.
Note that with this definition J is not an independent measure of the degree of
segregation since it accounts for the RTD as well. Also earliness of mixing must be
known before conversions can be determined with this definition.

Instead of ages we could measure compositions of components and thereby
extend this measure to the degree of segregation of separate fluid streams. For
further readings on this whole approach to partial segregation see Danckwerts
(1957, 1958), Zwietering (1959), and Rippin (1967). Unfortunately it has been hard
to apply these 1deas to real systems.

With a simple and artificial example problem P10 illustrates this definition.

Coalescence Model. Curl (1963) proposed a different measure of partial seg-
regation based on the model of dispersed phase droplets flowing through an ideal
stirred tank. Suppose a reaction takes place in these droplets. Then if droplets
do not coalesce they will all have different concentrations and this phase will act
as a macrofluid. On the other hand if the droplets do coalesce and disperse their
compositions will become increasingly alike and this phase will approach microfiuid
behavior. The coalescence parameter of this model is thus

experienced by a drop passing
through the vessel

average number of coalescences
I = (14)

and with this definition
I—0 represents a macrofluid
I— oo represents a microfluid

Spielman and Levenspiel (1965) showed how the conversion could easily be
obtained from this model by using a modified Monte Carlo procedure. Their curves
for partial segregation for zero- and second-order kinetics are shown in Fig. 6.
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FIGURE 6. Comparison of performance of mixed reactors treating coales-
cing (partially segregated) fluids and microfluids; for zero- and second-order reac-
tions and £, = 0.

They also emphasize the versatility of this procedure, that it can be used for any
kinetics, for single and multiple reactions, for multiple ieed streams, and for any
RTD. Recently Rao and Dunn (1970) used the Monte Carlo approach for reaction
of single and separate side by side feed streams in dispersed plug flow.
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Two-environment Models. In their model Ng and Rippin (1965) view a reactor
with arbitrary RTD as consisting of clumps of unmixed nlet fluid (entering environ-
ment) and already mixed fluid (leaving environment). In addition they propose the
following possible mechanisms by which fluid moves from one environment to the
other.

(a) The rate of transfer is proportional to the amount of material remaining in
the inlet environment.

(h) The rate of transfer 1s proportional to the concentration difference between
environments.

These mechanisms reflect in turn turbulent and diffusional transfer. For arbitrary
RTD this model still does not account for earliness of mixing.

Suzuki (1970) proposed a somewhat similar model except that the clumps of inlet
fluid shrink at a rate depending on their size and on the energy input provided by
the stirrer. With this model conversion calculations for a mixed reactor are not
difficult to perform. To visualize this model imagine large ice cubes (entering
environment) entering a ‘essel and then shattering and melting to form water
(leaving environment). The exit stream then consists of water and partially melted
ice cubes of all sizes.

Applications and Extensions. Let us estimate how long an element of ordinary
fluid retains its identity. birst of all large elements are broken into smaller elements
by the turbulence generated by stirrers, baffles, ete. and mixing theory estimates the
time needed for this breakup.

Small elements lose their identity by the action of molecular diffusion, and the
Einstein random walk equation estimates this time as

_ (s1ze of element)®  dZoment
( diffusion 7
coeflicient

Thus an element of water 1 micron in size would lose its identity 1n a very short
time, approximately

(10-* cm)?

=
1075 cm?/sec

= 1073 sec
while an element of viscous polymer 100 microns in size and 1000 times as viscous
as water would retain its 1dentity for a long time, roughly

(10~2cm)?

t = ————"— = [0*sec x~ 3 hrs
108 cm?/sec
In general then ordinary fluids behave as microfluids except for very viscous

materials and for systems 1n which very fast reactions are taking place.
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The concept of micro- and macrofluid is of particular importance in- hetero-
geneous systems because one of the two phases of such systems usually approximates
a macrofiuid. For example, the solid phase of fluid-solid systems can be treated
exactly 7, a macrofluid because each particle of solid is a distinct aggregate of
molecules. For such systems, then, Eq. 3 with the appropriate kinetic expression is
the starting point for design. As another example, the dispersed phase of a liquid-
liquid system is partially segregated. This segregation rises as drop coalescence is
depressed. The coalescence model of Curl’s for partial segregation is directly
applicable here.

In the chapters to follow we apply these concepts of micro- and macrofluids to
heterogeneous systems of various kinds.

MIXING OF TWO MISCIBLE FLUIDS

Here we cansider one topic, the role of the mixing process when two completely
muscible reactant fluids A and B are brought together. The mixing of two fluids,
when these are immiscible, is a proper subject for study in the chapters on hetero-
geneous reactions; therefore discussion of such systems will be left for the following
chapters.

When two miscible fluids A and B are mixed, we normally assume that they first
form a homogeneous mixture which then reacts. However, when the time required
for A and B to become homogeneous is not short with respect to the time for
reaction to take place, reaction occurs during the mixing process, and the problem
of mixing becomes important. Such is the case for very fast reactions or with very
viscous reactant fluids.

To help understand what occurs imagine that we have A and B available, each
first as a microfluid, and then as a macrofluid. In one beaker mix micro A with

Mixing on molecular level, Only aggregates intermix,
reaction occurs no reaction occurs

FIGURE 7. Difference in behavior of microfluids and macrofiuids
in the reaction of A and B. ®
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FIGURE 8. Partial segregation in the mixing of two miscible fluids in a reactor.

micro B and in another beaker mix macro A with macro B and let them react.
What do we find? Micro A and B behave in the expected manner, and reaction
occurs. However, on mixing the macrofluids no reaction takes place because
molecules of A cannot contact molecules of B. These two situations are illustrated
in Fig. 7. So much for the treatment of the two extremes in behavior.

Now a real system acts as shown in Fig. 8 with regions of A-rich fluid and
regions of B-rich fluid.

Though partial segregation requires an increase in reactor size, this is not the
only consequence. For example, when reactants are viscous fluids, their mixing in a
stirred tank or batch reactor often places layers or “streaks’ of one fluid next to
the other. As a result reaction occurs at different rates from point to point in the
reactor giving a nonuniform product which may be commercially unacceptable.
Such is the case in polymerization reactions in which monomer must be intimately
mixed with a catalyst. For reactions such as this, proper mixing is of primary
importance and often the rate of reaction and product uniformity correlate well
with the mixing energy input to the fluid.

For fast reactions the increase in reactor size needed because of segregation is
unimportant; however, other side effects become important. For example, if the
product of reaction is a solid precipitate, the size of the precipitate particles may be
influenced by the rate of intermixing of reactants, a fact that is well known from the
analytical laboratory. As another example, hot gaseous reaction mixtures may
contain appreciable quantities of a desirable compound because of favorable
thermodynamic equilibrium at such temperatures. To reclaim this component the
gas may have to be cooled. But, as is often the case, a drop in temperature causes
an unfavorable shift in equilibrium with essentially complete disappearance of
desired material. To avoid this and to “freeze” the composition of hot gases,
cooling must be very rapid. When the method of quenching used involves mixing
the hot gases with an inert cold gas, the success of such a procedure is primarily
dependent on the rate at which segregation can be destroyed. Finally the length,
type, and temperature of a burning flame, the combustion products obtained, the
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noise levels of jet engines, and the physical properties of polymers as they are
affected by the molecular weight distribution of the material are some of the many
phenomena or end results of phenomena that are closely influenced by the rate and
intimacy of fluid mixing.

Product Distribution in Multiple Reactions

When multiple reactions take place on mixing two reactant fluids and when these
reactions proceed to an appreciable extent before homogeneity is attained, segrega-
tion is important and can affect product distribution.

Consider the homogencous-phase competitive consecutive reactions

A +B-XR
. (15)
R+B—>S

occurring when A and B are poured into a batch reactor. If the reactions are slow
enough so that the contents of the vessel are uniform before reaction takes place,
the maximum amount of R formed is governed by the k,/k, ratio. This situation,
treated in Chapter 7, is one in which we may assume microfluid behavior. If,
however, the fluids are very viscous or if the reactions are fast enough, they will
occur in the narrow zones between regions of high A concentration and high B
concentration. This is shown in Fig. 9. The zone of high react.on rate will contain a

High-reaction-rate zone
containing a high
concentration of R

FIGUREY. When reaction rate
is very high, zones of nonhomo-
geneity exist in a reactor. This
condition is detrimental to ob-
taining high ylelds of intermediate
R from the reactions

A+B—-R
R+B-—>S
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higher concentration of R than the surrounding fluid. But from the qualitative
treatment of this reaction in Chapter 7 we know that any nonhomogeneity in A
and R will depress formation of R. Thus partial segregation of reactants will depress
the formation of intermediate.

For increased reaction rate, the zone of reaction narrows, and in the limit, for an
infinitely fast reaction, becomes a boundary surface between the A-rich and B-rich
regions. Now R will only be formed at this plane. What will happen to it ? Consider
a single molecule of R formed at the reaction plane. If it starts its.random wander-
ings (diffusion) into the A zone and never moves back into the B zone, it will not
react further. However, if it starts off into the B zone or if at any. time during its
wanderings it moves through the reaction plane into the B zone, it will be attacked
by B to form S. Interestingly enough, from probabilities associated with a betting

Fast reaction Infiitely fast reaction
(some R hrmed) : (no R formed)
A-nch \ B-rich
A-tich fegion
100

\\Xw%\mm z0ne m Reaction plane

Reaction zone
is a plane
B-nch
region

A ndl %/ A-nch
/ regron

%%

e

Concentration

Distance Distance

FIGURE 10. Concentration profiles of the components of the
reactions

A+8B-R

R+B—S

at a representative spot in the reactor between A-rich and B-rich fluid
for a very fast and for an infinitely fast reaction.
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game treated by Feller (1957), we can show that the odds in favor of a molecule of
R escaping from the B zone become smaller and smaller as the number of diffusion
steps taken by a molecule gets larger and larger. This finding holds, no matter
what pattern of wandcrings 1s chosen for the molecules of R. Thus we conclude
that no R 1s formed. Looked at from the point of view of Chapter 7, an infinitely
fast reaction gives a maximum nonhomogeneity of A and R in the mixture, resulting
in no R being formed. Figure 10 shows the concentration of materials at a typical
reaction interface and illustrates these points.

This behavior of multiple reaction could provide a powerful tool in the study of
partial segregation in homogeneous systems. It has been used recently by Paul and
Treybal (1971) who simply poured reactant B into a beaker of A and measured the
amount of R formed for a very fast reaction of Eq. 15.

These observations on the extremes in behavior serve as a guide to the selection
and design of equipment favoring the formation of intermediate when reaction is
very fast. The important point 1s to achieve homogeneity in A and R throughout
the reaction mixture before reaction has proceeded to any significant extent. This is
done

(a) By making the reaction zone as large as possible by vigorous mixing.
(h) By dispersing B in A in as fine a form as possible, rather than A in ™
(¢) By slowing the reaction.

The intermixing and reaction of separate streams, such as shown in Fig. 86 is
treated by Rao and Dunn (1970), and Rao and Edwards (1971), and the related
problem of separate feeds, each with its particular RTD, 1s treated by Treleaven
and Tobgy (1971).
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PROBLEMS

1. For a first-order reaction with ¢ = 0 show that the performance equations
for a macrofluid in plug flow (Eq. 3) and a microfluid in plug fiow (Eq. 5.21) are
identical.

2. Devise a sketch to illustrate the difference in performance of second-order
reactions as a function of RTD, degree of segregation, and earliness of mixing.

3. Derive the expression given in Table 1 for the zero-order reaction of a macro-
fluid in a mixed flow reactor. As first shown by Rietema (1958) zero-order reactions
may approximate the conversion behavior of high concentration droplets reacting
with a continuous phase under conditions where mass transfer between phases
controls.

4. Find the expression for conversion of a macrofluid in two equal-size mixed
reactors for a zero-order reaction. If conversion is 99%, for the microfluid, what is 1t
for a macrofluid having the same reaction rate?

S. Repeat the previous problem for a second-order reaction.

6. Dispersed noncoalescing droplets containing reactant A pass through 3 ideal
stirred tanks in series. The mean holding time in each tank is 1.5 hr and the rate
constant for the first-order decay reaction is 0.1 min. Find the fractional conversion
of A in the exit stream from the three reactors.

7. For an infinitely fast reaction

A +B-X>R
R + B25§

select any model for the diffusion of R from the reaction surface between A-rich
and B-rich regions and show what fraction of a given batch of molecules of R
formed at the interface still remain unreacted after 5, 10, and 15 diffusion steps.
Plot this curve. Does the result seem to confirm the statement, made in this chapter,
that in the limit, for an infinitely fast reaction, no intermediate R is obtained.
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8. In the presence of a catalyst, reactant A decomposes with first-order kine
as follows:

L3 k
catalyst catalyst

Reactant A and catalyst are introduced separately into a mixed reactor; A foi
the dispersed phase while the catalyst is introduced in the continuous phase.
(a) Assuming a uniform composition within each droplet of dispersed ph.
no movement of A or R into the continuous phase, and identical ¢
centration of catalyst within all the droplets, determine how the react
proceeds and determine the expected Cg max- ’
(b) How does this compare with the setup in which reactant A forms
continuous phase while catalyst forms the dispersed phase.

9. Repeat the previous problem with the following change. The catalys
replaced by reactant B and*the reaction is

A+ B2 R
R + B4 s

with elementary second-order kinetics.

10. Figure P10 represents three different groupings of material in a contint
flow reactor containing just 16 molecules.
(a) Determine the intensity of segregation J for each of these cases.
(b) What do these three cases represent in terms of the extent of segregatic
fluid ? !
11. Substrate (Cpo = 2 mol/liter) and enzyme (Cgo = 0.001 mol/liter) are it
duced into a batch reactor. They react, conversion 1s 90%, 1n 4.1 minutes, anc
rate equation which represents this behavior is found to be

CEOC,L mol
I + C, Iiter-min

—r, = 103

Numbers represent the
Aggregate ages of the molecules

FIGURE Plo0.
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+ plan to build and operate a mixed flow reactor using a continuous feed of
wtrate (Cpo = 2 mol/hiter) with enzyme (Cro = 0.001 mol/liter).

(@) What should be the space-time 7 to achieve 907 conversion of substrate?
2 reactor has been ordered for this = value, and 1s presently being assembled
the meantime, we have been informed of the following disturbing fuct. The
yme s not dispersed on a molecular scale in the solution, as we had awumed,

1s present in fincly dispersed but distinct floes or clumps So, although ow
;ulations were based on microfiuid behavior, the enzyme in fact 1s a macrofluid.

(5) On the basis of this new mformation, what conversion can we eapect 1n

the reactor system presently being built ?



INTRODUCTION TO
DESIGN FOR
HETEROGENEOUS
REACTING SYSTEMS

These final chapters treat the kinetics and design of chemical reactors for hete:
geneous systems of various kinds, each chapter considering a different system (:
Chapter 1 for discussions of heterogeneous and homogeneous systems). For the
systems there are two complicating factors that must be accounted for beyo
what is normally considered in homogeneous systems.

|. The complications of the rate equation. Since more than one phase
present, the movement of material from phase to phase must be considered in {
rate equation. Thus the rate expression in general will incorporate mass trans
terms in addition to the usual chemical kinetics term. These mass transfer terms :
diferent in type and numbers in the different kinds of heterogeneous systen
hence no single rate expression has general application.

2. The contacting patterns for two-phase systems. In homogeneous syste
we considered two ideal flow patterns of the reacting fluid, plug and mixed flo
In ideal contacting of heterogeneous systems, each fluid may be in plug or mix
flow. Thus many combinations of contacting patterns are possible. On top of tt
if one of the phases is discontinuous, as are droplets or solid particles, its maci
fluid characteristics will have to be accounted for. Thus each of the many methc
of contacting of two phases has associated with it a specific form of performar
equation which must be developed for that particular contacting pattern.
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This chapter considers some of the aspects of these two factors, rate and con-
tacting pattern, as they affect the treatment of heterogeneous systems of all types.

-

RATE EQUATION FOR HETEROGENEOUS REACTIONS

[n general the rate equation for a heterogeneous reaction accounts for mote than
one process. This leads us to ask how such processes inwolving both physical
:ransport and reaction steps can be incorporated into one overall rate expression.
The problem of combining rates for different processes is met in conductive heat
ransfer through layers of different materials, in convective mass transfer from one
iquid to another through stagnant boundary films, and also in complex reactions.
n all these situations, however, the over-all rate combines processes of the same
<ind. Let us consider the general problem of combining rates for processes of
lifferent kinds.

Letry, ry, ..., r, be the rates of change for the individual processes that are to be
iccounted for by an overall rate. If the changes take place by parallel paths then
he overall rate will be greater than the rate for any of the individual paths. In fact,
f the various parallel paths are independent of each other, the overall rate will be
imply the sum of all the individual rates, or

n
Foverann = Z Ty

i=1

)n the other hand, if the over-all change requires that a number of steps take place
n succession, then at steady state all these steps will proceed at the same rate. Thus

Foveraw = Ty = Fg =+ =T,

n certain heterogeneous systems, such as fluid-solid noncatalytic reactions, the

ssistances to reaction can be considered to occur in series. In other systems, such

s solid catalyzed reactions, more involved series-parallel relationships exist.
Two points should be mentioned here. First, when rates are to be compared or

ombined, they should be defined in the same manner. As an example, suppose we

ish to combine a mass transfer and a reaction step. Since the rate of mass transfer
defined as the flow of material normal to a unit surface, or

1 dN
Otranster = E "3"&

1en the reaction step must similarly be defined, or

” 1 dN,
Qm=h\=§7‘
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Thus the rate of reaction should be based on unit area rather than on unit volume,
as was used for homogeneous reactions..

Second, in combining rates we normally do not know the concentration of
materials at intermediate positions. Thus we must express the rate in terms of the
over-all concentration difference. This is easily done if the rate expressions for all
the steps of the process are linear in concentration (first power in concentrations
or concentration differences). If the functional relationships are not all linear then
the resultant rate expression becomes unwieldy. The following examples illustrate
these points, and the comments which follow them suggest ways of bypassing these
cumbersome expressions.

EXAMPLE I. Combining linear rate expressions

The irreversible reaction
A(gas) + B(solid) — R(gas)

takes place as shown in Fig. El. Dilute A diffuses through a stagnant film onto a planc
surface consisting of B. There A and B react to yield gaseous product R which diffuses
back through the film into the main gas stream. By diffusion the flux of A to the surface
is given by

1dN, AC

2 .
Q, = §‘—d_t‘ = —92}" = _'A_x(cq -C) = _kp(cl -C) ¢

The reaction is first order with respect to A, and based on unit surface is given by
0, =2 _ ke, (i

where &, 1s the reaction rate constant based on unit surface.

At steady state write the overall rate of reaction in terms of k,, k,, and the concentra
tion of A 1n the main gas stream C,, noting that the concentration of A on the surfac
C, cannot be measured and should not appear in the final expression.

PR o .
Plane surface

| — ofsoid B
Main body

ofgas C,

Gas film

Ax . * Equilibnum concentration
et T of A on surface, C¢ = 0

- —

FIGURE El.
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SOLUTION

At steady siate the flow rate to the surface is equal to the reaction rate at the surface
(processes in series). Thus

Q=0
or from Eqs. (i) and (ii)
ky(Cy — C,) = k,C,
Therefore

kqy
C, = c
PR (iii)
Replacing Eq. (iii) in cither Eq. (i) or Eq. (ii) eliminates the surface concentration which
tannot be measured. Thus

1dN, 1

Q=0 = S ar = _m Cy = —koveranCy (iv)

Comment. This result shows that 1/k; and 1/k, are additive resistances. It so happens
that the addition of resistances to obtain on overali resistance is permissible only when
the rate is a hinear function of the driving force and when the processes occur in series.

EXAMPLE 2. Combining nonlinear rate expressions

Repeat Example 1 for the case where the reaction step is second order with respect to
zas phase reactant A.

SOLUTION
For the mass transfer step:

Qy = ky(Cy — C)) Q)
For the reaction step:
0, = k,C2 )
At steady state
! Qo = Q

or
k(C, — C,) = k,C2

vhich 1s a quadratic in C,. Solving for C, we obtain

- F T AKAC,
- Thet \/I;,k + 4kk,C, i

)
:hminating C, in either Eq. (i) or (1) with the value found in Eq. (v1), we find

Q, = Q.-——-—(ZkC,+k — Vk;? + 4k,k,C,) (vir,
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Comment. Comparing Egs. (iv) and (vir), we see clearly that when the individual r
expressions are not all linear then the individual resistances are not additive, neither
they combine in a simple way To bypass cumbersome eapressions such as Eq (¢
we use one of the following simphifying procedures.

The Concept of the Rate-controlling Step. Since chemical reaction rates vary
widely from reaction to reaction, and also with temperature, very often we fi
that one or other of the two steps provides the major resistance to the over-
change In such a case we say that this slow step s rate-controlhing and can
considered alone. Toallustrate, in this example if the chemical step s rate-controll:
then the over-all rate 1s given by

Q, = Q. = kC?
Similarly, if the mass transfer step s rate-controlhng then
Qu = Q= /\.O'CQ

This procedure leads to the simplest of expressions and therefore 15 attemp

whenever possible Much of our treatment in the chapters to follow uses t
simphification

Linearization of a Nonlinear Rate. An alternative procedure replaces the n
hiear rate-concentration curve by a hnear approximation, and then combines t
with the other rate terms, as in Fxample 1 The way this s done 1s to expand
nonhnear rate in a Taylor series and then only retain the hinear terms (see Probl

P3)

|
Linearization 1s not as simple or desirable as taking the rate-controlling step, |
at times 1t has to be used

CONTACTING PATTERNS FOR TWO-PHASE SYSTEMS

There are many ways that two phases can be contacted, and for cach the des
equation will be umque 1f the rate expression 1s also particular to that het
geneous system, its peculiarities will be mcorporated into the design equaty
Thus we may say that the performance equation 1s tatlored to fit the reaction
and contacting pattern.

With ideal flow of both phases, we have eight principal ways to contact
phases higure 1 shows these Note that no distinction need be made betw
macroflurds and microfluids when the phase 1s 1in plug flow; however, this 1
have to be done when the material 1s in mixed flow.

In fluid -sohd systems flow patterns (g) and (d) are the more important, si
these 1 some cases represent fluidized beds and continuous-belt processing
sohds. Lt nnid-fluid systems flow patterns (g), (@), and (b) are of primary inter
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h
Y

Countercurrent Cocurrent Crosscurrent

(a) (%) (c)
Both phases in plug flow

Microfluid Macrofiuid
T
‘\cL‘: ,' '\ cjo ;
~’ \\.,/
(d) (e)

One phase in plug flow, the other in backmix flow

Microfluid Microfluid Macrofiud
! | T .l ! ? l | f
ey . =y
\\__/ \\__/ \\_/
/’\\\ /"\\ /7N
{1 il il
| | |
Microfiuid Macrofiuid Macrofluid
(f) (8) (h)

Both phases in backmix flow

FIGURE 1. Ideal contacting patterns for two flowing fluids.
Note that the state of segregation is important only for backmix
flow.

> they approximate single mixer-settler, cascade, and tower operations. These
he flow patterns we shall take up in the following chapter.

esign equations for these ideal flow patterns may be developed without too
h difiiculty. However, when real flow deviates considerably from these, we can
ne of two things: we may develop models to mirror actual flow closely, or we
calculate performance with ideal patterns which ““bracket” actual flow.
srtunately, most real reactors for heterogeneous systems can be satisfactorily
‘oximated by one of the eight ideal flow patterns of Fig. 1. This can be seen
omparing these patterns with the sketches of typical reactors for fluid-solid
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and fluid-fluid systems (Figs. 12.13, 13.6, and 14.17). Notable exceptions are the
reactions taking place in fluidized beds.

PROBLEMS

1. Gaseous reactant diffuses through a gas film and reacts on the surface of a
solid according to a reversible first order rate,

—r’ = k:(c.v - Ce)

Develop an expression for the rate of reaction accounting for both the mass transfer
and reaction steps.

2. Repeat Problem 1 if the rate of surface reaction has the form of the Langmuir-
Hinshelwood adsorption equation

" k. Cy

T T T+ kG,

3. For the reaction of Example 2
(a) linearize the second order rate expression, and
(b) with this approximation develop a rate expression accounting for both the
mass transfer and reaction steps. Compare this expression with the rigorous
expression and see which 1s simpler to use.
Data: We plan to operate at conditions such that the concentration of gaseous
reactant at the surface 1s somewhere in the vicinity of C, = 2. The series representa-
tion of any function f(C) in the vicinity of C, is given by the Taylor expansion,

C-‘Co

7€) = ficay + S5 e + C5 Y ey + -

Use this expression to linearize the rate expression.

4. Linearize the rate expression of Problem 2, then combine with the mass
transfer step to obtain an over-all rate. Compare your result with the rigorous
expression obtained in Problem 2.

5. In slurry reactors pure reactant gas is bubbled through liquid containing
suspended catalyst particles. Let us view these kinetics in terms of the film theory
as shown in Fig. P5. Thus to reach the surface of solid the reactant which enters
the liquid must diffuse through the liquid film into the main body of liquid, and
then through the film surrounding the catalyst particle. At the surface of the particle
reactant yields product according to first order kinetics. Derive an expression for
the rate of reaction in terms of these resistances.
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Gas-liquid

_ Typtcal liquid~
Ve mte:face . particle interface,
c ! catalyst surface
Aé : .
! Cai ¢
Pure gaseous T
reactant A ! o,
Liquid : Main body O
quid |, — Fi
film | of hquid Film
L
FIGURE PS.

6. Gas containing A contacts and reacts with a semi-infinite slab of solid B as
follows

A(g) + B(s) > R(g) + S(s)

As reaction progresses, a sharp reaction plane advances slowly into the solid
leaving behind it a layer of product through which gaseous A and R must diffuse.
Overall then three resistances act in series, that of the gas film, the ash layer, and
reaction, as shown in Fig. P6.
Noting that the rate of thickening of the ash layer is proportional to the rate of

reaction at that instant, or

dl .

Z = M(=rd)
show that the time to reach any thickness / is the sum of the time required if each
resistance acted alone, or

tactual = Iim alone + Zash alone + reaction alone

Product layer
diffusion rate =
| ‘ ac: -,
Cg | DT
——
\ Gy . ~ S Receding reaction
Gas film “~——front reaction
diffusion — . rate = kC,
rate = A, AC . C
1 . < Unreacted
Gas-soid _| - o~ sohd
interface ! I SR

FIGURE Pé6.
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FLUID-PARTICLE
REACTIONS

This chapter treats the class of heterogeneous reactions in which a gas or liquid
contacts a solid, reacts with it, and transforms it into product. Such reactions may
be represented by

A(fluid) + bB(solid) — fluid products (¢))
— solid products 2)
— fluid and solid products (€)]

As shown in Fig. 1, solid particles remain unchanged in size during reaction when
they contain large amounts of 1mpurme§ which remain as a nonflaking ash or if
they form a firm product material by the reactions of Eq. 2 or Eq. 3. Particles shrink
in size during reaction when a flaking ash or product material is formed or when
pure B is used in the reaction of Eq. 1. .
Fluid-solid reactions are numerous and of great industrial importance. Those in
which the solid does not appreciably change in size during reaction are as follows.

1. The roasting (or oxidation) of sulfide ores to yield the metal oxides. For
example, in the preparation of zinc oxide the sulfide ore is mined, crushed, separated
from the gangue by flotation, and then roasted in a reactor to form hard white zinc
oxide particles according to the reaction

2ZnS(s) + 304(g) = 2ZnO(s) + 2S0,(g)
Similarly, iron pyrites react as follows:

4FcSy(s) + 110,(g) — 8504(8) + 2Fe,04(s)
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Initial
unroa_cted

particle
Time

Inttial
unreacted
particle

Final particle is
hard, firm, and
unchanged in size

Particle shrinks
Time @ Time_ o with time, finally
disappearing

Flaking ash or gaseous
products cause
shrinkage in size

FIGURE |. Different sorts of behavior of reacting solid particles.

2. The preparation of metals from their oxides by reaction in reducing
atmospheres. For example, iron is prepared from crushed and sized magnetite ore
in continuous-countercurrent, three-stage, fluidized-bed reactors according to the
reaction

Fe,0,(s) + 4H,(g) — 3Fe(s) + 4H,0(g)
3. The nitrogenation of calcium carbide to produce cyanamide:
CaC,y(s) + Ny(g) = CaCNy(s) + C(amorphous)
4. The protective surface treatment of solids such as the plating of metals.

The most common examples of fluid-solid reactions in which the size of solid
changes are the reactions of carbonaceous materials such as coal briquettes, wood,
etc., with low ash content to produce heat or heating fuels. For.example, with an
insufficient amount of air producer gas is formed by the reactions

C(s) + O4(g) — CO4(g)
2C(s) + Oa(g) - 2CO(g)
C(s) + CO4(g) — 2CO(g)
With steam, water gas is obtained by the reactions
C(s) + H;0(g) - CO(g) + Ha(g)
C(s) + 2H,0(g) — CO4(g) + 2Hy(g)
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Other examples of reactions in which solids change in size are as follows.

1. The manufacture of carbon disulfide from the elements:

750-1000°C
C(s) + 28(g) ——> CSa(g)

2. The manufacture of sodium cyanide from sodium amide:

200°C
NaNHgy(/) + C(s) —> NaCN(/) + Hy(g)
3. The manufacture of sodium thiosulfate from sulfur and sodium sulfite:
Na,SO;(solution) + S(s) = Na,S;04(solution)

Still other examples are the dissolution reactions, the attack of metal chips by
acids, and the rusting of iron.

In Chapter 11 we pointed out that treatment of heterogeneous reaction required
the consideration of two factors in addition to those normally encountered in
homogeneous reactions: the modification of the kinetic expressions resulting from
the mass transfer between phases and the contacting patterns of the reacting
phases.

Let us now develop the rate expressions for fluid-solid reactions. These will then
be used in design.

SELECTION OF A MODEL

We should clearly understand that every conceptual picture or model for tHe
progress of reaction comes with its mathematical representation, its rate equation.
Consequently, if we choose a model we must accept its rate equation, and vice
versa. If a model corresponds closely to what really takes place, then its rate
expression will closely predict and describe the actual kinetics; if a model widely
differs from reality, then its kinetic expressions will be useless. We must remember
that the most elegant and high-powered mathematical analysis based on a model
which does not match reality is worthless for the engineer who must make design
predictions. What we say here about a model holds not only in deriving kinetic
expressions but in all areas of engineering.

The requirement for a good engineering model is that it be the closest representa-
tion of reality which can be treated without too many mathematical complexities.
It is of little use to select a model which very closely mirrors reality but which is so
complicated that we cannot do anything with it. Unfortunately, this all too often
happens.

For the noncatalytic reaction of particles with surrounding fluid, we consider
two simple idealized models, the progressive-conversion model and the unreacted-
core model.
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FIGURE 2. According to the progressive-conversion model
reaction proceeds continuously throughout the solid particle.

Progressive-conversion Model. Here we visualize that reactant gas enters and
reacts throughout the particle at all times, most likely at different rates at different
locations within the particle. Thus, solid reactant is converted continuously and
progressively throughout the particle as shown in Fig. 2.

Unreacted-core Model. Here we visualize that reaction occurs first at the outer
skin of the particle. The zone of reaction then moves into the solid, and may leave
behind completely converted material and inert solid. We refer to these as “ash.”
Thus, at any time there exists an unreacted core of material which shrinks in size
during reaction as shown in Fig. 3.

Comparison of Models with Real Situations. In slicing and examining the cross
section of partly reacted solid particles, we usually find unreacted solid material
surrounded by a layer of ash. The boundary of this unreacted core may not always
be as sharply defined as the model pictures it; nevertheless, evidence from a wide
variety of situations indicates that the unreacted-core model approximates real
particles more closely in most cases than does the progressive-conversion model.
Observations with burning coal, wood, briquettes, and tightly wrapped newspapers
also favor the unreacted-core model. For further discussion on these models see
page 373.

Since the unreacted-core model seems to reasonably represent reality in a wide
variety of situations, we develop its kinetic equations in the following section. In
doing this we consider the surrounding fluid to be a gas. However, this is done only
for convenience since the analysis applies equally well to liquids.
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FIGURE 3. According to the unreacted-core model reaction
proceeds at a narrow front which moves into the solid particle.
Reactant is completely converted as the front passes by.

UNREACTED CORE MODEL FOR SPHERICAL PARTICLES OF
UNCHANGING SIZE .

This model was first developed by Yagi and Kunii (1955), who visualized five steps
occurring in succession during reaction (see Fig. 4).

Step 1. Diffusion of gaseous reactant A through the film surrounding the
particle to the surface of the solid.

Step 2. Penetration and diffusion of A through the blanket of ash to the surface
of the unreacted core.

Step 3. Reaction of gaseous A with solid at this reaction surface. .

Step 4. Diffusion of gaseous products through the ash back to the exterior
surface of the solid.

Step 5. Diffusion of gaseous products through the gas film back into the main
body of fluid.

At times some of these steps do not exist. For example, if no gaseous products
are formed or if the reaction is irreversible, Steps 4 and 5 do not contribute directly
to the resistance to reaction. Also, the resistances of the different steps usually vary
greatly one from the other; in such cases we may consider that step with the highest
resistance to be rate-controlling.

In this treatment we develop the conversion equations for the elementary
irreversible reactions (Steps 4 and 5 do not apply) which are represented by Egs. 1,
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‘ FIGURE 4. Representation of concentirations of reactants and

products for the reaction A(g) + bB(s) = rR(g) + sS(s) for a
particle of unchanging size.

2, or 3. We start with spherical particles in which Steps 1, 2, and 3, in turn, are
rate-controlling. We then extend the analysis to nonspherical particles and to
situations where the combined effect of these three resistances must be considered
togethter.

Diffusion Through Gas Film Controls

Whenever the resistance of the gas film controls, the concentration profile for
gaseous reactant A will be as shown in Fig. 5. From this figure we see that no
reactant is present at the surface; hence the concentration driving force, given by
Cap — Ca,, is constant at all times during reaction of the particle. Now since it is
convenient to derive the kinetic equations based on available surface, we focul
attention on the unchanging exterior surface of a particle S,,. Noting from the
stoichiometry of Egs. 1, 2, and 3 that dNy = bdN,, we write -

1 dNy 1 dNy b dN,

TSad T WR A T @R - Ok(Ca = Cu) = bhiCl

= constant 4
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FIGURE 5. Representation of a reacting particle when diffusion
through the gas film is the controlling resistance.

If we let pg be the molar density of B in the solid and V be the volume of a particle,
the amount of B present 1n a particle is

moles B

No = pul = (cma solid

)(cm3 solid) ©)
The decrease 1n volume or radius of unreacted core accompanying the disappear-
ance of dNy moles of solid reactant or b6dN, moles of fluid reactant is then given by

~dNy = —bdNy = —pg dV = —pgd(3nr®) = —4npyr? dr. . (6)

Replacing Eq. 6 in 4 gives the rate of reaction in terms of the sﬁririking radius of
unreacted core, or

_ LNy partdr,

S dt = R At~ bkyCas )
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where k, is the mass transfer coefficient between fluid and particle; see discussion
leading up to Eq. 24. Rearranging and integrating, we find how the unreacted core
shrinks with time. Thus

re t
b L rddr, = bk,Ca, fo dr

ey - ()] ®

Let the time for complete reaction of a particle be =. Then by taking r. = 0 in
Eq. 8, we find

or

_ paR
® = 3bk,Ch, ©)

The radius of unreacted core in terms of fractional time for complete conversion
is obtained by combining Egs. 8 and 9, or

r r.\3
;*‘"(ﬁ)

This can be written in terms of fractional conversion by noting that

| — Xo = (volume of unreacted core) - ol (2)3 (10)
B ™ \ total volume of particle $R® ~ \R
Therefore
t re 3 _
;=‘“(§) = Xa (11)

Thus we obtain the relationship between time and radius and conversion, which is
shown graphically in Figs. 9 and 10, pp. 374 and 375.

Diffusion through Ash Layer Controls

Figure 6 illustrates the situation in which the resistance to diffusion through the ash
controls the rate of reaction. To develop an expression between time and radius
such as Eq. 8 for film resistance, requires a two-step analysis. First we examine 2
typical partially reacted particle, writing the flux relationships for this condition
Then we apply this relationship for all values of r.; in other words, we integrate r,
between R and 0.

Consider a partially reacted particle as shown in Fig. 6. Both reactant A and th
boundary of the unreacted core move inward toward the center of the particle. Bu
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FIGURE 6. Representation of a reacting particle when diffusion through the
ash layer is the controlling resistance.

the shrinkage of the unreacted core is slower than the flow rate of A toward the
unreacted core by a factor of about 1000, which is roughly the ratio of densities of
solid to gas. Because of this it is reasonable for us to assume, in considering the
concentration gradient of A in the ash layer at any time, that the unreacted core is
statlonag This steady-state assumption allows great + ;. ieation in the mathe-
matic§Which follows. With this assumption the rate of reacuon of A at any instant
1s given by its rate of diffusion to the reaction surface, or

~ DV _ 4nr2Q, = 4nRQ,, = dnr 20, = constant (12)

For convenience, let the flux of A within the ash layer be expressed by Fick’s law
for equimolar counterdiffusion, though other forms of this diffusion equation will
give the same resuth'hen noting that both Q, and d_C—A/lj_r_"gre positive, we have

0, = 2.% (13)

where 2, is the effective diffusion coefficient of gaseous reactant in the ash layer.
Often it is difficult to assign a value beforehand to this quantity because the property
of the ash (its sintering qualities, for example) can be very sensitive to small amounts
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'

of impurities in the solid and to small variations in the particle’s environment.
Combining Eqs. 12 and 13, we obtain for any r

_Na _ 402g 9Ca _
il 4nr29, e constant (14)

Integrating across the ash layer from R to r., we obtain

_dN, (redr _ [Cac=0
dt R r—2 98J.c‘\,-t:“dcA
or
dN, (1 1 _
-

This expression represents the conditions of a reacting particle at any time.

In the second part of the analysis we let the size of unreacted core change with
time. For a given size of unreacted core, dN,/dt is constant; however, as the core
shrinks the ash layer becomes thicker, lowering the rate of diffusion of A. Conse-
quently, integration of Eq. 15 with respect to time and other variables should yield
the required relationship. But we note that this equation contains three variables,
t, N,, and r., one of which must be eliminated or written in terms of the other
variables before integration can be performed. As with film diffusion, let us
eliminate N, by writing 1t in terms of .. This relationship 1s given by Eq. 6; herce,
replacing in Eq. 15, separating variables, and integrating, we obtain

—pﬂf"_n (l - E)rc dr, = b9 ch dt

e re
or
LS P (ﬁ)’ (ﬁ)“] .
‘= e [1 -3(%)" + 2 (16)
For complete conversion of a particle, r. = 0, and the time required is
— paR?
T T %2,Ch, an

The progression of reaction in terms of the time required for complete conversion
is found by dividing Eq. 16 by Eq. 17, or

Lai- 3(’7;)” + z(%)“ : (18a)

which in terms of fractional conversion, as given in Eq. 10, Becomes

=1-3(1 - Xp)*?® + 2(1 — Xp) (18b)

|~

These results are presented graphically in Figs. 9 and 10, pp. 374 and 375.



REACTION RATE, PARTICLES OF UNCHANGING SIZE - 367

l
|
|
N
{
|

l

|

|

e

|

|

I

CA"—'CA, =CAc {
|
|
|

I

|

i

|

|

|

[ |

| Cae =0 for
: irreversible
|

|

R

Concentration of
gas-phase reactant

reaction
i
I ‘// |
re 0 rc R
Radal position

FIGURE 7. Representation of a reacting particle when
chemical reaction is the controlling resistance, the reaction
being A(g) + bB(s) -~ products.

Chemical Reaction Controls

Figure 7 illustrates concentration gradients within a particle when chemical reaction
controls. Since the progress of the reaction is unaffected by the presence of any ash
layer, the quantity of material reacting i§ proportional t6 the available surface of
unreacted core. Thus, based on umt surface of unreacted core, the rate of reaction
for the stoichiometry of Egs. 1, 2, and 3 1s

1 dN, b dNy .
“Eid T Fwad T kO (19)

where k, is the first-order rate constant for the surface reaction. Writing Nj in
terms of the shrinking radius, as given in Eq. 6, we obtain

1 dr. dr,
~ g Pt GE = —pn G = BkCag (20)
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which on integration becomes

To ¢
—ps L dr, = bk,Cay J'o dr

or

t= bk’ng (R-r) Q1)

The time ~ required for complete conversion is given when r, = 0, or

_ _peR
* = Bk,Cny

(22)

¢The decrease in radius or increase in fractional conversion of the particle in terms
of « is found by combining Eqgs. 21 and 22. Thus

=1-

T=1-(- X (3)

qi~

This result is plotted in Figs. 9 and 10, pp. 374 and 375.

RATE OF REACTION FOR SHRINKING SPHERICAL PARTICLES

When no ash forms, as in the burning of pure carbon in air, the reacting particle
shrinks during reaction, finally disappearing. This process is illustrated in Fig. 8.
For a reaction of this kind we visualize- the following three steps occurring in
succession.

Step 1. Diffusion of reactant A from the main body of gas through the gas film
to the surface of the solid.

Step 2. Reaction on the surface between reactant A and sohd.

Step 3. Diffusion of reaction products from the surface of the solid through the
gas film back into the main body of gas. Note that the ash layer is absent and does
not contribute any resistance.

As with particles of constant size, let us see what rate expressions result when one
or the other of the resistances controls.
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FIGURE 8. Representation of concentration of reactants and products for

the reaction A(g) + bB(s) -~ rR(g) between a shrinking solid particle and
gas.

Chemical Reaction Controls

When chemical reaction controls, the behavior is identical to that of particles of
unchanging size; theréfore Fig. 7 and Eq. 21 or 23 will represent the time-conversion
behavior of single particles, both shrinking and of constant size.

o

Gas Film Diffusion Controls ~—

~ - e e e
Film resistance at the surface of a particle is depend®nt on numerous factors, such
as the relative velocity between particle and fluid, size of particle, and fluid proper-
ties. These have been correlated for various methods of contacting of fluid with
sohid, such as packed beds, fluidized beds, and solids in free fall. As an example, for
mass transfer of a component of mole fraction y in a fluid to free-falling solids
Ranz and Marshall (1952) give

k. d y\— _ I 1/3 d,u;'/,‘)llz
KalsY _ 5 4 0.6(Scy (Re) 2 = 2 + O‘G(E) (T @4)
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During reaction a particle changes in size; hence k, also varies. In general k,
rises for an increase in gas velocity and for smaller particles. As an example, Fig. 12
and Eq. 24 show that

S kg~ 5 for small d, and u (25)

u1/2
ky ~ i for large d, and u (26)

Equation 25 represents particles in the Stokes law regime. Let us develop conver-
sion-time expressions for such particles.

Stokes Regime (Small Particles). At the time when a particle, originally of size
R,, has shrunk to size R, we may write

dNg = pp dV = 4mpgR* dR
Thus, analogous to Eq. 7, we have ‘ )
1 dNg _  ps47R*dR dR

TSod - 4R @ - Pra T PkeCa @7
Since in the it%k_tﬁregime Eq. 24 reduces to
22 2
k, = ;" (28)

we have on combining and integrating

? RdR=MJ"dr
psy Jo

Ro

. _ PR (1= (&)
= 26C,, R

The time for complete disappearance of a particle 1s thus

or

payRo*
26C\ 2

T =

(29)

and on combining we obtain

Let- (F) =1 - (1 = X" (30)
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This relationship of size versus time for shrinking particles in the Stokes regime is
shown n Figs. 9 and 10, pp. 374 and 378, and it well represents small burmng solid
particles and small burning liquid droplets.

EXTENSIONS

Particles of Different Shape. Conversion-time equations similar to those devel-
oped above can be obtained for various shaped particles, and Table 1 summarizes
these expressions.

Combination of Resistances. The above conversion-time expressions assume that
a single resistance contrcls throughout reaction of the particle. However, the
relative importance of the gas film, ash layer, and reaction steps will vary as
conversion progresses. For example, for a constant size particle the gas film resis-
tance remains unchanged, the resistance to reaction increases as the surface of
unreacted core decreases, while the ash layer resistance is nonexistent at the start
because no ash ic present, but becomes progressively more and more important
as the ash layer builds up. In general, then, it may not be reasonable to consider
that just one step controls throughout reaction.

To account for the simultaneous action of these resistances is straightforward
since they act in series and are all linear in concentration. Thus on combining Eqgs.
7, 15, and 20 with their individual driving forces and eliminating intermediate
concentrations we can show that the time to reach any stage of cohversion is the
sum of the times needed if each resistance acted akone, or

’wcu = tmm alone + ’uh alone + rru«anm: alone (320)
Similarly, for complete conversion

Twotal = Tfiim alone + Tash alone T Treaction alone (32b)

In an alternative approach, the individual resistances can be combined directly
to give, at any particular stage of conversion,

_ 1 dNs _ bCa
Sed "1 _RR-r) R (33a)
k, r.2, r.k,
or
ﬂg = bCi/ps
@ T R 1. (335)
7 Rk, T Ro, ‘K

ﬁlm ash reaction



TABLE I. Conversion—time expressions for various shaped particles, shrinking core model
Film Diffusion
Controls Ash Diffusion Controls Reaction Controls
t t t
Flat plate - = Xg D= X2 A
T T T
_ { _ psl __ pel? __pelL
g Tl * = b, Cay T = %o.cn, T Bk,Co
‘m t t t
A | Cylinder - =Xz -=Xg+( - Xp)In(1 — Xp) - =1-(1 - Xg)'?
m T < T
Z N\I_IA?V» T = paR di'Wmmn'l dlv\nl_ww
kS 5= R = 2bk,C,, 4692.Ca, "~ bk,Ca,
&
S P ¢ t )
Ol Sphere T= X an 1= 3(1 — Xa)?2 4+ 2(1 — Xs) (18) = I — (1 - Xg)'® (23)
re\3 paR pa R paR
=1-{= = Pot - Pl = fPait 2
Ko =1 Axv * = Sbk,cn (10 ¥ T 569.Cap an © = bk.Cay @2
Small particle, Lo - - x)*® (30) L=1-0-Xn
° T Not applicable ®
2 Stokes regime v = LorR 9) v = 2R ,
& 2bDCy, . bkyCag
0
£
- i r 12 r_ 173
‘e | Large particle, —=1-(1—- X2 (31) -=1-( - Xg)
& T Not applicable T
7]
»n:» bw”o
u = constant = 1) =2 =
( ) T = (const) T = e

Cas
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As may be seen, the relative importance of the three individual resistances vary as
conversion progresses, or as r. decreases.

On considering the whole progression from fresh to completely converted
constant size particle, we find on the average that the relative roles of these three
resistances is given by

LN _pe o Cr
-5 _E‘CA—1+_£_+1 . (34)
kT 29, "k,

For ash-free particles which shrink with reaction, only two resistances, gas film
and surface reaction, need be considered. Since these are both based on the
changing exterior surface of particles, we may combine them to give at any instant

1 dN, 1
i;dt—L_l_lc‘ (3)
kg ks

Various forms of these expressions have been derived by Yagi and Kunii (1955),
Shen and Smith (1965), and White and Carberry (1965).

Limitations of the Shrinking Core Model. The assumptions of this model may
not match reality precisely. For example(reactlon may occur along a diffuse front
rather than along a sharp interface between ash and fresh solid, thus giving
behavior intermediate between the shrinking ccre and the continuous reaction
models (see p. 360). This problem 1s considered by Wen (1968), and Ishida et al.
(1971a).

Also, for fast reaction the rate of heat release may be high enough to cause
significant temperature gradients within the particles or between particle and the
bulk fluid. This problem is treated 1n detail by Wen and Wang (1970) Also see the
discussion on p. 479.

Despite these complications Wen (1968) and Ishida er al (1971a, b), on the basis
of studies of numerous systems, concludes that the shrinking core model 1s the
best simple representation for the majority of reacting gas-sohd systems.

There are, however, two broad classes of exceptions to this conclusion The first
comes with the slow reaction of a gas with a very porous solid. Here reaction can
occur throughout the sohd, and the continuous reaction model may be expected
to better fit reality. An example of this 1s the slow poisoning of a catalyst pellet, a
situation treated in Chapter 15.

The second exception occurs when solid 1s converted by the action of heat, and
without needing contact with gas. Baking bread, boiling missionaries, and 1oasting
puppies are mouthwatering examples of such reactions. Here again the continuous
reaction model is a better representation of reality. Wen (1968) and Kunu and
Levenspiel (1969) treat these kinetics.
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DETERMINATION OF THE RATE-CONTROLLING STEP

The kinetics and rate-controlling steps of a fluid—solid reaction are deduced by
noting how the progressive conversion of particles is influenced by particle size
and operating temperature. This information can be obtained in various way®,
depending on the facilities available and the materials at hand. The following
observations are a guide to experimentation and to the Interpretation of experi-
mental data.

Temperature. The chemical step is usually much more temperature-sensitive than
the physical steps; hence, experiments at different temperatures should easily
distinguish between ash or film diffusion on the one hand and chemical reaction
on the other hand as the controlling step.

Time. Figures 9 and 10 show the progressive conversion of spherical solids when
chemical reaction, film diffusion, and ash diffusion in turn control. Results of
Kinetic runs compared with these predicted curves should indicate the rate-
controlling step. Unfortunately, the difference between ash diffusion and chemical

10
X | |
S Shrinking particles
~ Stokes regime, Eq. 30
08 e Reaction controls, Eq 23

S
“‘*vw/\
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~N
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Chemical reaction \

controls, Eq 23 \

Ash layer diffusion / \
controls, Eq 18 \ \
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t/r
FIGURE 9. Progress of reaction of a single spherical
particle with surrounding fluid measured in terms of time for
complete reaction.
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FIGURE 10. Progress of reaction of a single spherical particle
with surrounding fluid measured in terms of time for complete
conversion.

reaction as controlling steps is not great and may be masked by the scatter in
experimental data.

Conversion-time curves analogous to those in Figs. 9 and 10 can be prepared
for other solid shapes by using the equations of Table 1.

Particle Size. Equations 16, 21, and 8 with Eq. 24 or 25 show that the time needed
-to achieve the same fractional conversion for particles of different but unchanging
sizes is given by

toc Rl15%w20 for film diffusion controlling (the exponent drops as

Reynolds number rises) (36)
toc R? for ash diffusion controlling a37n
toc R for chemical reaction controlling (38)

Thus kinetic runs with different sizes of particles can distinguish between reactions
in which the chemical and physical steps control.

Ash Versus Film Resistance When a hard solid ash forms during reaction, the
resistance of gas-phase reactant through thig ash is usually much greater than
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through the gas film surrounding the particle. Hence in the presence of a nonflaking
ash layer, film resistance can safely be ignored. In addition, ash resistance is
unaffected by changes in gas velocity.

Predictability of Film Resistance. The magnitude of film resistance can be esti-
mated from dimensionless correlations such as Eq. 24. Thus an observed rate
approximately equal to the calculated rate suggests that film resistance controls.

Overall Versus Individual Resistance. If a plot of individual rate coefficients is
made as a function of temperature as shown in Fig. 11, the overall coefficient given
by Eq. 34 or 35 cannot be higher than any of the individual coefficients.

With these observations we can usually discover with a small carefully planned
experimental program which is the controlling mechanism.

Let us illustrate the interplay of resistance with the well-studied gas-—solid
reaction of pure carbon particles with oxygen:

C + 0, - CO,
[B(s) + A(g) — gaseous products]

with rate equation

1 dNy 1 dR dR

Sudt = am iR g = —ee g = KCa

Chemucal reaction step controls

Film diffusion controls

Ash diffusion controls

Observed rate

Rate of reaction

Temperature T

FIGURE |]l. Because of the series relationship among the
resistances to reaction, the net or observed rate is never
higher than for any of the individual steps acting alone.
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Since no ash is formed at any time during reaction, we have here a case of kinetics
of shrinking particles for which two resistances at most, surface reaction and gas
film, may play a role. In terms of these, the overall rate constant at any instant
from Eq. 35 is

1 1 1

L RTE

k, is given by Eq. 24, while k, is given by the expression of Parker and Hottel (1936):
1 dNg 432 x 10" CAge

Sex dt vT

where T'is in degrees Kelvin and C,, is in gram moles per liter. Figure 12 shows all
this information in convenient graphical form and allows determination of k, for
different values of the system variables. Note that when film resistance controls,
the reaction is rather temperature insensitive but 1s dependent on particle size and
relative velocity between solid and gas. This 1s shown by the family of lines, close
to parallel and practically horizontal.

In extrapolating to new untried operating conditions, we must know when to be
prepared for a change in controlling step and when we may reasonably expect the
rate-controlling step not to change. For example, for particles with nonflaking ash
a rise in temperature and to a lesser extent an increase in particle size may cause
the rate to switch from reaction to ash diffusion controlling. For reactions in which
ash is not present, a rise in temperature will again cause a shift from reaction to
film resistance controlling.

—~44,000 cal/RT _ k,CA, (39)

APPLICATION TO DESIGN

Three factors control the design of a fluid—solid reactor; the reaction kinetics for
single particles, the size distribution of solids being treated, and the flow patterns
of solids and fluid in the reactor. Where the kinetics are complex and not well
known, where the products of reaction form a blanketing fluuld phase, where
temperature within the system varies greatly from position to position, analysis of
the situation becomes difficult and present design 1s based largely on the experiences
gained by many years of operations, innovation, and small changes made on
existing reactors. The blast furnace for producing iron is probably the most
important industrial example of such a system.

Though some real industrial reactions may never yield to simple analysis, this
should not deter uk from studying idealized systems. These satisfactorily represent
many real systems and in addition may be taken as the starting point for more
involved analyses. Mere we consider only the greatly simplified idealized systems in
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FIGURE 12. Rate of combustion of pure carbon particles, adapted from
Yagi and Kunii (1955).

which the reaction kinetics, flow characteristics, and size distribution of solids ar
known.

Referring to Fig. 13, let us discuss briefly the various types of contacting i
gas—solid operations.

Solids and Gas Both in Plug Flow. When solids and gas pass through the reactc

in plug flow, their compositions will change during passage. In addition, suc
operations are usually nonisothermal.
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FIGURE 13. Various contacting patterns in fluid-solid
reactors: (a—c) countercurrent, crosscurrent, and cocurrent
plug flow; (d) intermediate gas flow, mixed solid flow; (el se thi-
batch operations.
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The plug flow contacting of phases may be accomplished in many ways: by
countercurrent flow as in blast furnaces and cement kilns (Fig. 13a), by cross flow
as in moving belt feeders for furnaces (Fig. 13b), or by cocurrent flow as in polymer
driers (Fig. 13c).

Solids in Mixed Flow. The fluidized bed (Fig. 13d) is the best example of a reactor
with mixed flow of solids. The gas flow in such reactors is difficult to characterize
and sometimes is between mixed and plug flow. Because of the high heat capacity
of the sohds, 1sothermal conditions can frequently be assumed 1n such operations.

Semibatch Operations. The ion exchange column of Fig. 13e is an example of the
batch treatment of solids in which the flow of fluid closely approximates the ideal of
plug flow. On the contrary, an ordinary home fireplace, another semibatch opera-
tion, has a flow which is difficult to characterize.

Batch Operations. The reaction and dissolution of a batch of solid 1n a batch of
fluid, such as the acid attack of a solid, is a common example of batch operations.

Analysis a' d design of fluid-solid systems are greatly simplified if the com-
position of the fluid can be considered to be uniform throughout the reactor. Since
this is a reasonable approximation where fractional conversion of fluid-phase
reactants is not too great or where fluid backmixing is considerable, as in fluidized
beds, this assumption can frequently be used without deviating too greatly from
reality. We use this assumption in the analyses that follow.

We then conclude this chapter with a brief treatment of extremely fast reactions
which are representative of some combustions. Here the analysis simplifies con-
stderably, since the kinetics do not enter the picture.

Let us now turn to a number of frequently met contacting patterns, and let us
develop their performance equations, employing in every case the assumptions of
uniform gas composition within the reactor.

Particles of a Single Size, Plug Flow of Solids, Uniform Gas Composition

The contact time or reaction time needed for any specific conversion of solid is
found directly from the equations of Table 1.

Mixture of Particles of Different but Unchanging Sizes, Plug Flow of Solids,
Uniform Gas Composition

Consider a solid feed consisting of a mixture of different-size particles. The size
distribution of this feed can be represented either as a continuous distribution or
as a discrete distribution. We use the latter representation because screen analysis,
our way of measuring size distributions, gives discrete measurements.

Let F be the quantity of solid being treated in unit time. Since the density of
solid may change during reaction, F is defined as the volumetric feed rate of solid
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in the general case. Where density change of the solid is negligible, F becomes the
mass feed rate of solid as well. In addition, let F(R,) be the quantity of material of
size R, fed to the reactor. If R, is the largest particle size in the feed, we have for
particles of unchanging size

Rm

F= Z F(R)), cm3[sec or gm/sec

R(=0

Figure 14 shows the general characteristics of a discrete size distribution.

When in plug flow all solids stay in the reactor for the same length of time 1,.
From this and the kinetics for whatever resistance controls the conversion Xg(R,)
for any size of particle R, can be found. Then the mean conversion X of the solids
leaving the reactor can be obtained by properly summing to find the over-all
contribution to conversion of all sizes of particles. Thus

mean value for fraction of reactant\ / fraction of

the fraction of ) = z B unconverted in || feed which is (40)
B unconverted - particles of size R, of size R,

sizes

or in symbols

R

m

1= Xy = Z - XB(R,)]E-(I—{}—‘), 0< X3 <1
R =0
or 41)
L= Ky= > 01 - Xe(R)) ER

where R(z, = =) is the radius of the largest particle completely converted in the
reactor.

These two forms of Eq. 41, actually identical, require some discussion. First of
all, we know that the smaller a particle the shorter the time required for complete
conversion. Hence some of our feed particles, those smaller than R(t, = T), will
be completely reacted. But if we automatically apply our conversion-time equations
to these particles we will come up with Xy values greater than unity, which makes
no sense physically. Thus in the first form of Eq. 41 X must not be allowed to
take on values greater than unity. In the second form this condition is incorporated
inito the lower limit of the summation because particles smaller than R(¢, = t) are
completely converted and do not contribute to the fraction unconverted, 1 — Xg.
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Rm .
Total feed F= 2 F(Ri) Shaded area 1s feed
R, =0 rate of maternial of size

R, or larger

F(R,), feed rate of matenal of size R,

T
Ry R

»R, R,
Gny size)
Size of particle in the feed

FIGURE 14. Representation of the feed rate of a mixture of
particles.

The terms R(t, = t)and 1 — Xp(R,)in Eq. 41 are given by the kinetic expressions
of Table 1, and when known allow evaluation of the mean conversion for a mixture
feed. The following example 1illustrates the procedure.

EXAMPLE |I. Conversion of a size mixture in plug flow
A feed consisting

30%, of 50-u-radius particles
407, of 100-u-radius particles
30%, of 200-u-radius particles

is to be fed continuously in a thin layer onto a moving grate crosscurrent to a flow of
reactant gas. For the planned operating conditions the time required for complete
conversion is S, 10, and 20 min for the three sizes of particles. Find the conversion of
solids for a residence time of 8 min in the reactor.

SOLUTION

From the statement of the problem we may consider the solids to be in plug flow with
t, = 8 min and the gas to be uniform in composition. Hence for a mixed feed Eq. 41
is applicable, or

F(50u)
F

+1- X000 T 1 G

1~ X = (1 - Xa(50u))
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where
el (i?“) =030 and (504) = 5 min
Iﬂ:_.;”) = 0.40 and 7(100p) = 10 min
. I-:—(E%'l) =030 and  T(200x) = 20 min

Since for the three sizes of particles
Ry:R3:R; = 7,:73:7%3

we see from Eq. 38 that chemical reaction controls and the conversion-time character-
istics for eaccz’h size are given by Eq. 23 or

0 = xRl = (1 = =)’

Replacing in Eq. (1) we obtain
8 min \3 8\3
- X = (1 -5 min) ©.4) + (1 - 55) ©3)
for R = 100u for R = 200u
0.0032 + 0.0648 = 0.068

Hence the fraction of solid converted equals 93.2%,.

Note that the smallest size of particles is completely converted and does not contribute
to the summation of Eq. (1).

I

Mixed Flow of Particles of a Single Unchanging Size, Uniform Gas
Composition

Consider the reactor of Fig. 134 with constant flow rates of both solids and gas
into and out of the reactor. With the assumption of uniform gas concentration
and mxed flow of solids, this model represents a fluidized-bed reactor in which
there 1s no carryover of solids.

The conversion of reactant in a sifigle particle depends on its length of stay in the
bed, and for the appropriate conttolling resistance is given by Eq. 11, 18, or 23.
However, the length of stay 1s not the same for all particles in the reactor; hence we
must calculate a mean conversion Xy of material. Recognizing that the solid
behaves as a macrofluid, this can be done by the methods of Chapter 10. Thus for
the solids leaving the reactor

fraction of reactant fraction of exit
mean value for unconverted for stream which has
the fraction of | = particles staying in stayed in the
B unconverted ariioies | the reactor for time reactor for a time

os  \between rand ¢t + dt/ \between tand ¢ + dt

42)
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or in symbols
1 - Xq,=f°°(1 — X Ed, Xs<|1
(1)

Again, when a particle remains in the reactor for a time longer than that required
for complete conversion, the calculated conversion becomes greater than 100%,.
Since this has no physical significance, Xy should remain at unity for particle
residence times greater than . To guarantee that such particles do not contribfite
to the fraction unconverted, we modify this equation to read

| = Xy = fo'(l — XpEdt (43)

where E is the exit age distribution of the solids in the reactor (see Chapter 9).
For mixed flow of solids with mean residence time 7 in the reactor we find from
Chapter 9 that
e-!ll
E=— (44)
Thus for mixed flow of the single size of solid which is completely converted in
time <, we obtain

_ 2] e tit
l«XB=f(1—XB)—Tdt 45)
0
This expression may be integrated for the various controlling resistances.
For film resistance controlling Eq. 11 with Eq. 45 yields

— T t e—tll
1~XB_L<1—;)—I_—(11 (46)
which on integration by parts gives
B = ;(1 — e
or in equivalent expanded form, useful for large i/x, 47)

= 1 1 [r\2 \l T\3
1‘X8=§7‘3*z(7)+4—!(?)'

For chemical reaction controlling Eq. 23 replaced in Eq. 45 gives

1—X‘B=f'(1—1)ae-lﬂdz T @8

0 < t
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Integrating by parts using the recursion formula, found in any table of integrals,
we obtain

Xa=3L- 6(2)2 + 6(2)3(1 _ sl

or in equivalent form, useful for large /=, (49)
_lz_L(z)uL(f)“ .
BT 4F  20\i 120 \7

For ash resistance centrolling replacement of Eq. 18 in Eq. 45 followed by integra-
tion leads to a cumbersome expression which on expansion yields [see Kunu (1958), |
Yagi and Kunii (1961)]

- I 19 (%\2 41 [7\3 T\*
st oam () fa ) -ows() e o0

Figures 15 and 16 present these results for solids in mixed flow in convenient
graphical form Figure 16 shows clehrly that at high conversion the mixed flow
reactor requires a much larger holding time for solids than does a plug flow reactor.

Extension to multistage operations is not difficult. Figures 15 and 16 show these
curves for two-stage operations, and Problem P17 treats one of these cases. Kuni

and Levenspiel (1969) present expressions for general N stage mixed flow opera-
tions.

EXAMPLE 2. Conversion of a single sized feed in a mixed flow reactor

Yagt et al (1951) roasted pyrrhotite (iron sulfide) particles dispersed in asbestos fibers
and found that the time for complete conversion was related to particle size as follows:

T o RS

Particles remained as hard sohds during reaction.

A fluidized-bed reactor 1s planned to convert pyrrhotite ore to the corresponding
oxide. The feed is to be uniform in size, * = 20 min, with mean residence time 7 = 60
mun in the reactor. What fraction of original sulfide ore remains unconverted ?

SOLUTION

Since a hard product matenal 1s formed during reaction, film diffusion can be ruled out
as the controlling resistance. For chemical reaction controlling Eq. 38 shows that

T R

-
\
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1°°r T T T T T
8+ 4
7+ ~
6 ‘ n
5 | I
4 ’l ~
3 Single stage ~

Gas diffusion controls, Eq 47
2 Reaction controls, Eq 49
Ash layer diffusion
controls, Eq 50
10 - /( . -
p1e | .
6 -
5+ 4
4 {\ -1
|§ I < —
\\
2+ 4
, |
sf 1 N ]
JF wo stages I ]
6~ Any mechamism | \ B
5 (i =21, AN \ -
41 [from Problem P17) 1
3| .
2 . —

01 | L1 L 11ll [ 1 |

001 2 3 4567801 2 3 4567810
1-X,

FIGURE I5. Mean conversion versus mean residence
time in mixed flow reactors, single size of solid.

whereas for ash layer diffusion controlling Eq. 37 shows that
T oc R?

As the experimentally found diameter dependency lies between these two values, it 1
reasonable to expect that both these mechanisms offer resistance to conversion. Usinj
in turn ash diffusion and chemical reaction as the controlling resistance should the:
give the upper and lower bound to the conversion expected.

The sohids 1n a fluidized bed approximate mixed flow; hence for chemical reactio:
controlling Eq. 49, with t/f = 20 min/60 min = }, gives

1/1 1 /1\2 1 (1\3
b= K= 3 () -3 (6) * e (5) o 0o

For ash layer diffusion controlling Eq. 50 gives

1/1 19 [1\2 41 (13
= %a=5(3) 3w () *aem G) - 00s2
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50

I T T TTTT T T T 17717771

Single Stage

Gas film diffusion controls, Eqs 11 and 47
Reaction controls, Eqs 23 and 49

i
Ash layer diffusion controls, Eas 18 and 50

~N
~ ~
F~
~
- Reaction controls

Two Stages (¢ = 2¢,)

Film controls

1 R
001 01 10

1-X,

FIGURE 16. Comparison of holding times needed to effect a given conversi®n
for mixed flow and plug flow of a single size of solid.

Hence the fraction of sulfide remaining is between 6.2%, and 7.8%,, or on averaging

1 — Xg = 0.07, or 7.0%,

Mixed Flow of a Size Mixture of Particles of Unchanging Size, Uniforn.
Gas Composition

Often a spectrum of particle sizes 15 used as feed to a mixed flow reactor. For such
a feed and a single exit stream (no carryover) the methods leading to Eqs. 41 and 45,
when combined, should yield the required conversion.

Consider the reactor shown n Fig. 17. Since the exit stream 1s representative
of the bed conditions, the size distributions of the bed as well as the feed and exit
streams are all alike, or

F(R) _ W(R)
F - W (&)))

where W is the quantity of material in the reactor and where W(R)) is the quantity
of material of any size R, 1n the reactor. In addition, for this flow the mean residence
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W(R)

R
/Flundazed bed. W, f,

Sohds in: F, Xy = 0 ——> .:;
F(Ry)

/ [\

Ah
R

FIGURE 17. Fluidized bed with single exit stream treating

a size mixture of solids. Note that the size distribution of the
flow streams and the bed are all the same.

time #(R,) of material of any size R, is equal to the mean residence time of solid in
the bed,ﬁ or

W (weight of all solids 1n the reactor)

=1R) = F ~ (feed rate of all solids to the reactor)

(52)

Letting X5(R,) be the mean conversion of particles of size R, in the bed, we have
from Eq. 45

T(R()

L= RoR) = [0~ xRN (53)

However, feed consists of particles of different sizes; hence the over-all mean of B
unconverted in all these sizes is

mean value for . { fraction uncon- \ (fraction of exit or entering
fraction of B | = z verted 1n particles stream consisting of (54)
unconverted o of size R, particles of size R,
sizes

or in symbols

1= %= > 11 - KR ER

R=0
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Combining Eqs. 53 and 54 and replacing the former expression with Eqgs. 47, 49,
or 50 for each size of particle, we obtain in turn, for film diffusion controlling,

1 (R 1 [*(R)]? F(R,
B D RS T RS L
for chemical reaction controlling,
1 %(R) T(R)]? F(Ry)
B (Y L O L
for ash diffusion comrolling,
_ 1x(R) 19 [=(R)]2 F(Ry)
Pt = {g—t‘“m[T] +o TR (57)

where ©(R,) is the tume for complete reaction of particles of size R;. The following
example illustrates the use of these expressions.

EXAMPLE 3. Conversion of a feed mixture in a mixed flow reactor

A feed consisting
309, of 50-u-radius particles
40%, of 100-u-radius particles
30%, of 200-u-radius particles

1s to be reacted in a fluidized-bed steady-state flow reactor constructed from a 4-ft
length of 4-in. pipe. The fluidizing gas 1s the gas-phase reactant, and at the planned
operating conditions the time required for complete conversion is 5, 10, and 20 min for
the three sizes of feed. Find the conversion of solids in the reactor for a feed rate of 1 kg
solids/min 1f the bed contains 10 kg sohds.
Additional information:

The sohids are hard and unchanged in size and weight during reaction.

A cyclone separator 1s used to separate and return to the bed any solids that may be
entrained by the gas

The change 1n gas-phase composition across the bed 1s small.

SOLUTION

From the statement of the problem we may treat the fluidized bed as a mixed flow

reactor. For a feed mixture Eq 54 1s applicable, and since chemical reaction controls

(see Example 1), this equation reduces to Eq. 56 where from the problem statement
F = 1000 gm/min ;= ﬂ’ _ 10,000 gm
W = 10,000 gm ~ F 1000 gm/min
F(50u) 300 gm/min and T(50x) = S min
F(100u) = 400 gm/min and T(100x) = 10 min
F(200x) = 300 gm/min and ©(200p) = 20 min

= 10 min

[

Il
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Replacing in Eq. 46 we obtain

- Fa= [ (GER) - L3N+ ] miimn

4\10 mm/ ~ 20 \10 1000 gm/min
for R = 50
N !(IOmin) 1 (19)2 +] 400
[4 10 min/ 20 \10 1000
for R = 100
+ 1 20m1n) _ 1 (?_Q>Z+ ] 300
[Z (10 min/ ~ 20 \10 1000
for R = 200y

o 3+(1141h 4
(é”so )10 4720 120 )10

+<_‘-_1+L_2_ .)_3,
2757157 10 10

+

|

= 0.034 + 0.083 + 0.105 = 0.222

The mean conversion of solids 1s then

Xp = 77.8%,

Application to a Fluidized Bed with Entrainment of Solid Fines

Carryover of fines may occur in a fluidized bed when the feed consists of a wide
size distribution of solids. When this happens we have a reactor as shown in Fig. 18
with one feed stream and two exit streams Let subscripts 0, 1, 2 refer to the feed,
underflow, and carryover streams, respectively Then by naterial balance for the
entire streams we find

Fo=F + F, (58)
and for particles of size R,
Fo(R) = Fi(R) + Fy(R) (59)

Since mixed flow is assumed, the composition of the underflow stream still rep-
resents the composition within the bed, or

Fi(R) _ W(R)

F, w (60)

Now the mean residence time of material of different sizes need not be the same.
In fact, since small particles are more likely to be blown out of the bed, intuition
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Fa(R)

W(R,) %

K Carryover:

) I Fp, Xp,

R . '

Fludized bed. W, X5 —~

i © 9 FuRY
2 M Ky "

Ry, T R

Underfiow F,, Xy,

Fo(R)

R
Solids in Fy, Xy =0 Gas

FIGURE 8. Fluidized bed with carryover, showing size distributions of all
streams.

suggests that they stay in the bed for a shorter time than do the larger particles.
So, for particles of size R, we find, on combining Eqs. 59 and 60,

(weight of particles of size R, in the bed)

1R = " (flow rate of such particles 1n or out of the bed)
_W(R) _ W(R,) 1 61)
o(R)  Fi(R) + FyR) _1‘:1_ + Fa(R)
W o W(R)

This expression shows that the mean residence time, hence conversion, of particles
of any given size 1s the same in the underflow and carryover stream.
The mean conversion of particles of size R, from Eq. 43 is then

’ e—tiR)

Lo XaR) = [ 1 = XalRO) gy e

and for a feed consisting of a size mixture of particles we have, as with Eq. 54,

(62)

mean value for fraction uncon- fraction of feed
fraction of B | = verted 1n particles || consisting of particles
unconverted A= of size R, of size R,
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or

Rn
1= Fo= > 01 - Ka(Ry) R (©)

Equations 63 and 62 combined in turn with Eqs. 47, 49, and 50 give for film
diffusion controlling,

R
_ > (1 %(R) 1 [®(R)]? Fo(R)
== {nim - nlm) )R (64)
for chemical reaction controlling,
1 ©(R,) T(Rl) Fo(Ry)
Z (a7 - ) NS 5 63)
for ash diffusion controlling,
o N [IR(R) 19 [(R))? Fo(R)
U= %o = > 57 - a0 1R o p R 66)

Comparison with Egs. 55 to 57 shows that it is simply the variation of the mean
residence time with particle size which distinguishes the conversion in beds with
carryover from the ordinary mixed flow in which 7(R;) = = constant. For a feed
of a single size, *(R,) = © = constant, and these expressions reduce even further
to Egs. 47, 49, and 50.

To use these conversion equations we must know 7(R)), as yet an unknown
quantity, which is dependent on the properties of the two exit streams (see Eq. 61).
To find the tlow spht and properties of these two exit streams requires some
independent information on the rate at which particles are blown out of f.uidized
beds, and this we now consider.

#(R,) from Elutriation Data. Elutriation experiments show that the number of
marked particles of a given size blown out of a fluidized bed is proportional to the
number of such particles present in the bed, or

d(number of rr:;rked partlcles) x(number of marked particles in the bed) (67)

where «, called the elutriation velocity constant, has the units of reciprocal time
and is a function of the properties of the system. Yagi and Aochi (1955) and Wen
and Hashinger (1960) present generalized relationships for « which correlate data
obtained in a wide variety of physical systems.

Figure 19, illustrating typical elutriation experiments, shows how particle size,
gas velocity, and bed depth influence «. In fluidization of small particles which are
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i Small « for large particles,
p 10 low gas velocity, or
) large bed height
€
g
1
k4
£
2
:E 01}
2 A
B
g Large « for small particles,
15 high gas velocity, or shallow bed
2
001

t

FIGURE 19. Typical results of elutriation experiments
a batch of solids showing the dependence of x on the
fluidization variables. Adapted from Yagi and Aochi (1955).

to some extent blown out of the bed, the interrelationship between these variables
is approximated by
(gas velocity)*
" ™ (bed height)(particle size)??

(68)

Equation 68 should not be extrapolated to larger particles which are not blown
out of the bed because i1t predicts a nonzero value for «, whereas for such particles «
1s actually zero.

For particles of size R, 1n the bed, and at steady state,

(R) = (rate of carryover of particles of size R,)  Fy(Ry) (69)
MU= (weight of such particles present in the bed)  W(R,)
With «(R,) data available from independent experiments, Eq. 61 becomes
i(R) = R : (70)

FoR) ~ FiJW ¥ «(R))

One last term, Fy, 1s stil] to be evaluated before 7(R,) can be found. To find F,
combine Eq. 70 with Eq. 60 and rearrange as follows:

Fo(R)
TEWFORR) an

and on summing over all particle sizes

F1 = Fl(Rl) + Fx(Rz) +---+ Fx(Rm)

_ < FyR)
T+ (WF)(R)

Fl(Ri) =

(12)
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This is the desired expression for F; ; consequently, if we know the size distribution
of the feed, the size of bed, and « for all particle sizes then we can solve for F, by
trial and error as follows. Choose a value for F, evaluate Fy(R,) from Eq. 71, sum
up all the Fy(R,), and see whether this matches the F; selected. .

So from F; we find #(R,), and knowing this we can then apply Eq. 64, 65, or 66
to find the conversion 1n beds with carryover of fine solids.

EXAMPLE 4. Conversion in a mixed flow reactor with entrainment of fines

Solve Example 3 with the modification that the system has no cyclone separator, there-
fore solids are entrained by the fluidizing gas. The elutriation velocity constant for the
operating conditions and bed height is estimated to be

k = (500 p2/min)R?
where R is the particle radius in microns.
SOLUTION
From Example 3 and solving for «(R;) we have

F, = 1000 gm/min, 4
= = 10 min
]

W = 10,000 gm
«(50 p) = 0.2/min (50 n) = 5 mun Fo(50 1) = 300 gm/min
«(100 1) = 0.05/min (100 1) = 10 min Fo(100 ) = 400 gm/min

x(200 1) = 0.0125/min (200 ) = 20 min Fy5(200 ) = 300 gm/min

Figure E4a shows all the stream quantities known at this pomnt. The solution procedure
then is as follows.

Step 1. Find F; by tnial and error solution of Eq. 72.

Step 2. Determine #(R)) from Eq. 70.

Step 3. Calculate the conversion from Eq. 65, since chemical reaction controls.

Carryover

Fluidized bed
W = 10,000 gm

Feed Fo = 1000 gm/min

Fo(50u) = 300 gm/min
Fo(100u) = 400 gm/min
Fo(200u) = 300 gm/min

FIGURE E4a.
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Step 1. Guess F, = 625 gm/min; then the value of F, calculated by Eq. 72 is

Foo o ogmmin 400
1T 10,000 gm 10,000
_10.0008m 5 /mi 0% 0.05 0.0125
U+ 525 gmjmin O2/mim 1+ 5= 005 1+ =2 5 )
R = 504 R = 1904 = 2004

71.4 gm of 50-p material + 222.2 + 250
543.6 gm, - - - too low

Guess F; = 400 gm/min. Then by calculation

1l

Fo- 300 400 300
=
1
|+ 1000, 1+ l0000(005) 1+ 0000(00125)

=50 + 177.7 + 228.5
= 456.2 gm/min, - - - too high

Guess F; = 500 gm. Then by calculations similar to those just given we find

F, = 60 + 200 + 240 = 500 gm, - - - check
Thus we have
F,(50 1) = 60 gm/min
7, = 500 gm/min and F;(100 1) = 200 gm/min
F3(200 1) = 240 gm/min

Step 2. From Eq. 70 the mean residence times of the various sizes of particles are
1 1
(50 ) = = = i
COm) = ETW T <30 ~ 500 gmjmin oz 4 min
10,000 gm | - ™o
. 1
(100 p) =

500/10,000 + 0.05 ~ 0 min

1 .
500/10,000 + 0.0125 ~ 16 min

Step 3. From Eq. 65 we find the mean overall conversion to be

- [1 (5 min) _ _1_(2)2 + _l_ (§)3 _] 300 gm/min
7 l4\4min) 20\4 120 \4 1000 gm/min

(200 1) =

R = 50p
o[ (omny _ Lpop s
4 \10 min 20 \10 1000
R = 100p
L _L(ZQ)’+...]_3_°_°
4 \16 min 20 \16, 1000
= 200u

= 0.075 + 0.083 + 0.075 = 0.233
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Fluidized bed: W = 10,000gm Carryover: Fg = 500gm/min
W(50p) = 1200 gm N F2(50u) = 240 gm/min
W{(100u) = 4000gm-\ K —— {F3(1004) = 200 gm/min
W(200u) = 4800 gm * <ot " : F2(2004) = 60 gm/min

Feed: Fo = 1000gm/min Underflow: F} = 500gm/min

Fo(50u) = 300 gm/min 1 E =" Fy(50u) = 60gm/min
Fo(1004) = 400 gm/min :D bod e F)(100) = 200gm/min
Fo(200u) = 300 gm/min L F1(200u) = 60gm/min

FIGURE E4b.

The mean conversion of solids is then
Xy = 76.7%,

The composition of the bed and of the various streams, obtained by material balance,
is shown in Fig. E4b.

Comparing the solutions for Examples 3 and 4 we see that conversion is not
lowered appreciably by the elutriation of fines from the bed. Actually, as shown in
the problems at the end of the chapter, conversion can sometimes be increased by
allowing solids to 'be blown out of the bed. This may seem surprising at first, but
the reason becomes clear when we realize that the elutriation of fines which are
converted in a short time allows the larger sizes of particles to remain in the bed
for longer periods, hence increasing their conversion.

The predominance of larger particles in the bed can be seen in Fig. E4b.

Instantaneous Reaction

When reaction between gas and solid is fast enough so that any volume element of
reactor contains only one or other of the two reactants, but not both, then we may
consider reaction to be instantaneous. This extreme is approached in the high
temperature combustion of finely divided solids.

In this situation prediction of performance of the reactor is straightforward and
is dependent only on the stoichiometry of the reaction. The kinetics do not enter
the picture. Let us illustrate this behavior with the following ideal contacting
patterns.

Batch Solids. Figure 20 shows two situations, one which represents a packed bed,
the other a fluidized bed with no bypassing of gas in the form of large gas bubbles.
In both cases the leaving gas is completely converted and remains that way so long
as solid reactant is still present in the bed. As soon as the solids are all consumed,
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Unconverted T;OQO%m/ Fixed bed
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converted L/

FIGURE 20. A batch of solids contacted with gas; instantaneous reaction.
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and this occurs the irfstant the stoichiometric quantity of gas has been added, then
the conversion of gas drops to zero.

Countercurrent Plug Flow of Gas and Solids. Since only one or other reactant can
be present at any level in the bed there will be a sharp reaction plane where the
reactants meet. This will occur either at one end or the other of the reactor de-
pending on which feed stream 1s in excess of stoichiometric. Assuming that each
100 moles of solid combine with 100 moles of gas Figs. 21a and b show what
happens when we feed a little less gas than stoichiometric and a little more than
stoichiometric.

We may wish reaction to occur in the center of the bed so that both ends can be
used as heat exchange regions to heat up reactants. This can be done by matching
the gas and solids flow rates; however, this is inherently an unstable system and
requires proper control. A second alternative, shown in Fig. 2l¢, introduces a
slight excess of gas at the bottom of the bed, and then removes more than this
excess at the point where reaction is to occur.

Moving bed reactors for oil recovery from shale is one example of this kind of
operation. Another somewhat analogous operation is the multistage counterflow
reactor, and the 4- or 5-stage fluidized calciner is a good example of this. In all
these operations the efficiency of heat utilization is the main concern.

Cocurrent and Crosscurrent Plug Flow. In cocurrent flow, shown in Fig. 224, all
reaction occurs at the feed end, and this represents a poor method of contacting
with regard to efficiency of heat utilization and preheating of entering materials.
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Solids in Fggy = 100

Sohds in Fg, = 100

Gas out. F,, = 2

Gas in F,, =101

Gas in F,, =101

(%) (c)

In countercurrent plug flow the location of the reaction zone de-

pends on which component is in excess of stoichiometric.

For crosscurrent flow, shown in Fig. 22b, there will be a definite reaction plane
1 the solids whose angle depends solely on the stoichiometry and the relative feed
ate of reactants. In practice heat transfer characteristics may somewhat modify

he angle of this plane.

dixed Flow of Solids and Gas.

Again 1n the ideal situation either gas or solid will

e completely convert:d in the reactor depending on which stream is in excess.

Solids

N

reaction.

Completely Unreacted
converted gas gas Re::;:gn
- A Y / p
t (. j,. -~
ISR RPS GRAARS A € T
el 0,00 24,8 Q4P 2 *
Solids = 224 L,?VC,CI/‘/ :,‘0: 4

(b)

FIGURE 22. Cocurrent and crosscurrent contacting of gas—solids; instantaneous
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The real situation is more complex, however, and to find the distribution of
conversion among the particles leaving the bed requires a model for the action
within the bed. The most reasonable one assumes that any particle of solid contains
so murh more reactant than does the surrounding gas that the particle depletes the
gas of reactant as it moves through the bed. Thus, on the average, the conversion
of solid increases slowly and steadily with time, or

Xg o (time of stay in bed) = k¢ (73)

This then gives zero-order macrofluid behavior for the solids.

Incineration of solid wastes in fluidized beds of sand particles in some ways
approximate this behavior. Here the emulsion phase containing solid wastes is
often starved of oxygen (bubble-emulsion interchange rate in fluidized beds is
often rather low), hence solids may well be pyrolized giving off combustible vapors
to the vapor space above the bed. In addition, gas bubbles rich in oxygen bypass
through the bed to burn the vapors above the bed. The consequence of this is a
significant afterburning and temperature rise above the bed. In most beds, however,
the residence time of solids is sufficiently long to yield practically complete con-
version of solids.

COMMENTS

We have examined a number of contacting patterns for the fluid-solid phases and
have presented the design procedure for them. In doing so we have assumed ideal
flow for the two phases. For the solids the assumption of mixed flow 1s usually
quite reasonable; however, making a similar assumption for the flow of gas some-
times represents a gross simplification which leads to significant error. For proper
design of fluidized units flow patterns for the gas such as given in Chapter 9 should
be used. Kunii and Levenspiel (1969) show how to treat this more realistic case.

In addition to these assumptions for flow, we also used a rather simplified model
for the kinetics of the reaction, the shrinking core model. We may feel that with
these rather severe restrictive assumptions our models have but few applications.
This is not so, for models such as those presented here have represented satis-
factorily a large number of systems of industrial importance and have been used
for their actual design; see Yagi and Kunii (1961) and Kunii (1958). Also, we
should note that when reaction 1s fast enough then the treatment 1s simplified and
becomes independent of the kinetics.

Modification of the methods in this chapter to account for deviation from plug
flow in moving bed reactors is treated by Yagi et al. (1961) with the dispersion
model, and an extension to reactions of particles of changing size is treated 1.
Kunii and Levenspiel (1969).
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PROBLEMS

These are grouped as follows:

Problems 1-8: Kinetics of conversion of solids

Problems 9-19:  Simple design

Problems 20-26: Elutriation \
Problems 27-30: Design for systems with carryover of solids
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Problems 31-36: Miscellaneous including those where the conversion of the
gas phase must also be considered.

1. A batch of solids of uniform size is treated by gas in a uniform environment.
Solid is converted to give a nonflaking product according to the shrinking core
model. Conversion is about § for a reaction time of one hour, conversion is gom-
plete in two hours. What mechanism is rate controlling? ¢ \t* “‘)ngﬂ‘

2. In a shady spot at the end of Brown Street in Lewisburg, Pennsylvania, stands
a Civil War memorial—a brass general, a brass cannon which persistent under-
graduate legend insists may still fire some day, and a stack of iron cannonballs.
At the time this memorial was set up, 1868, the cannonballs were 30 inches in
circumference. Today due to weathering, tusting, and the once-a-decade steel wire
scrubbing by the DCW, the cannonballs are only 29.75 inches in circumference.

Approximately, when @ey disappear completely ?

3. Calculate the timefiéeded to burn to completion particles of graphite (R, =
5mm, pg = 2.2 gm/cm?, k, = 20 cm/sec) in an 87, oxygen stream. For the high
gas velocity used assume that film diffusion does not offer any resistance to transfer
and reaction. Reaction temperature = 900°C.

4. Particles react with gas of given composition and at given temperature to
give a solid product. What can you say about the kinetics of the reaction 1f the rate
of reaction per gram of solid is

(a) Proportional to the diameter of particles. )
(b) Proportional to the square of the particle diameter. 99-) o i Wl
(¢) Independent of particle size. ;v HVv-C

L (N IV LN

5. Two small samples of solids are introduced into a constant environment oveu
and K pt there for one hour. Under these conditions the 4 mm particles are 58%,
convetted, the 2 mm particles are 87.5%, converted. 5"’*“ ‘

(a)\Find the rate-controlling mechanism for the conversicn of solids.
(b) Find the time needed for complete conversion of 1-mm particles in this
oven. 8{64,5 GAL

6. The reduction of irofiore of density pp = 4.6 gm/cm? and size R = 5 mm by
hydrogen can be approximated by the unreacted cofe model. With no water vapor
present the stoichiometry of the reaction is

. 4H, + Fe O, — 4H,0 + 3Fe
with rate approximately proportional to ‘the concentration of hydrogen in the gas
stream. The first-order rate constant has been measured by Otake et al. (1967) to be
. k, =193 x 10+5¢~34.000/RT - . cm/sec
(a) Taking @, = 0.03 cm?/sec as the average value of the diffusion coefficient

for hydrogen penetration of the product layer calculate the time necessary
for complete conversion of a particle from oxide to metal at 600°C.



402 Ch. 12 FLUID-PARTICLE REACTIONS

(b) Does any particular resistance control ? If not, what 1s the relative impor-
tance of the various resistance steps?

7. Spherical particles of zinc blende of size R = | mm are roasted in an 8%,
oxygen stream at 900°C and 1 atm. The stoichiometry of the reaction1s

2ZnS + 30, — 2Zn0O + 280,

Assuming that reaction proceeds by the shrinking core model
(a) Calculate the time needed for complete conversion of a particle and the
relative resistance of ash layer diffusion during this operation.
(b) Repeat for particles of size R = 0.05 mm.
Data: Density of solid, py = 4.13 gm/cm® = 0.0425 mol/cm®
Reaction rate constant, k, = 2 cm/sec
For gases in the ZnO layer, 2, = 0.08 cm?/sec
Note that film resistance can safely be neglected as tong as a growing ash
layer is present.

8. Let us explore the characteristics of time delay\(slow absorption) capsules for
taking medicines. In one approach these capsules contain many small particles of
slowly dissolving matrix impregnated with active chemical. Sketch the rate of
dissolution of active material with time for spherical, cylindrical, and flat plate
particles of the same minimum dimension.

9. A 200-ton solid holdup 1s needed in a single fluidized bed reactor for 99,
conversion of particles of unchanging size where ash diffusion controls. What would
be the holdup in two fluidized beds 1n series for identical conversion, feed rate, and
gas environment ?

10. A large stockpile of coal 1s burning Every part of its surface 1s in flames. In a
24-hr period the linear size of the pile, as measured by its silhouette against the
horizon, seems to decrease by about 5%,.

(@) How should the burning mass decrease in size”
(b) When should the fire burn 1tself out?
(¢) State the assumptions on which your estimation 1s based

11. We happen to have a two-stage flurdized bed to react solids as in Fig. P17
One stage 1s twice the size of the other and the gas environment will be the same in
both stages. To obtain a higher conversion which stage should come first.

12. Solids of unchanging size, R = 0 3 mm, are reacted with gas in a steady
flow bench scale fluidized reactor with the following result.

Fo = 10 gm/sec, W = 1000 gm, Xg =075
Also, the conversion 1s strongly temperature-sensitive suggesting that the reaction
step is rate-controlling.

(a) Design a commercial sized fluidized bed reactor (find W) to t're* 4 metric
tons/hr of solid feed of size R = 0.3 mm to 989, conversion
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(b) How large would a 2-staged fluidized bed be to do this job?

13. Particles of uniform size are 60%, converted on the average (shrinking core
model with ~caction controlling) when flowing through a single flurdized bed
(a) 17 the reactor is made twice as large but with the same gas environmet
what would be the conversion of solids?
(b) 1f the output from the first reactor is introduced into a second reactor of
same size and same gas environment what would be the conversion?

14. A solid feed consisting of 20 wt 7, of 1-mm particles and smaller, 30 wt %,
of 2-mm particles, 50 wt %, of 4-mm particles is to be passed through a rotating
tubular reactor, somewhat like a cement kiln, where 1t reacts with gas of umform
composition to give a hard nonfriable solid product. Experiments show that the
progress of conversion can reasonably be represented by rcaction control for the
unreacted core model, and that the time for complete conversion of 4-mm
particles 1s 4 hrs. Find the residence time needed in the tubular reactor for

(a) 75%, conversion of solids.
(b) 959%, conversion of solids.
(¢) 100%, conversion of sohds.

15. You are a member of the Lavender Hill Philanthropic Society, a worthy
orgamization dedicated to the preservation of important historical monuments,

The latest and by far the boldest and grandest venture ever undertaken by your
group 1s to save Fort Knox from sinking completely out of sight because of the
excessive overload on the foundations. The solution to this weighty problem 1s
obvious; ehminate the overload. Preliminary estimates show that this can be done
by removing from their vaults 50 tons of long cylindrical 1-1n -diameter gold bars
worth about $64,000,000. These will be removed at 8 p.M. on the day. Your job1s
to dispose of them as soon as possible, but certainly before 8 A.M. the next day,
when visiting digmitanies of the various constabularies may be expected. After
weighing the various alternatives, you hit on the ingenious plan of dumping the
bars in the employees’ swimming pool, which will be filled for that occasion with
aqua regia.

A lhterature search produces no useful rate data for this reaction, so an experi-
mentis devised with the only sample of gold available, a 4-1n.-diameter gold marble.
The following results are obtained, using the same fluid as in the pool.

Size of Marble, 05 04 03 02 01 0
diameter in inches

Time, min 0 42 87 130 172 216

(a) At what time can the bars be expected to disappear, and can the 8 A.M.
deadhine be met?

(b) Certainly the earlier the bars dissolve the safer ihe project will be from
unforeseen contingencies. With the thought that agitation may speed up
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the reaction, the project director helpfully suggests that the group’s
psychologist, and not too reliable member, Harry, with a slight push or
prod, may volunteer his services in agitating the pool. Would Harry’s
services be needed ?
Note: Naturally the employees’ swimming pool is large enough so that the acid
strength is not appreciably lowered during reaction.

16. In a uniform environment 4-mm solid particles are 87.5%, converted to
product in 5 min. The solids are unchanged in size during reaction, and the chemical
reaction step is known to be rate-controlling. What must be the mean residence
time of solids to achieve the same mean conversion of reactant in a fluidized-bed
reactor operating with the same environment as before, using a feed consisting of
equal quantities of 2-mm and 1-mm particles?

17. When the reaction step is rate-controlling for particles of unchanging size
(a) Find the expression for the conversion of solids in an N-stage fluidized bed
where each stage 1s of the same size and contacts gas of the same com-
position; see Fig. P.17.
(b) For a two-stage reactor show that this expression reduces to

where y = /i, and i, is the holding time of solids per stage.

(c) When 7, > t show that this conversion expression reduces to
ey RS N A A
: X“‘zo(l 3ta " m’t
18. In a uniform environment 4-mm solid particles arc 87.5%, converted to
product in 5 min. The solids are unchanged in size during reaction, and the ash
diffusion step is known to be controlling. What mean conversion is obtainable 1n a
fluidized-bed reactor operating with the same environment but using a feed con-

sisting of equal weights of 2-mm and 1-mm particles. The mean residence time of
solids in this reactor 1s 30 min.

o N

n

. Solids
—_———— :> out -

S B B B

FIGURE PI7.
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19. A fluidized-bed reactor is planned for the continuous conversion of solid
reactant B to solid product R. To find the mean residence time of solids in this flow
reactor the following data are obtained 1n a batch-fluidized unit.

At I-min intervals, solids are removed from the batch reactor and are analyzed
for B and R by an analytical technique which can find the 50%, conversion point
of B to R. The following results are found.

Size of particles in the batch reactor | 4 mm 12 mm
Temperature of the run 550°C  590°C
Time for 50%, conversion I5min 2hr

What mean residence time 1s necessary to achieve 98%, conversion of B to R if the
flow reactor 1s to be operated at 550°C with a feed of 2-mm particles ? The particles
are unchanged in size during reaction; therefore it is safe to ignore gas film resistance.

20. (a) Particles of a single size are fed to a fluidized bed at a rate of 2 kg/min.
The bed contains 60 kg solids. What is the mean residence time of solid
if carryover is absent?

(b) With the same sohd feed rate the gas flow rate 1s increased with the result
that the bed expands, thus containing only 50 kg solids. Another effect is
that 0.86 kg solid/min ar~ blown out of the bed. What 1s the mean
residence time of solids under these conditions?

21. A batch of solids (20 kg A, 20 kg B, 60 kg C) are fluidized at high air velocity,
and the entrained solids are removed and collected for analysis. After 8 min of
operation an analysis of the entrained sohds shows 18 kg A, 10 kg B, and no C.

(a) Calculate the elutriation constant for these solids.
(b) If the entrained solids were collected 1n a cyclone and immediately returned
to the bed what would be entrainment rate of sohids under these conditions ?

22. Consider the following steady-state operations of a fluidized bed. A mixture
of solids A and B (40 kg A/hr and 60 kg B/hr) are fed continuously to a bed which
contains 100 kg solids. Because of the high gas velocity used 20 kg solids/hr, all A,
are blown out of the bed; the rest of the solids leaves through an overflow pipe.
Find the mean residence time in the bed

(a) Of the total stream of solids.
(b) Of solids A.
(¢) Of solids B.

23. Steady-state experiments on the elutriation rates of solids are conducted in
the simple apparatus consisting of a fluidized bed followed by a cyclone which
serves to separate and return to the bed all entrained solids.

In a typical experiment a batch of titanium dioxide composed of 400 gm of
uniform 25-u-radius particles and 600 gm of 50-u particles is introduced with
5000 gm of larger material, approximately 150-u-radius, and is fluidized with gas
at a fixed velocity. When steady state is achieved, the carryover rate is 22 gm/min
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o7

consisting of 27.3%, of 50-u particles, the rest being 25-u particles. As the amount
of solid n the recycle system at any instant 1s small, about 10 gm, it may be
neglected 1in computing the composition of the bed.

Fmd the elutnation velocity constant as a function of radius of particles (in
centimeters), assuming the following type of relationship to hold: «(R) = «R”.
What are the dimenstons of « and 87

24. With a uniform feed rate of a single size of particle to a fluidized bed and
fixed gas flow rate, 50%, of the solids feed is blown outascarryover. With unchanged
flow rates of solids and gas but with a doubling of the height of the fluidized bed
find how the following change:

(a) Mean residence tume of solid.

(b) Elutnation velocity constant.

(¢) Fraction of feed blown out as carryover.
Assume unchanged bed density.

25. Glass beads were batch-fluidized in a 10-cm-1 d. column with 21°C 1-atm air
at 122 ¢m/sec, and the quantities of the various sizes of solids blown out in a 2-min
interval were determined by Wen and Hashinger (1960) as shown in the following
table.

Particle Diameter, Quantity Imtially Quantity Removed,
microns Present, gm gm
70 450 414
98 450 291
146 450 148
277 4050 0

Determine the clutriation velocity constant as a function of particle size for the
three small sizes of glass beads

26. A batch of 60 kg A and 40 kg B 1s fluidized. The air velocity used 1s rather
high and the solids blown from the bed are trapped 1n a cyclone and are immediately
returned to the bed At steady state 36 kg A/hr and 8 kg B/hr are blown out and
returned.

We plan a continuous operation where this A-B nuxture (100 kg/hr) is fed con-
tinuously to a bed contaming 100 kg solids, the air velocity 1s kept identical to the
batch run, and entrained vohds are not returned to the bed. Find the mean residence
time of solids A and B in the continuous flow fluidized bed.

27. Solve Example 3 with the following modification: the kinetics of the reaction
is ash diffusion controlled with (R = 100 1) = 10 min.
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28. Solve Example 4 with the following modification: the kinetics of the reaction
is ash diffusion controlled with (R = 100 ) = 10 min.

29. A pilot plant is to be built to explore the fluidized-bed technique as a means
of roasting zinc blende. The reactor is to have an internal diameter of 10 cm and
an underflow pipe 18 cm from the bottom of the bed. Feed to the experimental
reactor is to be 35.5 gm/min consisting 407, of 10-u-radius particles and 607, of
40-p. particles. For the optimum gas velocity through the bed, the following bed
characteristics can be estimated from values in the literature.

From elutnation data: «(10 ) = 0.4/min, «(40 ) = 0.01/min.

From bed porosity data: W = 1100 gm.

For the temperature selected and ore to be processed, *(10 1) = 2.5 min,
(40 i) = 10 min.

(a) What conversion of ZnS may be expected in this reactor?

(b) The installation of a cyclone to separate and return to the reactor any
sohds entrained by the fluidized gas is being considered as a possible means
of increasing the sulfide conversion. Find the effect on conversion of such
a device.

30. A commercial-sized reactor (bed diameter = 1 m, bed height = 2 m) is to be
built to treat 15 kg/min of feed of the previous problem. Assuming no change in
bed density and gas velocity, find the conversion of sulfide to oxide in such a unit.

31. Consider the following process for converting waste shredded fibers into a
useful product Fibers and fluid are fed continuously into a mixed flow reactor
whete they react according to the shrinking core model with the reaction step as
rate controlling Develop the performance expression for this operation as a
funcuon of the pertinent parameters and ignore elutriation.

32. Constder solids and gas both passing in mixed flow through a reactor,
mstantaneous reaction, and a feed ratio such that the conversion of sohids from the
reactor 15 Xy

(a) Derive an expression relating X and the rate constant of the conversion,
given by Eq. 73.

(h) Sketch the curve for the distribution of conversion among the solid par-
ticles and show its mamn features.

(c) What fraction of the particles is completely converted if the mean con-
version of solids s A = 0.99?

33. Ina gas phase environment, Ci, particles of B are converted to solid product
as follows

A(gas) -+ B(sohd) — R(gas) -+ S(solid)

Reaction proceeds according to the shrinking core model with reaction control
and with time for complete conversion of particles of 1 hr.
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A fluidized bed is to be designed to treat 1 ton/hr of solids to 90%, conversion
using a stoichiometric quantity of A, fed at C,,. Find the weight of solids in the
reactor if gas is assumed to be in mixed flow. Note that the gas in the reactor 1s
not at Cy,. . [

34. Repeat problem P33 if the gas is assumed to pass in plug flow through tl e
reactor.

35. Repeat problem P33 if twice the stoichiometric ratio of gas, still at Cyg, is
fed to the reactor.

36. Repeat problem P33 if twice the stoichiometric iatio of gas, still at C,q, 18
fed to the reactor, and if the gas is assumed to pass in plug flow through the reactor.
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FLUID-FLUID
REACTIONS

Heterogeneous fluid—fluid reactions are made to take place for one of three reasons.
First, the product of reaction may be a desired material. Such reactions are numer-
ous and can be found in practically all areas of the chemical industry where organic
syntheses are employed. An example of liquid-liquid reactions is the nitration of
organics with a mixture of nitric and sulfuric acids to form materials such as nitro-
glycerin. The chlorination of liquid benzene and other hydrocarbons with gaseous
chlorine is an example ofagas-liquid reactions. In the inorganic field we have the
manufacture of sodium amide, a solid, from gaseous ammonia and liquid sodium:
NHa(g) + Na(/) 25 NaNH,(s) + 3H,

Fluid-fluid reactions may also be made to take place to facilitate the removal of
an unwanted component from a fluid. Thus the absorption of a solute gas by water
may be accelerated by adding a suitable material to the water which will react with
the solute being absorbed. Table 1 shows the reagents used for various solute gases.

The third reason for using fluid—fluid systems is to obtain a vastly improved
prc;duct distribution for homogeneous multiple reactions than is possible by using
the single phase alone. We treat this topic briefly at the end of the chapter. Let us
return to the first two reasons, both of which concern the reaction of materials
originally present in different phases.

The following factors will determine the design method used.

The Over-all Rate Expression. Since materials in the two separate phases must
contact each other before reaction can occur, both the mass transfer and the
chemical rates will enter the overall rate expression.

409
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TABLE . Absorption systems with chemical

reaction?®
Solute Gas Reagent
CO, Carbonates
CO, Hydroxides
CO, Ethanolamines
CO Cuprous amine complexes
CcO Cuprous ammonium chloride
SO, Ca(OH),
SO, Ozone-H,0O
SO, HCrO4
SO, KOH
Cl, H:O
Cl, FeCl,
H.S Ethanolamines
H.S Fe(OH),
SOJ HQSOQ
CaH, KOH
CoH, Trialky! phosphates
Olefins Cuprous ammonium complexes
NO FeSO,
NO Ca(OH),
NO H,SO,
NO, H,0

@ Adapted from Teller (1960).

Equilibrium Solubility. The solubility of the reacting components will limit their
movement from phase to phase. This factor will certainly influence the form of the
rate equation since 1t will determine whether the reaction takes place in one or
both phases.

The Contacting Scheme. In gas-liquid systems semibatch and countercurr:nt
contacting schemes predominate. In liquid-liquid systems mixed flow (mixer
settlers) and batch contacting are used in addition to counter and cocurrent
contacting

Many possible permutations of rate, equilibrium, and contacting pattern can be
imagined; however, only some of these are important in the sense that they atc
widely used on the technical scale. We treat only these cases.
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THE RATE EQUATION

For convenience let us call the two phases the gas and liquid phases: let A be the
reactant in the gas phase, B the reactant in the liquid phase. If our system consists
of two liquids rather than a gas and liquid, we simply let the gas phase of this
treatment be the second liquid phase and make the appropriate change in termin-
olog; .

Further, let us assume that gaseous A is soluble in the liquid but that B does not
enter the gas. Thus A must eriter and move into the liquid phases before it can
react, and reaction occurs in this phase alone.

Now the overall rate expression for the reaction will have to account for the mass
transfer resistance (to bring reactants together) and the resistance of the chemical
reaction step. Since the relative magnitude of these two resistances can vary
greatly we have a whole spectrum of possibilities, and since each situation requires
its own particular analysis, our first problem 1s to 1dentify these kinetic regimes and
to select that one which matches the given physical situation.

Kinetic Regimes for Mass Transfer and Reaction

In terms of the two-film theory of Lewis and Whitman (1924) Fig. | shows what may
occur as the relative rates of reaction and mass transfer vary from one extreme to
the other. Let us start with the infinite fast reaction step.

Case A Instantaneous Reaction with Respect to Mass Transfer. Since an element
of liquid can contain either A or B, but not both, reaction will occur at a plane
between A-contaming and B-contuinming liquid. Also, since reactants must diffuse
to this reaction plane the rate of diffusion of A and B will determine the rate, so
that a change in p, or Cz will move the plane one way or the other.

Case B Instantaneous Reaction; High Cy. For this special case the reaction plane
moves to the gas--liquid interface, hence the overall rate will be controlled by the
diffusion of A through the gas film Raising Cy further has no cffect on the overall
rate

Case C Fast Reaction; Second-Order Rate. The plane of reaction for case A now
spreads 1nto a zone of reaction in which A and B are both present. However
reaction is fast enough so that this reaction zone remains totally within the hiquic
film. Thus no A enters the main body of liquid to react there.

Case D Fast Reaction; High Cy, hence Pseudo First-order Rate. For the specia
case where Cy does not drop appreciably within the film, it can be taken to b
constant throughout, and the second-order reaction rate (case C) simplifies to th:
more easily solved first-order rate expression.

Cases E and F  Intermediate Rate with Respect to Mass Transfer. Here reactio:
is slow enough for some A to diffuse through the film into the main body of th
fluid. Conscquently, A reacts both within the film and in the main body of the fluid
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for the complete range of rates of the reaction rate and the mass transfer rate.

ase G Slow Reaction with Respect to Mass Transfer.

This represents the some-

hat curious case where all reaction occurs in the main body of the liquid ; however,
e film still provides a resistance to the transfer of A into the main body of liquid.

ase H Infinitely Slow Reaction.

Here the mass transfer resistance is negligible,

¢ composition of A and B are uniform in the liquid, and the rate is determined
» chemical kinetics alone.
Let us briefly develop the kinetic equations for some of these cases.
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Rate Equation for Instantaneous Reaction; Cases A and B
Consider an infinitely fast reaction of any order:
A(from gas) + bB(liquid) — product €))

If Cy is not too high we have the situation shown in Fig. 2. At steady state the flow
rate of B toward the reaction zone will be b times the flow rate of A toward the
reaction zone. Thus the rate of disappearance of A and B are given by

Xo
Xo — X
A in gas film A 1n liquid film B in hquid film

L4 B k
—Ta = —r—bB = kag(Pa — Pa)) = kal(Cay — 0)% = T?‘l (Cs - 0) 2

where k., and k,,, kg, are the mass transfer coefficients in gas and liquid phases.
The liquid side coefficients are for straight mass tra~sfer without chemical reaction
and are therefore based on flow through the whole hlm of thickness x,.

At the interface the relationship between p, and C, is given by the distribution
coefficient, called Henry’s law constant for gas-liquid systems. Thus

par = HaCay 3)

In addition, since the movement of material within the film is visualized to occur
by diffusion alone, the transfer coefficients for A and B are related by *

k_Al _ Dailxo _ Dur @)
kg, Dailxo Da

Eliminating the unknowns x, xq, pa;, Ca; in Egs. 2, 3, and 4, we obtain

D51 Co | Pa

_,~=_l%=?ﬂ_”_ﬁ 6)
A S dr [
HAkAsr kAI

* Alternatives to the film theory are also i1n use. These models (Higbie (1935), Danckwerts
(1950, 1955)) view that the hquid at the interface is continually washed away and replaced by
fresh fluid from the main body of the hquid, and that this 1s the means of mass transport.
These unsteady-state surface renewal theories all predict

Kai EN
AL . [ZA S
Ko J 3, (5)
as opposed to Eq. 4, above, for the film theory.
With the exception of this one difference, these models, so completely different from a
physical standpoint, give essentially identical predictions of steady state behavior Because of

this, and because the film theory is so much easier to develop and use than the other theories,
we deal with it exclusively.
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FIGURE 2. Concentrations of reactants as visual-
1zed by the two-film theory for an infinitely fast
irreversible reaction of any order, A + bB -
products.

Special Case of Negligible Gas Phase Resistance. When this happens k,, = o
and pa = pa, 50 Eq. 6 reduces to

" D C
—ra = kAlCAl(l + b_?a——‘l——(-u‘) N
7 AL AL
Comparing with the expression for the maximum rate of straight mass transfer, or
~rp = KaCay (8)

we find that the term 1n brackets represents the increase n rate of absorption of A
resulting from adding reactant B to the liquid Thus if we define 1n general

. enhancement rate with reaction
E = = = 9)
factor rate for mass transfer alone
then for the case of infinitely fast reaction rate and no gas phasc resistance
N Yy C
—ry =k CaiF where £ = | + 2B 10
A INASP N b0 Cy (10)

Equations 6 and 10 represent case A of Fig. 1, and can be used directly in design
~vhen the quantitics Zg,/Z A, ka,, karn and H, are known

Special Case of High C;  Returming to the general situation shown in Fig 2, if
he concentration of B 1s raised, or more precisely, if

ki

kypa € B Cy (1)



+fE EQUATION FOR INSTANTANEOUS REACTION 415

then this condition, combined with Eq. 2, requires that the reaction zone move to
and remain at the interface. When this happens, the resistance of the gas phase
controls, and the rate is not affected by any further increase in concentration of B.
In addition, Eq. 6 simplifies to

. 1 dN
—ry = -gjf = KagPs (12)

To determine which form of rate expression, Eq. 6 or 12, to use in any specific
situation requires knowledge of the concentrations of reactants and of the physical
properties of the fluids being used. Nevertheless, we can make a rough order of
magnitude estimation as follows. For mass transfer of a constituent through a
hquid

2, ~ 10~% cm?/sec and xo =~ 1072 cm

hence
k, = 2, ~ 1073 cm/sec (13)
Xo
For a gas phase, on the other hand,
2, ~ 0.1 cm?/sec and Xo & 1072 cm

hence for driving forces 1n concentration units

(2

ky = k,RT = % ~ 10 cm/sec (14)
0

Replacing these values in Eq. 11 shows that when

&_ _ 10-4C5,
B ¢, < 1 Cm as)

the simple form of rate expression, Eq. 12, may be used. We should bear in mind
that Eq. 15 1s only an order of magnitude estimate.

Note that the reaction rate constant does not enter into either Eq. 6 or 12,
showing that the rate is completely mass transfer controlled. Also, even though the
resistance of the liquid film may normally control, when Cjy is raised high enough
then the resistance always shifts to gas phase controlling.

Examples 1 to 4, p. 431, illustrate the use of these kinetic expressions.
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Rate Equations for Fast Reaction; Cases C and D

For case C with second-order reaction between A and B

I dN
—'I‘AJ = ——l71 —(—I,’—é = kCACB (l6)
we may write for the gas and liquid films
~ri = kao(pa — pa) = kalCaE an

Eliminating C,, and p,, with Eq. 3 gives for case C

" |

TS T, (18)
— e —
kAD khlb
gas hquid
film film

where the enhancement factor E is a complex function of k,, k, b, and Cg/Cy,.
A precise analytical expression for E has not yet been found, but an approximate
solution (+ 10%,) 1s given by van Krevelens and Hoftijzer (1948).

For the special case where Cy is high enough to be considered constant the
reaction in the liquid becomes pseudo first order, or

—rp = kCpoCg = (kCp)Cp = k,C,
in which case the enhancement factor 1s a simple expression, as follows:

\/SZA,kCB \/.(’Z"A,kl
= = 19
5 T (19

E

Eliminating intermediate concentrations in Eq 17 with Eq. 3 we find the rate for
case D to be

—ri = ——————5—— Pa (20)
T N H,
kao V@, kCy

gas film  l:quid film

Note that film thickness does not enter into this expression since reactant A does
not penetrate and use the whole film.
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Intermediate Rates; Cases E and F

These cases represent the general situation where reaction occurs both within the
film and within the main body of the liquid. Hatta (1929) did the first significant
analysis of this problem; however, today the general rate expressions for this regime
are still unavailable, while for the special cases the resulting equations are rather
complex. The reader may find derivations and discussions of this case in the texts
d:voted to this subject, such as Sherwood and Pigford (1952), Astarita (1967), and
Danckwerts (1970), and also Kramers and Westerterp (1964).

For our purposes 1t suffices to note that the rate is dependent on both interfacial
surface and on volume of liquid. Thus the ratio

S _ interfacial surface

%= ¥, = Volume of liquid @1

becomes a parameter in this regime.

Rate Equation for Slow Reaction; Case G

Here the two films and the main body of liquid act as resistances in series; thus we
may write for these steps

1 dN
_:S".Tit_‘A = kao(Pa — Pa) = kal(Cas — Ca) @2
and
1 dN, _
~V.d - kC,Cp (23)

Combining and eliminating intermediate concentrations with Eq. 3 gives

LN
S dt 1 + fI_A HAatpA
kA, kAl kCB
or (24)
_LdN, _ !
Vide T T Hy  Ha'*
kaga,  kaa,  kCy
gas liquid bulk

film film liquid

Note that the ratio of surface to volume enters this expression.
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Rate Equation for Infinitely Slow Reaction; Case H

Here the concentrations of A and B are uniform in the liquid, and the rate is given
directly by

1 dN,

A = '—'V 7 = kCACB 1 1€)

Note that the rate is expressed in terms of unit volume of liquid, that the film offers
no resistance, hence interfacial area does not enter into the rate expression.

Film Conversion Parameter, M

To tell whether reaction is fast or slow we focus on unit surface of gas-liquid inter-
face, we assume that gas phase resistance is negligible, and we define a film con-
version parameter

___maximum possible conversion in film
" maximum diffusion transport through film

kCrCpxy kCg2,,
QAI . C kAl2 ( )
X At
[}

If M >» 1 all reaction occurs in the film, and surface area is the controlling rate
factor. On the other hand, if M « 1 no reaction occurs in the film, and bulk
volume becomes the controlling rate factor. More precisely, it has been found that:

1. If M > 4 reaction occurs in the film and we have cases 4, B, C, D.
2. If 00004 < M < 4 we then have the intermediate cases E, F, G.
3. If M < 0.0004 we have the infinitely slow reaction of case H.

When M is large we should pick a contacting device which develops or creates
large interfacial areas; energy for agitation is usually an important consideration
in these contacting schemes. On the other hand, if M is very small all we need 1s a
large volume of liquid. Agitation to create large interfacial areas is of no benefit
hcre.

Table 2 presents typical data for various contacting devices, and from this we
see that spray or plate columns should he efficient devices for systems with fast
reaction (or large M), while bubble contactors should be more efficient for slow

reactions (or small M).
Clues to the Kinetic Regime from Solubility Data

1 For reactions which occur in the film the phase distribution coefficient H can
1 suggest whether the gas phase resistance is likely to be important or not. To show
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TABLE 2. Equipment characteristics for gas-liquid contactors; from Kramers and
Westerterp (1964)

Interfacial Interfacial Volume Volume of
Surface Surface Fraction Liquid
Volume of Volume of of Volume of
Type of Contactor Liquid Reactor Liquid Film
Spray column ~ 1200 m2/m? ~ 60 m?/m?® ~0.05 ~2-10
Packed column 1200 100 0.08 10-100
Plate column 1000 150 0.15 40-100
Agitated bubble
contactor 200 200 0.9 150-800
Bubble contactor 20 20 0.98 4000-10,000

this we write the expression for straight mass transter of A across the gas and liquid
films

1dN, 1
STa T T @9
kAg kAl
gas liquid
film film

Now for slightly soluble gases H, is large; hence, with all other factors remaining
unchanged the above rate equation shows that the liquid film resistance term 1s
large. The reverse holds for highly soluble gases. Thus we see that:

Gas film resistance controls for highly soluble gases.
Liquid film resistance controls for slightly soluble gases.

Since a highly soluble gas 1s easy to absorb and has its main resistance in the gas
phase, we would not need to add a hiquid phase reactant B to promote the absorp-
tion. On the other hand, a sparingly soluble gas is both difficult to absorb and has
1ts main resistance in the liquid phase; hence it is this system which would benefit
greatly by a reaction in the liquid phase.

Thus we conclude that where reaction can significantly aid the absorption of a
gas, the gas 1s only sparingly soluble and the liquid phase resistance is likely to
control.

Clues to the Kinetic Regime from Experiment

Ideally, what we need is an experimental setup which is flexible enough to allow the
variables to be changed independently and in a known manner, and where we car
measure what happens to the rate as a consequence of these changes. Let u:
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FIGURE 3. |dealized experimental contactor, the double mixed
reactor, for studying the kinetics of fluid-fluid systems.

illustrate how such information can be used to establish the kinetic regimes by
considering the ideal contactor of Fig. 3 which we will call a double mixed reactor.
The particular features of this device are:

Mixed flow of gas and of liquid, hence uniform composition in the bulk of
each phase. :

The agitation rate in the phases can be changed independently.

The surface to volume ratio can be varied by changing the interfacial contact
area.

The concentration level of reactants can be raised or lowered by changing the
feed rate or feed composition.

Because of mixed flow of the phases the rate of absorption and reaction can be
found directly by means of a material balance. For example, based on unit volume
of liquid we have for component B

e = _L% _ CpoXs _ v(Cpo — Cp)
B = - -

vV, dt 7 V, @n

or for A, based on volume of liquid,

1 dN, Tp,1 Vinerts™ [( Pa ) ( Pa ) ]
— IT e e — T e a—— = — 8
M=V d 78 T RV, e e I

Pinerts




THE RATE EQUATION, SLURRY REACTIONS . 21
Similarly, based on unit surface we have for B

,__lé)_\’_g= Vx=0|(cao"cn)
S

—rg = S ar —"n.r.-g' (29)

and for A

v _ ldL«_ 75 _ UVmnerts™ PA) (PA)
TASTSTa T b T RIS ( m out.] 0

Pinerts Dinerts.

Let us illu'strate the planning and interpretation of experiments with such a
device. Consider the following changes in system variables.

Increase gas phase agitation. If the rate of "beorption and reaction rises then
the gas phase resistance is important; if it does no. rise then the gas phase resistance
can be ignored. '

Change S, V,, or both:

(a) If dN,/dt is independent of ¥, but is proportional to .S then M > 4, and we
have case A, B, C, or D.

(b) If both S and V, affect dN,/dt to some extent then 0.0004 < M < 4, and we
have case E, F, or G.

(c) If dN,/adt is proportienal to ¥, but is independent of S then M < 0.0004 and
we have case H.

Now that we know which of the three regimes we are in we may try to identify
the particular case present by varying the physical factors at our disposal. Problems
7 to 11 at the end of the chapter give practice in this type of analysis.

These methods for setting up rate equations and determining the rate-controlling
regimes can be extended to other situations. We illustrate this briefly with the
following systems. :

Slurry Reaction Kinetics

Here gas which contains reactant A is bubbled through liquid B which contains
suspended solid catalyst; and reactant A must reach the catalyst surface to react

with B. For such systems the following resistances are viewed to act in series, see
Fig. 4.

Step 1. Reactant A must cross the gas film to reach the gas-liquid interface.

Step 2. A must cross the liquid film to reach.the main body of liquid.

Step 3. A must cross the liquid film surrounding the catalyst particle to reach
the surface.

Step 4. A then reacts on the surface of the catalyst particle with liquid com-
ponent B.
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FIGURE 4. Resistances in a slurry reactor for gaseous re-
actant to reach the surface of suspended solid catalyst.

Let us suppose that B is in large enough excess for the surface reaction to be first
order with respect to A with rate constant k,. Let us also define

interfacial surface

a L T e
* ™ ‘volume of liquid
and
u surface of suspended catalyst
y =

volume of hquid
Then the rate for these individual steps is given by

1 dN,

—Tag = _';7; @ - kasa(pa — pas) = kaa(Cai — Ca))
= kria,(Ca; — Cys) = k1a,Cy, a3n
and on combining we find
N ! __ (32)
MU T He [ Hy | H P
kaga, kaa, kaa,  ka,

gas-hquid catalyst
interface surface

It is important to know whether the primary resistance lies at the gas-liquid
“nterface or at the surface of the particles. This s easily found by changing separ-
itely gas-liquid interfacial areas and the amount of suspended catalyst in the
iquid. This will determine how best to scale up the operation.
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The following rearrangement of Eq. 32 is often useful in correlating data in
kinetic studies of this system:
Pa ( 1 HA) 1 (HA HA) 1 1 1
——— =+ ")+ |+ =C= + C;— 33
—Taa kao  ka a, k'as ky/ a, ! a; a, 33
The hydrogenation of organic compounds represents a typical application of

slurry reactors. Since pure hydrogen invariably is used the gas phase resistance just
doesn’t exist in these operations.

Aerobic Fermentations

Here oxygen from the gas phase must reach the surface of the growing cells which
are present in the liquid. With respect to the form of the kinetic equation this
situation is very similar to the slurry reactor, and Fig. 5 shows the concentrations
and resistances which exist.

The crucial problem in these fermenters is to insure an adequate oxygen supply
for proper cellular respiration, and this requires maintaining the concentration of
oxygen in the liquid above a particular critical minimum level. For this purpose
large gas-liquid interfacial areas are needed. It is also generally found that liquid
film resistance controls.

Comments on Rates

The phase interface is normally pictured to be a quiescent layer (film theory), or a
surface which is being continually replaced by some sort of eddy mechanism (sur-
face renewal theories). However, recent studies have shown that the presence of
impurities in the liquid can completely change the interfacial behavior. The im-
purities concentrate at the interface and transform it into a vigorously active
region with fluid streaming and rapid flows, all due to the complex action of surface
tension forces. This is called the Marangoni effect. Often very tiny amounts of
impurities will trigger this action, and this generally lowers the mass transfer
coefficient.

Gas-hquid interface

Surface of oxygen-

absorbing cells \

Cop.i

1/

CO,. s

Z

\ Film about cells

FIGURE 5. Resistances to oxygen absorption by the
cells in an aerobic fermenter.
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The intrusion of the Marangoni effect and the fact that the values of the system
parameters (k,, k,, k, H,, and so on) are often unknown lead us reluctantly to
conclude that the best we may hope for in many cases is to find the correct kinetic
regime (cases A to H), and then use the simplest equation for this regime. Usually
this is sufficient for reasonable scale-up and selection of the favorable contacting
devices.

When reaction is used to speeg the absorption of a slightly soluble gas (highly
soluble gases need no reaction) we certainly want a liquid reactant which gives
high rates of reaction. In these cases reaction is usually limited to the interfacial

Liquid
¥
” I
Y € Gas
@—— Sy
hquid
(a) Packed columns (b) Bubble cap column (c) Spray column

V\ % /quuld

tauig /'~ &
(d) Staged (e) Spray scrubber (P Laboratory reactor
contactor
FIGURE 6. Equipment used in fluid-fluid contacting with reaction:
(a—d) tower operations, (e-h) single stage mixed, batch and flow, (i) co-
current multistage mixed, and (j) countercurrent multistaged mixed
vessels.
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FIGURE 6. Continued.

region; hence cases A, B, C, or D usually apply, and towers are used for these
reactions on the industrial scale (see Table 2 and related discussion).

When reaction is used to obtain product material, say chlorination of hydro-
carbons or hydrogenation of unsaturated hydrocarbons, then we may encounter
both fast or slow reactions; hence any of the rate regimes 4 to H may be encoun-
tered. For slow rates bubble contactors are frequently used on the industrial scale.

APPLICATION TO DESIGN

Figure 6 shows the variety of equipment used for fluid—fluid contacting. Note that
many of the contacting devices shown, a to d, employ flow that can be treated as
cocurrent or countercurrent plug flow. Other contacting devices such as single
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igitated vessels, mixer-settlers, and batteries of such units, g to j, are also widely
ased.

In selecting equipment we must know whether to have a large S or large V,, and
.his requires knowing which kinetic regime (cases 4 to H of Fig. 1) applies. Another
“actor to consider is whether we need a high degree of removal of A from the gas.
The answers to these two questions will determine what class of contacting device
10 use and whether multistaged or tower operations are needed.

Let us illustrate the design procedure for countercurrent plug flow of phases and
for mixed flow of phases, using some of -the simpler forms of kinetic equations.
These methods can then be extended where needed to other forms of kinetic
squations.

We use the following nomenclature 1n this section:

a = interfacial contact area per unit volume of tower

S = volume fraction of the phase in which reaction occurs

i = any participant, reactant or product, in the reaction

A, B, R, and S = participants in the reaction

U = carrier or inert component in a phase, hence neither reactant, product
nor diffusing component

T = total moles 1n liquid phase

Y, = pa/py, moles A/mole inert in the gas

X = C,/Cy, moles A/mole 1nert in the liquid

G', L’ = molar flow rate of all gas and all liquid per square foot of tower cross
section

G = G’py/m, upward molar flow rate of inerts in the gas phase per square foot
of tower cross section

L = L'Cy/Cr, downward molar flow rate of inerts in the liquid phase per
square foot of tower cross section

With this nomenclature

m=pat+tpst---+Ppy

(34)
Cr=Co+Cy+-+Cy
dy, = d(P_A) — Pudpa = Padpy 35
Pu Py
and
dX, = d(C_A) = CudCy — CadGy (%)
CU CU

Let us now consider a number of contacting patterns.
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Towers for Fast Reaction; Case A, B, C,or D

Straight Mass Transfer without Reaction. To determine the tower height, we
must in all cases combine the rate expression with a material balance expression.
The former is a function of concentration of reactants, and the latter serves to
interrelate the changing concentrations of reactants within the tower.

Consider steady-state countercurrent operations. In straight mass transfer with-
out reaction there is only one transferring component; thus a material balance in a
differential element of volume shows that

A lost (A gained
(by gas) by liquid) (7a)
or

Grdp, _ LCrdC,
(m—p)* (Cr—C)?
~ d(G’pA) ~ d(L’CA) _ G'dp, _ LdC,
- ™ - CT —‘ﬂ'*pA—CT“CA

For dilute systems C, « C; and p, « w; consequently, we have L ~ L' and
G =~ G, hence Eq. 37 simplifies to

GdY, = LdX, =

(37b)

G L
At any point in the tower the transfer of A per unit surface of interface is given by
v 1 dN,
—TIa = -5 —(1-;" = kag(Pa — Pa) = kal(Cas — Ca) 39

Combining the material balance, Eq. 37, and the rate expression, Eq. 39, allows
us to determine the height of tower. Thus for absorption without reaction

G [YaadY, JFM dpa
h == = =G
alv,, —TIa " a1 kasa(m — pA)*(Pa — Par)
Cas ' dc
= LC f A
T Car kma(cr - CA)z(CAﬁ - CA)
=G Pas dpy (40)
2as Kag®(m — paXPa — Pad)
"y f o dCa
cy, kaid(Cr — CA Cay — Ca)
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Again for dilute systems L & L’ and G ® G’; hence

_ G Paz dpA _ L Caa dC'A
mhkag@Jo,, Pa — Par~ Crkaalc,, Cay — Ca

(41)

Figure 7 summarizes the design procedure for countercurrent operations. For
cocurrent operations (downward flow of gas) G is replaced by — G throughout.

Mass Transfer with Reaction. For mass transfer with reaction the rate expres-
sions account for the concentrations of both reactants. Thus, in contrast with
simple absorption or extraction the material balance must interrelate the concen-
trations of both these reactants within the tower.

The design procedure is best described by referring to the fairly general type of
reaction,

A(gas) + bB(liquid) — products

---® |
Pa— |
|
i
! I
! |
|
1 y CA
~—(Gas ———L— Liqud —>
--< Interface at any point
[
High PAT l High Cy, i fowet
G
Operating line, material balance,
(slope = L/G on X, versus
Y, coordinates)
@ ot N | Tower height,
| h = (area) {f—
| ‘15
P, » : Equilibrium, \|
AP=—7, | pr=HAACA1 -
! |
O | s /
| lope = — ko /k
pA.’__;‘_ . ; At/RAg
1 | 1 @ @
- @ CA CA: @ YA

Ca

FIGURE 7. Design procedure for straight mass transfer without reaction.
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with moderately to infinitely fast rate, the phases being in countercurrent plug
flow. Since the reaction is limited to the region close to the phase interface, the
two-film theory may be used, and the expression describing the rate of disappear-
ance of reactants is given by Eq. 6 or 12, or 16 and 17, or 20.

The material balance for A and B is obtained by noting that of the two reactants,
A alone 1s present in the main body of gas and B alone is present in the main body
of liquid. Secondly, for each mole of A reacted b moles of B are consumed. Thus,
by referring to Fig. 8, the differential material balance for countercurrent flow is

A lost 1( Blost
(by gas) ) (by liquid) (42a)
or

GdY, = _LdXs _ Gd(ﬂé) - _I_‘d(ﬁ)

b Pu b "\Cy
_ (G _ 1 (L'Cy
- a(22) = -34(52) (“29)

For cocurrent operations (downward flow of gas) G is replaced by — G throughout.
The important difference in the material balance with and without reaction is
seen by comparing the word equations of Eq. 37 and Eq. 42.
Compositions at any point in the tower are found in terms of the end conditions
by integration of Eq. 42; thus

cm-ym:-ﬁ—xs—b;"m:(;(&_m)=_£(&a_cﬁ)

Pu  Pur b \Cy Cun1
L
_Gps Gipa _ 1 (L'ca ~ L;cm) 3)
mw o b CT CTI

These expressions give the concentrations of reactants A and B in the phases
throughout the tower. Again, for cocurrent flow G is replaced by — G throughout.
Figure 8 shows some of the many possible graphical representations of the material
balance. In the general case, however, only one representation gives a straight line.

In special cases Egs. 42 and 43 may be simplified. For example, when all partici-
pants in the reaction are dilute py & =, Cy = Cr, and we obtain, for the differential
material balance,

L

G
o dp, = —b—C; dCy (44)

and for point conditions

g(PA = Pa1) = _Ela (Cs — Cay) (45)
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G1,Gy', pA, T_ il«l.Lx.Cm

' f ’
_ _ _ A (gas) + bB (liquid) -'-“»producu
Low l
Pa ' Le—— Material balance about end
c | of tower gives composition
t— 4' /l at any pomt in tower, Eq. 43

,_____

-«— Differential matenal

balance, Eq. 42
Hgh Low
@l O
Ga.Gz'.p“T l L3, L2, Cps
-~
Cocurrent,
Countercurrent, Y,, _ﬂ°§° = +L/bG
Y slope = —~L/bG
Al Y, | Pasf
i A I Curved line
Y, |
A | Yar |- | p
| [ '
Y | ! II
/%Y e b |
L L 1 Ly ———-
Xy Xpy Xp2 Xp, Cs2 Cpy
Xy Xp Cp

FIGURES. Development of the magerial balance for tower operations.
A straight line is obtained only with the mole ratio diagram.

Another special case occurs when no inert or carrier component is present. Thus
cach phase contains only one pure reactant and whatever products of reaction have
accumulated within that phase. For this situation L and G are zero, and the only
pertinent forms of the material balance are those involving L’ and G’. Example §
shows one of the many possible forms for the material balance.

The height of tower is found by combining the rate equation and material balance
for a differential element of tower volume as shown in Fig. 9. Noting that the rate
expressions, Egs. 6, 12, 16, 17, and 20, are all based on unit interfacial area, we
have for the disappearance of A

GdY. = _LdX, _ ( moles A reacted ) (intcrfacial area) (hcight ol’)
A b (interfacial area)(time)/ \unit of volume/\ element

= (-riadh < (46)



DESIGN, TOWERS FOR FAST REACTION

Gas phase Liquid phase
G, Y, L, Xy

Unit cross-secfional area

Volume: dV = dh
interfacial area: adh

A reacted in element:

9Xp ma
b ' w

from rate expression = (—rA", m) (adh, m? interfacial area)

from matenal balance = GdY, = — L

FIGURE 9. Development of design equation for tower operations
when reaction is restricted to interfacial region between phases.

Rearranging and integrating, we obtain in terms of A or B

Yaz dY, _Lxm dXy
v,, (—ri)a

h=G _4Xs
b)x,, (=r2)a ,

where dY, and dXj are given by Egs. 35 and 36. For dilute systems

, po G e L[ dCy
™ Joay (=rda  bCr Cpq (—=ri)a

431

47

(48)

Replacing the rate term of Eqgs. 47 and 48 by the appropriate expression, either
Eq. 6, 12, 16 and 17, or 20 gives the height of tower. Naturally in most cases the

integral must be evaluated either graphically or numerically.
The following example illustrates the use of these equations.

EXAMPLE |I. Towers for straight absorption

The concentration of an undesirable impurity A in air is to be reduced from 0.1%, to
0029, by absorption in pure water. Find the height of tower required for counter-

current operations.

Data. For consistency these are all given in units of moles, meters, and hours.

For the packing used

32,000 mol/hr-m3-atm
0.1/hr

kasa
kMa

]
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The solubility of A in pure water is given by
H, = 125 x 107° atm-m®/mol
Flow rates of liquid and gas are
L~ L =7 x 10° mol/hr-m3
*GxG =1x 10° mol/hr-m? at 7 = 1 atm
Molar density of liquid under all conditions is
C3 = 56,000 mol/m?®

SOLUTION

Figure El shows the quantities known at this point. Since we are dealing with dilute
solutions, we may use the simplified form of the material balance, Eq. 38 Integrating
we obtain

L
PA — Par = E_CZ';(CA = Cay)
or
_ (7 x 10%K1)
pa — 0.0002 = W(CA 0)
or

8000p, — 1.6 = C,
from which the,concentration of A in the leaving liquid 1s
Caa = 8000(0.0010) — 1.6 = 6.4 mol/m?

Select a number of partial pressures of A in the tower, determine the corresponding
concentration of A in the hiquid, calculate the equilibrium partial pressure of A, p%,
corresponding to this concentration in the liquid, and then calculate the overall driving
force for physical absorption. This procedure is shown in Table E1.

Cyy =0
PAr=00002 Cy =0

1@
Ppry =000 Cyym0
Cas approciable
FIGURE El.
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TABLE EI

Pa Ca PR = H\Ca Ap=pa — p2
0.0002 0 0 0.0002
0.0006 3.2 0.0004 0.0002
0.0010 6.4 0.0008 0.0002

The overall mass transfer coefficient based on volume of tower 1s

1 +HA_ 1 +|25><10"G
Kaga  kage  ka 32,000 0.1

= 0.001283

Hence
Kaga = 780 mol/hr-m®-atm
The height of tower i1s then given by Eq. 41, or

= — =1 x 10
(—ra)a = Jeay Kpga Apa

_j & e =513m

s J~o 0010 dpa
0000z (780)(0.0002)

Comment. Here the liquid film provides over 95%, of the resistance to transfer. Hence
we can with hittle error consider this to be a hquid-film-controlling process. Let us next
see how the addition of a reactive liquid affects the performance.

EXAMPLE 2. Towers for high concentration of liquid reactant; case B

Replace the unreactive absorbent of Example 1 with a reactive liquid which contains a
high concentration of reactant B, Cy; = 800 mol/m? or approximatély 0.8N.

Data. The reaction
A(g) + B(/) — products

takes place in the hiquid and 1s extremely rapid.
Assume that the diffusivities of A and B in water are the same. Thus

kai = kp = Kk

SOLUTION
Figure E2 shows the flow streams. The strategy in solving the problem is as follows.

Step 1. Express the material balance and find Cp; 1n the exit stream.
Step 2. Find which of the two forms of rate equation should be used.
Step 3. Determine the tower height.

Step 1. Material balance. For dilute solutions with rapid reaction Eq. 45 gives

L
PA — Pam = &bLCT (Cp1 — Cp)
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pA,-ow Cm-‘-m

"‘1&"(5

_F1®

Pas 200010 Cp, low

» FIGURE E2.
or .
T % 10°1)
A — 0.0002 = (T < 105(56,000) (800 — Cp)
or

8000p, = 801.6 — Cy
hence the concentration of B leaving the tower is
Cp2 = 801.6 — 8000(0.0010) = 793.6 mol/m?®
Step 2. Form of rate equation to use. Check both ends of the tower .

kagapa = (32,000)(0.0002) = 6.4 mol/hr m?
kiaCyg = (0.1)(800) = 80 mol/hr-m?

) kagapa = 32
at b°"°m{ kaCs = 79.36

at top

At both ends of the tower k,,ps < k,Cy; therefore gas-phase resistance controls and
Eq. 12 should be used.
Step 3. Height of iower. From Egs. 48 and 12

J’ dpa J"“ dpa (00010 dp,
m

=1 10% —— =50
(—=rxa par Kagapa x Jo 000z 32,000p, m

Comment. Even though liquid phase controls in physical absorption, 1t does not
necessarily follow that 1t should sull control when reaction occurs In fact, we see here
that 1t is the gas phase alone which influences the rate of the overall process. Reaction
serves merely to eliminate the resistance of the hquid film. Also note the remarkable
improvement in performance, S versus S00 meters

EXAMPLE 3. Towers for low concentration of liquid reactant; case A

Repeat Example 2 using a feed with Cg, = 32 mol/m3, instead of 800 mol/m?.

SOLUTION
Figure E3 shows the known streams for the tower. Solve by making a matenial balance,
check the form of rate to use, and then apply the performance equation for tower height
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PA=00002 Cp =32

%0

_F1@
Pap = 00010 Cpz lm
FIGURE E3.

Step 1. Material balance As in Example 2, Eq. 45 gives for any point in the tower
8000p, = 33.6 — Cp
hence at the bottom of the tower
Cg: = 33.6 — (8000)(0.0010) = 25.6 mol/m?
Step 2. Form of rate equation to use  Check both ends of the tower:

kagapa = 6.4 mol/hr m?

attoPy kaCs = 32 mol/hr-m?
Kaqapa = 32
at bottom kiaCy = 2.56

At both ends of the tower kagpa > kiCg, therefore the reaction takes place within the
liquid film, and Eq. 6 should be used, or

. _ HaCs + pa
Vkag + Halk,

-ra =

Step 3. Height of tower At a number of locations evaluate H,Cy + pa as shown in
Table E3

TABLE E3

Cg from Maternial

Pa Balance HACa pa + HACy
0.0002 32.0 0.0040 0.0042
0.0006 28.8 0.0036 0.0042

0.0010 25.6 0.0032, 0.0042
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Hence the tower height from Eq. 48 and 6 is
h_gJ' dpa _g ?as 1/kaga + Harlkia
nJ (=rda wJeay HiCp + pa

0.0010 (0.001283) dp,
=1x los.’,o.oooa 00042

dp.,
=244 m

EXAMPLE 4. Towers for intermediate concentrations of liquid reactant ;
cases Aand B

Repeat Example 2 using a feed in which Cg = 128 mol/m?.

SOLUTION

Refer to Fig. E4q, and solve as with the previous examples.

Step 1. Material Balance. As with Examples 2 and 3 we have at any point in the
tower 8000p, = 129.6 — Cg. From this expression we find for the bottom of the tower
Cna = 121.6.

Step 2. Form of rate equation to use. Check both ends of the tower:

kagapa = 6.4 mol/hr-m?
attoPY 4 2Cs = 12.8 mol/hr-m?
kasapa = 32
at bottomq 0~ _ 1216

At the top kagpa < kiCs; hence Eq. 12 must be used. At the bottom k,,pa > ki Ca;
hence Eq. 6 must be used.

Let us now find the condition at which the reaction zone just reaches the interface
and where the form of rate equation changes. This occurs where
kA'pA = k;Cp or 3.2 x 10°pA = CB

Solving with the material balance we find that the change occurs at p, = 0.000395.
Step 3. Height of tower. The rate is found from Table E4. As may bv expected, at
pa = 0.000395 the calculated rates from Eqs. 6 and 12 are identical.

Pa=0002 Cpi=128

@- l
Reaction at
Interface
Reaction in
hquid fum
e @

Pas® 0010 Cpy low
FIGURE Eda
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TABLE E4
1

Pa Cs HxCp  pa + HaCs Kasa (=ria (-rda
0.0002 32,000 6.4 0.1563) Use
0.000395 32,000 12.64 ' 0.0792JEq. 12
0.000395 126.4 0.0158 0.0162 780 12.64 0.0792\ U
0.0007 124.0 0.0155 0.0162 780 12.64 0'0792 Ese6
0.0010 121.6 0.0152 0.0162 780 12.64 ' q-

The tower height can be found by graphical integration or analytically as follows:

h = huvur seotion + hiower section

G [0.000395 dp, +G 0.0010 l/ku\a‘f'”.«/knad
m Jo.0002 Kkagapa  w Jo.ocoses pa + H,Cy Pa

(1 x 109 (, 395 (1/780)(0.00060S5)
= "(32,000) ('" 2 ) + (> 109 =5 6163)
=21+48=69m

Figure E4b summarizes the method of solution.
Comment. In this example we see that two distinct zones are present. Situations may

be encountered where even another zone may be present. For example, if the entering
liquid contains insufficient reactant, a point is reached in the tower where all this reactant
is consumed. Below this point physical absorption alone takes place in reactant-free
iquid. The methods of these examples, when used together, deal in a straightforward

manner with this three-zone situation and van Krevelens and Hoftijzer (1948) discuss
actual situations where these three distinct zones are present.

Comparing solutions for the four examples shows how reaction increases the effective-

ness of the absorption process.

01563 [— \ Use Eq. 12
Form of rate equation
o changes here
[ Use Eq 6
s oome |- - f/
= ) t
— PR |
ol
]
i
P, = 00002 0.000% Py = 00010
A1 g A ™ UV
Upper part Lower part
of tower of tower

FIGURE E4b.
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Towers for Slow Resction

When reaction is very slow compared to mass transfer, the rate of reaction is best
measured in terms of unit volume of reacting phase rather than unit interfacial
surface between phases.

Determination of tower height is generally difficult primarily because of the
complexities of the material balance, for reactants can be present in appreciable
quantities in both phases—flowing up the tower in one phase and flowing down the
tower in the other. In general the design methods of extraction (triangular diagrams,
Janecke diagrams, and so on) must be used. Despite this difficulty let us illustrate
the design equation for the reaction

A(gas) + bB(liquid) — products

with the following restrictions on the material balance; B is insoluble in gas, and
the amount of unreacted A in the liquid is small compared to the A in the gas phase.
With these restrictions unreacted B flows downward in the liquid, unreacted A
flows upward in the gas, and the material balance of Eq. 42 1s applicable.

Noting that each mole of A reacting in the liquid is replaced by 1 mole of fresh
A from the gas stream, and combining material balance with rate equation as with
Eq. 46 we get (see Fig. 10)

GdY. _LdXs _ ( moles of A reacted )(volume of liquid phase)(height of)
AT b~ \(volume of liquid)(time) total volume element
= (~ra)f dh
Continuous phase Dispersed phase
G, Y L Xg

Volume of element = dV = dh
Volume of dispersed phase = fdh
G, Y, +adY, L Xg+dXy

A reacted in element:

from matenal balance = GdY, = - L?B ) mrf'
= mol 3
from rate expression = { ~r,, e resctma e (f dh, m3 reacting phase)

FIGURE 10. Development of design equation for tower opera-
tions for slow reaction occurring only in dispersed phase. Rate is
based on unit volume of fluid mixture.
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Because the rate is based on unit volume of fluid mixture, the volume fraction of
reacting phase f appears in Eq. 49 instead of the interfacial area per unit volume
as in Eq. 46. On integration we then obtain the desired design equation

Yas dY L [(xadX
h=—= _A kel
Fhoct-5 Xen —Ta (50

where dY, and dXj are given by Eqgs. 35 and 36 and --r, is ths appropriate rate
expression in volumetric units; for example, Eq. 16.

Equation 50 may take on a variety of special forms when applied to specific
physical situations. This is often due to the particular form of the material balance
which is applicable.

For example, consider the special case of a spray tower with dilute B present in
liquid droplets, A present in gas, and reaction given by Eq. 16. If conditions are
such that the concentration of A in the gas is approximately constant throughout
the tower Eq. 50 becomes

h o~ _L_ d(Cs/Cr) _ L fc“ dCy _ LH, Cg;
~ b ) kC,Cy =~ bfkC,Cy

=B _ == 51
B3 Cs bfkpCr ncnn S

C

The following example illustrates still another form of the psrformance equation,
different again because of the particular form of material balance which applies.

-

EXAMPLE 5. Towers for slow reaction; case H

Benzene is to be chlorinated in a tower by countercurrent contacting with a stream of
pure gaseous chlorine. The reaction

CgHe(liquid) + Cly(gas) — CeHsCl(liquid) + HCl(gas)

is slow, elementary, irreversible, and occurs in the liquid between dissolved chlorine
and benzene. With the additional assumptions:

constant molar density of liquid, Cr = constant

constant pressure in gas phase, = = constant

plug flow of both streams

small amount of dissolved and unreacted chlorine in liquid
low solubility of HCl in liquid

H, constant

the reaction of Cl; with C¢HsCl to be neglected

derive the expression for the tower height as a function of the vatiables of the system.
SOLUTION ‘
Let A = chlorine, B = benzene, R = monochlorobenzene, S = hydrogen chloride
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First of all, the material balance cannot be written in terms of L and G because no
inerts are present. But we note that for each mole of chlorine used 1 mole HCI is
formed and is returned to the gas phase. Similarly, the total molar flow rate of liquid is
unchanged because for each mole of benzene reacted a mole of chlorobenzene is formed.
Thus the total molar flow rates of gas and liquid remain unchanged, or L’ and G’ are
constant. Thus the material balance of Eq. 42 becomes

o) - 4ol
w

b Cr .
or
G’ L .
—dps = ——dCs @
n Cr

Combining with the rate expression based on unit volume of reacting or continuous
phase

—ra = —rg = kCaCs

we obtain

—G-dpA S dCy = kCACsf dh
- Cr

where f is now the volume fraction of liquid or reacting phase. By rearranging and
integrating, the height of tower is then

_ G'H, fnz dpy _ L'H, J'Um dCy
kfw Joa EACB kfCr Jcsa paCs

with p, and Cj related by the material balance. Integrating the differential material
badance, Eq. (i), we find at any point in the tower,

G'C
Co = Cr = 2 (pa = Pa) (iii)

(i)

Replacing Eq. (ni) in Eq. (ii) and integrating analytically gives

h= -G'H, mpu[w ~ (G'|L'X7 — par)]
SfCrk[n + (G’/L")par} n?
or mere conveniently in terms of mole fractions
—~G'H, G’
b= A ____in [1———,1— ] 52)
FCR + @ 2t T T ¢ ) ¢
where
C
Ya = p:" and xa = —(:,i

Figure ES shows that the rate is maximum at some intermediate position within the
tower, dropping off at either end where the concentration of one or the other of the
components is very low.
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Parr Inn Cpy,xg =1
(Cl2 + HCD) (C¢He)
oot 7%
[ogess
2;%{;"; {_— Reaction in continuous phase
P00
kPocsS
bg:,“’,oo.
Yap=1 [os2s,
Ppr™=T Cgz. %53
(Clg) (CeHg + CgHsCl)
Va2 = 1t-

) Uperating hine for taller tower

N fOpevatnng line for shorter tower
N N 1

Operating hne, slope = - (_LT

Shaded area is proportional
: to rate of reaction
because —r, = kC,Cp

ya(orpy)

XB2 g1 =1
xg(or Cp)

/Curve for shorter tower

7

s N Maximum rate

/ "'TA = kCACB

Rate

[ Curve for taller tower

~
~

N

Distance along tower

FIGURE ES.

Mixer-settlers (Mixed Flow of Both Phases)

Mixer-settlers are industrial devices for bringing into intimate contact and then
separating immiscible fluids. Each of these units operates as an ideal contactor or
mixed reactor. For gas-liquid systems where density differences between phases are
great, the settler is not needed. Mixer-settlers are frequently used for slow reactions.
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A single-stage contactor is shown in Fig. 6g, while cocurrent and countercurrent
multistaged contactors are shown in Figs. 6i and j.
In developing the performance equations for staged operations let us suppose
that the stoichiometry and rate are approximated by
A+ B->product, —+ M _rciCo (53)
V dt
where C, is the concentration of A in its stream, and Cp is the concentration of B
in its stream. In this kinetic expression k, is not the true rate constant but is an over-
all measure which accounts for the true rate, the volume ratio of phases, the state
of dispersion, and so on. Let us also take B as the component in excess.

Now in single phase systems the molar feed ratio determines the form of rate
equation to use, and when this ratio 1s unity then the performance equation takes
on a simple form. In the immiscible case, however, three factors may be varied
independently:

==, the concentration ratio in the feed
CAO

- the molar feed ratio

FAO

1 .

v the volume ratio of phases
A

and this leads to complications. It has been found that the simple situation occurs
only when both

IA = In (54)
and

Fpo = Fao (55)

For countercurrent contacting of immiscible phases the performance equation
for general kinetics can only be solved by numherical methods. However, for

V, = volume/stage

CaAN, VA

Cpis Vs

FIGURE I1. ' Nomenclature foran N-stage countercurrent mixed
flow contactor.
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second-order Kinetics (Eq. 53) an analytic solution is possible. Thus for N stages
of equal size, as shown in Fig. 11, Ahluwalia and Levenspiel (1968) give

where

1000

k¢ VrCpo
A

8

Vew = i |(2) -]
totad CrokiLs L\L,
— Fyo
Ly=1 T, Xa
1
Li=1—7,
F,
Ly=1+£°(1 — X))
BO
R AT 1 TTTTTT T TTTTTTH
\ N\ N ]
One effect -
— countercurrent
or cocurrent

—
(=]

Dsmensoniess tme parameter

1

1 1L

I

B ,m?f“ —— Countercurrent
—  Fag/Fppy=1 === Cocurrent —
L Lt L1 L

Ll

0.001

FIGURE 12. Ovenall conversion versus dimensionless time for the
contracting of immiscible phases for the kinetics of Eq. 53. From Ahlu-

walla (1967).

0.01

01
Fraction of himiting reactant remaining x4

C,
M

(56)

(57

(58)

(59
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Y N=1
~ Second-order
AN reaction

1000 T TTTTTT T TTTT T T TTTTH
~ FaolFpg =11 7]

/
/
L)
|

YA
/
/
]

N One effect,
— countercurrent
or cocurrent

A VrCpo

g

RN

I

]

Dimensionless time parameter

10 — =
I~ === Countercurrent m
— == Cocurrent —

1 L lllllll NN Lo ity

0001 001 01 10

Frachon of imiting reactant remaining g:

FIGURE 13. Overall conversion versus dimensionless time for the
contacting of immiscible phases for the kinetics of Eq. 53. From Ahlu-
walia (1967).

For intermediate concentrations between stages they give

Ca _ L,

Cao  FaolFgo + L -OFLE¥ €0
and

Co _ L 61)

Cao 1+ (Fao/Fgo)Li ™~ "NLz V¥

and they also show that the equal-size system requires the smallest volume for that
number of stages.

Performance charts for this system have been prepared by Ahluwalia (1967), of
which Figs. 12 to 15 are a sample. These charts aflow rapid comparison among
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1000 E——T—TTTTTT T T TTTTT T TTTTTH
- -
: Second-order :
reaction
- 1 Eﬁﬂ;(' “cscu:(r:(r;\‘t‘mm FNIFAO' 15 —
K -
|
<

g

L Litll

|

1

Dimensionless tme parameter

s Countercurrent

~ ==~ Cocurrent
1 Lot Ll L L1111l
0001 001 0.1 10
g S
Fraction of hmiting reactant remaining Cao

FIGURE 14. Overall conversion versus dimensionless time for the
contacting of immiscible phases for the kinetics of Eq. 53. From Ahluwalia

(1967).

cocurrent and countercurrent multistage operations, plug flow, single mixer-
settlers, and batch reactors, and they generalize the earlier charts of Jenney (1955)
which are restricted to the condition of Eq. 54.

One underlying assumption for this whole treatment is that negligible amounts
of unreacted A flows from stage to stage with the B stream; the same with un-
reacted B in the A stream.

EXAMPLE 6. Multistage operations

Reactants A and B are present in separate phases. When these phases are brought into
intimate contact in a single mixed reactor, the reaction

A + B — products
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1000 =TT T T 77T T T TTTT T T TTTTT
- Second-order ]
— reaction
. Fog/Fig=5
(<) — —
st
-

1 Effect countercurrent
or cocurment

L1igl]

]

]

| Batch

2
con
= _cocurrent M‘::ﬁnnm

Dimensionless time parameter

______ " =
— Co - -~
r—‘ u"h'curum Dlu‘ Ton - -
I~ \\\ ]
- .% —
| w——— Countercurrent N\ ]

=== Cocurrent
1 Corrod o AR
0.001 0.01 0.1 10

Fraction of limiting reactant remaining cg,f.‘

PIGURE 15. Overall conversion versus dimensionless time for the
contacting of immiscible phases for the kinetics of Eq. 53. From Ahlu-
. walla (1967).

>eeds slowly with over-all kinetics:
1 dN,

—ra = -‘;‘,—I = kCaCs
r equimolar feed the conversion is 95%,. With the same feed we plan to raise con-
sion to 997, by using three mixed reactors in series, each equal in size to the original
it.
(@) How much can produdtion be raised by using cocurrent flow of fluids ?
(b) How much can production be raised by using countercurrent flow of fluids?
(¢) Find the fractional conversion between the stages of part b.
(d) Repeat part (a) using countercurrent plug flow in a column equal in size to
three mixed reactoss.
Assume identical mean' residence time of the two phases, ighore expansion, and let
yolume fraction of the phases remain unchapged.
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FIGURE Eéa.

SOLUTION
(@) Cocurrent, three stages (see Fig. E6a). From Fig. 12 we have for one mixed reactc
at 957, conversion

(ke Vrcno) = 380
ve Jn=1

For cocurrent flow in three reactors, 999, conversion, the same figure happens to als
give
(kt VTCBO

Ua

) = 380
N=3

The holding time is the same in both cases; however, the volume is three times as gre.
in the cocurrent unit. Hence production is three times as high.

We may also note that where 7, = fz in each and all stages, all cocurrent flo
operations can be handled by the methods and charts of Chapter 6. Thus from Fig. 6
we also find

krCro = 380

(8) Countercurrent, three stages (sec Fig. E6b). From Fig. 12 we again have for 95
conversion
(k,V,-C.o) ~ 380
Vs Nal

and for three reactors with countercurrent flow of fluids we find from the same figu

(kgyyc.o) = 63
Vs N=3

Taking ratios

Faoo, - ) _ Vos/63 _ 3/63 - 18
Fose,  ves Ves/380 1/380

CAO_’

601Cp &=

2. (Y

FIGURE Eé6b.
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Ience production is 18 times-a3 high if countercurrent flow is used. This is a sixfold
nprovement over cocurrent flow.

»):Intermediate conversions. First consider the output from stage 1. Equations 57, 58,
nd 59 give ’

L, = 0.01, Ly = 100, L; = 1.01
nd on replacing in Eq. 60 we obtain
_C_‘ﬁ — 1.01
Cao 1 + (0.01)*3(100)*3
y symmetry we find that the fractional conversion for both A and B in the two extreme

ages is 177, so by difference the conversion is 65%, in the middle unit. Thus we have
1e concentrations as shown in Fig. E6c.

1) Countercurrent plug flow. Figure 12 gives

(kl V‘rcao) =92
Vs plug

= 0.83

herefore taking ratios

Form ~ e _ Veo380 1380 124

ence production is 124 times as high if countercurrent plug flow 1s used.

We may also note that the design equation developed in Example 5 can also be used

:re. Thus for a 1-ft cross section of tower & = ¥ and on letting G’ = L’ and y,, = 0.01
q. 52 becomes

VfnCrk - kVrCoo _  Inyanll — (G/L)1 - yar)] _ 210 1.01

G’ H, Va 1 + (G'/L)yar 1.01
hich agrees closely with the value obtained from the charts.

9.12

emibatch Contacting Patterns

} semibatch operation where one-fluid is continuously passed through a vessel
Jntaining a second fluid, we may want to find the contact time needed for a given
iitent of reaction.

The approach taken again depends on the form of the material balance. Consider,
T example, a gas bubbling through a vessel containing liquid. Reactant A is
'esent in the gas and, in its rapid passage through the vessel, the concentration of

in the gas does not change appreciably. Also reactant A is absorbed and reacts
‘:)wly with component B of the liquid, and agitation is sufficient to keep som-
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positions throughout the liquid uniform. With the passage of time the concentration
of B will fall but the concentration of A will remain unchanged. If the kinetics
are first order with respect to both A and B, we then have

1 aN,
"’B = —7;‘7! = kCACB

Rearranging and integrating, noting that C. is constant, we obtain

o icl! = kCAJ" dt
C-° CB o
or
Tk " Cs
or
_QB_ = @~ Cakt o p—=PaktIH, (62)
Cho

Equation 51 and the equation just given are essentially identical expressions, one
applied to plug flow, the other to batch contacting of a liquid with a uniform gas
environment.

REACTIVE DISTILLATION AND EXTRACTIVE REACTIONS

In this chapter we have so far considered two reasons for using fluid-fluid contacting:
either as an aid to a separation process or as a means of forming a desired product.
We now consider a third reason, the improvement of the product distribution of
homogeneous reactions.

To illustrate the ideas involved suppose we have a homogeneous catalyzed
reaction of A to R to S, with R as the desired product. If R is soluble in a second
immiscible phase we may want deliberately to introduce that phase into the
reactor, extract R as it forms, and thereby obtain an improved product distribution.
Schematically, then,

(63

Figure 16 shows various reactor setups using gas as the foreign phase.
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Gas contains R Gas contains R Gas contains R

FIGURE 16. Extractive reaction with liquid in (a) batch, (b) mixed flow, (c)
plug flow. Reaction A — R — S occurs in the liquid, gas is the foreign phase.

Now it is not too hard to show (see Problem P29) timt when k3 > k, then the
formation of R 1s maximized by letting the reaction go to completion, in which
case the ratio of R (in foreign phase) to S produced 1s given by kj/k,. Since k; and
k, are chemical steps while kj is a physical step 1t 1s easy to change their relative
magnitudes. Lowering k, and k, with respect to k; thereby gives a much improved
product distribution.

As an example consider the homogeneous hquid reaction with k, = | and
k, = 4 taking place in a batch reactor. From Chapter 7 we then find

C max Loy
= 10

A0

However, if gas is bubbled through the reactor to sweep away the R formed, and
if the gas-liquid transfer rate of R on a volumetric basis 1s k; = 6, then since
ks > k,,

Cn,max _ ks _ 6
Cho kotky 4+6

= 607,

To improve the product distribution even further, if the temperature of the reactor
is lowered so that k; = 0.1, k, = 0.4, while k; remains unchanged, then

CR,mnx _ 6 —
Cho 6+04° %47

This example clearly shows the great improvement that 1s possible when a
homogeneous system is transformed 1nto a heterogeneous system.

Extensions to other stoichiometry and to cases where both A and R are soluble
in the foreign phase is not particularly difficult to treat, and Problems P30-32
treat a few of these cases. Emulsion polymerization is an mdustnally important
reaction where these principles are used.

Considering the remarkable improvements possible here, it 1s surprising how
little attention has been paid to this class of operation. In general, then, contacting

homogeneous reacting system with a foreign phase should be considered whenever
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poor product distribution is encountered with multiple reactions. In such a situation
the phase equilibrium relationships (solubilities or vapor pressures) should be
examined to determine whether such an operation is likely to be beneficial.

When the two phases are gas and liquid then the operation is called a reactive
distillation, when both are liquid it is called an extractive reaction.

COMMENT

This chapter has only touched lightly on this compiex subject of two-fluid contact-
ing. Various extensions of this presentation are possible. One large arca deals with
other kinetic forms, for single and simultaneous reactions, also the analysis of
multiple reactions such as fermentations (see Aiba et al. (1965)) and polymeriza-
tions. These represent difficult but extremely important subjects.

Another extension extends the design procedures to systems where significant
amounts of unreacted A and B are present in both phases, to systems where reaction
occurs in both phases, and to slow reactions where mass transfer resistance intrudes
(case G kinetics). Trambouze et al. (1961a,b) have made significant advances here.

Finally, the numerous aspects of extractive reactions need to be thoroughly
explored and systematized. This has still to be done.
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PROBLEMS.

These are grouped as follows:

Problems 1-11 deal with gas-liquid kinetics.
Problems 12-18 deal with tower design.
Problems 19-28 deal with multistaged and batch reactors.

1. CO; is to be removed from air by countercurrent contact with water at 25°C.
(a) What are the relative resistances of gas and liquid films for this operation ?
(b) What simplest form of rate equation would you use for tower design?
(¢) For this removal operation would you expect reaction with absorption to
be helpful? Why?
From the literature we have for CO, between air and water

ky,a = 80 mol/hr-liter-atm
ka = 25/hr
H = 30 atm-liter/mol

2. We plan to use an NaOH solution to hasten the removal of CO, from air at
25°C (see data of previous problem).
(a) What form of rate equation should we use when pgo, = 0.01 atm and the
solution is 2N in NaOH?
(b) How much can absorption be speeded compared to physical absorption
with pure water?
Assume that the reaction is instantaneous and is represented by

CO,; + 20H- = H,0 + CO3~ -

3. Repeat the previous problem for pgo, = 0.2 atm and for a solution which is
0.2N NaOH.

4. Hydrogen sulfide (0.1%,) in a carrier gas at 20 atm is to be absorbed at 20°C
by a solution containing 0.25 mol/liter methanolamine (MEA). Find the form of
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rate equation which applies at these conditions and find how much faster is the
rate over straight physical absorption in pure water.
Data: H,S and MEA react as follows

HjS + RNH; = HS- + RNH,*

and since this is an acid base neutralization we can regard it as irreversible and
instantaneous. Also from Danckwerts (1970) we find

kaa = 0.030/sec
kaga = 6 x 1075 mol/cm?-sec-atm
D, = 1.5 x 1078 cm?/sec
Dy, = 1078 cm?/sec
H, = 0.115 atm-liter/mol—for H,S in water
8. Consider a highly water-soluble gas such as ammonia for which at about 10°C

H =~ 0.01 atm - liter/mol

Also consider the sparingly soluble gases such as carbon monoxide, oxygen,
hydrogen, methane, ethane, nitric oxide, and nitrogen for which

H ~ 1000 atm-liter/mol

For straight physical absorption of these gases in water, assuming no reaction:
(a) What are the relative resistances of the gas and liquid films?
(b) Which resistance if any controls the absorption process?
(¢) What form of rate equation should be used for design in these two cases?
(d) How does the solubility of the slightly soluble gas affect its rate of absorp-
tion in water?
(e) In which case (slightly or highly soluble gas) would chemical reaction be
more helpful in speeding the process and why?
For this problem, use the rough order of magnitude estimation of k, and k, given
in this chapter.

6. Consider the absorption of a base A by water in a packed column. At a
location where gas is being absorbed by pure water, the overall rate based on unit
volume of tower may be expressed as

_ R 1dN, _
—ra=(-ria Vot = Kaapa
where K,,a is the overall coefficient based on unit volume of tower.

(a) Now suppose that an acid B is added to the water to aid the absorption
Assuming instantaneous reaction, show how K,,a should vary with acid strength.
Show this on a plot of K,,a versus acid strength. Also show how this plot should
allow estimation of the individual mass transfer coefficients for physical absorption.
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(b) Sherwood and Holloway (1940) present the following data for the absorption
of ammonia in acid solution of various strengths at 25°C.

K,qa, mol/hr-liter-atm | 300 310 335 350 380 370
Acid normality 0.4 1.0 1.5 2.9 2.8 4.2

From this data find the gas film contribution (in percent) to the overall mass
transfer resistance in physical absorption of ammonia in air.

7. For the abscrption of A in reactive B preliminary experiments in a double
mixed reactor using one volume ratio, interfacial area, and agitation rate shows
that the rate

”
—ra € paCp

(@) What kinetic regimes do these results suggest?
(b) If more than one regime is likely what further experiments would dis-
tinguish between them?

8. Repeat the previous problem with one change: the rate is found to be well
represented by

PaCs

—rf oc —=——2—
A ™ const. + Cg

9. The double mixed reactor of Fig. 3 is used to study the kinetics of absorption
of A in a reactive solution. The reaction is rather fast and of stoichiometry
A(gas) + B(liquid) — product

In a particular run at 15.5°C and 1 atm, and with a gas-liquid interfacial area of
100 cm?, the following results were obtained:

Entering gas: p, = 0.5 atm, v = 30 cm®/min
Leaving gas: v = 15.79 cm®/min
Liquid in: Cg = 0.20 mol/liter, v = 5 cm®/min

i

For this run calculate
(a) Cpg leaving the reactor
(b) The rate of absorption
(c) The rate of reaction

10. The absorption of gaseous A in an aqueous solution of reactive B proceeds
with stoichiometry

A(gas) + B(liquid) — products
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The diffusivities of A and B in water are equal and the phase distribution coefficient
for A is found to be .

H, = 2.5 atm-liter/mol

A number of runs are made in the double mixed reactor of Fig. 3 which has an
interfacial area of 100 cm?. The feeds and flows are adjusted so that the conditions
in the reactor and calculated rates are as follows:

Run Pa, atm Cp, mol/cm?® —r4, mol/sec-cm?
1 0.05 10 x 10-¢ 15 x 10-¢ -
2 0.02 2 x 10-¢ 5 x 10-¢ ‘
3 0.10 4 x 10-¢ 22 x 10-¢
4 0.01 4 x 10-° 4x10-°

What can you say about the kinetics and rate regime for this absorption and
reaction?

11. The double mixed reactor of Fig. 3 is used to study the kinetics of a slurry
reaction in which liquid containing suspended catalyst particles and a high con-
centration of reactant B is contacted with pure gaseous reactant A at 1 atm. The
following results are obtained when the liquid volume is 200 cm?®.

Gas-Liquid Rate Based On
Interfacial gm.cat Interfacial Area,
Run Area, cm? cm? liquid —ra
1 10 0.1 10
2 10 0.5 25
3 50 0.1 2.5
4 50 0.5 10

Knowing that the chemical step on the catalyst surface is rapid develop an expres-
sion for rate of reaction based on unit volume of slurry and indicate which resist-
ance, if any, controls.

12. Consider the infinitely fast reaction of Examples 1 to 4. If the acid strength
of the absorbing liquid is raised, a point is reached above which further increases
will not affect the over-all rate of mass transfer and the tower height. Find this
particular concentration.

13. Repeat Examples 1 and 2 using cocurrent flow of fluids in the tower.
14. Repeat Examples 3 and 4 using cocurrent flow of fluids in the tower.
15. Repeat Example 2 using a dilute acid of concentration

Cp = 3.2 mol/m?
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16. An impurity A in a gas is to be reduced from 17, to 2 ppm by countercurrent
contact with liquid containing a reactant of concenttation Cy = 3.2 mol/m?®
kaga = 32,000 mol/hr-m3-atm
kaa = kgia = 0.5/hr

L =7 x 105 mol/hr-m?
G =1 x 10° mol/hr-m?
H, = 1.125 x 1072 atm-m3/mol

Cr = 56,000 mol/m?

The reaction A + B — product is rapid.
(a) Find the height of tower needed.
(b) What recommendations do ybu have (about the concentration of liquid-
phase reactant) that may help improve the process?
(c) What incoming concentration of B would give the minimum height of
tower 7 What is this height?

17. The H,S content of a gas is to be reduced from 1%, down to 1 ppm by contact
in a packed column with an aqueous solution containing 0.25 mol/liter of meth-
anolamine(MEA). Determine a reasonable L/G to use and the height of tower
needed.

Data: H,S and MEA react as follows:
H,S + RNH,; - HS~ + RNH,*

and since this is an acid-base neutralization we can regard it as irreversible and
instantaneous.
As a reasonable gas flow rate take
G = 3 x 1073 mol/cm?-sec
Also from Danckwerts (1970) take
kaa = 0.03 sec
kaa = 6 x 107% mol/cm?-sec-atm
D, = 1.5 x 107% cm?/sec
Dy, = 1075 cm?/sec

H, = 0.115 liter-atm/mol—for H,S in water

1

18. Suppose that 509, conversion of benzene to monochlorobenzene is attained
in countercurrent plug flow operations using pure chlorine and pure benzene feed.
L'/G' = 1 (see Example 5). How much can conversion be increased if the height of
tower is doubled ? Assume that no side reactions occur.

19. The reaction of A which enters in an aqueous stream (C,, = 1.5 mol/liter.
v, = 2 liters/min) with B which enters in an organic (Cg, = 1.0 mol/liter, vp =
4.5 liters/min) takes place in a single 100-liter mixed flow reactor. 207, of the vesse
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volume is taken up by the aqueous phase while the rest is organic, and under these
conditions the rate is slow and given by

1 dN, liter
“Viar T (0'4 mol-min) CaCs
(a) Find the fractional conversion of A and B in the reactor from the charts
in this chapter.
(b) Calculate the conversions from the performance equation for mixed flow
reactors and verify the solution found in part a.

20. Repeat problem 19 with the modification that the ratio of phases is reversed,
thus giving 807, aqueous and 20%, organic. Also assume that reaction occurs in
the organic phase alone.

21. If the 100-liter reactor of the previous problem is replaced by two 50-liter
mixed reactors determine the composition of exit streams
(a) For countercurrent flow
(b) For cocurrent flow

22. For countercurrent contacting of immiscible A and B in two equal sized
mixed reactors the overall conversion of A is 90%,, the overall conversion of B is
6(? What 1s the conversion between stages?

3

. Immiscible A and B are introduced into a 10-liter batch reactor and after 1 hr
conversion of A 1s found to be 98%,. Determine the value of the rate constant in the
rate expression

1dN,

A+B~>R~— Vdr = k,C\Cp
For phase A: Cao = 1 mol/liter, Va = 6 liters
For phase B: Cgo = 2 mol/liter, Vs = 4 liters

24. Immiscible A and B are to be reacted in a 3-stage countercurrent mixed
reactor system. The feed streams are

For A: Cao = 2 mol/liter, vy = 100 liters/hr
For B: Cgo = 2.5 mol/hter, v = 120 liters/hr
For the expected volume ratio of phases the rate of reaction is given by
1 dN, liters
“Vvdr (2 76 ol hr)c‘c‘

How large must the stages be for 95%, conversion of reactant A?

28, Reactants A and B are present in separate phases. For equimolar feed of A
and B countercurrent 1n three reactors, 99%, conversion of A is now attained.
(a) A fourth reactor is to be added to the three operating at present. For the
same conversjion how much can production be raised ?
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(b) Find the conversion occurring in each unit, and with a sketch show the
compositions of fluids leaving each unit.

26. Consider the three-reactor systems of the previous problem.

(a) If the volumetric flow ratio remains unchanged but Cy, is raised 507, so
that 1.5 mol B/mol A are fed to the unit, how should this affect the amount
of A that can be treated ?

(b) With a sketch show the compositions of fluids leaving each unit.

27. Two fluids are contacted and reacted in a mixer-settier. The continuous
phase consists of pure reactant A which is but slightly soluble in phase B’ containing
reactant B. The reaction is slow and is confined to the dispersed phase as follows:
1 dN,

T A

A + B — products;

Pure A is continualfy recycled; products of the reaction remain in the dispersed
phase.
(a) Assuming mixed flow and negligible holding time in the settler, derive an
expression for the concentration of B in the stream leaving the mixer-
settler in terms of 7, k, Cpo, and the unchanged concentration of A
within the dispersed phase.
(b) Find the rate constant for the reaction (moles, liters, minutes) from the
following experimental information:
Feed rate>of phase B’ = 0.2 cm®/sec
Fraction of dispersed phase in the reactor = 247,
Volume of fluid in the reactor = 1500 cm?®
Concentration of A in dispersed phase = 2.7 x 10~° mol/liter
Concentration of B in entering dispersed phase = 0.02 mol/liter
Concentration of B in leaving dispersed phase = 0.0125 mol/liter

28. For a slow reaction between A and B initially present in different phases
with second-order kinetics of Eq. 53, is countercurrent or cocurrent plug flow more
efficient ? Verify this conclusion by comparing reactor volumes for 99%, conversion
of limiting reactant using (@) equimolar feed, (b) feed consisting of 1.5 mol B/mol A,
and (c) a large excess of B.

29. Suppose the successive liquid phase reaction of A to R to S occurs in a batch
(or plug flow) reactor, and suppose that R can be swept away by bubbling a gas
through the liquid (see Fig. 16a). Thus with linear kinetics throughout, we have
according to Eq. 63

A2 Rr 2,5

\;.-m.,-.

R(orolcn phase
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(a) Derive the expression for the time when the amount of R is maximized.

(b) From this expression show that whenever k5 > k, then we should always
react to completion to produce the largest amount of R possible. Note that
under these conditions all the R formed ends up in the gas phase.

(c¢) Find the fractional yield of R in this case.

30. Repeat problem P29 for a bubble contactor reactor through which liquid
passes in mixed flow (see Fig. 16b).

31. Given the elementary homogeneous series-parallel reactions

+B +B

R, —_— >
ky = 1 liter/mol-min desired ki = 8 liters/mol-mm

occuring in a batch reactor where C,, = 1 mol/liter, and Cg, = 10 mol/liter.

(@) Find Cgpmax/Cao in the batch reactor.
Suppose that R is the only reaction component with a significant vapor pressure.
Also when gas is vigorously bubbled through the reactor the gas-liquid transfer
coefficient for R is

Kra; = 80 min~?

(b) Find Cg_max/Cao from the reactor under these conditions.

(c) If Cg, is lowered from 10 to 1 mol/liter how does this change Cymax/Cao
in part (b).

(d) If the temperature is lowered so that k; = 0.3 and k, = | while Kyq,
remains unchanged how does this change Cg max/Cao in part ().
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SOLID-CATALYZED
REACTIONS

With many reactions the rates are affected by materials which are neither reactants
nor products. Such materials, called catalysts, may slow down reactions, in which
case they are called negative catalysts, or they may speed up reactions, in which
case they are called positive catalysts. Catalysts may be solids or fluids. Design for
reactions with fluid catalysts is straightforward and 1s considered in the chapters on
fluid systems. In this and the next chapter we treat reactions with solid catalysts.
This chapter deals with the catalyst whose effectiveness does not change with time
or with use, while the next chapter extends this treatment to the catalyst whose
effectiveness does change with time or with use.

Sohd catalyzed reactions usually involve the high-energy rupture or high-energy
synthesis of maternials, and these reactions play an important role in many industrial
processes, such as the production of methanol, ammonia, sulfuric acid, and various
petrochemicals. Consider a narrow fraction of natural petroleum. Since this con-
sists of a mixture of many compounds, primarily hydrocarbons, its treatment
under extreme conditions will cause a variety of changes to occur simultaneously
producing a spectrum of compounds, some desirable, others undesirable. Althougt
a catalyst can easily speed the rate of reactions a thousandfold or a millionfold, still
when a variety of reactions are encountered, the most important characteristic of ¢
catalyst 1s 1ts selectivity By this we mean that it only changes the rates of certair
reactions, often a single reaction, leaving the rest unaffected. Thus, in the presence
of an appropriate catalyst, products containing predominantly the material
desired can be obtained from a given feed.

The following are some general observations.

1. The selection of a catalyst to promote a reaction is not well understood
460
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therefore in practice extensive trial and error may be needed to produce a satis-
factory catalyst.

2. Dupl.ation of the chemical constitution of a good catalyst is no guarantee
that the solid produced will have any catalytic activity.

3. This observation suggests that it is the physical or crystalline structure
which somehow imparts catalytic activity to a material. This view is strengthened
by the fact that heating a catalyst above a certain critical temperature may cause it
to lose its activity, often permanently. Thus present research on catalysts is strongly
centered on the surface structure of solids.

4. To explain the action of catalysts it is thought that reactant molecules are
somehow changed, energized, or affected to form intermediates in the regions close
to the catalyst surface. Various theories have been proposed to explain the details
of this action. In one theory the intermediate is viewed as an association of a
reactant molecule with a region of the surface; in other words the molecules are
somehow attached to the surface. In another theory molecules are thought to move
down into the atmosphere close to the surface and be under the influence of surface
forces. In this view the molecules are still mobile but are nevertheless modified.
In still a third theory 1t is thought that an active complex, a free radical, is formed
at the surface of the catalyst. This free radical then moves back into the main gas
stream, triggering a chain of reactions with fresh molecules before being finally
destroyed. In contrast with the first two theories, which consider the reaction to
occur in the vicinity of the surface, this theory views the catalyst surface simply as a
generator of free radicals, with the reaction occurring in the main body of the gas.

5. In terms of the transition-state theory the catalyst reduces the potential
energy barrier over which the reactants must pass to form products. From Chapter
2 we know that this in turn increases the rate of reaction. This lowering in energy
barrier is shown in Fig. 1.

6. Though a catalyst may speed up a reaction, it never determines the equilib-
rium or end point of a reaction. This is governed by thermodynamics alone. Thus
with or without a catalyst the equilibrium constant for the » .... ..

same. T
/’

7. Since the solid surface is responsible for catalytic activity, a large readily
accessible surface in easily handled materials is desirable. By a variety of methods
active surface areas the size of football fields can be obtained per cubic centimeter
of catalyst.

.o
et .

Though there are many problems related to solid catalysts, we consider only those
which are related to the development of kinetic rate equations needed in design.
We simply assume that we have a catalyst available to promote a specific reaction.
We wish to evaluate the kinetic behavior of reactants in the presence of this
material and then use this information for design.
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Without catalyst the complex
A has high potential energy
resuiting in low rate of reaction

Different
reaction paths

With catalyst the lower
energy barner allows
higher rate of reaction

Initral

Energy of reacting particles

state

Y

Reactants Complex Products
Reaction path

FIGURE |I. Representation of the action of a catalyst.

Thus again, as with noncatalytic heterogeneous reactions, we follow a two-step
procedure: to determine the kinetics of the reaction and to use this information for
design.

THE RATE EQUATION

In solid-catalyzed reactions, somehow the presence of catalyst surface in the
proximity of reactive gas molecules promotes reaction. Thus with porous catalyst
pellets reaction occurs at all the gas—solid interfaces both at the outside boundaries
and within the pellets themselves. For such systems the most reasonable representa-
tion of reality pictures reaction occurring to a lesser or greater extent throughout
the catalyst pellets. This 1s 1n contrast to the shrinking unreacted-core model with
its definite moving reaction front which was used to represent noncatalyzed gas—
solid reactions of Chapter 12. '

In developing rate expressions for catalytic reactions we must account for the
various processes that may cause resistance to reacti_cm.‘ For a single porous
catalyst particle we may visualize these as follows.

Gas film resistance. Reactants diffuse from the main body of the fluid to the
exte.ior surface of the catalyst.

Pore diffusion resistance. Because the interior of the pellet contains so much more
area than the exterior, most of the reaction takes place within the particle 1tself.
Therefore reactants move through the pores into the pellet. —
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Surface phenomenon resistance. At some point in their wanderings reactant
molecules become associated with the surface of the catalyst. They react to give
products which are then released to the fluid phase within the pores.

Pore diffusion resistance for products. Products then diffuse out of the pellet.

Gas film resistance for products. Products then move from the mouth of catalyst
pores into the main gas stream.

Resistance to heat flow. For fast reactions accompanied by large heat release
or absorption the flow of heat into or out of the reaction zone may not be fast
enough to keep the pellet isothermal. If this happens the pellet will cool or heat,
strongly affecting the rate. Thus the heat transfer resistance across the gas film or
within the pellet could influence the rate of reaction.

We treat these heat effects later. At first we only consider the mass transfer
resistances. Again, as with the heterogeneous systems of Chapters 12 and 13, not
all these mass transfer terms need to be considered at any one time. Frequently the
last two steps may be ignored or may be incorporated in the first two terms. For
example, where there 1s no change in the number of moles during reaction the
outward diffusion of product can be taken into account simply by considering
equimolar counterdiffusion of reactant into the pores rather than diffusion of
reactant through a stagnant fluid.

Consider a single idealized catalyst pore, with its three resistances as shown in
Fig. 2. Since these resistances do not all occur in series or in parallel they cannot be
combined by the simple methods of Chapter 11. From Fig. 2 we see that the film
and surface resistance steps do act in series with each other, and that it is the pore
diffusion step which adds the complications since 1t is not related in a simple way
to the other steps. Consequently, as we presently show, film and surface reaction
resistances can be treated separately in turn, whereas the pore diffusion resistance
can never be treated independently.

Let us now consider the various forms that the rate equation takes when one or
the other of the resistances steps is large or dominates.

Film Resistance Controls

When the gas film resistance is much greater than the other resistances, then the
rate of reaction is limited by the movement of reactant to the surface as given by the
mass transfer coefficient k, between gas and solid. The rate based on unit exterior
surface of particle S,y is thus '

W 2 Iv(CAa — Cae) )
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Section of catalyst pellet
contatning one ideal pore

Main |
body |
o' o ..
o too e /; r'\'hliﬁ-\.r suitdle ui valdiyse penet .- -
| Z
| Z- Extenor surface of catalyst pellet

(a)

Concentration of reactant

For reaction occurnng Resistance to
within catalyst pellet / diffusion 1n pores

1

|

| Resistance of
| (gas him
|

Resistance to surface phenomenon

For reaction occurring on exterior
surface of catalyst pellet

(c)

FIGURE 2. Continuous-reaction model for porous
catalysts: (a) sketch of a catalyst pore, (b) concentration
of reactants in the vicinity of a pore, (c) electrical analog
of a pore.

where C,, is the concentration of reactant A in the gas stream and C,, is its
equilibrium concentration on the surface.

Values for the m:r___\l_l_m[q_uwmclcnt for various contacting schemes are given
in the literature, usually as empiiicaten semiempirical dimensionless correlations
such as Eq. 12.24. Because film resistance is hikely to control in very high tempera-
ture operations, the observed over-all reaction rate will be the same for both

catalytic and noncatalytic gas—solid reactions in this regime.
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Surface Phenomenon Controls

Because of the great industrial importance of catalytic reactions, considerable
effort has been spent in developing theories from which kinetic equations can
rationalty be developed. The most useful for our purposes supposes that the
reaction takes place on an active site on the surface of the catalyst. Thus three steps
are viewed to occur successively at the Surface.

Step 1. A molecule 1s adsorbed onto the surface and is attached to an active
site.

Step 2. It then reacts either with another molecule on an adjacent site (dual-sit.
mechanism), with one coming from the main gas stream (single-site mechanism’
or it simply decomposes while on the site (single-site mechanism).

Step 3. Products are desorbed from the surface, which then frees the site.

In addition, all species of molecules, free reactants, and free products as well a
site-attached reactants, intermediates, and products taking part in these thre-
processes are assumed to be in equilibrium.

Rate expressions derived from various postulated mechanisms are all of the form

. kinetic term)(driving force or displacement from equihibri
rate of reaction = ( X g p 9 um) G
(resistance term)

For exampl&or the reaction
A+ B=R+S§, K

occurring in the presence of inert carrier material U, the rate expression whet
adsorption of A controls 1s

= k(pa — pPaps/Kps)
A7 1+ Kapwps/Kps+ Kops + Kapr + Ksps + Kupy
When reaction between adjacent site-attached molecules of A and B controls, tl..
rate expression 1§

= k(paps — PrPs/K)
A (I + Kapa + Kppp + Kppr + Ksps + Kypy)?

whereas for desorption of R controlling 1t becomes

-1 = k(paps/ps — pr/K)
I + Kapa + Keps + KKnpapslps + Ksps + Kypy

Each detailed mechanism of reaction with its controlling factor has 1ts corre-
sponding rate equation, involving anywhere from three to seven arbitrary con-
stants, the K values. For reasons to be made clear, we do notintend to use equations
such as these. Consequently, we do not go into their derivations. These are given
by Hougen and Watson (1947), Corrigan (1954, 1955), Walas (1959), and elsewhere.

Now, in terms of the contact time or space time, most catalytic conversion data
can be fitted adequately by relatively simple first- or nth-order rate expressions;
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see Prater and Lago (1956). Since this is so, why should we concern ourselves with
selecting one of a host of rather complicated rate expressions suggested by theo-
retical mechanisms, why not select the simplest empirical rate expression which
satisfactorily fits the data?

The following discussion summarizes the arguments for and against the use of
simple empirical kinetic equations.

Truth and Predictability. The strongest argument in favor of searching for the
Qu;\tual mechanism is that if we find one which we hink represents what truly
occurs, extrapolation to new and more favorable operating conditions 1s much
more safely done. This is a powerful argument. Other arguments, such as augment-
ing knowledge of the mechanism of catalysis with the final goal of producing
better catalysts in the future, do not concern a design engineer who has a specific
catalyst at hand.

oblems of Finding the Mechanism. To prove that we have such a mechanism
we must show that the family of curves representing the rate equation type of the
favored mechanism fits the data so much better than the other families that the
others can be rejected. With the large number of parameters (three to seven) that
can be chosen arbitrarily for each rate-controlling mechanism, a very extensive
experimental program is required, using very precise and reproducible data, which
in itself is quite a problem. We should bear in mind that it is not good enough to
select the mechanism that well fits, or even best fits the data. Differences in fit may
be so slight as to be explainable entirely in terms of experimental error. In statistical
terms these differences may not be ‘“‘significant.” Unfortunately, if a number of
alternative mechamsms fit the data equally well, we must recognize that the equa-
tion selected can only be considered to be one of good fit, not one that represents
reality. With this admitted, there is no reason why we should not use the simplest
and easiest-to-handle equation of satisfactory fit. In fact, unless there are good
positive reasons for using the more complicated of two equations, we should
always select the simpler of the two if both fit the data equally well. The statistical
analyses and comments by Chou (1958) on the codimer example in Hougen and
Watson (1947) in which 18 mechanisms were examined illustrate the difficulty in
finding the correct mechanism from kinetic data, and show that even in the most
carefully conducted programs of experimentation the magnitude of the experi-
mental error will very likely mask any of the differences predicted by the various
mechanisms. .

Thus it is hardly ever possible to determine with reasonable confidence which 1s
the correct mechanism.

Dangers in Extrapolation. Nevertheless, let us suppose that we have found the
correct mechanism. Extrapolating to unexplored regions is still dangerous because
other resistances may become important, in which case the form of the over-all
rate equation changes.
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Problems of Combining Resistances.  Again let us suppose that we have found the
correct mechanism and resultant rate equation for the surface phenomenon. Com-
bining this step with any of the other resistance steps, such as pore or film diffusion,
becomes rather impractical. When this has to be done, it is best to replace the multi-
constant rate equation by an equivalent first-order expression, which can then be
combined with other reaction steps to yield an overall rate expression.

Summary. ‘From this discussion we conclude that it is good enough to use the
simplest available correlating rate expression which satisfactorily represents the
data.

For additional comments questioning the validity of the active-site approach,
suggesting forms of kinetic equations to be used in reactor design, and suggesting
what is the real utility of the active site theory, see the opposing points of view
presented by Weller (1956) and Boudart (1956).

Form of Rate Equation to be Used whcr{\Surfacc Phenomenon Controls. For
design purposes we usually can fit the data satisfactorily by a first-order irreversible
or reversible rate equation

—r, = kC, or —ra = k(Cy — Cy,)
by an ath-order irreversible rate equation
—rar = kC,\*
or by simplified expressions suggested by the active-site theory
k -
i o = HGgoe
and
e KCa L _KCy=Ca)
1+ k,Cy) AT (0 + Kk, CY

and similar equations when more than one reactant is involved. Rate expressions
such as these will be.used to represent situations in which surface phenomena
control. 2

Qualitative Predictions from Active-site Theory. For design the real value of the
active-site theory is that it gives a qualitative idea of what may be expected to
happen on extrapolating to new operating conditions. Imagine molecules adsorbing,
reacting, and desorbing from the surface. From findings in adsorption we know
that a rise in pressure results in an increase in amount of material adsorbed. Hence
if adsorption is rate controlling, an increase in reactant concentration will result in
an increase in rate of reaction.

Suppose desorption controls. Being an equilibrium process between site-attached
and free product molecules, desorption is unaffected by an increase in concentration
of reactants. Hence we get no increase in rate with a rise in reactant concentration.
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When the chemical reaction controls, we visualize that all the active sites are
actively in use. Many cases may be considered here. For example, consider a
single-site decomposition of reactant A. Increasing the concentration of reactant in
the atmosphere above the surface will not speed up this reaction because the surface
is assumed to be already saturated with A. Again consider the dual-site reaction:
A + B — products. This mechanism visualizes that a molecule of A on a site reacts
by attacking a molecule of B on a neighboring site. Now, if A is in excess on
the surface, the reaction rate is mainly a function of the concentration of B on the
surface. Increasing Cy or decreasing C, will both allow more B molecules on the
surface and therefore increase the rate of reaction. Increasing C, will simply swamp
the surface with A, crowding out B and further slowing down the rate of reaction.
Figure 3 summarizes these conclusions. Other cases can similarly be considered.

1 / Adsorption of A controls
Desorption of R controls
/ Reaction controls

(Desorption line 15 not
necessarify higher than

Rate

the reaction line)
>
Parhial pressure of A
adsorption reaction desorption
A = A* = (poducts)* _--= products

Adsorption of
B controls y
Adsorption of
A controls
Reaction
controls
2 777, Reaction =
& 2 controls =
controls
Total pressure CalCy
(at fixed Cp /Cy) (at fixed total pressure)
adsorption
- = reaction desorption
ssorpton F [~ (products) * == products
adsorpli
B <~ B*

FIGURE 3. Variation of reaction rate with reactant ratio and
total pressure for the various controlling mechanisms.
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Effect of Change in Operating Pressures. The active-site theory allows us to
predict what may happen to the rate when we extrapolate to higher or lower
operating pressures. In general, at very low pressures with adsorption controlling
we have essentially a first-order reaction. At higher pressures the surface will
become increasingly saturated with molecules. If these do not react rapidly enough,
surface reaction becomes controlling, causing the rate to level off or even drop. If
the reactants on the surface react rapidly but the products do not desorb rapidly
enough, the surface will become saturated with product molecules and desorption
will control, in which case the reaction rate will again level off.

The effect of pressure on rate of reaction as predicted by the active-site theory is
given in Figs. 4 and 5 and shows that at low pressure all reactions are approximated
by a first-order rate. At higher pressures the rates level off, becoming zero order,
or may even drop. A more detailed presentation using initial rate data is given by
Yang and Hougen (1950).

S

Single Cylindrical Pore, First-order Reaction. Consider at first a single cylindri-
cal pore, with reactant A diffusing into the pore, a first-order reaction

1 dN
A —>product  and -5 _dt—A = k,Ca

taking place at the walls of the pore, and product diffusing out of the pore, as
shown in Fig. 6. This simple model will later be extended.

Pore Diffusion Resistance Important

A A
Desorption .
C‘p‘\ Reaction or

%» ;) :.':’ desorption
[+ 3 [- 4

.S \&\0‘\

‘&P&’ WP‘P

Total pressure Total pressure

FIGURE 4. Change In controlling mechanism as a function of reactant concentration
or total pressure for reaction of two reactants with single-site mechanism,
adsorption
At reacti desorption
+ (products)* ———— products

and with fixed reactant ratio, or for reaction of single reactants.
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r Reaction (when at
optimum reactant
ratio) or desorption

~
N

N
S Reaction (for
&
& nonoptimum
Y§$ reactant ratio)

Rate

Total pressure
(at fixed reactant ratio)

FIGURE 5. Change in control-
ling mechanism for the dual-site

mechanism:
adsorption
——
reaction desorption
+ (= *

adsorption
——

-

The flow of materials into and out of any section of pore is shown in detail in
Fig. 7. At steady state a material balance for reactant A for this elementary section

gives
output — input + disappearance by reaction = 0

or with the quantities shown in Fig. 7,
dc,
dx

\ Elementary section of catalyst
\ / pore shown 1n Fig 7

—wr“@( ) + nrz.@(i{c—’é) + k,Co(2QurAx) =0
out dx )i

_ No reaction at
end of pore

Concentraton of reactant A

L =

1 |
0 a0/ Nz L
Distance along pore, x
FIGURE 6. Representation of a cyclindrical
catalyst pore.

.1
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Cross-sectional area = 7r2
Mantle area on which reaction
1s occurring, S = 2xr Ax

Flow in Flow qut R
dNa 2 (_._"NA = (dCp
( ).,.' mr2a( ) Wikt )om
Xin Tout
Disappearance of A/ rate of disappearance
on surface by = ('Ts\z?:ce )(surface)

reaction
= (=1 2) (surface) = k,Ca@mr Ax)

FIGURE 7. Setting up the material balance for the elementary slice of
catalyst pore.

Rearranging

(). - (&)
dx / out dx )sa

Ax

%, .
~Z2Ca=0

and taking the limit as Ax approaches zero (see the equation above Eq. 9.41a), we
obtain
d*C, 2k,
o =0 @)
Note that the first-order chemical reaction is expressed in terms of unit surface
area of catalyst pore; hence k, has units of length per time. In general, the inter-
relation between rate constants on different bases is given by

(k _l_)(volume,) _ (k m? ( mass of \ (k E)( surface of)
>hr/\ "'m? ~ \"™ hr-kg/\catalyst, kg/ ~— \"* hr/\catalyst, m?

or

KV = kW = kS @)
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Hence for the cylindrical catalyst pore

surface 2nrL 2k,
k = '(volume) = '(wr’L) = O
Thus in terms of volumetric units Eq. 3 becomes-
d*C, k
a2 9 Ci=0 (6)
This is a frequently met linear differential equation whose general solution 1s
%
Q.f‘ Ca = Me™ + Mue ™ @)
where)™ ©
X v - [kE_ [k
\\ Qv" m= @2 - Dr

N

and where M, and M, are constants.' It 1s in the evaluation of these constants that
we restrict the solution to this system alone. We do this by specifying what 1s
particular about the model selected, a procedure which requires a clear picture of
what the model is supposed to represent. These specifications are called the bound-
ary conditions of the problem. Since two constants are to be evaluated, we must
find and specify two boundary conditions. Examining the physical limits of the
conceptual pore, we find that the following statements can always be made. First,
at the pore entrance

C, = C,,, atx =0 (8a)

Second, because there 15 no flux or movement of material through the interior end
of the pore

c, _ ~
W = 0, at x = L (8b)

With the appropriate mathematical manipulations of Eqs 7 and 8 we then obtain

Cpe™ ™t Cpre™-
M, = P ;_ e-mL M, = et ;_ - mL &)
Hence the concentration gradient of reactant within the pore is s
m(L - x) = m(L - x) —_
Co € + e _ cosh m(L — x) (10)

Cas et 4 e~mL cosh mL

This progressive drop 1n concentration on moving into the pore is shown in Fig. 8,
and this is seen to bc dependent on the dimensionless quantity mL, called the
Thiele modulus.
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FIGURE 8. Distribution and average value of reactant concentration
within a catalyst pore as a function of the parameter mL.

To measure how much the reaction rate is lowered because of the resistance to
pore diffusion define the quantity & called the effectiveness factor as follows:

(actual reaction rate within pore)

i & = - e
Effectiveness factor, (rate if not slowed by pore diffusion)

— fA. with diffusion (l ])
T'A, without diffusion
In particular, for first-order reactions & = C,/C., because the rate is proportional
to the concentration. Evaluating the average rate in the pore from Eq. 10 gives the
relationship

C, _tanhmL
&rlrstorder = C: = _a_r;nsz__ (12)

which is shown by the solid line in Fig. 9. With this figure we can tell whether pore
diffusion modifies the rate of reaction, and inspection shows that this depends on
whether mL is large or small.

For small mL, or mL < 0.5, we see that & =~ 1, the concentration of reactant
does not drop appreciably within the pore; thus pore diffusion offers negligible
resistance to reaction. This can also be verified by noting that a small value for

~~—
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mL = LVk/2 means either a short pore, slow reaction, or rapid diffusion, all
three factors tending to lower the resistance to diffusion.

For large mL, or mL > 5, we find that & = 1/mL, the reactant concentration
drops rapidly to zero on moviflg into the pore, hence diffusion strongly influences
the rate of reaction. We call these the conditions of strong pore resistance.

To summarize: for the pore as a whole and first-order reaction, and in terms of
the concentration at the mouth of the pore, C,,, we have:

In general

—Fy = kCA = kCA'J (13)
where

_ tanh mL
T mL

For no resistance to pore diffusion (mL < 0.5)
—ra = kCy, (14)
For strong pore resistance (mL > 5) ‘

kC,, (kD)2
Ca 6B~ c,, (s

& and mL = LJ%

—ra, =

From the discussion related to Fig. 2 we found that resistance to pore diffusion
does not act in series with surface reaction resistance and hence cannot be treated
independent of it. Equation 13 seems at first sight to indicate that pore diffusion
can be accounted for by a separate, multiplicative correction-type term & This is
true; however, this factor & involves not only a diffusion term but also a surface
reaction term in the form of the rate constant. Thus pore diffusion can never
become controlling in the sense that it alone will determine the overall rate of
reaction.

We have gone into considerable detail to develop the expressions for the simple
case of diffusion into a single cylindrical pore for a first-order irreversible reaction
because it shows how the nonadditive pore resistance effect is to be treated.
Relaxing the various restrictions of this treatment leads to useful extensions and
generalizations. These follow, mostly without proof or derivation, but with per-
tinent references.

Mixture of Particles of Yarious Shapes and Slzcs.{’ For a catalyst bed consisting
of a mixture of particles of various shapes and sizes Aris (1957) showed that the
correct mean effectiveness factor is

E=8fi+&ufy+- - (16)
where f1, f3, . . . are the volume fractions of particles of sizes 1, 2, . . . in the mixture.
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N & =1/mL
N
1 Single pore or flat plate with sealed ends
Cylinder with sealed ends
Sphere
LY
2 \ N
s Volume change on reaction .
o Vout
=1+ €X =1 novolume change/f\ \\
" = 2, volume doubles
= . volume halves \
N
AN
001 | L L
01 1 10 100

Thiele modulus mL = L k@

FIGURE 9. The effectiveness factor as a function of the parameter mL for
various catalyst shapes and for volume change during reaction. Prepared from
Aris (1957) and Thiele (1939).

Molar Yolume Chan;i With decrease in fluid density (expansion) during reac
tion the increased outflow of molecules from the pores makes it harder for reactant
to diffuse into the pore, hence lowering & On the other hand, volumetric contrac
tion results in a net molar flow into the pore, hence'increasing &. For a first-orde
reaction Thiele (1939) found that this flow simply shifted the & versus mL curv
as shown in Fig. 9.

~
Arbitrary Reaction Kinetics. If the Thiele modulus is generalized as follows
(" rAt)L (1
CAe 1/2
[29 f (=r) ch]
Cae
then the & versus mL curves for all forms of rate equation closely follow the cur

for the first-order reaction. This generalized modulus becomes
for first-order reversible reactions

[k
mL =L m (l

for nth-order irreversible reactions

i = 1, [@F DRCE™ ¢

ml =
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Porous Catalyst Pellets. The results for a«single straight pore can be used to
approximate porous catalyst pellets of various shapes. In this case the molecular
diffusion coefficient 2 is replaced by the effective diffusivity of the fluid in the
solids 2,. Representative 2, values for gases and liquids in porous solids are given
by Weisz (1959). In addition, the proper measure of length fof the solid must be
used, as follows:

Flat plate with no end effect:

L = (half width) (20)
Long cylindrical pellet:
R
L= @n
Spherical pellet:
R
L= 3 (22)

Arbitrary shaped pellet:

_ (volume of pellet) 23)
"~ (extenor surface available for reactant penetration and diffusion)

“he precise & versus mL curves for these various geometries have been calculated
wy Aris (1957) and they all conveniently coincide with the curve for the single pore
hown in Fig. 9, except in the intermediate region However, even here the maxi-
wum variation in & among the curves 1s never more than 18%,.

With porous catalyst pellets the rate of reaction can be defined usefully in one
f many ways, as will be shown in Egs. 34 and 35; however, when testing for
rong pore diffusion (see next section) we must use a rate based on unit volume of
italyst pellet, —rx. <

esting a Catalyst for Strong Pore Resistance Effects. Suppose we have an ob-
rved rate measurement for given catalyst pellets in a known environment. How
n we tell from this whether pore resistance is or 1s not intruding to slow the rate
"reaction? To answer we start by assuming that we at least know the form of
te equation, or reaction order, even though the rate constant may be unknown,
«d that the resistance to film diffusion 1s neghgible, hence C,, = C,,.

First-order reactions  Expressing Eq. 13 1n terms of umit volume of catalyst
llet and ehminating the unknown rate constant k£ gives in general

. 2
v TA)= 2
Fn ~ Emb) (24)
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With negligible resistance to pore diffusion Fig. 9 shows that mL < 1and & = 1.
In this regime Eq. 24 then becomes:

For no pore resistance

_ 2
(————gf%:’“ <1 ©5)

On the other hand, in the regime of strong resistance to pore diffusion mL > 1 and
& = 1/mL; thus Eq. 24 becomes:

For strong pore resistance

—_ 2
(——_é%:'L > 1 6)
e g

This simple criterion was first presented by Weisz and Prater (1954) and requires
only the observed rate, the bulk stream concentration, and catalyst measurables.

Arbitrary reaction type. 1f the reaction rate is of the form —r3 = k-f(C) and
the generalized Thiele modulus of Eq. 17 is inserted into Eq. 24, then the criteria
developed above become

(= FD)enal(Cay) - -+ <1 for negligible pore resistance}
R e 27
292, J-C 'f(CA) dC, --»>1 for strong pore resistance

Che

These expressions and pertinent related literature are given by Bischoff (1967).

Heat Effects During Reaction

When reaction is so fast that the heat released (or absorbed) in the pellet cannot be
removed rapidly enough to keep the pellet close to the temperature of the fluid,
then nonisothermal effects intrude. In such a situation two different kinds of
temperature effects may be encountered.

Within-particle AT. There may be a temperature variation within the pellet.
Film AT. The whole pellet may be hotter (or colder) than the surrounding
fluid.

For exothermic reactions, heat is released and the particles are hotter than the
surrounding fluid, hence the nonisothermal rate is always higher than the isothermal
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rate as measured by the bulk stream conditions. Similarly, for endothermic reac-
tions the nonisothermal rate is lower than the isothermal rate because the particle
is cooler than the surrounding fluid.

Thus our first conclusion: if the harmful effects of thermal shock, or sintering
of the catalyst surface, or drop in selectivity, do not occur with hot particles, then
we would encourage nonisothermal behavior in exothermic reactions. On the other
hand, we would like to depress such behavior for endothermic reactions.

We next ask which form of nonisothermal effect, if any, may be present. The
following simple calculations tell.

For film AT we equate the rate of heat removal through the film with the rate
of heat generation by reaction within the pellet. Thus

Qunoruod = ( Vpolloz)( - r;.oba)( —AH')
Qnmwed = hSpeJlet.(Tg - Tl)

and on combining we find

L(—rx.obs)(_AHr)

ATym = (T, - T,) = h

(28)

2

where L is the charactenistic length of the pellet.

For within-particle AT the simple analysis by Prater (1958) for any particle
geometry and any kinetics gives the desired expression. Since the temperature and
concentration within the particle are represented by the same form of differential
equation (Laplace equation) Prater showed that the T and C, distributions must
have the same shape; thus at any point in the pellet

dT

dc
—kef( Zx' = 9: —'f‘(_AHv)

and for the pellet as a whole

= ge(c.lu _ CA.canur)(_AHr)

keﬂ

ATpnucls = (Teconter — T,)

(29

where k., is the effective thermal conductivity within the pellet.

For temperature gradients within particles alone the corresponding noniso-
thermal effective factor curves have been calculated by Carberry (1961), Weisz and
Hicks (1962), and others. (See Bischoff (1967) for references.) Figure 10 illustrates
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this curve

Exothermic
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Endothermic RSN
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Effectiveness factor, &
1

X D
Isothermal =
fiat plate

J 1
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. Generalized thiele modulus of Eq. 19
FIGURE 10. Nonisothermal effectiveness factor curve for
temperaure variation within the particle. Adapted from Bischoff

(1967).

these curves in dimensionless form, and shows that the shape is very similar to the
isothermal curve of Fig. 9 with the following exception. For exothermic reactions
only, where pore resistance just begins to intrude, the effectiveness factor can
become greater than unity. This finding is not unexpected in light of the above
discussion.

However, for gas—solid systems Hutchings and Carberry (1966) and McGreavy
and coworkers (1969, 1970) show that if reaction is fast enough to introduce non-
isothermal effects, then the temperature gradient occurs primarily across the gas
film, not within the particle. Thus we may expect to find a significant film A7,
before any within-particle AT becomes evident.

Let us illustrate the sequence of events which occur with exothermic reactions as
heat effects become progressively more severe. This sequence may be viewed to
result from raising the reaction rate, or from raising the temperature of the ambient
fluid T,. Figures 11 and 12 illustrate this sequence, and in all cases the effectiveness
factor refers to the rate for a particle bathed uniformly in reactant fluid at tempera-
ture T,. Thus the effectiveness factor accounts for both reactant depletion within
the particle and nonisothermal effects.

1. Fqr very slow reaction the concentration of materials is uniform throughout
the pellet and the heat generated is removed rapidly enough to keep the pellet at
the temperature of the gas.
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Different rate-controlling regimes for

strongly exothermic reactions in porous catalysts; adapted from McGreavy and

Cresswell (1969b).

2. For an increased reaction rate
uniformity to intrude. The temperature
treatment of the isothermal effectiveness
falls in this range.

pore resistance becomes the first non-
still remains close to uniform, hence the
factor, presented in the previous section,

3. For even higher reaction rates the particle, still uniform in temperature,

becomes progressively hotter than the
become more pronounced and most of t

surrounding gas. Pore diffusion effects
he reaction occurs in a thint shell close to
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the catalyst surface. In this range of conditions the heat generation rate may well
outstrip the heat removal rate, yielding autothermal behavior (see Chapter 8)
with an accompanying temperature jump and hysteresis effects.

4. Finally, for extremely high rates the particle is hot enough so that all
reactants are consumed as they reach its exterior surface. In this regime the supply
of reactants becomes the slow step, and mass transfer through the gas film will
control the rate of reaction.

Although the usual & versus mL plot of Fig. 12 clearly shows this sequence,
McGreavy and Thornton (1970b) recommend using a somewhat different plot,
that of & versus T,. They find this representation to be particularly convenient for
design calculations on nonisothermal packed bed feactors.

For endothermic reactions the situation 1s somewhat simpler. A rise in rate first
introduces isothermal diffusion. Higher rates will then cause a cooling of the
particle which slows the rate. Thus some stable maximum rate of reaction will be
reached.

Combination of Resistances for Isothermal Particles \/

By the methods outlined 1n the illustrative example of Chapter 11, the over-all
effect of film resistance, pore resistance, and first-order reaction can readily be
combined since these are linear processes. Thus, for the gas film we have

1 dN
"g;_a?é = kg(CAg - CA:)

whereas for diffusion and reaction within the interior of the particle we have, bascc
on particle volume, ¥V, and neglecting the slight contribution to reaction by the
exterior surface of the particle,

—— A kCLE 13

Combining these two expressions, eliminating the unknown surface concentratior
gives

_ddNa 1 -
Sex Al S /k&V, + 1]k, *°
or 3(
1 dN, 1

TV @ T RE T VRS, Cr
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which for spherical particles of radius R becomes

Y dNa 1 .
Sex dt  3/kéR + 1]k, %

or )
1 dN, 1
“V, & ~ k& ¥ Rk, O /

Note that in Eqs. 30 and 31 & is the first-order rate constant based on unit volume
of particle, whereas k, is the mass transfer coefficient based on unit exterior surface
of particle. With rates defined on other bases, care must be taken to make the
appropriate conversion of units.

Exterior and Interior Surface. Until now, because of its relatively small surface
area, we have assumed the contribution to reaction by the exterior surface of a
catalyst particle to be negligible. But when reaction is so rapid that the reactant
has little chance to penetrate the catalyst particle, this assumption leads to error,
and the over-all rate must account for reaction both in the interior and on the
outside of the particle. Referring to Fig. 2, we find the over-all effect of all these
resistances to be

1 dN, _ g 1
TSea@ ST, ] Cas
kﬂ kJ(Vp/Sex)[Sln/(sox + Sln)] + ka
or ’(\ (32)
! 1 dN, _ 1
' VA T, ] Cus
' i kySex  kE[Sin/(Sin + Sex)] + ki(Sex/ V)
b Resistance of:  gas reaction reaction
film 1n intenor on exterior
where
kl(sln + Sex) = er
Now when
Sia
63; <1

‘reaction on the exterior surface of the catalyst predominates over reaction within
Ithe pores, and Eq. 32 reduces to

! L\ /S S
S dt 1k, + 1k,

:Equation 33 is the expression for reaction on nonporous catalyst particles.

Cao (33)
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Equation 32 also reduces, under appropriate limiting conditions, to all the
previously derived first-order, isothermal expressions with individual resistances
controlling or important. By comparing the relative magnitude of the conductance
terms in this expression we should be able to estimate which resistance to reaction
controls.

EXPERIMENTAL METHODS FOR FINDING RATES /

Any type of reactor with known contacting pattern may be used to explore the
kinetics of catalytic reactions. Since only one fluid phase is present in these reac-
tions, the rates can be found as with homogeneous reactions. The only special
precaution to observe is to make sure that the performance equation used is
dimensionally correct and that its terms are carefully and precisely defined. The
reason for this precaution is the wide variety of bases (void or bulk or pellet
volume, surface area, or mass of catalyst) that may be used to express rates of
reaction. To illustrate, for batch constant-volume systems Eq. 5.3 in its various
forms becomes

o _(dXa _ YV [dXy _V(dX, ¥V (dX, V (dXy (34)
Cro ) —ra W) —rk S —ri V) =12 V) —1¥

For steady-state plug flow systems Eq. 5.17 1n its various forms becomes

FaodXy = —rydV =—rydW = —ridS = —r{dV, = —ri dV, (35)

For mixed or recycle flow the corresponding expressions are used.

For convenience the W, —r, system of units indicated by the underlined terms
of Egs. 34 and 35 will be used hereafter in this chapter. However, we could just as
well have used any other consistent pair of measures.

The experimental strategy in studying catalytic kinetics usually involves measur-
ing the extent of conversion of gas passing in steady flow through a batch of solids.
Any flow pattern can be used, as long as the pattern selected is known; otherwise
the kinetics cannot be found. A batch reactor can also be used. In turn we discuss
the following experimental devices:

Differential ( flow) reactor

Integral (plug flow) reactor

Mixed reactor

Batch reactor

Differential Reactor. We have a differential flow reactor when we choose to
consider the rate to be constant at all points within the reactor. Since rates are
concentration-dependent this assumption is usually “reasonable only for small
conversions or for shallow small reactors. But this is not necessarily so, e.g., for
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slow reactions where the reactor can be large, or for zero-order kinetics where the
composition change can be large.

For each run in a differential reactor the plug flow performance equation
becomes

—"_/_ _ J‘XA,out g’_YA _ __1__— J‘XA.ont dXA _ XA,out. - XA'“,
FAO 'xA.ll "fA (—.r‘l‘)‘v° Xa.m (—rx)ave
from which the average rate for each run is found to be

(_’I,\)rn — FAO(XA.OI;;/_ XA.ln) = FA.ln ;‘VFA.out (36)

Thus each run gives directly a value for the rate at the average concentration in the
reactor, and a series of runs gives a set of rate-concentration data which can then
be analyzed for a rate equation.

The suggested procedure is as follows.

1. Make a series of kinetic runs using different C, ,,.

2. Select the highest C, ;, as the basis for calculating F,, and conversions,
and call this concentration C,,. Y, .

3. For each run determine F,,, W, XA 1ns Xa.ours aNd Ca gve.

4. From Eq. 36 calculate the rate for each run.

5. We now have a series of rate-concentration data. ~/~ )

Applying the differential method of analysis of Chapter 3, a rate equation can be
found from this information.
Example 2 illustrates this procedure.

Integral Reactor. When the variation in reaction rate within a reactor is so large
that we choose to account for these variations in the method of analysis, then we
have an integral reactor. Since rates are concentration-dependent, such large
variations in rate may ve expected to occur when the composition of reactant
fluid changes significantly in passing through the reactor. We may follow one of
two procedures in searching for a rate equation.

Integral analysis. Here a specific mechanism with its corresponding rate equa-
tion is put to the test by integrating the rate equation for the reactor flow conditions.
The procedure 1s as follows.

1. Make a series of runs in a packed bed with fixed feed C,, but with varying
W and/or F,, in such a manner that a wide range of W/F,, and X, ... are obtained.

2. Select a rate equation to be tested, and with it integrate the plug flow
performance equation to give

W (%X,

oo =, — similar to (5.17)
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3. For each experimental run evaluate numerically the left- and the right-hand
side of this equation.
4. Plot one against the other and test for linearity.

Equations 5.20 and 5.23 are the integrated forms of Eq. 5.17 for simple kinetic
equations, and Example 3a illustrates this procedure.

Differential analysis. Integral analysis provides a straightforward rapid pro-
cedure for testing some of the simpler rate expressions. However, the integrated
forms of these expressions become unwieldy with more complicated rate expres-
sions. In these situations, the differential method of analysis which evaluates the
rate directly by differentiating the appropriate curve becomes more convenient.
The procedure is closely analogous to the differential method described in Chapter
3. So, by rearranging Eq. 5.16 we obtain the expression which allows us to find the
rates of reaction in integral reactors. Thus we have

o dXa __dX,
AT dW[Fy, ~ d(W[Fyo)

(37

The suggested procedure is as follows.

1. Make a series of runs in the packed bed using a fixed feed C,, but varying
F,o and/or W such that a wide range of W/F,, and X, are obtained.
© 2. Plot X, oy versus W/F,, for all runs. ’
3. Fit the best curve to the X, ... versus W/F,, data, making it pass through
the origin.

Equation 37 shows that the rate of reaction at any value of X, is simply the slope
of this curve; hence at a number of X, values find the slope of this curve (or rate of
reaction) as well as the corresponding concentration of reactant C,.

We now have a series of rates versus concentrations which can be analyzed by
the methods of Chapter 3 to obtain a rate equation. Example 3b illustrates this
procedure.

Mixed Reactor. A mixed reactor requires a uniform composition of fluid through-
out, and although 1t may seem difficult at first thought to approach this ideal with
gas-solid systems (except for differential contacting), such contacting is in fact
practical. One simple experimental device which closely approaches this ideal has
been devised by Carberry (1964). It is called the basket-type mixed reactor and it is
illustrated in Fig. 13. References to design variations and uses of basket reactors
are given by Carberry (1969). Another device for approaching mixed flow is the
recycle reactor, considered in the next section.
For the mixed reactor the performance equation becomes

W _ Xaow

v~ = ’
Fao —7TA,out
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FIGURE 13. Sketch of basket-type experimental mixed reactor.

from which the rate is

’ FroX ou
—TA,out = —éo—u}“_t (38)

Thus each run gives directly a value for the rate at the composition of the exit
fluid. .
Examples 5.1, 5.2, and 5.3 show how to treat such data.

ecycle Reactor. As with integral analysis of an integral reactor, when we use a
recycle reactor we must put a specific kinetic equation to the test. The procedure
requires inserting the kinetic equation 1nto the performance equation for recycle
reactors

w x
— =R+ " X,

7
FAO R/R+DX, —Tra

6.21)

and integrating. Then a plot of the left- versus right-hand side of the equation tests
for linearity. Figure 14 sketches an experimental recycle reactor.

For a large enough recycle ratio mixed flow 1s approached, in which case the
methods of the mixed reactor (direct evaluation of rate from each run) can be used.
Thus a high recycle ratio provides a way of approximating mixed flow with what is
essentially a plug flow device. Perkins and Rase (1958), and Livbjerg and Villadsen
(1971) present more details about this system.
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FIGURE I4. Experimental recycle re-
actor. When the recycle ratio is large
enough mixed flow is closely approxi-
mated.
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Batch Reactor. Figure 15 sketches the main features of an experimental reactor
which uses a batch of catalyst and a batch of fluid. In this system we follow the
changing composition with time and interpret the results with Eq. 34. The pro-
cedure is analogous with the homogeneous batch reactor. To insure meaningful
results the composition of fluid must be uniform throughout the system at any
instant. This requires that the conversion per pass through the catalyst be small.

A recycle reactor with no through flow becomes a batch reactor. This type of
batch reactor was used by Butt et al. (1962).

Follow change /

of composition — Rapd
with time Fluid uniform circulation of
in composition reactant

Small composition
change across
reactor
FIGURE 15. Batch reactor (batch of catalyst and batch of fluid)

for catalytic reactions.
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Comparison of Experimental Reactors

1. The integral reactor can have significant temperature variations from point
to point, especially with gas—solid systems, even with cooling at the walls. This
could well make kinetic measurements from such a reactor completely worthless
when searching for rate expressions. The basket reactor is best in this respect.

2. The integral reactor is useful for modelling the operations of larger packed
bed units with all their heat and mass transfer effects, particularly for systems
where the feed and product consist of a variety of materials.

3. Since the differential and mixed reactors give the rate directly they are
more useful in analyzing comglex reacting systems. The test for anything but a
simple kinetic form can become awkward and impractical with the integral reactor.

4. The small conversions needed in differential reactors require more accurate
measurements of composition than the other reactor types.

5. The recycle reactor with small R shares many of the disadvantages of the
integral reactor but with large recycle it acts as a mixed reactor and shares its
advantages. Actually, to minimize heat effects the catalyst need not be all at one
location, but can be distributed throughout the recycle loop.

6. In exploring the physical factors of heat and mass transfer, the integral
reactor most closely models the larger fixed bed; however, the basket, recycle, and
batch reactors are more suited for finding the limits for such effects, for avoiding
the regime where these effects intrude, and for studying the kinetics of the reaction
unhindered by these phenomena.

7. The batch reactor, like the integral reactor, gives cumulative effects, thus is
useful for following the progress of multiple reactions. In batch reactors it is easier
to study reactions free from heat and mass transfer resistances (simply increase the
circulation rate), and it 1s also simple to slow down the progress of reactions (use a
larger batch of fluid, or less catalyst); however, direct modelling of the packed bed
with all 1ts complexities is best done with the integral flow reactor.

8. Because of the ease in interpreting its results the mixed reactor is probably
the most attractive device for studying the kinetics of solid catalyzed reactions.

Determining Controlling Resistances and the Rate Equation

Interpretation of experiments becomes difficult when more than one resistance
affects the rate. To avoid this problem we should like, with preliminary runs, to
first find the himits of operations where the various resistances become important.

This will allow us to select conditions of operations in which the resistances can be
studied separately.

Film Resistance. First of all, it is best to see whether film resistance of any kind
(for mass or heat tiansfer) need be considered. This can be done in a number of
ways.
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1. Experiments can be devised to see whether the conversion changes at
different gas velocities but at identical space-time. This is done by using different
amounts of catalyst in integral or differential reactors for identical values for space-
time, by changing the spinning rate in basket reactors, or by changing the circula-
tion rate in recycle or batch reactors. .

2. If data are available we can calculate whether film resistance to heat
transfer is important by the estimate of Eq. 28, and whether film resistance to mass
transport 1s important by comparing the observed first-order rate constant based
on the volume of particle with the mass transfer coefficient for that type of flow,
such as Eq. 12.24; thus compare

kovsVp versus k, Sex 39)
If the two terms are of the same order of magnitude we may suspect that the gas
film resistance affects the rate. On the other hand, if k,,s¥, 1s much smaller than
k,S.x we may ignore the resistance to mass transport through the film. Example 1
illustrates this type of calculation.

3. As mentioned in the section on temperature effects, iIf the rate of reaction
rises, then the first form of film resistance likely to intrude on the rate is that for
heat transfer; that for mass transfer only intrudes at much higher rates. This fact is
clearly shown by the typical numerical values of Example 1.

Nonisothermal Effects. We may expect temperature gradients to occur either
across the gas film or within the particle. However, the previous discussion indicates
that for gas-solid systems the most likely effect to intrude on the rate will be the
temperature gradient across the gas film. Consequently, if experiment shows that
gas film resistance 1s absent then we may expect the particle to be at the temperature
of 1ts surrounding fluid, hence 1sothermal conditions may be assumed to prevail.
Again see Example 1.

Pore Resistance. It is best to study pore resistance under conditions where film
resistance is absent, or where C,, = C,,. This will also insure that nonisothermal
effects will not intrude.

Let us assume that we are in this regime. Then pore resistance 1s accounted for
by an effectiveness factor in the rate equation. Hence, based on unit mass of
catalyst, we have

where & is a function of mL as given by Fig. 9 or Eq. 13.

Consider a bed of catalyst particles of size R,, another of size R,. In the operating
region where the resistance to pore diffusion is negligible & = 1, hence for the two
beds we have

TACt S (40)
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Thus the rate of reaction based on unit mass of bed is the same for the two beds
and is independent of the particle size.

In the region of strong pore resistance & = 1/mL, hence for the two sizes of
particles we have

&L R @
Thus the rate of reaction varies inversely with particle size.

How do we find the transition between these two regions? If the original runs
with different-size particles showed identical rates, thus negligible resistance to pore
diffusion, then further runs should be made under conditions in which diffusional
resistance becomes increasingly important relative to the resistance to chemical
reaction. In other words, we should make runs with progressively larger-size
particles or at higher temperature levels until the rates begin to differ in the two
beds. On the other hand, if we originally were in the region of strong diffusional
resistance, succeeding runs should be made with smaller particles or at lower
temperatures. Thus the & versus mL curve can be found and fitted.

nth-order reactions behave in an unexpected way in the region of strong pore
resistance. Combining the nth-order rate with the generalized modulus of Eq. 19

we obtain
, " L | 29,
wra = kCuE = kO DT = KO LN v ke

2 kD)2 .
= () e “2)

Thus an nth-order reaction behaves like a reaction of order (n + 1)/2 or

0 order becomes % order

Ist order remains 1st order
2nd order becomes 1.5 order
3rd order becomes 2nd order

In addition the temperature dependency of reactions is affected by strong pore
resistance. From Eq. 42 the observed rate constant for nth-order reactions is

2 k2 )\
ko = 731
Taking logs and differentiating with respect to temperature and noting that both

the reaction rate and to a lesser extent the diffusional process are temperature-
dependent gives

d(In kgp,)
) @3

% [d(‘l;;'k) + (I(I:;T 9,)]



PRODUCT DISTRIBUTION IN MULTIPLE REACTIONS 491

With Arrhenitis temperature dependencies for both reaction and diffusion* we
1ave
k = koe ™ Eirue/RT and D, = D,ye" Faut/RT

ind replacing in Eq. 43 gives

Eppy = Etrue ;' Eayte

44)

Since the activation energy for gas-phase reactions is normally rather high, say
20 ~ 60 kcal, while that for diffusion is small (about 1 kcal at room temperature
or 4 kcal at 1000°C), we can write approximately

Eppn Do (45)
2
These results show that the observed activation energy for reactions influenced by
strong pore resistance is approximately one-half the true activation energy.
To sum up: the existence of strong resistance to pore diffusion can be determined:

1. By calculation if 2, is known (see Eqgs. 25, 26, and 27).

2. By comparing the rate for different pellet sizes.

3. By noting the drop in activation energy of the reaction with rise in tem-
perature, coupled with a possible change in reaction order.

Chemical Reaction. Kinetic equations based on the various active-site models
may be obtained by the methods outlined by Yang and Hougen (1950) or Corrigan
(1955). However, since these require an extensive research program to explore, and
must be replaced by the corresponding linear rate expressions anyway if diffusional
resistances are to be considered, we consider only the simpler empirical forms of
rate equations to represent the kinetics when surface phenomena control. With film
and pore diffusion absent, the rate of surface reaction can then be found in a
straightforward manner.

PRODUCT DISTRIBUTION IN MULTIPLE REACTIONS i\

More often than not, solid-catalyzed reactions are multiple reactions; reactions
occur side by side, and the products of these decompose further. Of the variety of
products formed, usually only one is desired, and it is the yield of this material

* One can fir an Arrhenius-type temperature dependency to any process as long as the tempera
ture range is not too large. For the temperature ranges considered in reactions this type of fit
for the diffusional process causes no difficulties.
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which is to be maximized. In cases such as these the question of product distribution
is of primary importance.

Now, the general rules for maximizing a given product in homogeneous reactions
apply equally well to solid-catalyzed reactions. These rules were developed n
Chapter 7 and they accounted for the type of flow in the reactor. Briefly, then, for
reactions in parallel the key to optimizing yields i1s to maintain the proper high or
low cpncentration levels of reactants within the reactor, whereas for reactions in
series the key 1s to avoid the mixing of fluids of different compositions.

In catalytic reactions diffusional resistance may cause the fluid in the pellet
interior to differ in composition from the surrounding fluild This may result in a
product distribution different from what would be observed were this nonhomo-
geneity absent. Here we consider the difference between the true (at the reacting
surface of the catalyst) and observed (material entering the main gas stream from
the catalyst) product distribution. Knowing the reasons for this difference will
suggest how to control the operating conditions so as to obtain the most favorable
over-all yield of desired product.

In terms of fractional yields we may say that the over-all fractional yield @ 15
found from the observed instantaneous fractional yields ¢,,, Whereas the latter 1s
related to the true instantaneous fractional yield ¢, based on what happens at
the interior surfaces of the catalyst. Thus

catalyst properties methods of O
Prrue Teaction kimetics . Pobs Chapter 7

Here we examine 1in what way strong pore diffusion modifies the true instantane-
ous fractional yield for various types of reactions; however, we leave to Chapter 7
the calculation of the overall fractional yield in reactors with their particular flow
patterns of fluid. In addition, we will not consider film resistance to mass transfer
since this effect 1s unlikely to influence the rate.

Decomposition of a Single Reactant by Two Paths
Consider the parallel-path decomposition

R(desired), re = kG

A (46)
ka

S(unwanted),  rs = k;Cp“2

which has an instantaneous fractional yield at any element of catalyst surface

R IR _ 1
‘Pt.rue(R T S) = e + s 1+ (kofk)Cia— (47a)
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or for first-order reactions

1

Peree = T ORoTRD) (47b)

Strong resistance to pore diffusion. Under these comdjtions we have
ra = kiCag®t -8, = kyCag¥t -
R Ag 1 1% Ag mL

and with Eq. 42

1 49 1/2
re 2 kG [ X"‘]
9

L {(a, + a3 + 2)(k; + k3)C

Using a similar expression for r, and replacing both of these into the defining
equation for ¢ gives

1
Pobs = I + (kg/kl)CXf,“_“lm

(48q)

and for equal order or for first-order reactions

1
S — 48b
Pobs 1 + (kﬁ/kl) ( )
This result 1s expected since the rules in Chapter 7 suggest that the product distribu-
tion for competing reactions of same order should be unaffected by changing
concentration of A in the pores.

Side-by-Side Decompositions of Two Reactants

Consider a feed consisting of two components, both of which react when in contact
with a solid catalyst, as follows:

A 15 R (desired), re = k,Ca®
(49)
B 2> S (unwanted), rg = k,Cg®
The instantaneous fractional yield of desired product is then
R 1
ro(R55) =TT @RS (509)
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for first-order reactions

1
P = T GaCalliCo) %)

Strong resistance to pore diffusion. In this regime the observed rates of reaction,
as given by Eq. 42, are

A

+1 L2

/2
re = k,Cap®-&p = Ciron

—_
Q

rg = k3Cp,’- &y = (b_.% .kﬁﬂ)lmcgv /2

&ence the observed fractional yield is

1
P = (= T kaD5Ch: ‘)”’ Gl
b+ 1k D,C3}?
For first-order reactions this becomes simply
- ! = ! (515)
Pobs = '+ (kzgn ”2C_B, = I+ (lﬁ)mﬁr
k\Dy) Ca, ki) Cag

Reactions in Series

As characteristic of reactions in which the desired product can decompose further,
consider the successive first-order decompositions

A-f R g

When surface reaction is the rate-controlling step, C, does not drop in the
interior of catalyst particles, true rates are observed thus

- ka\  _ (ks :
Pobs = Ptrue or (kx)ob. = (kl)true (52y

Strong resistance to pore diffusion. An analysis similar to that on page 470
using the appropriate kinetic rate expressions gives the concentration ratio of
materials in the main gas stream (or pore mouths) at any point in the reactor
Thus the differential expression (see Wheeler (1951) for details, and compare with
Eq. 7.32) is

dCp, _ 1 . Cu - (f‘_ﬁ)”’
@, ~ Ty YCh 7 - O
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For mixed flow integration with Cgo = 0 gives

1 Cas(Caro — Cay)

Cr, = .
7 14y Cag + ¥Cao — Cap)

(54)

For plug flow integration with Cg, = O gives

Cry 1 1 [(CA,)Y CA,]

= ) - hR)

Cro 1+y1—=y[\Cy Cho 3
Comparing Eqgs. 54 and 55 with the corresponding expressions for no resistance in
pores, Egs. 7.36 and 7.33, shows that here the distribution of A and R is given by
a reaction having the square root of the true k ratio, with the added modification

that Cg, is divided by 1 + y. The maximum yield of R is likewise affected. Thus
for plug flow Eq. 3.52 1s modified to give

CRa.mux _ 7”1-7 _ (&g)”z
Coo 1%y "7 \g 6)
and for mixed flow Eq. 7.23 is modified to give
, CRa.mnx _ 1
Cao ~ T+ PG+ 1P 1)

Table 1 shows that the yield of R is about halved with strong resistance to diffusion
in the pores.

TABLE |I. The role of diffusion in poras for first-order reactions in series

Cry, max/Cao for Plug Flow Crg.max/Cao for Mixed Flow

No Strong Percent No Strong Percent
ka/k,  Resistance  Resistance Decrease Resistance Resistance Decrease

* 0.936 0.650 30.6 0.790 0.486 38.5
s 0.831 0.504 393 0.640 0.356 44.5
3 0.630 0.333 47.6 0.444 0.229 48.5
1 0.368 0.184 50 0.250 0.125 50
4 0.157 0.083 47.2 0.111 0.057 48.5
16 0.051 0.031 38.2 0.040 0.022 44.5

For more on the whole subject of the shift in product distribution caused by
diffusional effects, see Wheeler (1951).
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E<tensions to Real Catalysts

So far we have considered catalyst pellets having only one size of pore. Real
catalysts, however, have pores of various sizes. A good example of this are the
pellets prepared by compressing a porous powder. Here there are large openings
between the powder and small pores within each powder particle. As a first approxi-
mation we may represent this structure by two pore sizes as shown in Fig. 16.

If we define the degree of branching of a porous structure by « where

[+

I

0 represents a nonporous particle
1 represents a particle with one size of pore
« = 2 represents a particle with two pore sizes, etc.

a

Il

then every real porous pellet can be characterized by some value of «.

Single large Model of pore structure
catalyst pellet

/ _
BD%Q Lé'é?:—g

wl - 7

Small pores

FIGURE 16. Porous structure with two sizes of pores as a model for a pellet of
compressed porous powder.

Now for strong pore diffusicn in one size of pore we already know that the
observed order of reaction, activation energy, and k ratio for multiple reactions
will differ from the true value. Thus

Eqvs = $Eauc + 3E
n—1
Mops = 1 + 2
foro =1 (58)
12
(k—g) = (I_c_,)l -+ for side by side reactions
kl obs kl

Carberry (19624, 1962b), Tartarelli (1968), and others have extended this type of
analysis to other values of « and to reversible reactions. Thus for two sizes of pores,
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where reaction occurs primarily in the smaller pores (hence much more area),
while both sizes of pores offer strong pore diffusional resistance, we find

Eyp = %Edm + }E
n—1

Rops = 1 +

for « = 2 4 (59)

(I—(—g) = (l&)l". - -for side by side reactions .
k1 obs k1

More generally for an arbitrary porous structure

1 1
Eqve = (1 - F)Edlﬂ + FE

for any « Rops = 1 + n_2—_a__l_ (60)

(1&) = (I&)m - - -for side by side reactions
k1 obs kl

These findings show that for large «, diffusion plays an increasingly important
role, the observed activation energy decreases to that of diffusion, and the reaction
order approaches unity. So, for a given porous structure with unknown «, the only
reliable estimate of the true k ratio would be from experiments under conditions
where pore diffusion 1s unimportant. On the other hand, finding the ratio of k
values under both strong and negligible pore resistance should yield the value of «.
This in turn should shed light on the pore structure geometry of the catalyst.

EXAMPLE |I. Search for the rate-controlling mechanism

An experimental rate measurement on the decomposition of A is made with a particular
catalyst (see pertinent data listed below).
(a) Is it likely that film resistance to mass transfer influences the rate ?
(b) Could this run have been made 1n the regime of strong pore diffusion?
(c) Would you expect temperature variations within the pellet or across the gas
film? -
Data. For the spherical particle:
dy =24mmorL = R/3=04mm =4 x 10°*m cat
2, = 5 x 107® m3/hr-m cat, (effective mass djffusivity)
kor = 0.4 kcal/hr-m cat-°K, (effective thermal conductivity)
For the gas film surrounding the pellet, (from correlations in the literature):
h = 40 kcal/hr-m? cat- °K, (heat transfer coefficient)
k, = 300 m3/hr-m? cat, (mass transfer coefficient)

il
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For the reaction:
AH, = —40 kcal/mol A (exothermic)
Cag = 20 mol/m? (at 1 atm and 336°C)
~rp.ove = 10° mol/hr-m? cat
Assume that the reaction 1s first order.

SOLUTION

(@) Film mass transfer. From Eq. 39, and introducing numerical values, we obtain

. observed rate - kovs Vi _ ("r:.obs/CAg)(‘”dpa/6) - —ra obs .ﬁ
rate if film kgSex ky(ndy?) Cagky, 6
resistance controls

_ 10% mol/hr-m?3 cat 2.4 x 1073 m cat
~ (20 mol/m?)(300 m*/hr- m? cat) 6
=L
150
The observed rate 1s very much lower than the limiting film mass transfer rate. Thus the

resistance to film mass transfer certainly should not influence the rate of reaction.
(b) Strong pore diffusion. Equations 25 and 26 test for strong pore diffusion. Thus

(— r)ousL? __ (10° mol/hr-m? cat)(4 x 10~ * m cat)? - 16
2,Cay (5 x 1075 m?/hr-m cat)(20 mol/m?®)

This quantity is greater than unity hence pore diffusion is influencing and slowing the
rate of reaction.

(¢) Nonisothermal operations. The estimate for the upper limit to temperature varia-
tions 1s given by Egs. 28 and 29. Thus within the pellet
9«(CA1 - 0)(_ AH!)

ko({

ATmAx,pollat -

_ (5 x 107® m®/hr-m cat)(20 mol/m®)(40 kcal/mol)
B (0.4 kcal/hr-m cat-°K)

= 0.1°C
Across the gas film

L(- .o s "AHr
AT i = L Thomd~ CH)
_ (4 x 107* m)(10° mol/hr-m®)(40 kcal/mol)
B (40 kcal/hr-m?-°K)

= 40°C
These estimates show chat the pellet 1s close to uniform 1n temperature, but could well
be hotter than the surrounding fluid.

The findings of this example use coefficients close to those observed in real gas-solid
systems, and the conclusions verify the discussions of this chapter.
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EXAMPLE 2. The rate equation from a differential reactor

The catalytic reaction
A —4R

is run at 3.2 atm and 117°C in a plug flaw reactor which contains 0 01 kg of catalyst and
uses a feed consisting of the partially converted product of 20 hter/hr of pure unreacted

A. The results are as follows:
Run 1 2 3 4
Cha,1n, mol/liter | 0.100 0.080 0.060 0.040
Ca,out, mol/liter | 0.084 0.070 0.055 0.038
Find a rate equation to represent this reaction.

SOLUTION
Since the maximum varniation about the mean concentration is 8%, (run 1), we may

consider this to be a differential reactor and we may apply Eq. 36 to find the reaction
rate.

Basing conversion for all runs on pure A at 3.2 atm and 117°C, we have

Cro = Nio _ Pao _ 3.2atny mol
AO

4 RT  (0.082 liter-atm/mol- °K)(390°K) " Titer

and

Fao = Caov = (01 mol A)(zo'l‘i') - pmo!
liter hr hr

Because the density changes during reaction, concentrations and conversions are rcl.ncd
by
Ca 1 — Xa
A - A or Xi=
Cro 1+ eaXa A
where e, = 3 for the basis selected (pure A).
Table E2 shows the details of the calculations. Plotting —ri versus C, as shown 1n
Fig. E2 gives a straight line through the origin, indicating a first-order decomposition.

1 — Ca/Cho
1 + ea(Ca/Cho)

TABLE E2
XA.ll = Xaout =
i = Cam | — Cacout
Cao Chao
Caun Caour  Caer 1+e Chin 1+ e Ca.out A{"A = J - AX".
Cao  Cao mol/liter AChro A "Cao Xaou = Xan  ~ WIF,
1 -1 1 - 084 0.0455
1 0.84 0.092 e 0 T 73089 = 0.045S 0.0455 013 = 91
03 070 0.075 0.0588 0.0968 0.0380 76
0.6 0.55 0.0575 0.1429 0.1698 0.0269 54

04 038 0.039 0.2727 0.2897 0.0170 34
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FIGURE E2.

The rate 1n terms of moles A reacted/hr-kg cat is then found from this figure to be

1 dN, hiters mol
: AT Twar T (96 hr kg cat cal)(c"' fer)

EXAMPLE 3. The rate equatian from an integral reactor

The catalytic reaction
A > 4R
1s studied n a plug flow reactor using various amounts of catalyst and 20 liter/hr of
pure A feed at 3.2 atm and 117 C. The concentrations of A in the cflluent stream i1s
recorded for the various runs as follows.
Runs { 2 3 4 b
Catalyst used, kg | 0.020 0.040 0080 0.120 0.160
Ca.out, mol/liter 0.074 0.060 0.044 0035 0.029
(a) Find the rate equation for this reaction, using the integral method of analysis
(h) Repeat part (@), using the dufferential method of analysis.
SOLUTION
(@) Tntegral Analysis. From Examiple 2 we have for all experimental runs
Cyy = 0.1 mol/liter

Fro = 2 molhr

ey =3
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Since the concentration varies significantly during the runs, the experimental rcactor
should be considered to be an integral reactor.

As a first guess try a first-order rate expression. If this will not fit the data we will then
try some other simple rate form until we do get a fit. Showing all dimensions and units
the plug flow performance equation is

Xa dx mol A reacted
W, kgcat _ *"*"mol A fed
F mol A - mol A reacted
A% Thr Xa=0 A " hr-kg cat
With first-order kinctics. kceping consistent units, this becomes
xAdXA J'XA] +6AXA
= f kCx ~ kCao 1 - Xa aXa
Using Eq. 5.22 to evaluate the integral we find
CaoW i
k=2= = (1 +e)lny e~ eAXa
A0 - A

and with e,, Cao, and F,, replaced by numerical values this becomes

1 4
(¢ 7=, - %) - ()

The two terms in parentheses should be proportional to each other with & as the constant
of proportionality. Evaluating these terms in Table E3a for the data points and plotting
as in Fig. E3a, we see that there is no reason to suspect that we do not have a linear

08 /
07—~ //
06f— - =t
Ve
fiter
< Slowh-QSm-V
?5) 0S5 ——- - v
1
<
ol /r
5 03 R
-
02} - AL
/[ |
1746 B S S S
| ! | |
0 1 i 1 | ;
0 00CL 0002 ©COO3 0004 0005 0006 0007 OC3%

Calv'_ gy neergeat
Fuo =20 Tieer

FIGURE Ela.
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FIGURE E3b.

relationship. Hence we may conclude that the first-order rate equation satisfactorily fits
the data. With k evaluated from Fig. E3a, we then have

. liters mol
—ha= (95 hr-kg cal)(c'" m)
TABLE E3a
Xa 1 ( 1 ) W
(from Table E30 1= x,  3x, UPT—x 3% wig
0.0808 03372 0.2424 0.0748 002 0.0l
0.1429 0.6160 04287 0.1873 004  0.002
0.2415 11080  0.7245 0.3835 008  0.004
0.317 1.5268  0.951 0.5758 012 0.006
0.375 1.908 1.137 0.771 0.16  0.008
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FIGURE Elc.

(b) Differential analysis. Equation 37 shows that the rate of reaction is given by the
slope of the X, versus W/F,, curve. The tabulation (Table E3b) based on the measured
slopes in Fig. E3b shows how the rate of reaction 1s found at various C,. The linear
relation between —r, and C, in Fig. E3c then gives for the rate equation:

liters mol
—r = —> Wc. —
fa (93 hr-kg cat)( » litcr)

TABLE E3b
1 - L —-ry = X4 .
el &)
__u: CA.out 1 + e _C‘_A FAO
w Fao Cao A Cho (from Fig. E3b)
0.4
0 0 1 0 0043 = 9.3
0.02 0.01 0.74 0.0808 —
0.04 0.02 0.60 0.1429° 5.62
0.08 0.04 0.44 0.2415 4.13
0.12 0.06 0.35 0.317 3.34

0.16 0.08 0.29 0.379 2.715
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EXAMPLE 4. Reactor size from a rate equation

Consider the catalytic reaction of Example 2. Using the rate equation found for this
reaction determine the amount of catalyst needed in a packed bed reactor (assume plug
flow) for 357, conversion of A to R for a feed of 2000 mol/hr of pure A at 3.2 atm and
117°C.

SOLUTION

The amount of catalyst needed is given by the performance equation for plug flow, and
on introducing the first-order rate expression we obtain

w XA dXa XadX, i J‘XAI + eaXa dX
—_— = A

F_Ao=ao —r;_oE=kCAoo 1 — Xa
Using Eq. 5.22 to evaluate the integral then gives
FAO

W =
kCao

[(l + ea)In - zAXA]

1
b — Xa
Replacing all the known values from Example 2 into this expression gives the final
result, or

mol A
hr a1 LOS)

(96 hter )(0.1 mol A) ( 0.65

hr-kg cat liter

2000

W =

= 140 kg catalyst

EXAMPLE 5. Reactor size from rate concentration data

For the reaction of Example 2 suppose the following rate concentration data are
available

Ca, mol/hter 0.039 00575 0.075 0.092
—rx, mol A/hr kgcat | 3.4 5.4 7.6 9.1

Directly from this data, and without using a rate equation, find the size of packed bed
needed to treat 2000 mol/hr of pure A at 117 C (or Co = 0.1 mol/liter, e4 = 3) to 35%,
conversion.

Note: Rate information such as this can be obtained from a differential reactor (see
{able E2), from an integral reactor (see Table E3b), or from other types of experimental
reactors.

SOLUTION

To find the amount of catalyst nceded without using an analytic expression for the rate
concentration rclationship requircs graphical integration of thie plug flow performance
equation, or

Fao

w foas dXa

7
o —ra
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dx,
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FIGURE ES.

The needed 1/—rj, versus X, data are determined in Table ES and are plotted in Fig.
ES. Integrating graphically then gives

jm AXa _ 00735
o —ra
Hence
_ mol A hr-kg cat) _
W= (2000 - )(0.0735 ) = 147 kg cat
TABLE ES
A 1 Ca X, = L= Cal01
(given) -7, (given) AT T +3CGA/01
3.4 0.294 0.039 0.2812
5.4 0.186 0.0575 0.1563
1.6 0.1316 0.075 0.0778

9.1 0.110 0.092 ’ 0.02275
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APPLICATION TO DESIGN

Reactant gas can be made to contact solid catalyst in many ways, and each has its
specific advantages and disadvantages. Figure 17 illustrates a number of these
contacting patterns. These may be divided into two broad types, the fixed-bed
reactors of Figs. 17a, b, and ¢ and the fluidized-bed reactors of Figs. 17d, e, and f.
The moving-bed reactor of Fig. 17g is an intermediate case which embodies some
of the advantages and some of the disadvantages of fixed-bed and fluidized-bed
reactors. Let us compare the merits of these reactor types.

1. In passing through fixed beds gases approximate plug flow. It is quite
different with bubbling fluidized beds. Here the flow is complex, not well known,
but certainly far from plug flow and with considerable bypassing. This behavior is
unsatisfactory from the standpoint of effective contacting requiring much larger
amounts of catalyst for high gas conversion, and greatly depressing the amount
of intermediate which can be formed in series reactions. Hence if efficient contacting
in a reactor is of primary importance then the fixed bed is favored.

2. Effective temperature control of large fixed beds can be difficult because
such systems are characterized by a low heat conductivity with large heat release
or absorption. Thus in highly exothermic reactions hot spots or moving hot fronts
are likely to develop which may well ruin the catalyst. In contrast with this, the
rapid mixing of solids in fluidized beds allows easily and reliably controlled,
practically isothermal, operations. So if operations are to be restricted within a
narrow temperature range, either because of the explosive nature of the reaction
or because of product distribution considerations, then the fluidized bed is favored.

3. Fixed beds cannot use very small sizes of catalyst because of plugging and
high-pressure drop, whereas fluidized beds are well able to use small-size particles.
Thus for very fast reactions in which pore and film diffusion may influence the
rate, the fluidized bed with its vigorous gas—solid contacting and small particles
will allow a much more effective use of the catalyst.

4. If the catalyst has to be treated (regenerated) frequently because it deacti-
vates rapidly, then the liquid-like fluidized state allows it to be pumped easily
from unit to unit. This feature of fluidized bed contacting offers overwhelming
advantages over fixed bed operations for such solids.

With these points in mind, let us proceed to Fig. 17. Figure 17a is a typical
packed bed reactor embodying all its advantages and disadvantages. Figure 175
shows how the problem of hot spots can be substantially reduced by increasing the
cooling surface. Figure 17¢ shows how intercooling‘can still further control the
temperature. Note that in the first stage where reaction is fastest, conversion is
kept low by having less catalyst present than in the other stages. Units such as
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these can all be incorporated in a singlc shell or can be kept separate with heat
exchangers between stages.

Figure 17d shows a fluidized reactor for a stable catalyst which need not be
regenerated. The heat exchanger tubes are immersed in the bed to remove or add
heat and to control the temperature. Figure 17e shows operations with a deactiva-
ting catalyst which must be continually removed and regenerated. Figure 17fshows
a three-stage countercurrent unit which is designed to overcome the shortcomings
of fluidized beds with regard to poor contacting. Figure 17g shows a moving-bed
reactor. Such units share with fixed beds the advantages of plug flow and dis-
advantages of large particle size, but they also share withsfluidized beds the
advantages of low catalyst-handling-costs. ;

Many factors must be weighed to obtain optimum design, and it may be that
the best design is one that uses two different reactor types in series. For example
for high conversion and a very exothermic reaction we may well look into the us¢
of a fluidized bed followed by a fixed bed.

The main difficulties of design of catalytic reactors reduce to the followin;
questions: how to account for the nonisothermal behavior of packed beds, an«
how to account for the nonideal flow of gas in fluidized beds.

Consider a packed bed with heat exchange (Figs. 17a and 17b). For an exothermi
reactipn Fig. 18 shows the types of heat and mass movement that will occur whe.
the patked tube is cooled at the walls. The centerline will be hotter than the wall:
reaction will be faster, and reactants will be more rapidly consumed there, henc
radial gradients of all sorts will be set up.

The detailed analysis of this situation should include ‘the simultaneous radi.
dispersion of heat and matter, and maybe axial dispersion too. In setting up tt
mathematical model, what simplifications are reasonable, would the resul
properly model the real situation, would the solution indicate unstable behavi
and hot spots? These questions have been considered by scores of researcher
numerous precise solutions have been claimed; however, from the point of view
prediction and design the situation today still is not as we would wish. The tre:
ment of this problem is quite difficult, and we will not consider it here. A go¢
review of the state of the art is given by Froment (1970). !

The staged adiabatic packed bed reactor of Fig. 17¢ presents a different situatic
Since there 1s no heat transfer in the zone of reaction the temperature and conv:
sion are related simply, hence the methods of Chapter 8 can be applied direct
We will examine numerous variations of staging and heat transfer to show that t
is a versatile setup which can closely approximate the optimum.

The design of gas fluidized beds is still unreliable today because the flow patt¢
which will develop in a bed cannot be predicted with assurance. This form'
contacting is particularly susceptible to maldistribution of gas, partial settling
solids and other erratic behavior. Despite this difficulty, and to illustrate
approach which should be used, we conclude this chapter with a brief presentat'
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-’
of a mode! which accounts for the main features of the nonideal contacting in
these reactors.

Staged Adiabatic Packed Bed Reactors

With proper interchange of heat and proper gas flow staged adiabatic packed beds
become a versatile system which is able to approximate practically any desired
temperature progression. Calculation and design of such a system is simple and
we can expect that real operations will closely follow these predictions.

We illustrate the design procedure with the single reaction A — R with any
kinetics. This procedure can be extended to other reaction types without difficulty.
We first consider different ways of operating these reagors, we then compare these
and point out when one or other is favored.

Walls cooled Reactant flows inward
/ to 100° /Product tlows outward
A T — T ~——
130 150. l \t\
100' D D, ;
~— ~rt""i/¥/1lo'
e — \
Deplehon of reactant Heat flows
at centerline outward

FIGURE 18. Temperature field in a packed bed reactor for an exother-

mic reaction showing how this field creates radial movement of heat and
matter.
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LExokhermnc reversible I [ Exothermic irreversible J LEndothumnc l
Optimum . .
Tm‘
. * Trnax
X,=1 —Cﬁ
T —=T T

FIGURE 19. Sketch showing how staged packed beds can closely approach the
optimal temperature progression.

Staged Packed Beds with IntercoofiMg.* The reasoning in Chapter 8 shows that
we would like the reacting conditions to follow the optimal temperature progres-
sion. With many stages available this can be closely approximated, as shown in
Fig. 19.

For any preset number of stages the optimization of operations reduces to
minimizing the total amount of catalyst needed. Let us illustrate the procedure for
two-stage operations with reversible exothermic reactions. The method of attack
1s shown in Fig. 20. In this figure we wish to minimize the total area under the

\
Q.Y x,=0 X’ X, Xy, 19

1

A2 out

Measure
of volume

XA\ XAI
FIGURE 20. Optimum two-stage packed bed reactor.

* This section follows directly from pp. 218-226 of Chapter 8 Hence it i1s suggested that the
reader familiarize himself with that section before proceeding here.
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1/—ra versus X, curve. In searching for this optimum we have three variables
which we can set at will: the incoming temperature (point T,), the amount of
catalyst used in the first stage (locates point b along the adiabatic), and the amount
of intercooling (lowates point ¢ along the bc line). Fortunately, we are able tc
reduce this 3-dimgnsional search (5-dimensional for 3 stages, etc.) to a one:
dimensional search where T, alone is guessed. The procedure is as follows:

1. Guess T,.
2. Move along the adiabatjc line until the following condition is satisfied

out g 1
e ( ) dX, =0 61
This gives point b in Fig. 20, thus the amount of catalyst needed in the first stag
as well as the outlet temperature from that stage. Especially in preliminary desig
it may not be convenient to use the criterion of Eq. 61. A simple alternative is

trial-and-error search. Usually two or three carefully chosen trials keeping awa
from low rate conditions will yield a good design, close to the optimum.

3. Cool to point ¢ which has the same rate of reaction as point b; thus

( - r;)lnvlng areactor — ( - r.;t)cmeﬂn( the next reactor (6‘

4. Move along the adiabatic from point ¢ until the criterion of Eq. 61
satisfied, giving point d.

Sa. If point d is at the desired final conversion then we have guessed i
correctly, hence the interstage heat transfer and the distribution of catalyst amor
stages (given by the areas under the 1/—r, versus X, curves) are such as to mir
mize the total catalyst volume.

5b. If point d is not at the desired final conversion try a different incomir
temperature T,. Usually three trials will very closely approach the optimum.

For three or more stages the procedure is a direct extension of that present.
here, and it still remains a one-dimensional search. This procedure was fil
developed by Konoki (1956a) and later, independently, by Horn (1961a).

Overall cost considerations will determine the number of stages to be used,
in practice we examine 1, then 2, etc., stages until a minimum cost is obtained.

Criteria similar to Eqgs. 61 and 62 have been developed for most of the contacti
patterns to be considered. However, these criteria are rather more time-consumi
to use than Eqs. 61 and 62. Hence a few trials keeping as far as possible frc
regions of low rates will closely approach optimal operations, and this is 1
procedure recommended.

Let us next consider the two other cases of Fig. 19. For irreversible exotherr
reactions the criterion for optimal operations has also been presented by Kone
(1956b6). For endothermic reactions the optimal criterion has yet to be develop
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In all these cases a trial-and-error search keeping far from the regions of low rates
is recommended.

Staged Packed Beds with Recycle. Here we have a flexiblé®®ystem which can ap-
proach mixed flow and as such is able to avoid regions of low rates. Figure 21
illustrates two-stage operations with a recycle ratio R = 1, and a feed temperature
T,. Extension to three or more stages follows directly.

Konoki (1961) presents the criterion for optimal operations; however, in
preliminary design a few good guesses will suffice to closely approach optimal
operations.

In recycle operations the heat exchangers can be located in a number of places
without affecting what goes on in the reactor. Figure 21 illustrates one of these;
other alternatives are shown in Fig. 22. The best location will depend on con-
venience for startup, and on which location gives a higher heat transfer coefficient
(note that the exchanger arrangement of Fig. 22a has a higher through flow of
fluid than the arrangement of Fig. 225).

Staged Mixed Reactors. For very high recycle the staged recycle reactors ap-
proach mixed flow. As shown in Fig. 23, in this case the reactors should operate
on the line of optimum temperature progression, the best distribution of catalyst
among the stages being found by the maximization of rectangles (see Fig. 6.11 and
Problem 6.16). In effect we need to choose the distribution of catalyst so as to
maximize area KLMN which then minimizes the shaded area in Fig. 23.

, \
‘\At -1 \
"""""" —— A \
i N \
oeoy - P 7{ N N i\\ 2nd stage~ \
| 1 \
065} - - -~ F NN : AL
| -7 1
| - : \ AR ! '
N
, | I
ozsg R \ N
| P N ; ,
| P 1 'L R Xy
B 7, "0 02 050065000

FIGURE 21, Optimum two-stage packed bed reactor with re-
cycle The conversions shown represent a recycle ratio R = |in
both stages.
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Ad

T

FIGURE 22. Dsfferent location for the heat exchangers while
keeping the same reactor conditions as in Fig. 21.

Cold Shot Cooling. Onc way of climinating the interstage hcat exchangers 1s by
properly adding cold feed directly into the second and succeeding stages of the
reactor. The procedure 1s shown in Fig. 24, The criterion for optimal operation
of such an arrangement s given by Konoki (1960), and in somewhat different form
by Horn (19616). They tound that the extent of interstage cooling is stll gnven b
Eq. 62, and this 1s shown i Fig. 24

With cold shot cooling the calculation of reactor volumes by the I/ 74 versus ¥
curve becomes more complicated because different amounts of feed are mvolve
in each stage We can also cold shot cool with mert fluid. This will atleat both th
1/—ra versus Y, and T versus X, curves.

Choice of EOntacting System. With so many contacting alternatives et us sug
gest when orie or other 1s favored.

1. For endothernuce reactions the rate always decreases with conversion; hen.
we should «dways use plug flow with no recycle (see Chapter 8). For exotha:
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FIGURE 23. Optimum two-stage mixed reactor set up
(infinite recycle for staged packed beds).

reactions the slope of the adiabatic line determines which contacting scheme is best
The rest of these comments concern this case of exothermic reactions.

2. All else being equal, cold shot cooling has the advantage of lower cost
because interstage heat exchangers are not needed. However, cold shot cooling is
only practical when the feed temperature 1s much below the reaction temperature,
and, in addition, when the temperature does not change much during reaction.
These conditions can be summarized as follows:

Qn

T —[ﬂ#‘@f _J T 1) "J‘QD‘ *

.

Xa

FIGURE 24. Cold shot cooling eliminates interstage heat exchangers.
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Cold shot cooling is practical when

—AH,
G

Trelctlon - T/ >

Two situations, one when cold shot cooling is practical, the other when it is not,
are shown in Fig. 25.

3. For exothermic reactions if the slope of the adiabatic line 1s low (large
temperature rise during reaction) it 1s advantageous to avoid the low temperature
regime where the rate i1s very low. Thus use high recycle approaching mixed flow.
On the other hand, If the slope 1s high (small temperature rise during reaction) the
rate decreases with conversion and plug flow is to be used. Typically, for pure gase-
ous reactant the slope of the adiabatic 1s small; for a dilute gas or for a hquid 1t 1s
large. As an example, consider a reactant with C, = 10 cal/mol.-°K and AH, =
— 30,000 cal/mol. Then

For a pure reactant gas stream:

slo e——g"————lo -
P€ = TAH, ~ 30,000 ~ 3000
For a dilute 1%, reactant gas stream:

C, 1000 1

slope = —3H = 30,000 ~ 30

For a one-molar liquid solution:

reaction

T, T,

Treac!oon

FIGURE 25. Situations where cold shot cooling could and should not be used.
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X Use plug flow

fPlug vs backmix D

1
05 f--- Pure reactant Slope = Joap~--—- —-= <7
7 N\ \WUse mixed
/ ' \
// ! \ flow
=1 _ :
A Dilute reactant Slope 3 ] !
! i
0 T

15
S e -1500° — L

Extremely low rates here

FIGURE 26. Sketch showing why plug flow i1s used for steep adia-
batic lines, and mixed flow (packed beds with large recycle) for
lines with small slope.

4. For exothermic reactions in staged reactors the above discussion can be
summarized as follows:

For pure gas use high recycle approaching mixed flow

For dilute gas (or a hquid) requiring no large preheating of feed use plug
Sflow. .

Foradilute gas (or a solution) requiring large preheating to bring the stream
up to reaction temperature use cold shot operations.

Fluidized Bed Reactor

Whatever the reacting system, if we have a fair representation of the chemical
kinetics and of the flow 1n the vessel then we should be able to develop a perform-
ance equation to reasonably approximate the behavior of that system. With
fluidized reactors, flow representation has always been the difficulty, and Chapter 9
has sketched the many approaches which have been tried. Let us here show how to
develop the performance equation for the hydrodynamic type flow model, the
bubbling bed model, which was introduced 1n Chapter 9.

If we assume a fairly high gas flow rate (vigorous bubbling bed with large rising
bubbles) then both the gas flow in the emulsion and the cloud volume become so
small that we can ignore the throughflow of gas in these regions. Consequently, as
an approximation flow through the bed occurs only in the bubble phase and the
model of Fig. 9.39 reduces to that shown in Fig. 27.
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CA. out

T Cloud and wake
Bubble | / 1 Restof
phase |- , ] emulsion":

Lﬂuldlled T
up
~—K.,

Kbcﬁ—-b‘ :

vEa »
r \Neghglue
flow
Cao, 4o
FIGURE 27. Model of the bub-

bling gas fluidized bed used for re-
action applications.

Next, if the reaction is first-order catalytic with ¢, = 0, or

. 1 dn, _ ‘
TR T A K ©

we then have for the reaction and disappearance of A in rising bubble gas (see
Fig. 27):

( disappearance ) _ (reaction) ( transfer to ) (64a
from bubble gas in bubble cloud and wake ‘
( transfer to ) _ ( reaction in ) (transfcr to) (64b
cloud and wake/ ~ \cloud and wake emulsion
(transfer to) _ ( reaction ) (64c
emulsion in emulsion
In symbols this expression becomes
1 dN
—Tabp = — =2 = ykCap + Koe(Car — Cac) (65a
Voubbie dt
Kbc(CAb - CAC) = YCkCAc + Kcv(CAc - CAc) (65b

K (C. —C.)=~vkC.. (65¢
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where by definition

_ volume of solids dispersed in bubbles (66a)
Yo = volume of bubbles 4

_ volume of solids within clouds and wakes (66b
Ye = volume of bubbles )

volume of solids in emulsion

- Ve = volume of bubbles (66¢)
Experiment has shown that
v = 0.001 ~ 0.01 and a=025~1.0 67)

Also by the material balance expressions, Eq. 9.66 to 9.75, we can show that

ve= (1 = e[l ] (68)

Upy — Upy[€my

and

o= tmmdl= o 4y, 69)

On eliminating all intermediate concentration in Eq. 65 we find that

1
—Tap = |7k + Ca (70)
. LI 1
K. 1
)’Ck+__1_+_i_
K. Yk

Integrating for plug flow of gas through the bed yields the desired performance
expression, or

1 Ltluldized
1 1 Uy
Koe _ (1)

where approximately

Liiuiaizea - (1 - ‘p-,cxed) prkod (72)
“b_ I — €n Upr
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and where the five terms in brackets represent the complex series-parallel rems-
tances to mass transfer and reaction or

Reactant A transfer transfer
in bubble tocloud l to emulsion l

reaction reaction reaction
in bubble in cloud 1n emulsion

For very fast reaction (large k value) very little A gets as far as the emulsion and the
first two terms in the bracket dominate. For slow reaction the latter terms in the
brackets become increasingly important.

Since the bubble size is the one quantity which governs all the rate quantities
with the exception of k, we can plot the performance of a fluidized bed as a function
of d,, as shown in Fig. 28. Note that large d, gives poor performance because of
extensive bypassing of bubble gas, and that the performance of the bed can drop
considerably below mixed flow.

For multiple reactions the effect of this flow is much more serious still. Thus for
reactions in series the lowering in amount of intermediate formed can be and usually
is quite drastic.

L] U I U RS E BN S

06\ —

0.4}
Large bubbles

Ca
C
A 021
- ]
01 - 4
- Small bubbles m
i Plug \ T
0.06 flow \‘ -
- \\
| ] N | | 1
004 2 4 6 8

(1—¢ )L ko
—"%——m—w—, dimensionless time

FIGURE 28. Performanceof a fluidized bedasafunc-
tion of bubble size, as determined by Eq. 71.
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Examples illustrating these effects, and additional discussions and problems on
this model, are found in Kunii and Levenspiel (1969).

Final Comments about Fluidized Reactors. Since commercial scale operations
involve high gas throughput, this requires large bed diameters and high gas
velocities. Both these factors lead to vigorously bubbling beds with large bubble
size with all their serious bypassing and poor behavior. This, then, is the reason for
the intense effort to explain the behavior of beds under these conditions.

From the design standpoint, however, it is preferable to avoid such behavior
rather than explain and operate under these conditions. To this end the following
ideas are used (see Fig. 29).

1. Insert internals into the bed to hinder bubble growth and cut down bubble
size.

2. Use a fluidized-packed bed where the gas first passes through the fluidized
section, then the packed section. Schemes such as these are attractive where very
high gas conversions are required.

3. Use a high enough gas velocity to cause appreciable carryover (and return)
of solids. Under these conditions the bed behaves as a lean emulsion with no gas
bubbling and no serious bypassing. Much higher gas velocities can be used here,
and with proper design the flow of gas approaches plug flow.

Lean
fludized - /K‘

)

Return
of solids

T

(a) (b) (c)

FIGURE 29. Schemes for avoiding the serious bypassing in beds with large
bubbles: (a) bubble size limited by space between internals; (b) packed bedallows
high conversion; (c) lean fluidization throughout.
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EXAMPLE 6. Conversion in a fluidized bed

In a laboratory packed bed reactor (L, = 10 cm and 4, = 2 cm/sec) conversion is 97%,
for the first-order reaction A —> R.
(a) What would be the conversion in a larger fluidized bed pilot plant (L, = 100 cm
and u, = 20 cm/sec) in which the estimated bubble size 1s 8 cm?
(b) What would be the conversion 1n a packed bed under these conditions?
Data. From experiment:

uUm; = 3.2 cm/sec
€my = €m = 0.5

From the literature:

2 = 2, = 0.204 cm?/sec
a =034

Let subscript m refer to the fixed bed or settled bed condition.

SOLUTION

Assuming plug flow 1n the fixed bed laboratory reactor the performance equation
becomes

Vi _ [ dXa —f dXa
Fao ": kCao(l — Xa)
Integrating gives
kCaroVs k(1 — o .
SIn(l = Xp) = KCaole k(= enld @)

FAO U,
from which the rate constant for the reicuon is found to be

7N Chao 2 cm/sec 100
h=—-———m——— = = —— — = 1. ot
Il = Ty = Goem —05 M3 = lésee

(a) Fluidized bed operations. The performance equation for fluidized bed operations
1s given by Egs. 71 and 72. Evaluating the terms in this expression we find from Eq.
9.68:

uyy = 0.711(980 x 8)''2 = 63 cm/sec

from Eq. 9.69:

uy = 20 — 3.2 + 63 = 79.8 cm/sec

from Eq. 9.70:

20 - 3.2

8= 753

= 0.2105
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from Eq. 9.76:

1/2 1/4
3282) + 5.85(0'204 x 980

Koo = 45(% ) = 2892 sec™?

from Eq. 9.77:

1/2
Koo = 6.73(%@) o 0.855 sec!
from Eq. 68:
o 3(3.2)/0.5 ] -
ve = (1 = 0.5)[ 5= 363 + 03] =034

from Eq. 69 (note that since y, < 0.01 1t can be 1gnored)

_ (1 = 0.5)(1 = 0.2105) B
ye = 53103 (0.34 + 0) = 1.53

Replacing all these values into Eqgs. 71 and 72 gives (again note that y, can be ignored)

Cao 1 100
Ca r 1 : 63
(0.34)(1.4) + 71

03855 * (15014

I

100
(0.79) r 1.253

or

Ca -1.253
— = e 1 = 0.285
CAO

hence the conversion
XA.rlummd = 7l~5°7o
(b) Packed bed operation. From Eq. (1)

QA_O _ (1.4 sec™1)(1 — 0.5)(100 cm) _

1
n Ca 20 cm/sec

3.5

hence

[N
Cao

=¢7%% = 0.03
or

XA.pu:koﬂ =97%
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PROBLEMS

These are loosely grouped as follows:

Problems 1-10.  Durect application of performance equations. These prob-
lems should be tried first.

Problems 11-20: Interpreting experiment to find which factors influence the
rate.

Problems 21-30: Harder, miscellancous.

Problems 31-39:  Staged adiabatic packed bed reactors

Problems 40-44: Fluidized bed reactors.

1. While being shown around Lumphead Laboratories, you stop to view a
reactor used to obtain hinetic data. 1t consists of a S cm 1D glass column packed
with 30 cm active catalyst. Is this a differenuial or integral reactor?

2. A solid catalyzed tirst-order reaction, e = 0, takes place with 50", conversion
in a basket type mixed reactor. What is the conversion if the reactor size 1s trebled
and all else—temperature, amount of catalyst, feed composition, and flow rate —
remains unchanged.

3. The following kinctic data on the reaction A — R are obtained in an expeni-
mental packed bed reactor using various amounts of catalyst and a fixed feed rate
Fro = 10 kg-mol/hr. '

. W, kgcat | I 2 3 4 5 6 7
X, 1012 020 027 033 037 041 0.44

(a) Find the reaction rate at 407, conversion.

(b) In designing a large packed bed reactor with feed rate Fpo = 400 kmol/hr
how much catalyst would be needed for 407, conversion. =

(¢) How much catalyst would be necded mﬁ;t (b) if the reactor employed a
very large recycle of product stream.
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4. The second order reaction A — R is studied 1n a recycle reactor with very
large recycle ratio, and the following data are recorded:
Void volume of reactor: 1 hter
Weight of catalyst used: 3 gm
Feed to the reactor: Cao = 2 mol/liter
vo = 1 liter/hr
Exit stream conditions:  Ca oue = 0.5 mol/liter

(a) Find the rate constant for this reaction (give units).

(b) How much catalyst 1s necded in a packed bed reactor for 807, conversion
of 1000 liter/hr of feed of concentration C,, = | mol/hter.

(c) Repcat part (b) if the reactor 1s packed with 1 part catalyst to 4 parts
inert sohd. This addition of erts helps mamtaimn sothermal conditions
and eliminate hot spots.

Note: Assume isothermal conditions throughout.

S. Determine the order of reaction and the weight of catalyst needed for 357,
conversion of A to R for a feed of 2000 mol/hr of puic A at 117 C and 3.2 atm.
For this reaction the stoichiometry 1s A — R and the kinetc data are given in
Example 2; also assume plug flow in the packed bed reactor.

Note: Compare answers with Examples 2 and 4. The difference in values tound
1s due to ignoring the expansion, ¢,, in treating this system.

6. Repeat Problem 5 using the data of Example 3 instead of Example 2. Again
compare with the results of Examples 3 and 4.

7. Kinetic experiments on the solid catalyzed reaction A -+ 3R are conducted
at 8 atm and 700" C in a basket type mixed reactor 960 cm? in volume and contaming
1 gm of catalyst of diameter d, = 3 mm. Feed consisting of pure A 15 introduced
at various rates into the reactor and the partial pressure of A i the exat stream s
measured for each feed rate. The results are as follows:

Feed rate, hiters/hr | 100 22 4 1 0.6
Pa.out/Pa.in 08 0.5 02 0.1 005

Find a rate equation to represent the rate of reaction on catalyst of this size

8. At 700°C the rate of decomposition, A -> 3R, on a spectlic catalyst of given
size 1s found to be

, 1 dN, _ ( hiter ) .

TS Twoa T hr gm cat

(See previous problem for the data leading to this equation ) A pilot plant 1s to be
butit. This 1s to be a tubular packed bed 2 ecm 1D uang 257, of these active catalyst
pellets evenly mixed with 75%, inert pellets to insure isothermal operations For
400 mol/hr feed consisting of 507, A-507, incrt gas at 8 atm and 700 C what must
be the length of reactor so that p, ou/pPa..a = 0.111.
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Data: Catalyst and inert pellets are porous, of diameter d, = 3 mm, particle
density p, = 2 gm/cm®. Bulk voidage of packed bed = 509%,.

9. The solid-catalyzed decomposition of gaseous A proceeds as follows:
A—R —ra = kC,?
A tubular pilot plant reactor packed with 2 liters of catalyst is fed 2 m®/hr of pure
A at 300°C and 20 atm. Conversion of reactant is 65%,.

In a larger plant it is desired to treat 100 m3/hr of feed gases at 40 atm and 300°C
containing 60%, A and 407, diluents to obtamn 85%, conversion of A. Find the
mternal volume of the reactor required.

10. Repeat the previous problem with the modified stoichiometry

A—-R+S
11. What 15 the most reasonable interpretation, in terms of controlling resist-

ances. of the kinetic data of Table P11 obtained 1n a basket type mixed reactor 1f
we know that the catalyst 1s porous. Assume i1sothermal behavior

TABLE PII
Leaving
Pellet Concentration Spinning Rate Measured
Diamecter of Reactant of Baskets Reaction Rate
1 1 high 3
3 1 low 1
3 1 high 1

12. Repeat the previous problem with one change; the catalyst 1s known to be
nonporous.

13. What can you tell about the controlling resistances and about catalyst
porosity from the datu of Table P13 obtained in a recycle type mixed reactor. In
all runs the leaving stream has the same composition, and conditions are 1sothermal
throughout.

TABLE PI3
Quantity Pellct Flow Rate Recycle Measured
of Catalyst Diameter of Given Feed Rate Reaction Rate
1 1 1 high 4
4 1 4 higher still 4
1 2 1 higher still 3
4 2 4 high 3




PROBLEMS 527

14. What can you tell about the controlling resistances and activation energy for
the reaction from the data of Table P14 obtained in a basket type mixed reactor?
Assume a uniform temperature throughout the pellet, equal to that of the sur-
round‘ng gas.

TABLE Pl4
Spinning
Flow Rate Amount of Pellet Rate of  Temperature,
of Gas Can Caoue Catalyst Diameter Baskets C
3 5 1 10 I low 344
2 4 1 6 2 high KRS
8 2 1 4 2 high 372
9 3 1 9 2 low 372

15. In the absence of pore diffusion resistance a particular first order gas phase
reaction proceeds as reported below.

—ra = 10~® mol/sec-cm?® cat
at
C, = 1075 mol/cm? at 1 atm and 400°C

What size catalyst pellets should we use (2, = 10~2 ¢m?/sec) to insure that pore
resistance effects do not intrude to slow the rate of reaction?

16. A liquid phase hydrogenation of an unsaturated hydrocarbon is catalyzed by
porous pellets about 3 mm in diameter, the reaction is approximately first order
with respect to the limiting reactant, hydrogen, and we hope to achieve useful
reaction rates of the order

—ri, = 107% mol/sec-cm? cat

From vapor-liquid equilibrium data the solubility of hydrogen in hydrocarbon
fluid is estimated to be Cy, = 10~° mol/cm? at 1 atm. Assuming 1deal behavior we
also expect this solubility to be proportional to the pressure of hydrogen above the
liquid phase. The effective diffusivity of rcactants is estimated tobe 2, = 2 x 103
cm?/sec and approximately independent of concentration of the components, since
this is a liquid system. From this information estimate the pressure at which we
should operate to insure that pore diffusion cffects are absent.

17. (a) What fraction of the overall resistance to mass transfer and reaction 1s
provided by the gas film 1n a catalytic decomposition if the observed rate based on
volume of catalyst bed 1s

k = 4/time
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and if the gas film resistance as estimated by the dimensionless correlations of mass
transfer is

k, = 5 mm/time

() If gas film resistance were negligible, what would be the observed rate of
reaction expressed on a mass basis ?
Data: Bed porosity = 0.33
Drameter of spherical catalyst pellets = 1 mm
Bulk density of bed = 2 gm/cm?

18. It is suspected that the pilot plant of Problem 8 will be operating n the
regime of strong pore diffusion, and that nonisothermal effects within pellets and
across the gas film may also intrude. Check for these effects, and if present, tell
how they might affect reactor performance.

Data: Effcctive mass diffusivity in pellet = 0.09 cm?/hr
Effective thermal conductivity of peliet = 1 kcal/hr-m-°K
Pellet-flurd heat transfer coefficient = 100 kcal/hr-m?2-°K
Heat of reaction (— Af,) = 20 keal for the stoichiometry A — 3R.

19. Experiments in a basket type mixed reactor on the solid catalyzed decom-
position A —» R —» S give the results of Table PI19.

TABLE P19

Size of Porous Pcllcts Temperature W/F.o Cr.max/Cao
6 mm 300-C 25 239,
12 mm 300°C 50 239,

Under the best possible reaction conditions (always at 300°C) what 1s the maximum
concentration of R we may expect? How do you suggest that this be obtained ?

20. Table P20 summanzes the results of three series of runs in a packed-bed
reactor on the solid-catalyzed first-order decomposition A — R — S.

TABLE P20

Size of Porous Temperature

Catalyst, mm of Run, °C W/Fao Cr. max/Cao
3 300 27 0.50
6 300 54 0.50

6 320 21 0.50
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1 meter, 1 meter,
100 cm3 1100 cm3!
b ovad . vod
Feed (volume -, volume , e
. { O T T
\\\ N

Nonporous catalyst 2 gm,
1 cm? bulk, fraction voids = 05

FIGURE P2I.

Further experiments anywhere between 200 and 340°C are planned to search for
the conditions under which production of R is maximized. What operating con-
ditions (catalyst size and temperature) should we explore, and what fractional yicld
of R may we expect to find?

21. Because the catalytic reaction A — R is highly exothermic with rate highly
temperature-dependent, a long tubular flow reactor immersed in a trough of water,
as shown in Fig. P21, 1s used to obtain essentially isothermal kinetic data. Pure A
at 0 C and 1 atm flows through this tube at 10 cm?/sec, and the stream composition
1s analyzed at various locations.

Distance from feed 0 12 24 36 48 60 72 84 ()
input, meters
Parual pressure of | 760 600 475 390 320 275 240 215 150
A, mm Hg

(a) Determine what size of plug flow reactor operating at 0°'C and 1 atm
would give 507, conversion of A to R for a feed rate of 100 kmol/hr of
pure A.

(h) Suppose that this data had been obtained tor a rcaction whose stoichi-
ometry 1s A — 2.5R. Find the volume of reactor required for the same feed
rate and conversion as given in part (a).

22. A closed-loop experimental system as shown in Fig P22 is used to study the
kinetics of a catalytic reaction A -— R. Pure A is introduced into the systems and

Total vod  —_| Nonporous catalyst,
volume = 100cm® >\ 2gm, 1 cm? bulk,
void fracton =05

FIGURE P22.
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is circulated at 0°C and 1 atm at 10 cm?3/sec. The stream is analyzed from time to
time with the following results:

Time, min 0 2 4 6 8§ 10 12 14 (o)
Partial pressure | 760 600 475 390 320 275 240 215 150
of A, mm Hg

(a) Determine the size of a plug flow reactor operating at 0°C and 1 atm
required to effect a 50%, conversion of A to R for a feed rate of 100
kmol A/hr.

(b) Repeat part a with the modification that an inert at a partial pressure of
1 atm is present in the closed loop so that the total pressure at the start is
2 atm.

23. From a feed containing reactant A at C,, = | mol/liter, 100 mol/hr of R
are to be produced in a catalyst-packed tubular reactor. The reaction in the packed
bed can be taken as zero order, or

' mo]
A —-R, —ra = lh___—r-kgcat
The cost of feed stream is $1/mol A.
The cost of reactor and catalyst is $1/hr-kg cat.
Unreacted A cannot be recovered.
(«) What is the optimum conversion and the cost of R at this conversion.

(b) Repeat part (a) if the packed bed reactor is operated with a large recycle
stream.

24. (a) Table P24 records data for the solid-catalyzed reaction A - R — S
occuring isothermally in an experimental recycle reactor. Under what conditions
(what controlling resistance, packed or fluidized-bed operations) will the con-
centration of intermediate be maximized ? What is the expected value of Cy max/Cao?

TABLE P24
Size of Porous Catalyst, mm W/Fo Cr.max/Cao
3 27 0.5
6 54 0.5

(b) Repeat part (a) if for both runs W/F,, = 27 and Cq mex/Cao = 0.17.

25. The solid-catalyzed first-order decomposition A — R — S is studied in a
recycle reactor in which the recycle rate of fluid is at least 50 times the throughput
rate. The results are summarized in Table P25. From these data an installation is
planned to produce as much R as possible from a feed identical to that used in the
experiments.
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TABLE P25
Size of Porous Temperature of
Catalyst, mm Runs, °C 7’ = WCaolFao Cr.max/Cao
3 300 30 0.17
6 300 60 0.17
6 320 30 0.17

(@) Choose between a packed-bed or fluidized-bed reactor.

(b) Choose between 3 mm and 6 mm catalyst.

(c) In the range between 280 and 320°C select an operating temperature.
(d) Determine the weight-time 7' = WC,o/Fao to be used.

(e) Predict the expected Cg max/Cao-

26. Diffusion is temperature-dependent. Consequently evaluate the activation
energy to represent this process both at room temperature (about 300°K) and at
high temperature (about 1200°K) knowing that

(@) 2 o T?3 for ordinary molecular diffusion of gases
(b) 2 o« T for ordinary diffusion in liquids
(¢) 2 oc T*3 for Knudsen diffusion in gases.

27. Homogeneous and catalytic rates. The homogeneous decomposition A — R
is studied in a stainless steel paddle type mixed flow reactor (volume of voids in the
reactor, ¥ = 0.8 liter, total surface in the reactor, S = 800 cm?) with the following
results:

40 10
20 40

T, Sec
Ca,out, millimol/liter

for CAO = l(X)

We suspect that the stainless steel surface catalyzes the reaction. To verify this
suspicion additional surface is introduced in the reactor (S = 1500 cm?, ¥V = 0.75
liter) and more runs are made as follows:

r,sec | 26.7 1.5

CA.m“ 20 40 for CAO = 100

Find the kinetics of this decomposition, and if homogeneous and catalytic

reactions are occurring simultaneously give rate expressions (with units) for both
processes.

28. Active Site Mechanism. To illustrate the method for developing rate
equations from the active site theory, consider adsorption controlling for the
catalytic reaction A — R, and assume the following elementary mechanisms.
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Step 1. A molecule of reactant A in the gas phase is captured by an active site ¢
to form the intermediate (A -£)*. Since adsorption controls an equilibrium develops
between free A and adsorbed A, thus

A+ t;‘zz(A.z)*

Step 2. This intermediate occasionally decomposes to release product R and
thereby free the active site for further use

(A-0y* >R + ¢
Finally the total number of active sites available per unit surface of catalyst is ,.
These sites can be either in the free state or may have A adsorbed on them, thus
ly="¢+ (A-£)*
Show that the rate equation obtained from this model is of the form

_ kiCa
T 1+ k,C,

Note: In comparing with enzyme substrate kinetics (see Problem P2.19 or the
discussion following Eq. 3.60) we observe a close parallel in the form of the theories
and in the final rate expressions. The reason for this is because in both cases the
catalytic agent (enzyme in one case, active sites in the other) is present in definite
amount and is either in active or inactive form.

—ra

29. The catalytic gas-phase decomposition of A yields a variety of products
which for the sake of simplicity can be designated as R (desired product) and S
(undesired product). Under optimum conditions of maximum R yield, the stoichio-
metric relationship characterizing the overall reaction is A — 0.8R + 3.2S. This
occurs in the presence of cadmium-impregnated WW pumice catalyst (porosity =
0.375) at 459°C.

Experimental studies in a constant-volume bomb at 459°C using a 507, A, 507,
inert mixture give the following results:

Time, sec 0 30 60 90 120 150
Total pressure, atm | 4.00 5.17 643 7.60 8.79 9.97

600 mol R/hr are to be produced from a feed of pure A ($0.40/mol) in a packed
tubular reactor. Any pressure from atmospheric up to 20 atm absolute may be used.
Naturally, the cost of reactor and supporting equipment will depend not only on
its size but also on the pressure selected. This cost on an hourly basis is

$20.00 + (30.04/lit)(pressure in atm)° 8, m > | atm
and includes cost of catalyst replacement because of poisoning, etc.
(@) For optimum conditions assuming isothermal plug flow operations, find

the operating pressure, the fractional conversion A, the size of reactor, and
the unit cost of producing R.
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(b) Feed consisting of 25%, inerts instead of pure A can be purchased at
$0.32/mol A. How would a change to this new feed affect the operations?
(¢) If the stoichiometric equation were A — 0.8R + 0.2S and the rate equation
were that of part (a), in what way would this affect the answer to part (a)?
(d) If tracer experiments indicate that the flow pattern in the reactor can be
approximated by assuming that one-sixth of the fluid bypasses the reactor
completely, the rest passing through the catalyst in ordinary dispersed plug
flow, how would this affect the answer to part (a)? Take the particle
Reynolds number = 350, particle size = 6 mm, reactor diameter = 1 m.

30. Nonideal Flow in a Packed Bed. A gas decomposes according to the
elementary reaction 2A — R + S when in contact with a solid catalyst.

The kinetics of this reaction is investigated in a packed-bed reactor using 2.5 mm
spherical beads in the following manner. A 4 cm layer of nonactive beads is laid
down on a support. This is followed by a 1-cm layer of catalyst beads and by another
4-cm layer of nonactive beads. For a gas flow rate corresponding to a particle
Reynolds number of 23, the reactant 1s 99%, decomposed. Find the error in the
calculated second-order rate constant which would result if plug flow is assumed.
Assume isothermal conditions throughout.

FIGURE P3l.

31. Figures P31 represent different arrangements of two recycle reactors.

(a) Sketch flow sheets for these operations, and therein show the location of
the heat exchangers, indicate whether they cool or heat, and estimate the
recycle ratios for the streams.

(b) Is it possible to rearrange the location of heat interchange so as to avoid
using external heat sources, or to eliminate either of the two heat ex-
changers? If so, show how; however whatever modification you suggest
keep conditions within the reactors unchanged.

32. Figures P32 represent different arrangements of two reactors. Sketch the flow
sheet for these operations, show the location of heat exchangers, and per 100 units
of feed estimate how many units flow through the various streams.
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33. For staged operations of an exothermic reaction the heat exchangers can be
placed in various locations. For the arrangements of two packed beds with recycle
shown in Fig. P33 sketch the corresponding X, versus T chart locating all pertinent
points.

Data: For these four cases take the same temperature for the feed, take the same
temperature for the fluid leaving the first reactor, and take X,, = 0.6, X,; = 0.9,
R, =2,R; = 1.
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FIGURE P33.
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Note for Problems 34-39. [Examples 8.1 and 8.2 develop the rate-temperature-
conversion chart for a specific homogeneous reaction. The result is shown in Fig.
E.2 of Chapter 8, and inside the dust jacket of this book. Let us suppose that this
chart represents the kinetics of a liquid phase catalytic reaction with C,o = 1
mol/liter and rate given by —rx, mol/min-kg cat. The following 6 problems deal
with this reaction.

34. For the above mentioned reaction and with a more concentrated feed,
Cao = .10 mol/liter at 25°C, and an allowable temperature range from 5°C to 95°C,
present a reasonable design for treating F,o = 1000 mol/min to 80%, conversion in
a two stage adiabatic packed bed system with appropriate heat exchange. Sum-
manize your answer with a sketch showing the amount of catalyst to be used ir
each stage, the temperature of the streams, and the location and duty of the heat
exchangers. Do not use any recycle of fluid.

35. Repeat the previous problem with one modification: the outlet conversior
is to be 90%,, not 80%,.

36. For the reaction mentioned before Problem 34, a feed C,o, = 10 mol/liter a
25°C, and an allowable temperature range from 5°C to 95°C present a reasonabl
design for treating F,o, = 1000 mol/min to 80%, conversion in a two-stage adiabati
packed bed reactor with very large recycle. Summarize your answer by a sketc
showing the amount of catalyst to be used 1n each stage, the temperature of tt
streams, the location and duty of the heat exchangers.

37. Repeat Problem 36 with two modifications; the maximum allowab
temperature is 50°C and any two-stage reactor system can be used.

38. Repeat Problem 36 with two modifications: any recycle ratio up to R =
may be used, and the allowable temperature range is from 25°C and 95°C.

39. For the reaction mentioned before Problem 34 in a 3-stage packed t
reactor with very large recycle, appropriate heat exchange, and allowable ¢
perature range from 5°C to 95°C, and 80%, conversion overall,

(a) find the percentage distribution of catalyst among stages
(b) compare this requirement with that for the optimum temperature p
gression which uses the very minimum amount of catalyst.

40. How does the conversion in the fluidized bed of Example 6 compare v
that for mixed flow of gas in the reactor?

41. A gaseous reactant A disappears by first order reaction, A — R, and 1
vigorously bubbling fluidized bed conversion is 50%,. If the amount of catalys
this bed is doubled and all else remains unchanged including the mean bubble :
estimate the resultant conversion.
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42. In the fluidized pilot plant reactor of Example 6 conversion is 71.5%,. How
much more catalyst is needed to raise the conversion to that obtainable in the
packed bed, or 977, assuming that the effective bubble size remains unchanged.

43. (a) In Example 6 what fraction of the conversion takes place within the
bubble, and what fraction of the remaining resistance to reaction is due to bubble-
cloud interchange.

(b) Repeat if the reaction rate constant is 100 times as large.

Data: Assume y, = 0.01.

44. To double the treatment rate of gas in the fluidized pilot plant reactor of
Example 6 the gas velocity and the bed height are both doubled. Under these
conditions the effective bubble size 1s estimated to be 17.5 cm. What conversion can
we expect ?

45. Early experiments by Rowe and Partridge (1965) in bubbling fluidized beds
show that the wake to bubble ratio « = 0.25 ~ 0.67; however, more recent ex-
periments by Hamilton et al. (1970) show that « ~ 1. This difference could be
because different ways were used to measure the wake volume and because different
solids were used.

Let us see if changing « has a serious effect on the predicted conversion of re-
ictant gas in the fluidized bed. For this repeat Example 6 with « = 1.02 instead
»f 0.34.
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DEACTIVATING
CATALYSTS

The previous chapter assumed that the effectiveness of catalysts in promoting
reactions remains unchanged with time. Often this is not so, and as a rule the
activity decreases as the catalyst 1s being used. Sometimes this drop is very rapid,
in the order of seconds; sometimes it is so slow that regeneration or replacement is
needed only after years of use. In any case with deactivating catalysts regeneration
or replacement is necessary from time to time.

If deactivation is rapid and caused by a deposition and a physical blocking of the
surface this process is often termed fouling. Removal of this solid is termed
regeneration. Carbon deposition during catalytic cracking is a common example
of fouling

CioHgy > CsH,3 + C(Hyo + C ¢ on catalyst

If the catalyst surface is slowly modified by chemisorption on the active sites by
materials which are not easily removed then the process is frequently called
poisoning. Restoration of activity, where possible, is called reactivation. If the
adsorption is reversible then a change in operating conditions may be sufficient to
reactivate the catalyst. If the adsorption is not reversible then we have permanent
poisoning. This may require a chemical retreatment of the surface or a complete
replacement of the spent catalyst.

Deactivation may also be uniform for all sites, or it may be selective, in which
case the more active sites, those which supply most of the catalyst activity, are
preferentially attacked and deactivated.
~ We will use the term deactivation for all types of catalyst decay, both fast and
slow; and we will call any material which deposits on the surface to lower its activity
a poison.

537
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This chapter is a brief introduction to operations with deactivating catalysts. We
will consider in turn:

The mechanism of catalyst decay,

The form of rate equation for catalyst decay,

How to develop a suitable rate equation from experiment,
How to discover the mechanism from experiment,

Some consequences in design.

Although this is basically a rather involved subject, still its very importance from
the practjcal standpoint requires at least an introductory treatment.

ECHANISMs OF CATALYST DEACTIVATION

The observed deactivation of a porous catalyst pellet is dependent on a number of
factors: the actual decay reactions, the presence or absence of pore diffusion for

reacting species and poisons, the way poisons act on the surface, etc. We consider
these in turn.

Decay Reactions. Broadly speaking, decay can occur in four ways. Firstly, the
reactant may produce a side product which deposits on and deactivates the surface.
This is called parallel deactivation. Secondly, the reaction product may decompose
or react further to produce a material which then deposits on and deactivates the
surface. This is called series deactivation. Thirdly, an impurity in the feed may
deposit on and deactivate the surface. This is called side-by-side deactivation.

If we call P the material which deposits on and deactivates the surface, we can
represent these reactions as follows:

Parallel deactivation:

b
A->R+P| o A 0y
Py

Series deactivation:
A—->R—->P)} V)]
Side-by-side deactivation:

A—-R
P—-P} @
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The key difference in these three forms of decay reactions is that the deposition
depends respectively on the goncentration of reactant, product, 3nd somg other
substance in_the feed. Since the distribution of these substances will vary with
position in the pellet, the location of deactivation will depend on which decay
reaction is occurring.

A fourth process for catalyst decay involves the gtructyral medification or
of the catalyst surface caused by :.:posure of the catalyst to extreme
conditions. This type of decay is dependent on the time that the catalyst spends in

the high temperature environment, and since it is unaffected by the materials in the
gas stream we call it independent deactivation.

Pore Diffusion. For a pellet, pore diffusion may strongly influence the gmgmss—of
catalyst decay. First consider parallel deactivation. From Chapter 14 we know that
reacm/ay either be evenly distributed throughout the pellet (nL < 1 and & = 1)
or may be found close to the exterior surface (inL > 1 and & < 1). Thus the poison
will be deposited in a like manner; uniformly for no pore resistance, and at the ex-,
terior for strong pore resistance. In the extreme of very strong diffusional resistance
a thin shell at the outside of the pellet becomes poisoned. This shell thickens with
time and the front moves inward. We call this the .sqell model For poisoning.

On the other hand, consider series deactivation. In the regime of strong pore
resistance the concentration of product R is higher within the pellet than at the
exterior. Since R is the source of the poison, the latter deposits in higher concentra:
tion within the pellet interior. Hence we can have poisoning from the inside ou
for series deactivation.

Finally, consider side-by-side deactivation. Whatever the concentration of reac
tants and products may be, the rate at which the poison from the feed reacts witl
the surface determines where it deposits. For a small rate constant the poisos
penetrates the pellet uniformly and deactivates all elements of the catalyst surfac
in the same way. For a large rate constant poisoning occurs at the pellet exterior
as soon as the poison reaches the surface.

The above discussion shows that the progress of deactivation may occur i
different ways depending on the type of decay reaction occurring and on the val
of a pore diffusion factor. For parallel and series poisoning the Thiele modult
for the main reaction is the pertinent pore diffusion parameter, for side-by-sic
reactions the Thiele modulus for the deactivation is the prime parameter.

Nonisothermal effects within pellets may also cause variations in deactivatic
with location, especially when deactivation is caused by surface modifications dv
to high temperatures.

Figure 1 summarizes this discussion by showing the various ways that the surfa
can be deactivated.

Form of Surface Attack by Poison. Consider an element of active catalyst surfa’
in a reactive gas environment. The active sites of this surface may be immobiliz
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increase in diffusional resistance

mL<1 mL >1 mL >>1
Shell
model

Parallef,

independent, and
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(endothermic)
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FIGURE I. Location of poison deposit is influenced by the diffusional effect and
by the type of decay reaction.

n distinctly different ways. On one hand, this may take place uniformly; in other
vords all sites, the very active and the slightly active, are attacked indiscriminately.
In the other hand, it may be that the more active sites are preferentially attacked
nd immobilized. Let us call these cases homogeneous site-attack and preferential
ite-attack.

Homogeneous site-attack is representative of poisoning by physical deposition
n the surface, such as fouling. On the other hand, preferential site-attack is likely
> occur during chemisorption of small amounts of poisons.

In homogeneous site attack another factor may be at work. If the physical
eposition produces a growing porous layer the activity may decrease gradually
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as reactant experiences increasing difficulty in diffusing through this thickening
layer.

Additional Factors Influencing Decay. Numerous other factors may influence the
observed change in activity of catalyst. These include pore mouth blocking by
deposited solid, equilibrium or reversible poisoning where some activity always
remains, the action of regeneration (this often leaves catalyst with an active
exterior but inactive core).

Most important of all, the observed deactivation may result from a number of
processes at work simultaneously; for example, the speedy immobilization of the
most active sites by P; which will not attack the less active sites, and then the slower
attack of the remainder of the sites by P,.

Although the possible influence of all these factors should be examined in the
real case, in this introductory treatment we will concentrate on the first two factors:
the decay reaction and pore diffusion. There are enough lessons here to illustrate
how to approach the more ccmplete problem.

o

THE RATE EQUATIO

The activity of a catalyst pellet at any time is defined as

_ rate at which the pellet converts reactant A —r}

a= = 4

rate of reaction of A with a fresh pellet —Tho

and in terms of the fluid bathing the pellet the rate of reaction of A should be of
the following form:

(reaction) s (main stream /. ( main stream) 1 (present activity of) )
rate "\temperature ) ”*\concentration) 7°\ the catalyst pellet

Similarly, the rate at which the catalyst pellet deactivates may be written as

(deactivation) -/, (main stream) . ( main stream) Y (present state of
rate *\temperature / ”*\concentration) “®\the catalyst pellet

) ©

In terms of nth-order kinetics, Arrhenius temperature dependency, and iso-
thermal pellet, these word expressions become, for the main reaction:

—-r'A = k'CA"“ = koe"”"'-CA"-a (7)




542 Ch. IS5 DEACTIVATING CATALYSTS

and for deactivation which in general is dependent on the concentration of gas
phase species i:

_% = ks C¥ 2% = kgoe B*T.CM -2t ®

where d is called the order of deactivation, n’ measures the concentration dependency
and E, is the activation energy or temperature dependency of the deactivation.

For porous pellets in the regime of negligible diffusion resistance k and n are the
true rate constant and reaction order of the main reaction, respectively. However,
in the regime of strong resistance to pore diffusion k and n become the observed
quantities which account for these pore diffusion effects (see Equations 42 and 44
in Chapter 14).

For the deactivation we will see that the diffusional effects are incorporated into
the order of deactivation. Thus, the order d is an important clue to the role of pore
diffusion.

For different decay reactions we may expect different forms for the above
equations. Thus

For parallel deactivation —ra = kC,"a
(A—>R;A—>P))
@ e ©
For series deactivation —ry = kCy"a
(A—>R—->P})
@ e (10)
For side-by-side deactivation —ra = kC,"a
(A->R;P—>P}) _da_ e 1
d’ a“-pP
For independent deactivation —ry = kCpa
(concentration independent) _ ? — kat (12)
t

{n certain reactions, such as isomerizations and cracking, deactivation may be
caused both by reactant and product, or

A—>R

A—>P} and —‘d’—: = ky(Ch + Cy)"al a3
R—PJ
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Since C, + Cy remains constant for a specific feed this type of deactivation
reduces to the simple to treat independent deactivation of Eq. 12.

Although the above nth-order expressions are quite simple they are general
enough to embrace many of the decay equations used to date.

The Rate Equation from Experiment

Experimental devices for studying deactivating catalysts fall into two classes: those
which use a batch of solids, and those which use a through flow of solids. Figure 2
shows some of these devices.

Because of the ease of experimentation the batch-solids devices are much
preferred ; however, they can only be used when deactivation is slow enough (in the
order of minutes or longer) so that sufficient data on the changing fluid composition
can be obtained before exhaustion of the catalyst. When deactivation is very rapid
(in the order of seconds or less) then a flowing-solids system must be used. Cracking
catalysts whose activity half-lives can be as short as 0.1 second fall into this class.

The method of searching for a rate equation is analogous to that of homogeneous
reactions: start with the simplest kinetic form and see if it fits the data. If it doesn’t,
try another kinetic form and so on. The main complication here is that we have an
extra factor, the activity, to contend with. Nevertheless, the strategy is the same;
always start by trying to fit the simplest rate expression.

In the following sections we treat the batch-solids devices in some detail, accord-
ing to Levenspiel (1972), and then briefly consider the flowing-solids system.

Batch solids—for slow deactivation

T

Batch for both Plug flow Mixed flow Recycle flow
sohd and flud for flud for flud for fluid

Flow of solids—for fast deactivation

Fluidized
bed Solids mixed flow
Solids ~ plug flow Flulgézu::gg:tnable
Fluid ~ plug flow Raining o=

sohds

FIGURE 2. Slow deactivation may use a batch of solids in experimentation;
fast deactivation requires a flow of solids.
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Now the type of batch-solids reactor which we find convenient to use depends on
whether the deactivation expression da/dt is concentration independent or not.
When it is concentration independent any type of batch-solids system may be
used and can be analyzed simply, but when it is concentration dependent then
unless one particular type of reactor is used, the analysis of the experimental results
becomes horrendously awkward and difficult.

We treat these two classes of rate equations in turn.

Batch-Solids: Determining the Rate for Independent Deactivation

Let us illustrate how to interpret experiments from the various batch-solids
reactors of Fig. 2 and how to manipulate the basic performance equations for these
reactors by testing the fit for the simplest of equation forms for independent
deactivation.

—rax = kC,a with e, =0 (14a)
da
B (14b)

This represents first-order reaction and first-order deactivation which, in addition,
is concentration independent.

gfdh-SoIidx, Batch-Fluid. Here we need to develop an expression relating the
anging gas concentration with time. Using time as the one independent variable
throughout the run the kinetic expressions of Eq. 14 become

dCy _ W ( VdN\ _W_ . kW_ .,

“W-V( —WW)‘“V( ™) = Can = K'Cpa (13
d;

._a_:.=k¢. (16)

Integrating Eq. 16 yields
a = age k¢

and for unit initial activity, or a, = 1, this becomes

a=e "k n
Replacing Eq. 17 in Eq. 15 we then find
dC .
"Eﬁ = k"e~*tC,
and on separation and integration
R ) (18)

CA kd
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This expression shows that even at infinite time the concentration of reactant in
an irreversible reaction does not drop to zero but is governed by the rate of reaction
and of deactivation, or

C k"

a0 _ X (19)
CAuo kd

Combining the above two expressions and rearranging then yields

In

”

Ca k" X
nin gt =1In =~ ket 0

A plot as shown in Fig. 3 provides a test for this rate form.

The batch-batch reactor becomes a practical device when the characteristic
times for reaction and deactivation are of the same order of magnitude. If they are
not and if deactivation 1s much slower, then C, ., becomes very low and difficult tc
measure accurately. Fortunately, this ratio can be controlled by the experimente)
by proper choice of W/V.

Batch-Solids, Mixed Constant Flow of Fluid. Inserting the rate of Eq. 14a intc
the performance expression for mixed flow gives

Foo =~ =rl " KaC, @1
and on rearrangcment
Cho (WCAO)
-2 =1 + ka|l — 22
Ca Fro (

Slope = — kg
Eq 20

N
Inln Cae

t

FIGURE 3. Test of the kinetic ex-
pressions of Eq. 14 using a batch-solids,
batch-fluid reactor.
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where the term in brackets is a capacity factor. By analogy to the space-time for
homogeneous systems we may call this the weight-time. Thus

CaoV

Space-time: T = , [min]
FAO
. ., CuW [gm cat-min]
Weight-time: 7" = Foo Titer (23)
Replacing Eq. 23 in 22 then gives
Cao _ 1 + kar' (24)
Ca

In this expression the activity varies with the chronological time. To eliminate this
quantity integrate Eq. 14 (see Eq. 17) and insert in Eq. 24. Thus

gﬂ =1+ ke k7' 25)
Ca

Rearranging gives, in more useful form,

In (a - ) = In (kv') — kgt 26)

This expression shows how the reactant concentration at the outlet rises with time,
while the plot of Fig. 4 provides the test of this kinetic equation. If the data fall on a
straight line then the slope and intercept yield the two rate constants of Eq. 14.

Iniercept = In (k7°)

Slope = — kg

-1)

Eq. 26

m (&

t

FIGURE 4. Test of the kinetic ex-
pression of Eq. 14 using a batch of solids
and steady state mixed flow of fluids.
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We should mention that this and the succeeding batch-solids derivations are
based on the psecudo steady-state assumption. This assumes that conditions change
slowly enough with time for the system to be at steady state at any instant. Since a
batch of solids can only be used if deactivation is not too rapid this assumption 1s
reasonable.

Barch-Solids, Plug Constant Flow of Fluid. For plug flow the performance equa-
tion combined with the rate of Eq. 14a@ becomes

W _ [dX, dx, _ 1 (dX, @7
Fro J =ri " JkaC,  kal) C,

Integrating and replacing a by the expression of Eq. 17 gives

WCho _ . _ 1, Coo_ 1 . Cao
Fyo =T = ka In Ch ke % In Ca 28)
which becomes, on rearrangement,
CAO ’
Inln == = In(k7') — k4t 29)
Ca

Figure S shows how to test for the kinetics of Eq. 14, and shows how to evaluate
the rate constants with data from this type of reactor.

4
l{-lntercept = In (kr’)

~,

\N

>

FIGURE 5. Test of the kinetic ex- *
pressions of Eq. |4 using a batch of

solids and steady state plug flow of
fluid.
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Batch-Solids, Mixed Changing Flow of Fluid (to keep C, fixed). For stcady
flow in a mixed reactor we have found

CAO — - Kgto!

Gy = 1 + ke~ X7 (25)
To keep C, constant the flow rate must be slowly changed with time. In fact, 1t
must be lowered because the catalyst is deactivating Hence the vanables in this
situation are 7’ and 1. So. on rearranging we have

In+ = kg + In (@’k—gfé) (30)
Figure 6 shows how to test for the kinetic expressions of Eq. 14 by this procedure.

Actually there is no particular advantage in using varying flow over constant
flow when testing for the kinetics of Eq. 14 or any other independent deactivation.
However, for other deactivation kinctics this reactor system 1s by far the most
useful because 1t allows us to decouple the three factors C, T, and a and study them
one at a time.

Batch-Solids, Plug Changing Flow of Fluid (to keep Ca .. fixed). Atany instant
in the plug flow reactor Eq. 28 apphlies. Thus noting that = and t are the two
variables we obtain, on suitable rearrangement,

In+ = kst + In (% In %A—") @31

Figure 6, with one modification (the intercept given by the last term: of Eq 31),
shows how to test for the kinetic expressions of Eq. 14 with this device.

Intr’

Decrease €£q 30
in flow
rate

-
-
-

L~
~ Intercept = In CA¢= Ca
*Ca

t

FIGURE 6. Test of the kinetic ex-
pressions of Eq. |4 using a batch of
solids and changing flow of fluid in a
mixed reactor soas to keep Cx constant.
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So far we have tllustrated how to use a batch, plug flow and mixed flow, of fluid
to scarch for the rate constants of a particular rate form, Eq. 14. The recycle
reactor of Fig. 2 can also be used; however, except for high recycle rates where it
approaches the behavior of the mixed reactor, it offers no particular advantages.

As long as the deactivation is concentration independent then the activity and
concentration effects can be decoupled and any of the above experimental devices
wili give simple easy-to-interpret results. Thus the above analyses can be extended
with no difficulty to any reaction order n and any deactivation order d, as long as
n =0.

On the other hand, if the deactivation is concentration dependent, or n’ # 0,
then the concentration and activity effects do not decouple and analysis becomes
difficult unless the proper experimental device is used, one deliberately chosen so
as to decouple these factors.

We consider this case next.

Batch-Solids: Determining the Rate for Parallel, Series or Side-by-Side
Deactivation

To decouple the activity and concentration effects in the rate we must choose a
device which allows the deactivation order to be studied without interference of
concentration effects. The key then is to keep constant the concentration term in
the deactivation equation of Egs. 9, 10, or 11 while searching for the deactivation
order. Later the concentration effect can be studied. As examples of pertinent
concentrations:

For parallel deactivation (Eq. 9) keep C, constant.

For series deactivation (Eq. 10) keep Cy constant.

For side-by-side deactivation (Eq. 11) keep Cp constant.

The mixed flow reactor with controlled and changing flow rate of feed can satisfy
this requircment for all of these kinetic forms.

Parallel deactivation. We illustrate the method of analysis with general n, n’,
and d order kinetics for parallel deactivation. At constant C, Eq. 9 becomes

—ra = (kC\")a = k'a (32)
~ B (koCa = i a3

So for the mixed reactor and the rate of Eq. 32
W XA — XA CAO - CA
FAQ "f‘; k'a - CAok’.
or

v CAO - CA
v = A=A (34
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Integrating Eq. 33 for different orders of deactivation and replacing in Eq. 34
gives on rearrangement:

For zero-order deactivation

1 K k'K,

= -= 1 35
T Cao — Ca Cao — Ca ( )

For first-order deactivation
In+ =1In Cé—‘lz; Ca + kit (3o

For second-order deactivation

o Cao = Ca , (Cao = CaKL,

- % o (37)
For third-order deactivation
= (C“" - CA)Z + (C“’ e EL (38)
k k
For dth-order deactivation
Tl =C + Cyt (39

Figure 7 shows how to test for dth-order deactivation. If the data fall on a straight
line the guessed order 1s correct. The slope and intercept of the hue then give the
constants k&’ and k.

After the order of deactivation 1s found then the concentration and temperature
dependency can be determined. This 1s not difficult to do.

rd=1
Eq 35,36,37,
38, 0r 39 T

ol

-
t

FIGURE 7. A straight line on this plot indicates
that the guessed order of deactivation d is correct.
Data taken in a mixed reactor with constant Ca.
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Series and Side-by-side Deactivation. The above development shows how to
treat parallel deactivation. The analysis is quite similar for series deactivation if
C,, hence Cy, 1s kept constant, and for side-by-side deactivation if Cp and if
possible C, are kept constant. In the latter case if C, cannot be kept constant the
analysis is still not particularly difficult.

Flowing Solids Experimental Reactors

For fast deactivation a reactor with throughflow of both gas and solids must be
used. Under steady-state conditions and with flow pattern known (this is usually
the difficulty with this type of setup) integration and testing of some of the simpler
kinetic forms can be done without much difficulty. It should be noted that the
flowing solid can be looked upon as containing a reactant (the activity) which 1s
consumed or depleted in the reactor. Thus we treat this as a heterogeneous gas-
sohid reacting system with solid as a macrofluid and gas as a microfiuid.

The examples and problems at the end of this chapter give practice in treating
some of the many combinations of rate equations and reactor types, both batch-
sohds and flow-sohds.

Finding the Mechanism of Decay from Experiment

The main source of information for the decay mechanism comes from the chemistry
of the reaction, knowing what are the impurities in the feed, observing the deposition
of carbon, etc. Additional clues are obtained from:

1 Physical examination of sliced pellets: this may show the distribution of
poison

2. Experiments with different sized pellets: a change 1n initial rate indicates
pore diffusional resistance for reactant, or

3. Kinetic experiments: of particular importance here is the order of de-
activation.

Briefly consider this third point. For parallel deactivation the order of deactiva-
tion 1s a unique function of the Thiele modulus of the main reaction, and as shown

in Fig. 8 the order shifts from 1 to 3 as pore resistance becomes increasingly strong.
Thus when

(mL), <1---d=1
(ML), >»>1.---d—>3

From another point of view, when the Thiele modulus becomes large the shell
model is approached (see Fig. 1), and for this extreme, theoretical considerations
show that the deactivation order becomes 3.
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Order 1gnoring

initial period 7

,
:

_ -~ Average order
|

>
/,
,

g ,
S

— Parall:l deactivation -- -
ASSR4+ PV
0 |
0.1 1 10 100 1000

Thiele modulus mL = L v/

FIGURE 8. The order of deactivation depends on the Thiele
modulus for the reaction; adapted from Khang (1971).

For side-by-side deactivation the Thiele modulus for the poisoning reaction is o
primary importance, thus when

(ML)geace < 1---d =1
(ML)geace > 1-+-d—3 whenever (mL)geacr < (ML) rence

For series deactivation the order of deactivation, for all practical purposes, 1
insensitive to and unaffected by pore diffusional effects. Thus

dz>~1 for all (:l)

Khang (1971) quahtatively treats these cases.
As a word of warning, this presentation 1s greatly simplified by the assumptions

1. Only one mechanism at work.

2. No nomisothermal effects.

3. No diffusion through the deposited porson. If there 1s such an effect the
even with uniform deposition the deactivation order becomes 3 instead of 1.

4. Homogencous site attack. This assumption 1s not likely to be reasonabl
for poisoning by chemisorption. Preferential site attack should give a highe
deactivation order than shown above.

Although we may be unsure of the mechanism of decay, firm kinetic equation
tor decay and reaction are the most important measures needed for scale-up an
design.

DESIGN

When reacting flurd flows through a batch of deactivating catalyst the conversio
drops progressively during the run, and steady state conditions cannot be main
tained. If conditions change slowly with time, then the average converston durin
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a 1un can be found by calculating the steady-state converston at various times and
summung over time. In symbols, then,

J XAt di
Xy = = (40)
’run
When conversion drops too low the run is terminated, the catalyst is either dis-
carded or regenerated. and the cycle 1s repeated Example 2 illustrates this type of
calculation.

There are two important and real problems with deactivating catalysts.

The operational problem: how to best operate a reactor during a run. Since
temperature 15 the most important variable affecting reaction and deactivation this
problem reduces to finding the best temperature progression during the run.

T'he regeneration problem: when to stop a run and either discard or regenerate
the catalyst. This problem 1s easy to treat once the first problem has been solved
for a range of run times and final catalyst activities. (Note: each pair of values
for, ume and final activity yields the corresponding mean conversion.)

The operational problem has been solved analytically for a rather general famuly
of kinctic equations:

—rx = kC,"a = (koe 2 RT)C, "2 40)
Skt = (ke T “2)

Note the restriction here, that deactivation is concentration independent.

For a batch of solids and either plug or mixed flow of fluid the analysis leads
to two types of temperature policies, either a rising temperature with time, or the
maximum allowable temperature. The policy to use depends somewhat on the re-
action order and conversion level, but primarily on the activation energies of the
two processes, reactton and deactivation. Thus if deactivation 1s very temperature
sensitive compared to reaction, or specifically if

E, > E{I - E{—T“ — (1 = XA,,,M)"“]} for plug flow (43)
orif

. 1 —2X, — (n — 1)X,? .

Ey 2 E{ TR AL } for mixed flow (44)

then the optimal policy is a rising temperature with time so as to keep the conversion
Srom the reactor unchanged. This operational criterion can be written as

XA.CIU(

I

or

(45)

I

constant during the run}

ka = (koe ¥'RT)a = constant during the run
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Thus as the activity drops we n.ust raise the temperature, hence k, to just counter
this drop.

Here is the procedure for operating at a particular conversion level in a flow
reactor with a given feed rate. Pick Tipy4a 5O as to obtain X, o, and then continu-
ally boost the temperature so as to maintain this conversion level. When X, o, can
no longer be maintained because the catalyst activity is exhausted, shut down and
regenerate. If this run time is too short or long adjust the conversion level or
amount of catalyst accordingly. In any case the conversion level should be kept
constant during any run.

When deactivation is only slightly temperature sensitive compared with reaction
(when the conditions of Eqgs. 43 and 44 do not hold) then the optimal policy
requires operating at the highest allowable temperature either part of the time or
all of the time.

One point to mention about Eqs. 43 and 44: when the conversion level is high
enough then the constant conversion policy is always optimal, for any and all valyes
or the activation energies.

These conclusions and additional quantitative results are given by Szepe (1966).

Consider systems where deactivation does not follow Eq. 42, in particular where
deactivation is concentration dependent,

—% = ksCMal (46)
Here different regions in the plug flow reactor will deactivate at different rates,
hence for optimal operations each point in the reactor should have its own tem-
perature history. This situation 1s difficult to treat.

One simplification is possible, however, where the solids are uniformly mixed
such as in a batch-solids fluidized bed reactor, or a fluidized-packed bed reactor.
Since each particle moves about the bed it may be viewed to contact gas of some
average composition. In such a case Eq. 46 simplifies to

da

e (ksCM)at = kgat 47

and the optimal progression should be similar to that for a reaction following the
kinetics of Egs. 41 and 42.

There are numerous variations and extensions to these problems, such as to find
the actual temperature progression with time, to maximize operations while staying
within certain temperature bounds, to maximize product distribution, to operate a
batch-solids batch-fluid reactor optimally, etc. Analytical solutions to these prob-
lems for certain restricted kinetics are reported by Szepe (1966), Chou et al. (1967),
Ogunye and Ray (1968), and Lee and Crowe (1970). The more general problem of
arbitrary kinetics is difficult to solve and requires a numerical search technique to
find solutions which are close to optimal; see Ogunye and Ray (1971).
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EXAMPLE |I. Kinetics from a changing flow basket reactor

Tne kinetics of a particular catalytic reaction A — R are studied at temperature T in a
basket reactor (batch-solids and mixed flow of gas) in which the gas composition is
kept unchanged, despite deactivation of the catalyst. What can you say about the rates
of reaction and deactivation from the results of the following three-hour runs? Note,
to keep the gas concentration in the reactor unchanged the flow rate of reactant had to
be lowered to about 5Y, the initial value.

Data

Run 1

Cao = 1 mol/liter t, time from start of run, hr [0 1 2 3

Xa =05 ) o a

7/, gm cat-min/liter 1 e e €

7 = 1 atm

Run 2

=2 t, bhr 01 2 3
A 2' +’, gm cat- min/liter 1 e e €
T =

No impurities are present in the feed and the catalyst is not affected by temperature,
hence deactivation is a result of either a series or a parallel decay mechanism, but not
side-by-side or independent decay.

SOLUTION

Start by finding the order of deactivation from the progress of a single run. Then com-
paring runs at different concentration levels find the concentration dependency of the
deactivation and of the reaction. The temperature dependency (activation energies)
cannot be determined since all data were taken at one temperature. Finally the general
rate form to which we hope to fit the data is

- A’ = kC, A"a '
da

— = kC¥a%,  i=AorR (9) or (10)

For the reactor set up used here Egs. 35 to 39 represent the progress of reaction for
various orders of deactivation. Noting that

Inl =0, Ine=1, Ine? =2, Ine® =3
and from the data that
Int oct

we sec immediately from run 1 (or run 2) that first-order deactivation (Eq. 36) fits the
data. Thus the rate form reduces to

"fx = kCA"‘

da .
—"d—" = k‘C".
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Next, compare the results obtained at the two concentration levels of A and R.
Since the progress of the deactivation is identical the deactivation is independent of any
concentration effect, and since the fractional conversion of reactant is concentration
independent the reaction is of first order. Thus the rate form we are left with is that of
Eq. 14, or .

—fi - kCA‘
da (14)

...d_'.gk“

On a In 7’ versus ¢ plot such as Fig. 6 we find for the data
slope = 1 = kq

Ef_'_c_e)

intercept = 0 = In( xC.

Evaluating k4 and k then gives, finally

—ra = Caa, [mol/liter - min
da -1
—E" a, [hl' ]

We could have reached the solution directly by guessing the simplest rate form, which
happens to be Eq. 14, and verifying that it fits the data.

EXAMPLE 2. Reactor performance with a batch of decaying catalyst

At 730°K the isomerization of A to R (rearrangement of atoms in the molecule)
proceeds on a slowly deactivating catalyst with a second order rate

—ri = kCpa%a = 200C,%a, [mol A/hr-gm cat)

Since reactant and product are similar in structure deactivation is caused by both A
and R. With diffusional effects absent, the rate of deactivation is found to be

_Z_:‘ = kCa + Co)a = 10(C, + Co)e, [day~!]

We plan to operate a packed bed reactor containing W = 1 metric ton of catalyst for
12 days using a steady feed of pure A, Fpo = S kmol/hr at 740°K and 3 atm (C“ =
0.05 mol/liter).

(a) What is the conversion at the start of the fun?

(b) What is the conversion at the end of the run?

(c) What is the average conversion over the 12-day run?

SOLUTION
First consider the activity of the catalyst. Since C, + Cy = Cro = 005 mol/liter a
all times the rate equation for deactivation becomes

liters mol (

7'(”;;.'.2:; (°°’mu °’Ey
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Integrating gives with ¢ in days

At any time ¢: a=e 08 @)
Initially, at ¢ = 0: a=1 (ii)
After 12 days: a=e= & (i)

Next consider isomerization in the packed bed. The weight-time is
oo WCao _ (10° gmX0.05 mol/liter) _ _ gm cat-hr
~ Fao (5 x 10° mol/hr) ~  liter fluid

Noting that deactivation is slow (steady state assumption can be made), the performance
equation at any instant, by analogy to Eq. 5.19, is

P ca dCy I dC, _ =1 rcadC,
T= Cao -"‘f\ - Cao leAa - ka Cao CA’

Integrating and rearranging gives

Ca o1 v
Chao 1+ kaCpor’

(@) To find the conversion at the start of the run replace Eq. (ii) in (iv). Thus in con-
sistent units

l—‘XA=

G ! . !
Cao 1 + (200)(1X0.05X10) 1 + 100
or
Xaanuar = 997,
(b) For the conversion at the end of the 12-day run replace Eq. (iii) in (iv). Thus
Cao 1 + (200)(1/400X0.05X10) 5
or

XA.lﬂOr 12 days = 20%

(c) The time average outlet composition (see Eq. 46) is given by

@) -l () X

Replacing Eq. (i) and (iv) in (v) gives

(E) - L dt

CAO trun /O 1+ k(e"‘-‘c“c"")CAo‘r'
1 ma2 dr - 1 a2 dt
12Jo 1 + (200)e~°2)%0.05X10) 12Jo 1 + 100e-°3¢
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FIGURE E2.

A table of integrals gives for this integral

[N N
(CM)-—12[1+2|n(l+100c i),

and on evaluation we find
Ca

—) = 0.27 X\, =137
cm) or A

Figure E2 shows the activity and conversion as functions of time as calculated by these
cquations.

EXAMPLE 3. Reactor with fresh flowing catalyst

Consider a reactor with mixed flow of catalyst and either plug flow or mixed flow of gas:
Gas reacts, catalyst deactivates, and the kinetics of these.processes are represented by

A—R, —ri=kCpa (0]

da .
- ‘—17 = kqa (ll)

Find the fractional conversion of gas and the actmty of the leaving catalyst stream in
terms of the variables of the system
(a) for plug flow of gas _
(b) for mixed flow of gas.
Figure E3 shows the pertinent variables of this steady state system.

SOLUTION

To solve a problem of this type first write an expression for the activity of the catalyst,
then write the performance expression for the gas, then combine. In this problem we
obtain simple explicit expressions. In most cases this is not the case.
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faes

‘w Solids out

ds i 1
Solids in,a = Foam?

F,, gm/sec

Gas: either plug or e Solids: mixed flow,
mlxed ﬂow - - r\mean residence time

. s
Gas n, CM, F,,

FIGURE E3.

Step 1. Consider the solids. Let us look at the activity as a reactant which is con-
sumed. Then for the solid stream as a whole (treated as a macrofluid) the exit activity
is given in general by

@
i =f° a-E, dt (iii)
For mixed flow of solids the exit age distribution is
1 _
E, = F et
and for any particular particle integration of Eq. (ii) gives
a = ekt
Introducing the above two expressions into Eq. (iii) gives
© 1
i [Temtetar
0 f

Integrating then yields the expression for the activity of the solids in the reactor and in
the exit stream, thus

a= 1 = ! (iv)
T 1+ ka1 + ks WJF,

Note, since the deactivation is of first order the macrofluid could be treated as a
microfluid (see Chapter 10). Thus for mixed flow the performance expression Eq. 5.13
becomes

B 1-a _1-3
" (rate of deactivation)  k.a

which is identical to Eq. (iv).
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Step 2. Consider the gas. Since reacting gas encounters catalyst of activity & every-
where (solids are in mixed flow) the performance equation for plug flow of gas becomes
L _ J' dXA _J‘ dXA
CAO . - "A kCAi

Integrating and rearranging we obtain
I — X\ =e ¥ )

Similarly for mixed flow of gas we find

1

B =

(vi)

Step 3. Combine expressions for gas and solid. 1In the above equations for the gas
phase a is given by Eq. (1v), thus we find on combining

1 = Xapug = e~ k¥ I+kgd — p-RI1+Ry

1 1+ Ry
1+ kv'/(1 + kaf) 1+ Ry + R

1 - XA.mlxod =

where
R = k7’ and Ry = kaf

are first-order rate groups. We conclude that the conversion of gas is dependent on the
first-order rate groups for reaction and deactivation.

EXAMPLE 4. Reactor-regenerator system with deactivating catalyst

Consider a system consisting of reactor and regenerator with a steady state circulation
of solids among the units. Reactant gas flows through the reactor, forms product, and
at the same time causes rapid catalyst deactivation. The spent catalyst flows into the
regenerator where its activity 1s partially restored on contact with regenerator gas, and
is then returned to the reactor.

Assume that solids are in mixed flow in the two units and that the kinetics of the
various processes are as follows:

For reacting gas: A — R, —ri = kCaa @)
d (ii)

For deactivation: _;17‘ = ksa
da G

For regeneration: = k(1 — a)

tar
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F,, a3

Solids Solids
mixed flow  mixed flow—e——d—| Regenerator

/' W, Wyt |
Gas
Peed flow v\]
mixed flow
_w CAO Gas: Gas

AO F,, a

Reactor

FIGURE E4.

Find the fractional conversion of reactant gas and the activity of the catalyst streams in
terms of the variables of the system
(a) for plug flow of gas in the two units.
(b) for mixed flow of gas in the two units.
Figure E4 shows the pertinent variables of this steady state system.

SOLUTION

As in Example 3 write expressions for the activity of the catalyst, for conversion of gas,
and then combine.

Step 1. Consider the solids. Treating the solids as a microfluid (allowed since deacti-
vation and regeneration are both linear processes, see Example 3 or Chapter 10) and
applying the expressions for mixed flow, Eq. 5.13, we find

a —a

For reactor: h = lkaila
) _ @, — 8,
For regenerator: f = Y

Combining and rearranging we find the activity in the reactor to be

PO Rr = k,g'l .
i, = R T R.R + R where R = ki, (iv)

Step 2. Consider the gas. As in Example 3 apply the performance equation for the
reactant gas. This gives

For plug flow: 1 — Xapng = e *81 )

For mixed flow: 1 = Xa mixea = -—I— (vi)

1+ k‘f’ix
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Step 3. Combine expressions for gas and solid. Introducing the expression for the

activity of solids from Eq. (1v) into Egs. (v) and (v1) gives 1n terms of the dimensionless
rate groups Ry, Ry, and R = k7’

1 — Xapiug = € RRelRa+RgR +Rp
1
1 + RR./(Rq + RaR, + R))

I - XA.mlxed =

Comment
Frequently solid circulation systems are accompanied by very strong heat effects.
Take the case of fluid catalytic cracking. In the reactor cracking (the reaction by
which long chain hydrocarbons are transformed into molecules of lower molecular
weight) 1s highly endothermic, carbon deposits on the surfaces and the particles
cool. These particles flow into the regenerator where carbon is burned off, activity
1s restored and the pellets heated. They then return to the rgactor. The circulation
of solids, then, is thus seen as the means for supplying heat to the reactor.

As may be suspected in these situations thermal considerations often control the
overall kinetics. Such systems are more fully treated by Kunn and Levenspiel (1969).
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PROBLEMS

The problems are grouped as follows:

Problems 1-9: Batch of sohds, or slow deactivation
Problems 10-18: Flowing solids, or fast deactivation
Problem 19: Different.
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1. A recycle reactor with very high recycle ratio is used to study the kinetics of a
particular irreversible catalytic reaction, A — R. For a constant flow rate of feed
(7'=2kg-sec/lit) the following data are obtained:

Time after start of operation, hr 1 2 4
X, 0.889 0.865 0.804

The progressive drop in conversion suggests that the catalyst deactivates with use.
Find rate equations for the reaction and for the deactivation which fit these data.

2. The following two kinetic runs are made in a basket reactor operated as in
Example 1. What information does this give you of the rate equation for the reaction
and for the deactivation?

Run 1

Cao = | mol/liter t, hr 01 2
X,=05 7', gm-minfliter | 1 e &2 €°
Run 2

Cao = 2 mol/liter t, hr 01 1 3
X, = 0.667 7/, gm-min/liter | 2 2e 22 2

3. The following data on an irreversible reaction are obtained with decaying
catalyst in a batch reactor (batch-solids, batch-fluid). What can you say about the
kinetics ?

Ca 1.000 0.802 0.675 0.532 0.422 0.368
t,hr | 0 025 0.5 1 2 ©

4. The basket reactor operated as in Example 1 gives the following data. What
does this tell of the rates of deactivation and of reaction?

Run |

Cao = 1 mol/liter t, hr 01 2 3

X, =05 ', gm-minfliter | 1 e €% €°
Run 2

Cao = 3 mol/liter t, hr 0 05 1 1.5
X, = 0.667 7, gm-min/liter | 2 2e 2% 2é°

S./:l' he reversible catalytic reaction
A=2R, X, =05

proceeds with decaying catalyst in a batch reactor (batch-solids, batch-fluid).
What can you say of the kinetics of reaction and deactivation from the following
data:

t, hr 0 025 0.5 1 2 (©)
C,, mol/liter | 1.000 0.901 0.830 0.766 0.711 0.684
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6. What can you say of the kinetics of reaction and deactivation from the
following kinetic runs taken in a basket reactor operated as in Example 1:

Run 1

Cao = 2 mol/liter t, hr 012 3
X, =05 7', gm-minfliter [ 1 e €? €
Run 2

Cro = 20 mol/liter ¢, hr 0 051 15
X, =028 7', gm-min/liter | 1 e €? ¢€°

7. With fresh catalyst the packed bed reactor is run at 600°K. Four weeks later
when the temperature reaches 800°K the reactor is shut down to reactivate the
catalyst. In addition, at any instant the reactor is 1sothermal. Assuming optimal
operations what 1s the activity of the catalyst at the time of reactivation.

Data: The rate of reaction with fresh catalyst is

—ra = kC,3, k = koe~7200/7
The rate of deactivation is unknown.

8. Repeat Example 2 with one modification as follows: the rate of deactivation
is given by

—-Z-? = 200(C, + Cr)a?, [1/hr]

9, Under conditions of strong pore diffusion the reaction A — R proceeds at
700°C on a slowly deactivating catalyst by a first-order rate

—ra = 0.03C,a, [mol/gm-min]
Deactivation is caused by strong absorption of unavoidable and irremovable
trace impurities in the feed, giving third-order deactivation kinetics, or

da 4
i 3a3, [1/day]

We plan to feed a packed bed reactor (W = 10 kg) with v = 100 liters/min of fresh
-A at 8 atm and 700°C until the catalyst activity drops to 10%, of the fresh catalyst,
then regenerate the catalyst and repeat the cycle.

(a) What is the run time for this operation? _

(b) What is the mean conversion for the run?
Note the difference in shape of the conversion-time curve with that of Example 2,
caused simply by a difference in the order of deactivation.

10. A catalyst with an activity half-life of 1 sec is to be used in a solid circulation
crackcr-rege;nerator system treating 960 tons/day of feed oil. Conversion of oil
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feed is satisfactory as long as the mean activity of catalyst in the reactor is no lower
than 1%, that of fresh catalyst. If the fluidized reactor contains 50 tons of catalyst
which is completely regenerated find the necessary circulation rate of solids between
reactor and regenerator to maintain this catalyst activity in the bed.

11. We are planning an FCC (fluid catal}ftic cracking) system to crack petroleum
vapors and obtain useful reaction produycts. This system consists of two fluidized
beds (reactor and regenerator) with fine catalyst in a suspended state circulating
continuously from unit to unit. Oil vapor is fed to the reactor where it contacts the
catalyst and cracks. Carbon is deposited on the catalyst during reaction and the
catalyst thereby deactivates. In the regenerator the carbon deposit is burned off
and the activity of the catalyst is completely restored. At present the conversion
of feed oil A is X, = 0.50 and the average activity of the catalyst in the reactor is
a = 0.01. Let us see how the following changes in operating conditions affect the
conversion:

(a) Donble the feed rate of reactant gas.

(b) Double the circulation rate of catalyst.

(¢) Double the reactor size.
Note: Any factor (feed rate, reactor size, circulation rate) not mentioned is kept
unchanged. Also, assume that gas is in plug flow, solids in mixed flow, and that the
kinetics can be described as follows:

For reaction: —ra =kC,a
. da
For deactivation: -7 = ksa

12. Repeat the previous problem with one modification: assume that the gas is
in mixed flow, not plug flow.

13. Consider the reactor-regenerator system and the kinetics of Example 4. For
a given treatment rate and conversion level of gas, and for a given circulation rate
for the solids there must be some size ratio for reactor and regenerator which will

minimize the inventory of solids, hence total volume of the system. Find this size
ratio.

14. In Example 4 if the rate of deactivation were concentration-dependent, as
follows

"Z—: = k‘CA‘

and all the rest remained unchanged how would this change the final expressions
for gas phase conversion.

15. Flowing solids are wsed primarily when decay is rapid, and if this is fast
enough, deactivation proceeds according to the shell model—with third-order or
close to third-order deactivation, not first-order which we have assumed in all
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problems so far. Let us treat the more realistic cases here. Develop equations for

the conversion of gas and activity of leaving catalyst for the setup of Example 3
and the following kinetics:

For reaction: A— R, —rp =kC,a
. ‘ da
For deactivation: -5 = k,a®

Show how to solve these expressions to obtain the kinetic constants.

16. Repeat the previous problem with one change, the kinetic expression for
deactivation is given by

'/17. A first-order gas phase reaction is taking place in the reactor of a reactor-
regenerator system with circulating catalyst as in Fig. E4. In this system we have:

Catalyst entering reactor: &, = 4
Catalyst leaving reactor: &, = 4
Conversion of gaseous A: 63.2%,

Without changing the circulation rate and flow pattern of gas (assume it to be plug
flow) we could introduce vertical baffles in the bed so that the solids approximate
plug flow instead of mixed flow in the two units. How would this affect the conver-
sion of gas?
Data: Assume the following rate expressions:

da

For deactivation: % = ksa

For regeneration: ——g; =k, (1 — a)

18. Repeat the previous problem with the modification that gas is in mixed flow
in both units.

19. Consider the chemical basis of muscle activity and fatigue as follows: When
a muscle is rested and fresh the rate at which it can do work (for example, pedal an
experimental bicycle) is W,. Exertion, however, causes fatigue. In chemical terms
exertion produces lactic acid in the muscle cells and this lowers the rate at which
the muscle is able to do work. This acid is then destroyed in the cells by oxidation
to CO, and H,0.

Develop a simple kinetic model which you think may be a fair first approximation
to this process. Then show how to evaluate by experiment the pertinent parameters
of this model.

Note: This process is part of the Krebs cycle.
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SUBJECT INDEX

Absolute rate theory, 24
Absorption towers with reaction, 427-441
Absorption with reaction, see Fluid-fluid
reactions
Activation energy, 22
apparent under strong pore diffusion, 491
dimensions, 22
measyre of temperature dependency, 28
shift with mechamsm change, 32
Active site theory, 465-469, 531
Activity of a catalyst pellet, 541
Adiabatic reactor operations, best multistage
operations, 516
best single stage operations, 225
multistage, S09-516
single stage, 221-226
temperature versus conversion, 223
Aerobic fermentation kinetics, 423
Age distribution, see E distribution
Analysis of data, companson of methods, 42
differential method, 67
integral method, 44
total pressure use, 43
Apparent activation energy, 491
Arbttrary E, conversion with, 329
Arrhenjus’ law, 21
companson with theornes, 27
for chirping crickets, 37
Ash diffusion controls, 1n design, 381-392
kinetics, 364,372
Autocatalytic reactions, best reactor type
for, 150
calculation examples, 153, 155
in batch reactors, 56
in flow reactors, 149
occurrence of, 152
optimum recycle ratio, 151, 155
Autothermal reactions, 230
Axial dispersion coefficient, definition, 272

Backmix reactor, see Mixed reactors

570

Basket reactor, 485
for decaying catalysts, 543, 549
Batch reactor, advantages, 94
constant volume, 42
for catalytic systems, 487
for decaying catalysts, 543

general performance equation, 99
performance equation, see Equations

varniable volume, 71

versus flow reactors, 125
Battle of Trafalgar, 208
Boltzmann constant, 23
Bubbling fluidized bed, 308
Bulk dispersion number, 302

C curve, 257
for disperston model, 273
for plug or mixed flow, 260
for real stirred tanks, 301-304
for recirculating systems, 294
for tanks-in-series model, 292
relation to E curve, 258, 271
relation to F curve, 259, 271
with dimensionless time, 271
C* reactor, see Mixed reactors

Carbon particles, oxidation kinetics, 376

Carsyover 1n fluidized beds, 390
Catalyst, deactivation, 537
general characternstics, 461, 537

MICro-macro porous structure, 491

potson location, 540
pore diffusion, 470

also see Solhid-catalysed reactions

Catalyst deactivation, 537-566
design questions, 553, 554
experimental search, 543-551
mechanisms, $38-541
mechanism search, 551, 552
pore diffusion effects, 539 -
rate equation, 541-543

Catalyst pellet, activity, 541
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Catalyst pellet (continued)
characteristic length, 476
location of poison, 540
Catalytic homogeneous reactions, 56 ‘-/ \
Catalytic reactions, see Solid-catalysed react:oh§
CFSTR, see Mixed reactors
Chain reactions, 16
Chemical kinetics, 1ts various uses, 3
Chemical reaction engineering, v
Chemical reactions, catalytic, 4
classification, 3
definition, 3
elementary and nonelementary, 10
homogeneous and heterogeneous, 3 L
single and multiple, 9
Qlosed vessels, 258, 276
Coalescence model, 338
Coalescence rate of dispersed phase, 339
Cold shot cooling, 513
Collision theory, 23
Combination of resistances, for a catalyst
pellet, 481

Companson of reactor performance, see
Performance charts

Competing reactions, see Parallel reactions

Consecutive-competitive reactions, see
Senes-parallel reactions

Consecutive reactions, see Series reactions

Constant-pressure batch reactor, rate
equation, 71

Constant-volume batch reactor, 42

Contacting pattern, fluid-fluid systems, 353

Contact time distnibution, 309

Continuous versus batch process, 125

Conversion, 46
and concentration, 46, 72
from tracer inforgnation, 266
in reactor with arbitrary E, 329
of macro and microfluids, 339
of single particles, 372
of sohds in reactors, 381-392

Conversion equations, see Equations for

Convolution integral, 262
for a series of vessels, 265

Cricket chirpings, 37

Crossflow, 310

CSTR, see Mixed reactors

Deactivation, 537
order of, 542, 550
Deadwater regions, 296
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Deans-Levich flow model, 299

Decaying catalysts, see Catalyst deactivation

Decoupling rate factors, 549

Definitions of reaction rate, S

Design, see Equations for

Design charts, see Performance charts

Design considerations, catalytic reactors, S06
for decaying catalysts, 553
fluidized beds, 520

* staged packed beds, 516

Differential analyss,
for batch data, 42,67, 73
for flow data, 485
Differential equation, hinear first order, 59
significance of boundary conditions, 472
Differential flow reactor, 483
Diffuston coefficient, 272
temperature dependency, S31
Diffusion 1n ash controls, see Ash diffusion
controls
1n porous catalysts, see Pore diffusion controls
Dimensionless reaction rate group, 126
Dirac delta function, 262
Dispersed fluid phase, 338, 346
Dispersed plug flow model, see Dispersion model
Dispersion, experimental findings, 282-284
Dispersion coefficient, definition, 272
Dispersion model, 272-290
cautions n use of, 278
charactenstic C curves, 273, 277
conversion for, 283-289
experimental data, 282-284
fitting with an F curve, 279
for laminar flow in pipes, 318
for large extents of dispersion, 275
for small extents of dispersion, 273
performance charts, 287, 288
vanance for, 274, 276, 277
Dispersion number, bulk, 302
for stirred tanks, 302
for vessel, 273, 283
intensity measure, 283

E distnibution, 255
experimental methods, 256
for plug or mixed flow, 260
relation to C curve, 258, 271
relation to F curve, 258, 271
ways of using, 265
with dimensionless time, 271

Early and late mixing, 330, 334
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Effectiveness factor, 473
Elementary reactions, 10
Elutnation constant, 392
Endothermic reactions, 2
best reactor type, 225
equilibrium shift with temperature, 215
Energy balance, adiabatic operations, 223
general, 95
nonadiabatic reactions, 227
Enhancement factor, 414
Entrainment, 1n design, 390
elutnation constant, 392
Enzyme fermentations, 65, 68, 196-199
mechanism for, 16, 39
batch versus flow, 198, 199
versus microbial fermentations, 198
Equal sized mixed reactors, see Multistage
operations
Equations for batch reactors, autocatalytic, 56
constant volume system, 42
enzyme substrate reaction, 65
first order reaction, 45, 74
homogeneous catalyzed, 56
Michaelis-Menten reaction, 65
nth order reaction, 51, 76
overall order of reaction, 53
parallel reactions, 54
reversible first order, 62
reversible second order, 63
second order reaction, 47, 75
series reactions, 58
shifting order reaction, 64
third order reaction, 50
vanable volume system, 71
zero order reaction, 51, 74
Equations for dispersed plug flow, first
order, 286
nth order, 288
small deviations from plug flow, 287
Equations for mixed reactors, first order
reaction, 104, 136, 331
for macrofluids, 330, 331
second order reaction, 138, 331
Equations for plug flow reactors, first
order reaction, 110, 331
first order reversible reaction, 110
second order reactior, 111, 331
zero order reaction, 110, 331
Equations for reacting particles, 372
Equations for recycle reactors, autocatalytic
reaction, 155

SUBJECT INDEX

Equations for recycle reactors (continued)
first order reaction, 147
second order reaction, 147
optimum conversion, 151
Equilibnum, conversion at, 214
effect of inerts, 215
kinetic view, 10
various interpretations, 10
variation with pressure, 215
vanation with temperature, 215
Equilibnium constant, definition, 213
Exit age, see E distnbution
Exothermic reactions, 211
best reactor type, 226
equilibrium shift with temperature, 215
heat effects in pellets, 477, 489
Expansion factor, 72
Experimental reactors, basket for
catalytic, 485
batch for catalytic, 487
comparison for catalytic, 488
differential flow for catalytic, 483
double mixed for fluid-fluid, 419
for deactivating catalysts, 543-551
integral flow for catalytic, 484
mixed for catalytic, 485
recycle for catalytic, 486
Exponential integral, 330
Extractive reactions, 449

F curve, 257
for plug or mixed flow, 260
relation to C curve, 259, 271
relation to E curve, 258, 271
with dimenstonless time, 271
Fast reactions, effect on product
distribution, 343
Fermentations, 16, 39, 65, 68, 196-199
batch versus flow, 198, 199
microbral versus enzyme, 198
Fick’s law, 272
Film conversion parameter, 418
Film resistance controls, 1n catalytic
reactions, 463
in design, 381-392
kinetics, 362, 369, 372
Film theory, 411,413
First order reaction, 1n a series of mixea
reactors, 135
in batch reactors, 45, 74
in dispersed plug flow, 286
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First order reaction (continued)
1in mixed flow, 104
in plug flow, 110
1n recycle reactors, 148
of macrofluids, 331
plug versus mixed flow, 127
with tracer curves, 269
First order reversible reaction, equilibrium
conversion, 10
1n batch reactors, 62
in plug flow reactors, 110
with tracer curves, 267
Fitting a kinetic model to data, 83
Fitting a rate equatton to data, 83
Fixed bed reactors, see Adiabatic
reactor operations
dispersion within, 282
versus fluidized beds, 507
Flow models, general description, 270
with linear systems, 266
with non linear systems, 266
Flow models, see Dispersion model
see Fluidized beds
see Models for real stirred tanks
see Multiparameter models
see Tanks-in-series model
Flow reactors, comparison with batch, 94
ideal, 97
Fluid-fluid reactions, 409-459
design, 425-449
equipment charactenstics, 419
for extractive reactions, 449
rate equations, 411-425
Fluidized bed reactors, carryover of fines, 390
for catalytic reactions, 519
for gas-sohd reactions, 390
reactor-regenerator system, 560-562
versus fixed bed reactors, 507
with decaying catalyst, 543, 558-562
Fluidized beds, 308-314
bubbling bed model, 310
flow models, 309-314
Fluid-sohd reactions, see Gas-solid reactions
Fouling, 5§37
Fractional conversion, see Conversion
Fractional expansion, 72
Fractional volume change, 72
Fractional yield, definition, 168
1n catalytic reactions, 491497
n vanous reactor types, 168
under strong pore diffusion, 491-497
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Free-radical intermediates, 14
occurrence, 18

Free-radical mechanism, example, 39

Frequency factor, 22

Gas backmixing, see Nonideal flow
Gas constant, see R, xviii
Gas-liquid reactions, see Fluid-fluid reactions
Gas-sohid reactions, 338-383
combining resistances, 371
design, 377-399
finding the rate controlling step, 374
instantaneous rate, 396
of shrinking particles, 368
particle conversion expressions, 372
selecting a model, 359

Half-life method for reaction order/fﬂ/
Heat balance, see Energy balance
Heat effects, 1n catalyst peilets, 477, 489
in design, 210-252
Heat of reaction, 2, 211
Henry’s law, 413
Heterogeneous reactors, contacting pattern, 353
definmition, 3
general, 349
proper rate expression, 349
see Chs 12to 15
Holding time, see Mean residence time
Homogeneous reactions, catalytic, 17, 56
defimtion, 3, 8
factors influencing the rate, 8, 40
form of rate equation used, 8
Hydrogen bromide, formation mechanism, 16
Hypotheses 1n science, 84

1 distribution, 306

Ideal flow, approach to, 307
approach to 1n fluidized operations, 520

Ideal gas, equilibrium constant for, 213

Ideal gas law constant, see R, xviii

Ideal reactors, 97

Ideal stirred tank reactor, see Mixed reactors

Ideal tubular reactor, see Plug flow

Ignition point, 230

Impulse input, 262

Independent deactivation, 539, 542
expenmental, 549, 551

Instantaneous fractional yield, definition, 168

Instantaneous reaction, fluid-fluid, 413
gas-sohd, 396
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Integral analysis, 42, 44,73, 484
Integral flow reactor, for decaying catalysts, 544
for solid catalyzed reactions, 484
Integrated rate expression, see Equations for
Intensity of dispersion, experimental
findings, 282-284
Intensity of segregation, 338 i
Intercooling, 1n staged packed beds, 510
Intermediates in nonelementary reactions, 14
Intermixing of flowing fluids, 326
Internal age, 306
Internal diffusion 1n porous catalysts, see Pore
diffusion controls
Tonic reactions, occurrence, 18
lons and polar substances, 15
Irreversible reactions, adiabatic, 221

Kinetic models, for nonelementary reactions, 14
problems of venfying, 466
testing of, 18

Kinetic view of equilibrium, 10

Knudsen diffusion, 521

Laminar flow, deviations from plug flow, 283
in short vessels, 318
Least squares, 70, 81
Levich-Deans flow model, 299
Linear first-order differential equations, 59
Linear processes, definition, 265
with tracers, 266, 268
Linearization of the rate, 353, 355
Liquid-gas reactions, see Fluid-fluid reactions
Liquid-hquid reactions, see Fluid-fluid reactions
Liquid-solid reactions, see Gas-solid reactions
Location of poison in pellet, 540
Longitudinal dispersion coefficient,
definition, 272

Macrofluid, conversion expressions, 331
defimtion, 326
general performance equation, 329
performance chart, 333
Macropores, 496
Marihuana, persistence 1n the body, 323
Matenial balance, 95
Maximixation of rectangles, 142
for parallel reactions, 169
for reactors in seres, 141
Mean of a distnbution, 261
Mean residence time, 258
as opposed to space-time, 115

SUBJECT INDEX

Mean residence time (continued)
relation to tracer curves, 259
Mechanism search, basic questions, 30, 466
Method, of exess, 71
of 1mmitial rates, 70
of 1solation, 69
of least squares, 70
of maximization of rectangles, 142
Michaelis constant, 89
Michaelis-Menten reaction, 16, 34, 39, 40,
65,89,90 -
1n a batch reactor, 65, 68
Microbial reactions, 197-199
Microfluid, conversion expressions, 331
definition, 326
Micropores, 496
Microreversibility, 31
Microscopic reversibility, 31
Minimum fluidizing velocity, 308
Mixed flow reactors, see Mixed reactors
Mixed reactors, calculation examples, 104, 106
comparison with plug flow, 125, 136,
137,150
defimtion, 97
for autocatalytic reactions, 150
for catalytic reactions, 485
for decaying catalysts, 543, 549
for gas-liquid systems, 441, 449
general performance equation, 102
1n series, see Multistage operations
performance equations, see Equations for
Mixer-settler design, 441-449
Mixing and reaction, 326
Mixing in reactors, early and late, 330, 334
of two fluids, 341
Moleculanty, 12
Multiparameter models, 297-304
for small deviations from plug flow, 298
for the real stirred tank, 300
idealized two region models, 297
Multiple reactions, 9, 163
catalytic, product distnbution, 491
effect of temperature, 238
Multistage operations, adiabatic packed
beds, 509-516
arbitrary network, 143
best arrangement, 144,516
fluid-fluid systems, 441-449
mixed reactors, 134-143
optimum size ratio, 142, 149
performance charts, 136, 137



SUBJECT INDEX

Multistage operations (continued)
plug flow, 133
single homogeneous reactions, 133-144

Nonadiabatic reactor operations, 226
Noncataly tic fluud-solid reactions, see
Gas-solid reactions

Nonchain reactions, 15

Nonelementary reactions, 10
kinetic models for, 14

Nonhomogeneity and product distnbution, 176

Nonideal flow, 253-325
in fluidized beds, 308
in packed beds, 282
in pipe flow, 283
in stirred tanks, 300
modelling, 270 B
multiparameter models, 297
summary, 314
tanks-in-series model, 290

Nonisothermal reactors, adiabatic

operations, 221

best temperature progression, 219
general design procedures, 218
highly exothermic reactions, 229
multiple reactions, 238
nonadiabatic operations, 226
ways of approaching the ideal, 228

Nonlinear process, 265
conversion from tracer information, 269

nth order reaction, in batch reactors, 51, 76
in dispersed plug flow, 288

* in plug and mixed flow, 127
of macrofluids, 331

One-shot tracer input, 278, 281
Open vessels, 259, 276
Optimum reactor type, adiabatic
operations, 226
autocatalytic reactions, 150
catalytic reactions, 506, 516,553
for proper product distribution, 166, 176,462
Optimum tempe.ature progression, multiple
reactions, 239-240
single reaction, 221
Order of deactivation, 542
experimental search, 550
Order of reaction, 12
Over-all fractional yield, 168
catalytic reactions, 492

57

Packed beds, intensity of dispersion, 282
Parallel deactivation, $38, 542
experimental, 549
Parallel reactions, best contacting pattern,
166, 170
best temperature progression, 239, 242
catalytic, 492
homogeneous, 56, 164
in batch reactors, 54
product distribution, see Product distribution
reversible, 182
Partially segregated flow, 337
models for, 338
performance chart, 339
Pathological flow in vessels, 306
Perfect pulse input, 262
Performance charts, disperston model,
287, 288
fluid-fluid staged systems, 443446
gas-solid reactors, 381, 384, 385, 389, 392
nth order macrofluids, 333
partially segregated flow, 339
series-parallel reactions, 191, 192
serles reactions, 178, 180, 181
single reacting particles, 374, 375
single reactions in ideal reactors, 127, !
136, 137, 332
single reactions in recycle reactors, 148, 149
Performance equations, see Equations for
Photochemical reactions, 40
Pipe flow, intensity of dispersion, 283, 284
Piston flow reactors, see Plug flow
Planck constant, 24
Plug flow, definition, 97
Plug flow reactor, calculation examples, 111,
113,114
comparison with mixed flow, 125, 136, 137
for gas-liquid systems, 427449
general performance expression, 109
in seres, 133
performance equations, see Equations for
temperature progression, 220
Poisoning of catalysts, location of poison, 540
reversible and irreversible, 537
type of surface attack, 540
also see Catalyst deactivation
Polymerizations, 196 .
Pore diffusion controls, 470-481
porous pellets, 477
product distribution d‘monion. 491
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‘ore diffusion controls (continued)
single ideal pore, 470-475
test for, 476, 489, 497
with deactivating catalysts, 551
Probability paper, use with dispersion ¢
model, 280
Product distribution, mixed reactors in
series, 169
effect of poor mixing, 343
effect of temperature on, 238
fast reactions, 343
from catalyst pellets, 492
improvement by extraction, 449, 458, 459
parallel reactions, 164-173, 239, 492
reactions in series, 174-185, 239,494
series-parallel reactions, 185-199, 240, 343
Progressive-conversion model, 360

Rate constant, 12
change of units, 471
Rate controlling step, catalytic reactions,
462,479
fluid-fluid systems, 419
gas-solid reactions, 371
of any heterogeneous reaction, 353
Rate of catalytic reactions, combining
resistances, 481
experimental methods, 483488, 543-551
film dffusion controls, 463
finding the controlling resistance,
488-491, 497
for no decay, 462-482
rate regimes for pellets, 480, 497
strong pore diffusion, 470
surface reaction controls, 463
with catalyst decay, 541-543
Rate of reaction, definition, §
in constant-volume batch reactors, 8, 42
influencing variables, §
in vanable-volume batch reactors, 73
predictions of theory, 32
of flusd-fluid reactions, 411425
proper representation, 13
use of predicted values in design, 33
Reactant ratio, effect on performance, 127
Reaction and dispersion, 283
Reaction at core controls, in design, 381-392
kinetics, 367, 372
Rea:tion mechanism, change in, 32
chain, 16, 39
for deactivation, 538  °

SUBJECT INDEX

Reaction mechanism (continued)

free radical, 16, 39

n catalysis, 462

Michaelis-Menten, 16, 39

nonchain, 15-17

search f8r, 30

usefulness of theory, 33
Reaction of solids, see Gas-solid reactions
Reaction order, 12
Reaction rate, see Rate of reaction
Reaction rate group, dimensionless, 126
Reactions, classification of types, 3

in parallel, see Parallel reactions

iR senies, see Series reactions
Reactive distillation, 449
Reactor holding time, 115
Reactor performance, see Performance charts

with arbitrary flow pattern, 329
Reactor-regenerator with catalyst decay,

560-562

Rexetors, for catalytic reactions, SO8

for deactivating catalysts, 543

for liqu\d-hquid systems, 425

for reaction of solids, 379

deal multiphase, 354

wdeal single phase, 94
Reactors in senes, see Multistage operations
Real stirred tank, modeling, 300
Recirculation reactor, see Recycle reactor
Recycle, 1n staged packed beds, 513
Recycle ratio, defimtion, 144
Recycle reactor, 144

comparison with plug flow, 148

for autocatalytic reactions, 151

for catalytic reactions, 486

general performance equation, 146

performance equation, see Equations for
Reduced time umts, 271
Regeneration of catalyst, 537, 560-562
Relationship among F, C, 1, and E, 271
Resistances, combination of, catalytic

reactions, 481

fluid-solid reactione, 371

fluid-fluid reactions, 422
Reversible reactions, equilibrium for, 10, 214

in batch reactors, 62, 63

in mixed flow, 106

in plug flow, 110
RTD, see E function

Scale of segregation, 338
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